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EDITORIAL 


Fluid processing is a wide ranging subject area, in 
equipment, in problems arising, in the depth of funda- 
mental understanding and the approach to research and 
design in the topics which it covers. The papers in this 
Special Topic Issue reflect this diversity of approach. 

The Review Paper concentrates mainly on Fluid 
Processing in Agitated Vessels but frequently reference 
is made to alternative equipment which may, at least 
theoretically, be more appropriate. The first topic paper. 
‘Rotor-Stator Mixers tor Rapid Micromixing’, by 
Bourne and Garcia-Rosas, is a clear example of this. It 
is a natural progression of Bourne’s previous work in 
stirred vessels, in predicting the selectivity of extremely 
fast, consecutive-competing azo coupling reactions 
undertaken in a high speed rotor-stator mixing head. 
Whilst the idea of using an intense mixing device for 
such reactions may not be new, the ability to predict 
selectivity, to characterise the hydrodynamics of the 
mixer and to illustrate the effects of different rotor-stator 
combinations, mark a significant advance in the field 

The second paper, ‘Computations of Flow Fields 
and Complex Reaction Yield in Turbulent Stirred 
Reactors, and Comparison with Experimental Data’, by 
Middleton, Pierce and Lynch, moves up from Bourne’s 
micro-scale to the regime dominated by bulk circulation, 
or macro-scale. The turbulent, 3-dimensional flow field 
in a stirred vessel is computed in detail using the basic 
equations of conservation of mass and energy, a model 
of turbulence and boundary conditions appropriate to a 
baffled vessel and turbine impeller. The flow field is then 
used to predict concentrations of reacting species, hence 
selectivity of competing reactions. The reaction used for 
experimental verification is that devised by Bourne, but 
operated to show ‘macro-scale’ effects. Although the use 
of specialised computational fluid dynamics may at first 
appear daunting, this work marks an important step in 
bringing together reactor hydrodynamics and reaction 
chemistry. 

One way of avoiding the complexity of the fluid 
dynamic equations is to use a representative model of a 
stirred vessel, as Mann does in his paper ‘Gas-Liquid 
Stirred Vessel Mixers: Towards a Unified Theory Based 
on Networks of Zones’. Mann’s model comprises a 
network of interconnected perfectly mixed cells which 
have liquid circulating in a predetermined manner be- 
tween them. Using this approach he is able to incorpo- 
rate gas flow into the model and predict the distribution 
of gas voidage throughout a stirred vessel. An advantage 
of this type of model is that by simplifying the fluid 
dynamics, there should be room for complex mass 
transfer and competing reactions to be ‘plugged in’ to 


Chem Eng Res Des, Vol. 64, January 1986 


CERD 64 \ 


the cells within the scope of re 
facilities. 

The theme of gas dispersion til 
continued by Nienow, Konno and Bujalsk 
Three Phase Mixing: A Review and Recent f 
developed to include solid particles. Major 
the work reported has been made through the | 
the hydrodynamic behaviour of impellers und 
conditions with observed process performan 
combination of gas dispersion and particle 
An important step is the characterisation o 
impellers, 
future. 

The fifth paper, ‘Hydrodynamic Behaviour 
Rotating Disc and Kuhni | iquid/L L ‘iquid 
Columns’, by Bailes, Gledhill, Godfrey and S| 
away from stirred vessels but maintains the 


promising interesting developme 


precise experimentation. It presents an experiment 
investigation of the available agar relationships for 
determining characteristic velocity and holdup in a range 
of liquid extraction columns. Key features of such work 
are attention to cleanliness, precise 
and safe solvent handling 

The final topic paper, 
by Franklin is a rather special contribution. It 
the development of a 


counterflow 


experimental detai 


‘Counterflow Cascades (Part 1) 
presents 
approach to 
Franklin uses the 
z-transformation, of which he was one of the ‘pioneers’ 


generalised 
cascade processes 
in the early fifties, to show how the changes in com 
positions in a counterflow cascade can be mappea on a 
triangular diagram for a three component system. Mix 
tures of more 
a future paper 


covered in 
At a time when there is growing concern 
that the use of computer simulation ‘black-box’ 
fashion can lead to a serious lack of in-depth under 
standing, it is refreshing to see such a 
opment, which provides a keen 
problem and its sensitivities 
Finally a Shorter Communication, ‘Drop Coalescence 
in Liquid/Liquid Dispersions by Flow Through Glass 
Fibre Beds, Part 2’, by Grilc, Golob and Modic, 
presented. It is a continuation of a previous paper! 


than three components will be 


theoretical devel 


appreciation f the 


contains observations on the separation of fine organic 
droplets from an aqueous stream, using glass fibre beds 
As such it is very 


relevant to the growing use of 


coalescence hazes from 
or effluent streams, 


developments 


pads in cleaning 


and provides a basis for further 
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FLUID PROCESSING IN AGITATED VESSELS 


By K. J. CARPENTER (MEMBER) 


F.C.M.O., ICI Organics Division, Manchester 


The literature on fluid processing in agitated vessels, including single and two phase liquids, solid-liquid and gas-liquid 
dispersions and chemical reactions, is reviewed in relation to current industrial needs and practice. Many significant advances 
have been made, particularly in better understanding the effects of the hydrodynamics on process performance. However, there 
are still very poorly researched or virtually neglected areas and a lot of work still needs to be done. 


INTRODUCTION 


This review concerns fluid processing mainly in agitated 
vessels, covering the range of duties from single phase 
liquid mixing and reaction, including fast competing 
reactions, solid-liquid mixtures, gas dispersion and im- 
miscible liquid dispersion and mass transfer. In some 
instances it is noted that an agitated vessel may be rather 
inappropriate, at least in ideal terms, and alternative 
more intensive devices discussed. 

Despite recent criticism of lack of progress in this 
respect’ many significant advances have been made in 
industry in ‘intensifying’ processes and the recent papers 
of Bourne*’, one in this issue, illustrate some progress in 
the academic world. Bourne’s work demonstrates the use 
of an intense mixing device to optimise selectivity in one 


of our most traditional of industries, the production of 


dyes and pigments. An understanding of the funda- 
mental principles of the fluid handling is an essential 
feature of this work 

It must be recognised, however, that there are very 
many processes where the mechanically agitated vessel 
cannot be replaced. This is particularly true in the Fine 
Chemicals industry where many processes involve solids 
handling or exhibit other special requirements which 
only the agitated vessel can fully meet. The current 
switch in emphasis of much of the chemical industry 
away from very large tonnage heavy chemical plant 
towards fine chemicals production places even more 
emphasis on the need to better understand and design 
agitated vessels. 

The majority of this review, and of the subject papers 
in this issue, therefore relate to agitated vessels and 
attempt to cover either the most significant advances or 
highlight the most glaring omissions. Significant ad- 
vances include the treatment of fast, competing reac- 
tions, computer modelling of vessel hydrodynamics to 
various degrees of complexity, improved understanding 
of impeller hydrodynamics in dispersing gas and some 
understanding of drop size distribution behaviour in 
immiscible liquid systems. Immiscible liquid dispersions 
are especially relevant in undertaking heterogeneous 
liquid phase reactions (see e.g. heterogeneous 
nitrations*') and in solvent extraction. Solvent extrac- 
tion has, for many years been a key element in many 
processes, for product purification and raw material 
recovery. In particular it features prominently in the 


refining and reprocessing of Uranium and Plutonium in 
the nuclear fuel cycle’ and in mining other metals, 
especiaily Copper, as a result of the development of 
metal-selective ligands (see e.g. Tumilty et al.°) 

Amongst the glaring omissions, the lack of under- 
standing of the minimum requirements to achieve a 
uniform dispersion and of continuous phase-dispersed 
phase inversion, also relating to solvent systems, stand 
out prominently. These problem areas are especially 
relevant to mixtures which can exhibit poor separation, 
as typified by systems containing surface active materi- 
als. Such systems may be the products of chemical or of 
biochemical reactions and solvent extraction is an attrac- 
tive way of purifying them, especially when an under 
standing of the physical-organic chemistry can be used 
to manipulate the partitions 


These topics and many others, are discussed in re 


I 


lation to industrial needs and current practice. In many 


cases where understanding is lacking, a crude rule-of- 
thumb approach may be quoted. Whilst such an ap- 
proach may be intellectually inelegant, in many instances 
it may be all an engineer has—and at least achieves some 
degree of success 


FAST COMPETING REACTIONS 


Chemical reactions are often classed as ‘fast’ or ‘slow 
perhaps with a vague category of ‘moderately fast’ in 
between. Such classification is a simple measure of the 
effect which the hydrodynamics of bringing the reacting 
species together has on the selectivity or yield. It also 
indicates which of the transport mechanisms, considered 
crudely as bulk movement and molecular 
dominates 


diffusion, 


For example, consider two parallel, competing reac- 


tions, where ‘C is the desired product 


In the simplest case where K, is so high that the 
effective rate of reaction | is determined solely by the 
rate of bringing ‘A’ and ‘B’ together, then if the intrinsic 
chemical rate of reaction 2 is measured in hours, it will 
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clearly have no effect on the yield of ‘C’ 
equipment. 

As K, increases, however, the nature of the equipment 
becomes more significant. For a characteristic time, e.g. 
t, >, of minutes to seconds, the yield of ‘C’ can be affected 
by the bulk flow properties of the equipment, crudely 
related by ‘mixing time’. In a turbulent nozzle or ‘intense 


in any realistic 


device’ with a mixing time’ of milliseconds, the yield of 


‘C’ becomes insensitive to reaction 2 once more. In a 


stirred vessel, however, with a characteristic time of 


seconds to minutes, even the detailed design of the vessel 
internals and point of addition of B in a semi-batch 
operation can affect the yield. In such cases it has been 
almost impossible to predict the outcome a priori. 
Currently, however, Drain® is studying this system ex- 
perimentally and Mann and Mavros’”’ and in particular 
Middleton", have developed computational approaches 
to solving similar problems. Their work is discussed in 
the following section. 

As K, increases further, then the yield of C becomes 
determined not only by bulk effects, but also by molec- 
ular diffusion. This regime is commonly referred to as 
micromixing. Zollinger'’ quotes a good illustration 
of diffusional effects, the nitration of the tetra- 
methylbenzenes, Prehnitine and Durene in a batch 
experiment. The reaction products are listed in Table | 
Instead of the expected ratio of 100:1 or more for the 
mononitro:dinitro compounds, only 1:13 and 1:7 are 
achieved. The cause lies in the diffusion process being 
slower than the intrinsic chemical rates, causing the 
mononitro compound to react further before it can 
diffuse away from the nitrating agent. 

These reactions form a pair of fast, consecutive com- 
peting reactions. A model of this kind of system has been 
Studied over recent years at E.T.H. (Zurich) mainly by 
Bourne and co-workers. Their reaction system is: 


kK 


A+B——>R 
B+R—+S 


Where A is 1-Naphthol and B, diazotised Sulphanilic 
Acid. The products, the monoazo dyestuff, R, and 
bisazo dyestuff, S, can be detected spectrophoto- 
metrically”. Their approach to predicting the yield of the 
desired product, R, is to assume an area or eddy of high 
B concentration into and out of which A and products 
diffuse. The early model of Nabholz et al.'* considered 
a spherical eddy of unchanging size, with diffusion of A 
into it. Jenson’ later developed this model to allow 
diffusion of R and §S out as well. This ‘billiard-ball’ eddy 
requires a radius to generate a solution and this was 
originally assumed to be the Kolmogoroff eddy size A, 


Whilst being relatively crude in terms of its assump- 
tions this model is at least relatively easy to use. Consid- 
ering that generally knowledge of eddy size and 
diffusivity in many industrial systems is sketchy to say 


Ratio of reagents =1:1 


H.C 


Substrate Durene Prehnitine 


Mononitro (MN) °c 29 52 
Dinitro (DN) °%/o 39:3 389 
Tetramethylbenzene °/. 39:8 335 
By-products °/. 18-0 224 


Ratio [MN]. /[DN] 


0:0738 01337 


Table |. Nitration of tetramethylbenzenes with NO; PI 
methane. (After Zollinger’' ) 


in nitro- 


the least, it may be used to give at least a crude estimate 
of the infiuence of micromixing on selectivity. 

Bourne and colleagues progressively tackled the eddy 
size and shape problem by concentrating on lameliar and 
slab structures in laminar shear and extensional flow. 
This work reviewed and criticised by Baldyga and 
Bourne’ who have proposed a new approach to defining 
the basic structure within which diffusion takes place. 

In models such as these, very steep concentration 
gradients often occur causing problems in the numerical 
solution. Pedersen and Tanoff” have tackled this prob- 
lem by applying an efficient numerical technique to an 
early, lamellar model, that of Ottino et al." 

Calculation of the eddy size in the Nabholtz'- and 
Jenson’ models and of the initial eddy size and rate of 
its shrinkage in the Baldyga and Bourne’ model, re- 
quires a knowledge of the energy dissipation rate at the 
point of bringing the reagents together. In a stirred vessel 
the energy dissipation varies enormously throughout the 
liquid” which again imposes quite a serious limitation on 
the models’ use, if, as in many real systems, an educated 
guess has to be made. Middleton” reports the use of a 
computer model which predicts local velocities and 
energy dissipation rates. It may therefore become poss- 
ible to predict such data for use in the micromixing 
models. 

David et al.** have proposed a much cruder, simplified 
model of micromixing-influenced reactions, which 
requires a ‘micromixing time’ and ‘turbulent diffusivity’ 
to be specified. However, these parameters can apparently 
only be estimated by fitting the model to experimental 
measurements on the vessel to be modelled. 

Clearly the relatively slow bulk movement, variation 
in e and generally low average value of ¢ in large stirred 
vessels make them rather inappropriate for carrying out 
fast competing reactions. As Zollinger'' describes, one 
way of overcoming the problem is to slow down the 
chemistry such that the reactions become ‘slow’ as 
compared to the hydrodynamics. He quotes a rule-of- 
thumb for such reactions of K,>1M~'s"' for initial 
reagent concentrations | M and Y 10°’ m’s ' to gener- 
ally achieve this. Another solution is to employ an 
intense mixing device where possible. Bourne has carried 
out his reaction and modelled its performance in a 
centrifugal pump” and in a high speed-high shear mixer’. 
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FLUID PROCESSING IN AGITATED VESSELS 


SINGLE PHASE-LIQUID MIXING AND 
REACTION 

Superficially the agitated vessel is a very simple piece 
of equipment, and certainly this is true mechanically. 
When the hydrodynamics are studied, however, it be- 
comes apparent that its behaviour in processing fiuids is 
extremely complex. Traditionally researchers have over- 
come this problem by employing an empirical approach 
and correlating largely small scale experimental results 
with apparently suitable dimensionless groups. The most 
commonly used parameter in describing mechanically 
agitated system is surely its Power Number, P,, which is 
traditionally plotted against impeller Reynold’s Number, 
Re, as illustrated in Figure 1. 


In designing an agitated vessel the problem arises of 


calculating either speed from power or power from 
speed. The former is very common when designing mass 
transfer systems (see later sections). Here mass transfer 
is usually assumed to be correlated with specific power, 
which will usually be determined by small-scale experi- 
ments or, more risky, prediction from an available 
correlation (see e.g. Nienow’’ for gas-liquid systems). 
The latter (power from speed) is common, for example, 
in systems where bulk blending or mixing time’ is the 
important mechanism. P, is specific to an exact impeller 
shape and vessel configuration, and the paper of Bates 
et al,” has long been regarded as a good source of data 
for most common systems. Carpenter’’ has pointed out 
some practical problems in predicting P, for some 
impellers which are widely used in industry, but less well 
studied in the literature. In general this approach has 
worked well, at least to engineering accuracy, for many 
years, even for non-Newtonian fluids”” although 
occasionally doubts have been raised about the re- 
producibility of P, between various workers and over a 
range of scales. The current work of Bujalski and 
Nienow~ is demonstrating a dependence of P, on the 
exact impeller dimensions (e.g. disc thickness) and a 
small, but definite dependence on scale, at least for 
Rushton turbines. There is a clear message to other 
workers in the field, that in any experiments where 
power may be a relevant parameter, it must be measured 
directly as part of the experiment. 

The other very common empirical parameter used to 
describe an agitated vessel is the concept of mixing time, 
as typified by Khang and Levenspiel*. However, the 
measurement of mixing time has many drawbacks, as 
reviewed by Rielly and Britter~° and is not easily related 
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Figure |. P, vs Re for 4 bladed 60° turbines 
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to most practical problems’’. A much clearer under 
standing of bulk flow dominated processes can be gained 
through the modelling work of Mann and co-workers 
of Middleton” and for unbaffled, laminar systems, in 
cluding non-Newtonian, of Bertrand* 

The approach of Mann and co-workers’”’ is the 
simpler and probably more amenable to implementation 
by the ‘non specialist’ engineer. It consists of represent- 
ing the vessel by a matrix of perfectly mixed cells with 
exchange of fluid between them. The exchange rate in 
various parts ol the vessel can be set to match direct 
measurements of, for example, tracer response curves. A 
major drawback is the need to perform experiments on 
the actual vessel, before it can be modelled with 
confidence in the result. Mann~’ (this issue) has extended 
his model to include gas-liquid processing 


Middleton’s approach” is much more rigorous, being 


based on the solution of a model of turbulence and the 
associated hydrodynamic equations within the vessel 
(see this issue) 

Models of the kind discussed by Middieton 


require the hydrodynamics of the flow from the impeller 


generally 


to be specified. For this reason Placek and Tavlarides™ 
have presented a method of calculating mean velocity 
profiles and velocity fluctuations in the discharge of a 
Rushton turbine 
modelling immiscible liquid dispersions and is discussed 


Their work is mainly associated with 


in a later section of this review. Other workers (e.g 
Patterson and Wu” and Laufhitte and Mersmann”) 
have approached 
measuring fluctuating velocities by laser-Doppler 
niques 

The work of Bertrand is similar to Middleton’s in 
being a rigorous approach, but is much simpler in that 


the same problem experimentall 


it uses stream and vorticity functions, and represents 
only laminar flow in two dimensions. Spragg et al.”’ have 


recently published work in this area adopting a similar 


technique to Bertrand, although in turbulent flow 
1 
| 


yet have only modelled a rotating disc in an unbaffled 
vessel 


SOLIDS IN LIQUIDS—SUSPENSION, 
INCORPORATION AND DISPERSION 


The range of problems associated with processing 
mixtures of solid particles in liquids in agitated vessels 
can be divided into those where the solids concentration 
is sufficiently low to produce a system of essentially 
freely moving particles in the liquid, and those where the 
concentration is high enough to form a non-Newtonian 
suspension or paste 

In the former case there are basically two classes of 
problem, suspending dense, settling particles and incor- 
porating floating material through the liquid surface or 
preventing light particles from collecting at the surface 
[he area of suspending solids has been thoroughly 
researched for many years and the work of Zwietering 
is still regarded as a standard reference. The papers of 
Gates et al.’ and Chapman et al.” are useful for angled 
blade impellers which are commonly used for this duty, 
but which Zwietering did not cover. Note that the work 
of Gates et al is based on water as the liquid, hence its 
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use at higher viscosity may be doubtful. Even now, 
however, there is still controversy over the effect of scale 
on the suspension process. Nienow et al.°’ (this issue) 
review solid suspension in more detail, including mass 
transfer 

A logical extension of the literature on suspending 
dense particles, is the problem of estimating the initial 
power requirement and forces on an impeller which is 
started from rest whilst embedded in settled solids. 
Although a very real problem is many sectors of the 
industry, it has received little attention in the literature. 
A. notable exception is the work of Kipke*’ who proposes 
a design method based on small scale test. In concen- 
trated suspensions with large sediment heights it may be 
virtually impossible to restart an agitator at its normal 
speed and a lower speed or some means of partially 
fluidising the sediment may be required. 

On the question of incorporating solids through sur- 
faces, Carpenter’’ has discussed the range of problems 
which can be encountered. For materials which do not 
agglomerate to any significant degree, the partial baffles 
proposed by Smith et al.” apparently work quite well, as 
does that proposed by Joosten et al** for a specific liquid 
height. Where partially wetted material agglomerates, 
however, these designs can tend to encourage ‘lumps’ to 
form as they draw surface material together into a single 
vortex. In industry a common solution is to employ a 
twin impeller, short baffled design as illustrated in Figure 
2. The material is drawn into the liquid again through 
a single, this time central, vortex, and any agglomerates 
are broken down by the more intense bottom section. 

Where very strong agglomerates can be formed, 
Carpenter’ has described some of the ‘ad-hoc’ measures 
which have to be taken. In general this area is relatively 
poorly researched and warrants further investigation. In 
particular the hydrodynamics of the equipment and the 
surface chemistry, wetting and agglomerating properties 
of the solid need to be brought together. 

In the case where the solids concentration is 
sufficiently high to form a non-Newtonian material, in 
general the dispersion can be treated as a single non- 
Newtonian phase (see e.g. Greaves” for dispersing gas 
into such systems). Where nen-Newtonian pastes need 
to be dispersed into a less viscous material or form, 
Carpenter’’ has described the shortcomings of many 
proprietary devices supposedly designed specifically for 
this purpose. 


GAS DISPERSION IN LIQUIDS 

There are many types of »uipment used to contact 
gases and liquids either foi imple mass transfer, or, 
more frequently chemical or biochemical reaction. The 
many recent applications of biochemical reactions, for 
example, often require transfer of Oxygen into the liquid 
phase to be consumed by the relevant organism, as well 
as good distribution of usually soluble nutrients. 

The selection of which particular device is most suited 
to a specific duty depends on a great number of factors. 
Generally stirred vessels are used where solids are 
present, especially if good mass transfer to the solid is 
required, where the gas rate is high in comparison to the 
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Figure 2. The effect of gas return rate on power for angled blade 
turbines 


liquid, in batch processing, where a degree of flexibility 
in residence time is required, where viscosity is high and 
where a high degree of homogeneity is required. Mann” 
has reviewed the field of gas-liquid contacting in the 
Chemical Industry and the use of stirred vessels in 
particular. 

Mass transfer in a gas-liquid stirred vessel can be quite 
intense and a mass transfer product, k, a, of 0.2 s~' is not 
unusual. Because of the difficulty in separating k,, the 
mass transfer coefficient and a, interfacial area, the 
product, k,a is normally quoted. Unfortunately k,a 
cannot be predicted with any confidence directly from 
physical properties and must be regard as system 
specific, mainly due to the unpredictable effect of trace 
impurities. Because of this, design is often based on small 
scale experiments, in realistic equipment, and results 
scaled on the basis of 


k,aa (P,/V,)* U" 


Warmeoskerken et al.* have shown this relationship 
to be independent of impeller type, and applicable 
across at least a limited range of impellers provided the 
gZas IS well dispersed. 

Quite apart from the system-specific nature of k,a, in 
the past unrealistic assumptions have been made in its 
derivation from experimental measurements, particu- 
larly with respect to the gas phase mixing pattern. Davies 
et al.*' present two techniques which avoid the necessity 
of making such assumptions, and have therefore estab- 
lished a basis for better correlation of mass transfer data 
in the future. 

In scaling up a laboratory experiment many designers 
keep the stoichiometry constant (volume of gas/volume 
of liquid/time) in which case U will increase and scaling 
on constant P,/V, will give a conservative result. How- 
ever, a complication, particularly when undertaking a 
detailed model of a gas-liquid reactor, is the prediction 
of gas voidage, ¢,. In this issue Mann” reviews this 
problem in more detail in describing the application of 
this ‘flow-in-zones’ model to gas-liquid reactors. 

Adopting the above overall scaling approach, in the 
absence of a more rigorous understanding, leaves the 
problem of predicting gassed Power, P,, at a range of 
gas rates, and ensuring that the gas is fully dispersed. 
Figure 2 shows the fall in power experienced by a 60° (to 
horizontal) angled blade turbine rotating at constant 
speed, as gas rate is increased. This fall is experienced to 
varying degrees by all agitators. Until recently although 
a variety of impellers are used for dispersing gas in 
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industry, most academic interest centred on the 6-bladed 
Rushton turbine. A highly significant development in 
this work was the multi- and curved blade versions 
investigated by Van’t Riet*, which minimise the fall in 
power over a wide range of gas rates. More recently very 
good work in this area, particularly by Smith and 
co-workers and Nienow and co-workers, has led to a 
detailed understanding of the way in which gas cavities 
cling to agitator blades and to a better characterisation 
of a wider range of agitators. In this issue Nienow et al 
review this work in more detail and present some of their 
own recent results. A significant finding is the apparent 
good performance of angled-blade agitators which pump 
upwards rather than the more normal downwards, 
which promises to be an interesting development for the 
future. 

A major problem with the use of all currently avail- 
able Power-Gas flow data is the use of the dimensionless 
Gas Flow Number (Q/ND°). Nienow”’ (his Figure 5) 
clearly demonstrates that gassed Power curves presented 
in this way are not independent of scale. Let us hope that 
this question can be resolved in the near future to 
provide more confidence in large scale design 

Another gap, in what is otherwise a well researched 
area, is that of the incorporation of gas or ‘self- 
aspiration’. Many industrial hydro- 
genations, have been carried out highly successfully for 
many years in self-aspirating equipment, despite there 
being little published data. The gas may be drawn into 
the liquid through the surface, as in the classical hydro- 
genator design, a version of Figure 3, or with proprietary 


processes, ¢.2 


devices, typically employing a hollow shaft to connect 
the vapour space to low pressure regions often behind 
the blades. Often the ‘blades’ are specially designed 
Unfortunately most published data (apart from, e.g 
Ziokarnic*, Zundelevich®”, Martin and Hamer and 
Topiwala™) concern the avoidance of gas entrainment 
rather than encouraging it (see e.g. Heywood et al.”, 
Tanaka and Izumi™) 

With process economics pressing industry to move to 
more concentrated processes, particularly in fermen- 
tation, interest is continually growing in gas dispersion 
into viscous media. However, stirred vessels do not 
generally perform as well on such duties as with lower 
viscosity liquids mainly because the agitator ‘floods’ with 
gas very easily and its performance becomes unpredict- 
able. Greaves and Loh* and van’t Riet* demonstrate 
that under certain conditions the impeller can remain 
apparently shrouded with gas, hence drawing very low 
power, even when the sparged gas is turned off! 


IMMISCIBLE LIQUIDS—DISPERSION AND 
MASS TRANSFER 

In designing agitated vessels to handle immiscible 
liquid systems it is convenient to regard the minimum 
level of power required of the agitator as that which just 
produces a ‘uniform’ dispersion. It may be desirable to 
go beyond this level to increase the mass transfer rate in 
systems where it determines yield or selectivity. For 
example, the product distribution of fast, competing 


heterogeneous reactions can be determined by the rate of 
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mass transfer in the same way that the rate of diffusion 


determines selectivity in single phase systems (see earlier 


y 
] 
i 


section). It is a relatively straightforward matter to 
determine the optimum level of agitation, whether ‘uni- 
form’ or above, by a series of laboratory experiments at 
a range of agitator speeds. It must be stressed that 
realistic, characterisable equipment must be used, as 
must the actual fluids, because of the possible significant 
effects of trace impurities. In some cases it may be found 
that even employing a High-Speed-High Shear mixer, 
again similar to the single phase work of Bourne’, the 
optimum product yield may not be reached. Such 
reactions are clearly candidates for ‘Intensification’ as 
discussed by Ramshaw 

Considering the much slower or non-competing sys- 
tems, where the ‘uniform’ condition will suffice, although 
there are correlations in the literature to predict this 
point, they are of very little practical use. Carpenter’” has 
described the shortcomings of these correlations, in 
particular poor dimensionless analysis, a limited range 
of fluids and impeller and baffle geometries, lack of 
independence of scale and inability to discrir 
tween ‘light-in-heavy’ and ‘heavy-in-light’ 
which exhibit different behaviour. In a batch system the 


inate be- 


dispersions, 


approach most successful in practice is to scale up from 
a small scale experiment by maintaining specific power 
(P/V) constant 
with dispersions which exhibit poor separation charac- 


There can, however, be complications 


teristics and care must be taken to ensure that the desired 


1 


dispersed phase does not ‘invert’ to become the con- 
tinuous phase 

In a continuous system, the problem becomes more 
complex, especially for self-pumping mixer-settier type 
solvent extraction units. Here the impeller acts as a 
pump and as a disperser and it is only the dispersing 
element of the power consumption which is relevant 
Unfortunately the pumping/dispersing split is not usu 
ally known Bolzern and 


Bourne’ gives a pointer to the way forward 


perhaps the analysis of 


On the question of poor separation characteristics, the 
effect of impeller design on subsequent separation has 
largely been neglected. Forschner and Kipke” have 
demonstrated that their company’s own speciality, the 
Intermig impeller, is superior to the commonly used 
Rushton turbine in this respect. A much greater poten 
lal problem, however, is the question of the effect of 
scale on drop size distribution, hence subsequent sepa 


ration, as there is disagreement over which scale-up rule 





CARPENTER 


to apply. In a largely theoretical analysis based on 
measured values of fluctuating velocity and energy dissi- 
pation, Mersmann”’ states that constant specific power 
input (P/V) ensures constant Sauter mean diameter (d,, ) 
at all scales. However, Ortiz and Konno et al.” have 
both measured drop size distributions in vessels of more 
than one size and show that the distribution shifts to 
smaller drops at larger scale if a constant P/V rule is 
adopted. They both indicate that crudely, constant 
impeller tip speed gives constant drop size. Konno 

suggests that the reason lies in non-isotropic as well as 


ISOLTOpIC turbulence occurring in various regions In the 


vessel 
judgement. Scaling up with P/V constant should ensure 
a constant mass transfer rate but, giving a higher speed 
than a constant tip speed rule, would give a smaller drop 
size distribution, hence potential separation problems. 
On the other hand constant tip speed should maintain 
drop size constant but may fall short in mass transfer 
rate, hence for example a loss in selectivity in fast 
heterogeneous reactions 

In the case of mass transfer dominated systems, 
having found the optimum level of power by experiment 
as described above, scaling up maintaining specific 
power (P/V) constant is almost invariably used. In an 
attempt to provide a more rigorous approach many 
workers have proposed computer models of dispersion 
behaviour, mass transfer and reaction, largely in steady 
Taviarides and Bapat 
review this literature and are themselves major con- 
tributors. However, the complexity of such models put 
them firmly in the realm of the specialist and far from 
the scope of the general practising chemical engineer 
Nor are such modeis without their drawbacks. For 
example the work of Bapat et al.” is a good example of 
the state-of-the-art in Monte Carlo coalescence and 
dispersion simulation. Even so it requires the fitting of 
four system-specific constants, associated with droplet 


state well-dispersed systems 


breakup and coalescence frequencies. It is also based on 
the assumption of a drop breaking into two ‘daughters’, 
whereas Konno et al.’ have shown that on average the 
number is closer to three 

Bapat and Tavlarides”’ have developed Bapat’s simu- 
lation to include mass transfer and Tavlarides and 
co-workers are currently developing a computer model 
of liquid dispersions in stirred vessels employing a ‘flow 
between regions’ approach. The levels of turbulence 
within the regions are computed via a two-dimensional 
model based on stream and vorticity functions (as 
reported by Bapat and Tavlarides”’) in a similar manner 
to the single phase work of Spragg et al 


lhe stirred vessel is only one of an enormous range of 


equipment commonly used to process immiscible liquid 
mixtures. In-line static mixers often replace stirred ves- 
sels or pump-mix vessels as the front end of a mixer- 
settler stage. Continuous column contactors are fre- 
quently used, particularly in solvent extraction, and a 
number of variants are common, from simple packed 
designs, through mechanically agitated types such as the 
Rotating Disc Contactor, the Oldshue-Rushton column, 
Kuhni column and Schiebel column, to those agitated 
non-mechanically, the pulsed columns. The very useful 
Handbook of Solvent Extraction® provides an excellent 


The designer is therefore left with a matter of 


guide to the selection and design of such equipment, and 
such a review will not be repeated here. However, the 
paper of Bailes et al’ has been included in this issue as 
an example of the experimental-empirical approach 
which is currently adopted in the absence of a unifying 
theory. It compares the currently available correlations 
for predicting droplet slip velocity and holdup in a 
comprehensive series of comparative experiments on 
packed, Rotating Disc and Kuhni columns. Slip velocity 
and holdup are important parameters in predicting the 
mass transfer performance and maximum throughput of 
such equipment 


MASS TRANSFER AND SURFACE EFFECTS 


Many times in this review, the difficulty of predicting 
mass transfer coefficients and the need for small scale 
experiments has been stressed. Nevertheless many work- 
ers have proposed theories and correlations, generally 


falling into two categories, the ‘Two-Film Theories’ and 
‘Surface Renewal Theories’. Largely the two film the- 
ories have been regarded as a convenient mathematical 
representation and the surface renewal theories as more 
truly representing the hydrodynamics of the drops or 
bubbles. Recently, however, Thornton et al.” have 
shown, by marking the surface of a growing drop, that 
surface renewal does not take place other than in the 
presence of mass transfer. Thus, surface renewal due to 
hydrodynamic effects does not take place, at least for a 
drop at equilibrium with its surroundings. It is very 
refreshing to see that long-held theories can still be 
questioned and we can look forward to further devel- 
opments in this area 


CONCLUDING REMARKS 


Whilst this review has mainly been limited to Fluid 
Processing in Agitated Vessels, it nevertheless illustrates 
the marked conirasts in the wide range of quality and 
complexity of the guidance currently available to the 
chemical engineer who has to carry out the design. In 
carrying out fast or moderately fast reactions, the equip- 
ment and processing may be very basic, but a true, 
detailed prediction of its performance can only be gained 
by complex mathematical modelling. In handling par- 
ticle suspensions, some areas have been researched for 
many years and others almost totally neglected. Excel- 
lent experimental work has revealed the nature of gas 
cavities hindering agitator performance in dispersing 
gases, but the dimensionless correlation of the results is 
still questionable. In the field of immiscible liquid dis- 
persion the highly specialised, complex models of drop 
size distribution contrast with hesitation even over which 
simple scale-up rule to apply and the extremely poor 
state-of-the-art in designing for ‘uniform dispersion’ 
Whilst a lot of work has been done, in some respects 
there is still a long way to go 

Finally, I would like to mention the last ‘subject’ 
paper in this issue, last but rather special. Several times 
in this review the lack of a unifying theory or generalised 
approach has been mentioned in relation to equipment 
design. In the area of separation, the paper of 
Franklin®—this issue) addresses an even more funda- 
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mental problem, that of a generalised approach to Khang, S. J. and Levenspiel, ( 
counterflow cascade processes in general. This paper is Rielly and Britter, R. I 
the introduction and basic principles of a highly , _aper 36, 365-377, BHIRA, | 
significant piece of theoretical work in an area which has 
almost totally been neglected, with further dev elopments 28. Bertrand 
to follow in the near future 29. Mann R 

Zwietering 

Gates, | 
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BOOK REVIEWS 


AIChE Applications Software Personal 
Computers 1984 

AIChE 

{IChE 1984 


pp 191. $40 


Survey for 


The AlCheE Chemical Education Projects Committee 
has produced this survey in cooperation with the Con- 
tinuing Education Committee and the CAST (Comput- 
ers and Systems Technology) Division of AIChE. It is a 
directory of “currently” available software on various 
personal computers (programmable calculators are ex- 
cluded). All software of general interest to chemical 
engineers was eligible for inclusion 

[he contents consist of 191 single side forms submit- 
ted by program authors/vendors. The publisher has 
added a blank form (for 1985 submissions?), a subject 
index, an author/company index and a document 
number-page index. The returns were made in response 
to AIChE publicity, so that the software listed under 
‘general’ headings, e.g. Mathematical Routines, can be 
assumed to be relevant to chemical engineers, but may 
not include a fair sample of that available within the 
whole scientific and engineering community. The form 
of publication should have the advantage of topicality 
but inherently lacks any critical appraisal of the con- 


tents 


The subjects covered range from Unit Operations 
through Thermodynamics and Physical Properties, 
Equipment Design, Flowsheet Simulation to Mathe- 
matical Routines and Utilities. The hardware used ranges 


from “first generation” 8-bit machines e.g. TRS80 and 
Apple, through the 8/16 bit IBM systems to “16+” bit 
microminis. The languages used include FORTRAN 
running under CP/M or MS-DOS operating systems and 
interpreted BASIC. The authors include both individu- 
als and established software sources (about 40% of the 
entries). The scope ranges from a Golden Section opti- 
misation program in BASIC (probably echoed in most 
homegrown software libraries) to a version of PRO- 
CESS, the wellknown flowsheeting program, mounted 
on a HP9000 desktop computer (which must stretch any 
definition of ‘personal’ computer, even in Caiifornia!). 

At $40, what does this offer the reader? The user, 
seeking a program for a specific purpose, may find some 
useful addresses. However, the summaries are so con- 
densed and-—-by now—obsolete that the address will be 
all. The general reader will note very clear signs that the 
de facto standard of IBM compatibility using MS-DOS 
seems to have overtaken CP/M and Apple in popularity. 
The potential contributor wondering about a submission 
for 198?) will not find any clues to current hardware 
developments such as the Apple Macintosh, or to the 
increasing scope in ‘non-numerical’ applications, e.g. to 
create expert systems. For this purpose, the September 
1984 issue of Scientific American is recommended. 

This directory will probably find a place in some 
reference libraries like other annual surveys, but its 
obsolesence, as an indicator of current state of the art, 
and its lack of critical appraisal make it of little use to 
the general reader. 


J. R. Flower 


Book reviews continue on page 17 
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ROTOR-STATOR MIXERS FOR RAPID 
MICROMIXING 


By J. R. BOURNE (FELLOW) and J. GARCIA-ROSAS 


Technisch-chemisches Laboratorium ETH, CH-8092 Zurich, Switzerlana 


The micromixing performance of one commercially available mixer of the rotor-stator type has been measured under semi-batch 
as well as in-line operating conditions. Competitive, consecutive azo couplings were employed. These were so rapid that, had 
micromixing been instantaneous, the half-lifetime of the limiting reagent and the time to consume it completely would have 
been 0.1 and 4ms respectively. Over the range of mixer speeds 2000-13000 rpm, rates of turbulent energy dissipation were 
deduced from the product distribution of the azo couplings as well as from drag coefficients. They fell in the range 
5-700 W kg~', so that from micromixing theory the half-lifetimes for diffusive mixing were of order 2-0.5 ms. 

In addition to the available two rotors and two stators, four other rotor designs were evaluated and a marginal increase 
in mixing rates was attained. Removal of the stator hardly influenced this rate. Backmixing was detected in the commercially 
available flow chamber for in-line mixing. It increased with rising rotor speed and was reduced by modifying the feed injector 


INTRODUCTION Figure 2 refers to in-line, continuous operatior 
Nearly all investigations into micromixing published mixer, the reagents A and B being initially prese 
within the last decade considered stirred tank reactors. separate aqueous feed streams. When no stator, but 
Under normal operating conditions and with turbulent a rotor was employed, the clearance between 
flow in low viscosity liquids, local rates of energy entrance to the flow chamber (type 22 Z) (plan 
dissipation in such equipment fall in the range Figure 2) was 3 mm. Feed injector | (Figure 2) was 
0.1-10 W kg’. The half-lifetime of diffusive mixing (fp) only with stator A and rotor 1, whilst injector 
in deforming laminated structures’ indicates the at- employed with all mixing heads. (These were denoted by 
tainable rate of micromixing. When v = 10°° m*s_' and a capital letter for the stator and an arabic numeral for 
D = 10°’ m‘s ‘," equation (1) gives fp in the range 30 to the rotor; refer Figure 1). The flow rates of the 
3 ms, as € increases from 0.1 to 10 W kg '. Similar values solutions were varied in the ranges 
have been obtained in a centrifugal pump’. 4.2L min “and q, = 0.24-0.42 Lmin 
a constant ratio g, = 10q,. The corre 
fp = 2(v/e) “are sinh (0.05 Sc) (1) residence times in the flow chamber changed 


: 64 The < . ike es = 
In order to accelerate micromixing and to attain for © 9-52s. The linear velocities of the reag 


example f,, = 0.3 ms, which is suitable for high selectivity 0.4-0.7 ms" for A and 0.3-0.6ms “ for B 

in certain multiple reactions (see later for details), « Azo couplings between |-naphthol (A) and diazot 
should be increased to | kW kg '. This would cause an sulphanilic acid (B) followed equation (2) 
excessive power input to a stirred tank and represent a the greater the partial segregation on the 
wasteful application of energy. Ciearly what is needed is scale, 
a locally intense turbulence, restricted to a small volume, 

which provides rapid micromixing and a short mean 
residence time for mixing and reaction (e.g. | s or less). 

The suitability of one commercially available mixer—a 

variable speed rotor-stator device—in meeting these 
requirements will be assessed here and some design 
modifications will be evaluated. 


>R 


EXPERIMENTAL 


A model X-20 Ystral mixer (Ystral GmbH, 
Ballrechten-Dottingen, West Germany), driven by a 
269 W motor (maximum speed 25000 rpm), and various 
mixer heads (rotor-stator combinations) with a clearance 
of 0.25 mm were used. Six rotors and two stators were 
tried at speeds between 1000 and 13000 rpm. Rotors | 
and 3 as well as stators A and B were from Ystral 
(Figure 1). In all cases fluid was drawn axially into the 
rotor and discharged radially through the slits of the 
stator. Figure 
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Figure 2. Continuous, in-line operation of mixer 


the more S (bisazo dye)—and correspondingly the less R 
(monoazo dye)—were formed. The product distribution 
may be represented by the fraction (X) of the limiting 
reagent (B) which is present in S. Thus: 


X =2¢,/(ce + 2 Cs) (4) 


The concentrations of the dyes were measured 
spectrophotometrically in the effluent from the mixing 
chamber, where reaction was already complete. The 
initial reagent concentrations were Ca)=1.39 and 
Cpo = 13.2 mol m~’. The buffers in the naphthol solution 
were sodium carbonate and sodium bicarbonate, each 
having a concentration of 48 mol m 

Since g, = 10 q,, the initial stoichiometric ratio was 
Nso/MNgo = 1.05. In the absence of segregation (slow reac- 
tion regime) XY would have attained its smallest value of 
0.0006 (assuming plug flow through the mixing cham- 
ber). This is well below the analytical accuracy of 
+0.005 on values of X exceeding 0.01. A mass balance 
check on analyses showed that the right hand side of 
equation (5): 


Cap = Cr +2 Cs (>) 


determined spectrophotometrically, was within +2% of 
the left-hand side, determined gravimetrically. Azo cou- 
plings were conducted at 297 + 1 K. The half-lifetime of 
reaction (2) was 0.1 ms and, in the absence of segre- 
gation, both reactions (2) and (3) would have run to 
completion—defined here by complete consumption of 
B—in 4ms. 

Figure 3 refers to semi-batch operation, whereby the 
A-solution was initially present in glass beakers, having 
volumes of 1, 2, 3 and 5 L. Most azo couplings used the 











Figure 3. Semi-batch operation of mixer 


2L vessel (diameter 0.13m, height 0.18 m) initially 
containing V,= 1.5L of ca) = 1.39 mol m~* |-naphthol 
solution at pH = 10.0. The diazotised sulphanilic acid 
solution (Vz = 0.15 L, cgo = 13.21 mol m~*) was added 
through a 2mm bore feed pipe, whose upper end was 
5mm below the open bottom of the mixing head 
(Figure 3). Rates of addition of B were 0.03 L min“! 
(N < 3000 rpm) and 0.06 L min™' (N > 3000 rpm) 


RESULTS AND DISCUSSION 
In-line mixing (Figure 2) 


The influence of various flow ratios g,/qg, in the range 
of 10 to 100, at constant stoichiometric ratio 
(No/Mgo = 1.05), is shown in Figure 4. The micromixing 
model' predicts that X depends upon the following 
quantities: 


X =f (k,/k2; Nao/Ngo; Operating mode; 

V./Vg or qa/gz; Sc; M) (6) 
whereby the mixing modulus M is given by: 

M =k, cg 63/D (7) 


and the initial half-thickness of the layers in the deform- 
ing laminated structure 4, is related to the rate of 
turbulent energy dissipation (€) by: 


6, = 0.5 (v7/e)'4 (8) 


For simplicity, a common diffusivity D for A, B and 
R has been taken in equation (6). At any ratio of flow 
rates g,/g,. Figure 4 shows a large effect of mixer speed 
on product distribution X. Thus the rate of energy 
dissipation must have increased with rising mixer speed. 
This conclusion from Figure 4 is consistent with fluid 
mechanical drag relationships, as will be shown in more 
detail later. At a given speed, M wil! be independent of 
ga/Gh and Figure 4 shows that X decreases as ga,/qp 
increases. This agrees with the micromixing model'. The 
influence of volume ratio decreases, however, in the 
model towards the chemical regime i.e. as M falls. This 
is also clear from Figure 4 as N increases. 


4 
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Figure 4. Effect of mixer speed and ratio of flow rates on product 
distribution. Continuous flow;  Mgo/mg. = 1.055 + 0.025; 
13.21 mol m~*; mixer A-1; feed injector | 
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Figure 5. Effect of feed injector design and mixer speed on product 
distribution. Continuous flow; = Mgo/mgo = 1.055 + 0.025; 
13.21 mol m~*: mixer A-1; q,/q, = 10 

Feed injector 1 @2 


Cre 


Figure 5 compares the feed injector | and 2 (Figure 2). 
The increased formation of S and therefore lower yield 
of intermediate R may be attributed to more backmixing 
in injector 1. Coloured reaction products (dyes) were 
observed between the plane P, (Figure 2) and the 
entrance to the mixing chamber (plane P,). The volume 
between P, and P, was greatly reduced with injector 2 
(Figure 2) with a consequent fall in ¥ and increase in the 
yield of R. The micromixing model also predicts a lower 


X when the operating model changes from fully back- 
mixed to plug flow’. 

Figure 6 reveals a substantial influence of mixer head 
design on the rate of micromixing. Not surprisingly a 
rigid cylinder [with (A-6) and without (6) stator] pro- 
duced the poorest result. The best commercially avail- 





2000 
N [rpm) 


Figure 6. Effect of mixer head design and speed on product distribu- 
tion. Continuous flow; M4o/Mgo = 1.055 + 0.025; cgp = 13.21 mol m 
Ja/Gp = 10; feed injector = 2. 

O A-l @A2 OD A4 BAS AAS AS VT B-3 


Chem Eng Res Des, Vol. 64, January 1986 


Figure 7. Effect 
Continuous flo 
Gai Wp 10: feed in 


able combination was A-1, although A-3 and B-1 were 
not tested. The modification A-2 was still better. Rotor 
5, like 6, is unsuitable when the feed tubes are concentric, 
since it too produces a stagnation point for the B-stream 
Figure 7 shows no difference between stators A and B, 
whilst Figure 8 indicates nearly the same performance 
with and without a stator. When a stator is not used, the 
clearance between the rotor and the plane P, (Figure 2) 
should, however, be small enough to prevent fresh 
reagents by-passing the rotor 

The mixer, used as shown in Figure 2, also acted as 
a pump. Figure 9 reports total flow rates 0 = q, + gp 
relative to the flow rate Q, when the rotor was stationary 
(N =0) and the flow Q, was caused only by the static 
pressure difference over the mixing chamber. Above 
3000 rpm, Q rose linearly with N (Figure 9), whereas Q 
was insensitive to N at lower speeds. Several mixing 
heads produced a common flow curve (II), although A-5 
was lower (III). Higher flow curves were obtained (1), 
when the stators were omitted. Head 6 (solid cylindrical 
rotor) exhibited little pumping capacity (IV) and reduced 
it further (V) 


Figure 8. Effect of stator 
tion. Continuous flow; nm, 
Ga/Gz = 10; feed injector 
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Pumping capacities of various mixing heads. Feed 
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No effect of flow rate and therefore of mean residence 
time (0.5-0.9s) on X was observed, suggesting that 
diffusion and reaction were completed in still shorter 
times. Using equation (1) the longest diffusional mixing 
time fp (N = 1000 rpm, « = 0.4W kg" ') was estimated 
to be 15 ms, which is consistent with no effect of Q on 


\ 


Semi-batch operation (Figure 3) 

No change in product distribution with vessel size was 
observed. The reaction zone was localised near the 
mixing head and the rest of the vessel served simply to 
store and circulate the A-solution. When, however, fresh 
B was fed far away from the mixing head, XY increased 
sharply. Obviously turbulence was highly localised and 
segregation was smaller when feeding B into the suction 
Stream of the mixing head. 


Figure 10 refers to five designs for the mixing head. 
Because of the changed operating mode, the X-values 
for a given head (A-1, A-2, B-3) are lower in Figure 10 
than in Figure 6, which suggests that, even with feed 








go = 13.21 mol m 
B-3 ~} B-4 I 


Figure 11 
surements 


injector 2, some backmixing still occurred during in-line 
mixing. The ranking of the heads is the same in Figures 
6 and 10 (A-2 highest, A-1 intermediate and B-3 lowest 
rate of micromixing). Omitting the stator (A-1 and A-2) 
had little effect, in agreement with in-line results. At 
speeds above 6000 rpm vortex formation in the unbaffled 
vessel (Figure 3) could only be suppressed by using a 
stator. 


QUANTITATIVE APPLICATION OF 
MICROMIXING MODEL 
Energy dissipation rate from product distribution 


For the product distributions shown in Figure 10, all 
the quantities appearing in equations (6-8) were known 
with the exception of «. Thus k, = 7.3 x 10° m’ mol 's 
semi-batch, 


k,= 1.9m’ mol™'s™, Nxo/ Ngo = 1.05, 
By} = 13.21 mol m 


V, = 10 Vy, Sc = 1200, 

D=7.8x 10-"m’*s"', v=0.93 x 10-°m’s From 
the model’ ¥ = 0.015 when M = 1. Ignoring the rela- 
tively small effect of the type of mixer head in Figure 10, 
M was thus | when N ~ 5000 rpm. Values of M at other 
mixer speeds were then estimated through equations (7) 
and (8) by assuming fully turbulent flow and constant 
drag coefficient, so that equation (9) applies: 


e=4x 10 N (9) 


where the units are ¢ (W kg ') and N (rpm). The agree- 
ment between the results in Figure 10 and the model is 
shown in Figure |1 and was good. Figures 12A and 12B 
indicate parametric sensitivity: they show the poorer 
agreement between model and 
Figure 10, M had been set equal to 1 when 
N = 4000 rpm (Figure 12A) or when N = 6000 rpm 
(Figure 12B). Figure 11 supports therefore equation (9), 
which gives « = S50Wkg'' when N = 5000 rpm, and 
€=1350Wkg' when N =15000rpm. Equation (1) 
predicts for dilute aqueous solutions at 
293 K tp ~ 0.25 ms when N = 15000 rpm, and one of the 
mixing heads given in Figure 10 is used. Under such 
conditions the rapid azo couplings used here would have 
taken place near the chemical regime 1.e. little reaction 
would have occurred during the mixing process, and X 
would have tended towards its minimum value (max- 
imum yield of R) (Figure 10). 


measurements if, in 


Comparison between micromixing 
Semi-batch RenlRe, = 1.05; 
V,/V,= 10; M =1 when N 


@ A-! 


model and mea- 
po = 13.21 mol m 
5000 rpm 
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Figure 12A. Comparison between micromixing model and n 
surements Semi-batch; Nao/Ny 
V,/V,= 10; M =1 when N = 4000 rpn 
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Figure 12B. Comparison between micromixing 
surements Semi-batch; Nyo/Np 1.05 
10; M =1 when N = 6000 rpm 
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Equation (9) was also applied to product distributions 
measured after in-line continuous mixing. The difference 
between the kinetic energies of the entering and leaving 
streams was calculated and for a mean residence time of 
0.8s was 0.2Wkg~'. This was 33 and 6% of the total 
energy dissipation when N was 1000 and 2000 rpm 
respectively. At higher mixer speeds the kinetic energy 
contribution was negligible. Figure 13 compares the 
measured product distributions with the model. High 
values of M correspond to low rotor speeds and here the 
measurements agree with the computed behaviour of a 
plug-flow reactor. With rising mixer speed, however, the 
results agree more and more with complete backmixing 
in the reaction zone. This inference about a change in 
flow pattern with rotor speed seems reasonable. How- 
ever, it needs an independent check through mea- 
surements of the residence time distribution. 


Energy dissipation rate from drag relationships 
for cylinders 
If V is the volume of the reaction zone and P the 
power dissipated within it, then equation (10) defines c: 
e=f pV (10) 


V was estimated by the following type of flow visual- 


isation. Semi-batch neutralisation’ defined the extent of 
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the reaction zone, which was strongly coloured. Almost 


\ 


no reaction took place in the suction stream below the 
ed 


mixing head, decolourisation being completed within a 
narrow ring around the top end of the slits in the stator 
(Figure 3). There was even some flow into the stator 
lower down (Figure 3) representing an undesirable back 
mixing. Photographs gave V ~4—S5cm’. A value of 
4.5 cm’ was taken. The power transmitted to the fluid by 


a rotating solid cylinder is given* by equation 
P =(n/2)\Cy po a*h 


where Cy, (torque coefficient) is related t 
moment coefficient) by equation (12) 


For concentric cylinders ¢ 
number, 7a 


depends upol! 


Ta=qoah (b/a) 


where 4 is the radial gap width between rotor 
The nature of the flow, as well as C,, deper 
laminar (Ta <41), transition (41 < Ta 
(63 < Ta < ~10°) and turbulent (7a 
(rotor radius) = 0.0078 m, A (rotor 

(gap) = 0.00025m, \ 1O~-° m<s 

and @ (angular velocity of rotor) 

in rpm. Apart from laminar flow when A 1000 rpn 
Taylor vortices were predicted (N > 2000 rpm). I 
regime (¢ 


1 


IS given Dy 
( 0.476 (b/a) Ta 


and was used, together with equations (1 
mate P for all rotor-stator mixing heads 
For unenclosed cylinders ¢ 


tional Reynolds number 


Re =Wd ' 


depends upor 


whereby in the turbulent regime (R: 
smooth cylinder 


( 0.6 + 4.07 log (Re ¢ 


Figure 13. Compariso1 
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gy dissipation rate as a function of mixer speed 


calculated from equation (9) equation 


Equation (16), together with equations (11) and (12), 
estimated P when no stator used. No drag 
coefficients were found for the specific rotor shapes 
(Figure 1: 1-5) used in the experiments. ¢€ was then 
predicted by substituting for P and V in equation (10). 

Figure 14 compares predicted ¢-values for cylinders 
with and without stators with equation (9), which was 
deduced from the product distribution of the azo cou- 
plings, when N = 5000 rpm, and an assumed constancy 
of the drag coefficient. At this mixer speed this ““chem- 
ical” method gave 50Wkg whilst the drag re- 
lationships predict 47Wkg (with stator) and 
43W kg (without stator). Agreement is good. At 
higher speeds agreement is less good: equations (14) and 
(16) predict falling drag coefficients as N rises, so that the 
exponent 3 in equation (9) is too high. Thus equation 
(14) implies « ~ N*°, whilst for a free cylinder « ~ N™, 
where according to equation (16) m is somewhat smaller 
than 3 (m would be 3 for a rough cylinder at high Re). 
[he almost insignificant differences between the predic- 
tion for free and enclosed rotating cylinders agree well 
with nearly the same product distributions, irrespective 
of whether a stator was employed or not. 


was 


CONCLUSIONS 

Over the range of mixer. speeds _ studied 
(2000-13000 rpm), rates of turbulent energy dissipation 
were sufficiently high (5-700Wkg~™') to give half- 
lifetimes for micromixing in the range 2—0.5 ms in aque- 
ous solutions at room temperature. These are adequate 
to obtain high selectivity for intermediates in rapid 
consecutive, competitive reactions (azo coupling were 
used in this study). 

Semi-batch (Figure 3) and in-line (Figure 2) operation 
were tested. By modifying the feed injector, backmixing 
during continuous operation was reduced (Figure 5). 
Mixing heads with two alternative stators and 6 alterna- 
tive rotors—only two of which were commercially 
available—were studied (Figure 1). Stator A with rotor 
2 was the best combination, although several others were 
nearly as effective (Figures 6 and 10). Micromixing did 
not change when the stator was removed (Figure 8), 
although stators proved useful in eliminating the vortex 
in a tank. Without stators most rotors pumped fluid 
faster (Figure 9). Reaction was highly localised within 
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the mixer and its immediate discharge, thus fresh re- 
agents were fed into the suction stream of the mixer. 

A model of micromixing was fitted to semi-batch 
results at one speed (5000 rpm). The resulting agreement 
with product distributions at various speeds was satis- 
factory (Figure 11). Equation (9) expresses the corre- 
sponding rates of energy dissipation at various speeds. 
Applied to in-line runs, this equation suggested an 
increase in backmixing with rising rotor speed (Figure 
13). 

Flow visualisation indicated the extent of the reaction 
zone. Drag coefficients for solid cylinders with and 
without stators were employed to estimate the power 
consumption of the rotors. Thus rates of energy dissi- 
pation could be predicted. They agree quite well with the 
values determined via the micromixing model from the 
product distributions of fast azo couplings (Figure 14). 
Stators had little effect on either the predicted energy 
dissipation or the measured product distributions 


APPENDIX 
Effect of increased viscosity 

The viscosity was raised from 0.93 x 10° ° (Sc = 1200) 
to 49x 10-°m’s~' (Sc = 6300) by adding 0.4wt% 
CMC. At 3000 rpm _X increased from 0.03 to 0.059 with 
rising viscosity. At 5000 and 8000 rpm the corresponding 
increases were 0.017 to 0.034 and 0.008 to 0.017. 

X values were predicted from the micromixing model, 
whereby rates of energy dissipation were calculated as 
shown in the text and no change in V in equation (10) 
was assumed. At 3000, 5000 and 8000 rpm these predic- 
tions were 0.051, 0.029 and 0.013. The measured values 
are somewhat higher, probably because the actual reac- 
tion volumes in the viscous solutions, although not 
measured, exceeded the 4.5 cm’ in aqueous solutions and 
thus the effective rates of energy dissipation were smaller 
than predicted. 


SYMBOLS USED 
1-Naphthol 
Rotor radius (m) 
Diazotised sulphanilic acid 
Gap width between rotor and stator (m) 
Frictional moment coefficient 
Torque coefficient 
Concentration of substance 1 (mol m°) 
Initial concentration of substance 1 
Diffusion coefficient (m*s~') 
Rotor height (m) 
Second-order rate constant (m°’ mol”'s~') 
Mixing modulus 
Rotor speed (s-‘) 
Initial quantity of substance i (mol) 
Power (W) 
Total volumetric flow rate (m’s~') 
Volumetric flow rate of solution containing i | 
Monozao dye 
Bisazo dye 
Half-lifetime for diffusive mixing (s) 
Volume of reaction zone (m’°) 
Volume of solution containing i (m*) 
Measure of product distribution 
Reynolds number 
Schmidt number 
Taylor number 
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Greek Letters 
Initial half-thickness of laminae (m) 
Rate of turbulent energy dissipation (m*s~°*) 
Kinematic viscosity (m*s~') 
Density (kgm _~°) 
Angular velocity of rotor (s~') 
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Book reviews continued from page 10 


Progress in Biomass Conversion 
Volume 5 


D A Tillman and E C John (Eds) 
Press, 1984 


pp. 279, £37 


AC ademi¢ 


Price stability and price declines have characterised the 
fossil fuel market recently and perhaps because of this 
there has been a decreasing interest in alternative and 
renewable energy sources in this country. However as a 
frequent visitor to Africa I see the chronic financial 
difficulties which result when a country has to spend 
more than 50% of its GNP on imported oil. More 
British manufacturers and research groups shouid recog- 
nise the fact that there is a desperate need to switch to 
biomass fuels in many 3rd world countries if the tech- 
nology can be developed to a sufficient level of reliability 
Against this background it is good to see that research 
in the development of biomass for fuels is still being done 
even if most of it is in the USA. 

This book is the fifth volume in an ongoing series of 
articles by different authors about biomass fuels and it 
emphasises the multidisciplinary nature of the work 


Some of the information given is very specific to 
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particular problems and species found in N 
but other information is much more generall' 
such as the section on the corrosive nature of the 
produced from pyrolysis or gasification processes and 
which includes detailed measurements on corrosiot 
with different metals 

Another chapter has much needed data on chemical 


rates 


analysis, moisture content, densities, and fuel values of 
a range of agricultural waste materials such 


as logging 


residues, sawdust, cotton gin waste, rice hulls, nut husks 
and shells and tree prunings 
The concluding 


gasification technology and an account of 3 commercial 


chapter is a review of biomass 
plants operating in the USA. It ts interesting to note that 
the two fixed bed designs give producer gas of a better 
quality than that produced by the fluidised bed design 

This book is of chemi ul and 
engineering workers in R & D in energy related areas, 


interest to energy 


to energy planners, and to postgraduate energy students 
[he information will be of more direct interest to the 
above groups in developing countries 
written and the essential information is easy to access for 


someone with a general scientific background 


The book is well 
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COMPUTATIONS OF FLOW FIELDS AND 
COMPLEX REACTION YIELD IN 
TURBULENT STIRRED REACTORS, 
AND COMPARISON WITH EXPERIMENTAL 
DATA 


By J. C. MIDDLETON, (MEMBER) F. PIERCE and P. M. LYNCH 


Imperial Chemical Industries, New Science Group, Runcorn, Cheshire 


A general purpose computer code for calculating mean and turbulent velocities throughout a baffled stirred vessel is described, 
and its use is exemplified by predicting the mixing influenced yield of a typical competitive-consecutive reaction scheme which 
cannot be calculated by traditional methods. The predictions are in good agreement with experiments. 


INTRODUCTION 


Mechanically stirred vessels of many types and scales are 
used in the process industries for a variety of purposes 
such as mixing liquid reactants to bring about a chemical 
reaction, dispersing immiscible phases into a liquid, 
controlling a crystallisation, precipitation or agglomer- 
ation, or providing a controlled environment for micro- 
organism activity. The correct design of such vessels can 


be crucial to the profitability of the process by virtue of 


its influence on reaction yield, crystal size and so on, and 
thence on separation and purification costs. 

Current design methods rely on correlations of overall 
vessel-average parameters obtained from laboratory and 
pilot-scale experimental data. Such experimental pro- 
grammes are expensive and time-consuming, and have 
not covered all the relevant parameters. The scale-up of 
the information to large industrial scale equipment is not 
straightforward or well established, especially since most 
vessels have to perform several functions simultaneously 
(for example dispersion, reaction and heat transfer) 
which do not scale-up equally. The semi-empirical na- 
ture of the correlations limits the design to geometric 
similarity with smail scale work, which may not lead to 
the optimum configuration for the particular process. 

Perhaps the greatest shortcoming of such methods is 
that “local” effects cannot be tackled at all, so processes 
in which local inhomogeneities in concentration are 
important present great problems in industrial design. 

This paper describes one such process in which local 
mixing controls the yield of desired intermediate in a 
competitive-consecutive reaction scheme. In this case the 
relevant ‘local’ scale of mixing is intermediate between 
the “micromixing™” scale and the size of the vessel. 
Experiments at various agitator speeds and 2 scales are 
reported herein which illustrate this effect, using a 
reaction of an industrially important family. 

Some carlier ‘mixing models’ have been published, but 
these divide the flowfield coarsely into a few hypothetical 
regions, and contain unknown parameters. Even the 


more sophisticated *zones-in-loops’ models'~ require cir- 
culation time distribution data which must be measured 
for each configuration and scale of vessel, or obtained 
from limited empirical correlations’. 

The present paper presents first the basis of a new 
design method for agitated vessels which aims to over- 
come the aforementioned limitations. Rather than a flow 
model, it is a computation of the turbulent 3-dimensional 
flow field in some detail, using the basic conservation 
equations of mass, and energy, with a widely-used tur- 
bulence model. These are universal to any configuration 
and scale of agitated vessel; flexibility is limited only by 
knowledge of the appropriate boundary conditions. This 
method is directly predictive, avoiding the need for 
separate experimentation or small-scale results to ‘scale- 
up’: it does not require imposition of ‘geometric simi- 
larity’ limitations. 

Secondly, as an example of its use, the computed flow 
field is used by a second program to compute the 
progress of an experimental reaction as a function of 
time and position in the vessel. The final yield, much 
influenced by mixing in the vessel, is computed, and 
these predictions are compared with experimental data. 


THE FLOW COMPUTATION 

The presence of wall baffles in a stirred vessel generally 
enhances the mixing processes and renders the flow 
pattern very complex, such that a detailed 3-dimensional 
computation is necessary to calculate even the gross 
features of the flow. A typical result is shown in Figure 
5. A finite-volume method using cylindrical coordinates 
has been developed over the past six years, jointly with 
Imperial College, as an in-house design and research 
tool, for solving the time-averaged Navier-Stokes and 
continuity equations throughout the flow field, incorpo- 
rating the k-c turbulence’model*. The frame of reference 
is stationary and the agitator is somewhat simplified in 
that the periodic flow arising from the passage of each 
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blade are time-averaged and not modelled in fine detail. 
The top free surface is assumed flat, which accords with 
observations of baffled vessels, and in this work the 
vessel bases were flat, although dished bases can be 
accommodated. The upwind differencing method em- 
ployed for the solution is largely conventional, as are the 
‘log-law’ wall functions. The agitator bounary mean 
velocities and turbulence were obtained from laser an- 
emometry. This intrusion of empirical data is justified as 
these parameters (normalised with tip velocity) are be- 
lieved to be fundamental characteristics of the agitator 
type, whatever the speed, scaie and geometric 
configuration (within usual limits). 

The program is arranged so that different 
configurations, scales and agitator types can be covered 
easily, given the experimental constants for the particu- 
lar agitator type. 

As with all such computations, care is required to 
ensure that the computation ‘grid’ is sufficiently fine to 
give a solution which is independent of grid size, to the 
appropriate degree of precision. 


REACTION YIELD COMPUTATION 


It is assumed in this work that the introduction of an 
input reactant, and the reaction itself, do not disturb the 
flow. This is certainly valid for the recent experiments, 
but if it were not so the method could be suitably 
modified at the expense of increased computation time. 
The reaction model basically takes the flow field as 
computed above and predicts concentrations of reac- 
tants as function of time and space, allowing mixing and 
reaction alternately. This can be regarded as dividing the 
field into a large number of fully-mixed reaction ‘zones’, 
with interchange governed by the flow and turbulence. 
The initial condition of these experiments (rapid addi- 
tion) is taken as all of the introduced reactant (‘B’) being 
placed in one cell, located at the injection point. Conser- 
vation of mass is ensured implicitly. The effect of 
turbulent fluctuations of concentration (i.e. ‘segre- 
gation’) on the reaction is neglected at present, and 
molecular diffusion is also neglected in comparison with 
turbulent diffusion. 


EXPERIMENTS 


Experiments were carried out on several scales of 


‘standard configuration’ baffled, disc-turbine agitated 

vessel using a well-known competitive-consecutive reac- 

tion system whose yield of intermediate *‘R’ was 

influenced by the mixing of the reactants A and B. 
The reaction scheme was: 


A+B— 4R 


B+R—+S 


in which A was I|-naphthol, B was diazotised sulphanilic 
acid, R was 4-(4’-sulphophenylazo)-i-naphthol and S$ 
was 2,4-bis-(4’-sulphophenylazo)-l-naphthol. The pH 
was buffered at 10, the temperature was 25°C, and the 
molar ratio of A/B was 1.05. This is the same reaction 
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as that used in Reference 5, and the same spec- 
trophotometric analysis method was used 

The experimental method and purpose differed, how- 
ever, from that of Reference 5. B was ‘overfed’ so that 
it was introduced into the vessel full of A solution more 
rapidly than it could react, so that a ‘plume’ of B 
solution was moving through the vessel, mixing and 
reacting. The kinetics are such that the yield of B is 
determined by the local concentrations of A, B and R at 
the ‘boundaries’ of this plume. Molecular diffusion or 
‘micromixing’ are comparatively fast and do not control 
the final yield, in contrast to Reference 5 

From stopped-flow measurements? the rate constants 
are 


10 m Mole S 


k, = 7.3 
k 


= 3.5m’/Mole:s 


In the 30 litre scale experiment for example, the vessel 
initially contained 30 litres of 5.27 x 10°° Molem 
aqueous solution of A (buffered), and, at ‘zero time’, 
100 ml of a 1.5 x 10°“ Mole m ’ B solution were added 
very rapidly. The yield was followed by analysing 
samples taken regularly over the next minutes 

The configuration of the equipment is shown in Figure 
1. The results were obtained from vessels of 3 sizes. The 
smallest, of 30 litres capacity, had diameter 0.31 m and 
liquid height 0.42 m, and 4 wall baffles of 0.3 m width 
An injector for B solution consisting of a reservoir with 
a full-bore ball valve as its base, was fitted at the tank 
liquid surface as shown. With a little practice this valve 
could be opened very rapidly and reproducibly. The 
mixing was altered by using various agitator speeds 

The agitator was a 6-blade disc turbine of diameter 
0.15m, blade height 0.3m, blade length 0.038 m, set 
0.14m above the vessel base 

Another vessel of 600 litres capacity, with diameter 
0.91 m, liquid height 0.91 m, and 4 wall baffles of 0.1 m 
width was also used 
disc turbine, of diameter 0.3m, blade height 0.06m 
blade length 0.076 m, set 0.46 m above the base. (Note 
that vessels were not geometrically similar). Injection of 
B-solution was carried out similarly to the above, with 


2 litres of this added very rapidly to 600 lit: 


The agitator was again a 6-blade 


> f 
es O 


A-solution, using the same concentrations 
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Figure |. Vessel configuration 
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Computations and experiments were also carried out 
on a 900 litre vessel which was geometrically similar to 
the 30 litre vessel, in order to provide data for the 
scale-up illustration of Figure 4. 


RESULTS 

The experimental measurements and computed pre- 
dictions of final yield for the 30 and 600 litre work are 
presented in Figures 2 and 3 respectively. The final 
concentrations of R and S, and the product distribution 
X, defined as 2[S]/({R] + 2[S]) are given. For each speed, 
the predicted and calculated values of ¥ may be com- 
pared to judge the agreement between the computed and 
experimentally measured reaction yields. The close 
agreement was also found with the 9001 work, used in 
Figure 4. As a check, the mass balance was calculated as 
the ratio of (2(S] + [R]) found from sample analysis after 
completion to that derived from the initial reactant 
concentration, and this was found to be in the range 0.97 
to 1.06 for all runs. 


DISCUSSION AND CONCLUSIONS 

Figures 2 and 3 show that the experimental and 
computed yields of B are in very close agreement over 
a wide range of speeds and yields. It is noteworthy that 
despite the evident large effect of mixing and the non- 
similarity of geometry, the yield can be satisfactorily 
predicted by this computation method. To put the 
observed X values in context, it was calculated that, if 
the reaction rates were purely chemical kinetically con- 
trolled, the final value of X would be 0.006, whereas if 
the rates were determined entirely by mixing (i.e. 
diffusion control), a final ¥ value of | is expected. The 
results fall as expected within this range. 

This agreement inspires several inferences and conclu- 
sions. Firstly, the addition of B in the experiments was 
sufficiently rapid to be counted as ‘instantaneous’, as it 
is modelled. Secondly, the reaction yield was influenced, 
at least mainly, by the ‘macromixing’ in the vessel, i.e., 
the bulk circulation and larger-scale turbulent motions. 
(Note that this is in contrast to the experiments of 
Reference 5 and subsequent works of the same authors, 
who study ‘micromixing’ influences on the scale of the 
smallest turbulent eddies and below). Also it can be 
inferred that the computed flow field is sufficiently 
accurate to predicte this mixing example. Separate mea- 
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Figure 3. Table of results: 6001 vessel 


surements of the flow field, using laser anemometry, 
have confirmed that these computed flows are very 
reasonably accurate. 

To further illustrate the need for these methods for 
such reactions, the 30 litre results were compared with 
those from the 900 litre vessel, which was geometrically 
similar. Figure 4 shows that even with this similarity, 
traditional scale-up “rules” are seriously inappropriate. 
On the graphs the broken curves refer to the small (30 1) 
scale and the solid curves to the large (900 1) scale. The 
three graphs plot reaction performance X against power 
per unit volume, agitator tip speed, and “99% mixing 
time” respectively, and show that none of these common 
scale-up “‘criteria” can be successfully applied to predict- 
ing yields of this type of reaction situation at various 
scales. Indeed, if the intermediate R were the desired 
product, serious shortfalls of yield of R [x(1l — X)] 
would result from the use of the traditional criteria in 
scale-up. The flow and reaction computations are neces- 
sary to scale-up reliably. 

The inapplicability of power/volume, tip speed or 
mixing time is fundamental, as they are overall measures 
and cannot describe localised phenomena within the 
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Figure 4. Scale-up 
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vessel. The yield depends upon the balance between the 
rates of reaction and of mixing of A into the plume of 
B, which depends on the local mean velocity (related to 
tip speed, system geometry, and wall area/volume) and 
on local velocity gradients (related to local turbulent 
energy dissipation rate). If, for example, ‘constant tip 
speed’ were chosen for scale-up, imposing geometric 
similarity, the mean velocities would be nearly constant 
but the velocity gradients would be smaller at larger 
scales, resulting in poorer local mixing and lower yield 
of R (or higher value of X). 

This work provides confidence in using the com- 
putations for other related problems in which imperfect 
macromixing must be modelled. Although, of course, the 
smallest scales of turbulence cannot be computed with a 
realistic grid, the program does also yield local values of 
k and ¢ (averaged over a grid element volume) which are 
useful in micromixing analysis in stirred vessels, where 
local k and ¢« depart widely from the mean values 
(derived trom agitator power measurements)”. 

Future work will further explore the applicability of 
the flow, and reaction, computation technique, including 
two-phase situations. 


SYMBOLS USED 
D agitator diameter 
turbulence kinetic energy 


reaction rate constant 


reaction rate constant 

agitator speed 

99% mixing time 

fraction of limiting reactant B converted to S 
turbulence energy dissipation rate 
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GAS-LIQUID STIRRED VESSEL MIXERS: TOWARDS A 
UNIFIED THEORY BASED ON NETWORKS-OF-ZONES 


By R. MANN (MEMBER) 


De partment of Chemical Engineering, UMIST 


Manche 


In spite of the widespread use of the stirred vessel gas-liquid reactor in the chemical industry, there is still no satisfactory unified 
description of the internal two-phase mixing processes. A comprehensive engineering treatment will need to combine the physical 
flow of gas and liquid with the interphase transfer, which in turn must be integrated with both the macro- and micro-mixing. 
Recent progress on these problems is discussed, following on the approach developed in an Industrial Research Fellowship 
Report |1]. The networks-of-zones concept appears to be a promising basis for the development of a unified theory. 


The fully baffled stirred vessel is notorious for the 
complexity of its fluid mechanics, but nevertheless is 
widely used for its facility to provide good mixing. The 
added complication of gas dispersion in gas-liquid mix- 
ing applications has meant that progress in research and 
design has seemed to be both haphazard and slow. 
However, in spite of the lack of rigorous description and 
understanding of gas-liquid mixing, the recent Industrial 
Research Fellowship on “Gas-Liquid Contacting in 
Mixing Vessels”' pointed out that gas liquid reactors 


were predominant in chemicals manufacture and that 
from amongst the variety of reactor types, stirred vessel 
gas-liquid mixers easily formed the majority. 

The lack of a basic and fundamental theory for 


gas-liquid mixing and dispersion has inevitably led to the 
adoption of impeller types originally developed for 
single phase mixing. Shown in Figure 1, according to the 
nature of internal flow that they can provide, are the disc 
turbine, the flat blade impeller and an example of a 
commercially developed impeller of special design. 
The radial flow disc turbine has tended to become the 
first preference for good gas dispersion (Figure 1(a)). 


if 


\ 





(a) disc 
turbine 


The disc prevents upward short circuiting of the gas 
along the shaft. As the gas flows outwards it experiences 
high shear around the blades and the fine bubbles 
generated can then be dispersed by upward or 
downflowing liquid engendering gas circulation 

The Rushton six-bladed disc turbine (shown in Figure 
1.(a)) has been widely adopted for gas dispersion duties 
and the following geometrical configuration has almost 
become a standard arrangement 


liquid depth identical to vessel diameter (J = H) 
impeller diameter one third diameter 
(D =T/3) 

Central impeller 
(h = T/3) 

four equispaced baffles (B = H/10) 

ring gas sparger three quarters oi impeller diameter 


(S = 3D/4) 


ol ves el 


placed one third above base 


The height of the impeller above the base does not 
seem to be critical and there is effect if 
T/4<h < T/2. Similarly, there is no clear standard for 
the ring sparger placement, provided it is as near as 


little 


(d) bladed 
turbine 


Figure 1. Some impeller types 
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Figure 2. Gas dispersion regimes 


feasible to the impeller and the liquid flow developed 
leads to gas flow into the impeller blades. 


GAS-LIQUID FLOW IN A STANDARD 
GEOMETRY 


Several distinctive regimes are evident when a gas is 


sparged into a vessel of standard configuration. These 
7 


are depicted in Figure 2, according to the progression of 


regimes observed as the stirrer rate is increased at a 
constant gas rate’. At a very low rotation speed, gas 
short circuits up the shaft forming a partial bubble 
column as shown in Figure 2(a). As the stirrer speed 
increases gas is dispersed to form a full bubble column 
in Figure 2(b). Circulation of gas downwards initiates in 
Figure 2(c) and in Figure 2(d) the downward circulation 
of gas is sufficient to completely disperse gas throughout 
the entire liquid in the vessel. At even higher stirrer 
speeds, secondary circulation is observed as shown in 
Figure 2(e). The condition of complete dispersion in 
Figure 2(d) is sometimes referred to as flooding i.e. the 
vessel is just flooded when gas is just thoroughly dis- 
persed. Alternatively the vessel may be thought of as 
being fully loaded with gas at this condition. If at a 


(b) agitator 
dominated 


(a) gas-flow 
dominated 


Figure 3. Liquid flow characteristics 


stirrer speed giving rise to complete dispersion, the gas 
flow is increased, the rate of arrival of gas at the impeller 
wili eventually be so great that it cannot be effectively 
dispersed. At this condition, the impeller becomes en- 
gorged or saturated with gas, so that excess gas will 
by-pass up the impeller shaft without being dispersed. 
This is sometimes also referred to as impeller flooding, 
so that there is often confusion and controversy in the 
use of these terms. 

Recently new light has been cast on these contro- 
versial terminologies by considering the gas-liquid fluid 
flow phenomena that underlie the conditions of Figures 
2(b) and 2(d)°. This analysis of Pandit and Joshi clearly 
recognises the potential interactions of gas and liquid 
flow. As Figure 3 indicates, at the bubble column 
condition, the gas flow gives rise to a liquid circulation 
counter to the radially outward flow expected from 
impeller rotation. In this circumstance, the gas flow 
could be said to dominate or control the gas-liquid 
mixer. If on the other hand, the liquid circulation 
Strength is sufficient to effectively disperse the gas 
throughout the liquid, then the mixing process is agitator 
dominated so that liquid flow developed by the agitator 
dominates the gas-liquid mixing. Pandit and Joshi° 
thereby derive a simple criterion for distinguishing these 
regimes by deducing that they are demarcated by the 
condition at which the generated liquid flows are equal. 
Since one would normally wish to design a gas-liquid 
mixer to operate in the agitator dominated regime, their 
simple criterion is useful in guaranteeing this at the 
design stage, and is probably superior to Westerterp’s 
criterion* based on the interactions of bubble rise veloc- 
ity and impeller tip speed. 


Predicting the Overall Hold-Up of Gas 


The hold-up of gas produced in a stirred vessel is a 
basic measure of the effectiveness of the contacting and 
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mixing. Many efforts have been made to predict the 
hold-up achieved. Invariably this involves empirical 
correlations. The earliest ones were of the form 
Eg =f(P,/V, U,), although these are unsatisfactory in- 
direct correlations because the gassed power P, is not 
known and is not related in any simple way to the power 
transmitted without gas being present. 

More recent correlations have sought to avoid this 
difficulty (so as to provide prediction of &, as a function 
of truly independent variables) and these are listed in 
Table 1. The most recent Yung et al relationship, 
deduced through dimensional analysis contains the aer- 
ation number (Q/ND°) and indicates a scale effect (D/T) 
to the 1.4 power. However, the correlations of Table | 
unfortunately refer to somewhat small scale experi- 
mentation, and for this reason they are treated with 
scepticism in industry. At the larger scale these cor- 
relations will most likely underpredict although they are 
valid for a reasonable range of Newtonian fluids over a 
moderate range of viscosity, which incidentally does not foundations of mass transfet 
figure in any of the correlations! The impact of non- flow 
Newtonian properties and very high viscosities cannot as Such an approacl 
yet be predicted even empirically, though the character as a ‘black box’ and 
of the complications encountered have been reported in which underlie any 
the literature. 


mixer. In other words 
generation by gas-liquid fi 
basic physical behaviour so 1 
to describe interphase mass 


formance as a reactor iS desc! 


the case of overall hol 
the distribution of 
uniform. Figure $5 
Nagase and Yasui 
hold-up forms 

The correlations in Table | can only provide us with processes with 
information on overall hold-up. Their very empiricism 
means that they cannot be used to determine other 
aspects of gas-liquid mixing of importance to the chem- 
ical engineer. The overall hold-up &, is a consequence of 
the physical interactions of gas and liquid and is deter- 
mined by the power input and the nature of internal 
energy dissipation. The generatio1 

These physical contacting phenomena are in turn standard turbine ha 
responsible for determining the capability of the mixer co-workers at 
as a mass transfer device. Physical mixing and mass bubbles are dispe rol 
transfer when combined with chemical reactions define filled cavities formed behind 
the mixer’s performance as a chemical reactor. This initially are of a small 


Towards a Unified Analysis of the Gas-Liquid Mixer 
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vertical integration of phenomena is depicted in Figure the gas loading 
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a comprehensive unified description of a gas-liquid blades, floodin 
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Figure 5. Experimental distribution of gas hold-up 


progress through these stages, the power transmitted to 
the fluid falls as shown in Figure. 6. This basic under- 
standing leads to the practical observation that the gas 
handling capacity of a six blade standard turbine can be 
improved by increasing the number of blades either to 
twelve or eighteen. The use of odd-numbers of blades 
with four-baffle vessels is not recommended since un- 
acceptable mechanical vibrations and instabilities have 
been encountered. The frequency response of the power 
drawn by the impeller shows unusual asymmetry to 
positive and negative gas flow pulses’’ emphasising the 
complex non-linear interactions of gas/liquid flow. 
Researches aimed at elucidating internal gas re- 
circulating flow are much less numerous. From Figure 5, 
it is clear that gas is not being circulated into the lower 
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Figure 6. Cavity development and gassed power*’ 


part of the vessel, although some circulation may be 
taking place by gas recycling to the impeller in the upper 
part of the vessel. A gas tracer method has been devised 
which can measure the overall internal gas recirculation 
and results so far show quite modest recycle ratios 
usually less than unity. This would suggest that the gas 
flow is much nearer to plug flow than is often assumed. 
Greaves et al’’ have proposed that gas recirculation rates 
might be estimated from the frequency response of the 
gassed power dynamics. Bubble coalescence during 
dispersion and recirculation has received little attention 
in spite of the pioneering analysis of Koetsier and 
Thoenes."” 

The method of dynamic gas disengagement’ relies 
upon observations of the rate at which dispersed gas 
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Figure 7. The dynamic gas disengagement technique 
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leaves the vessel after gas feed has ceased. Experimental 
results have been examined with a backmixed-zones-in- 


loops flow model, from which feasible combinations of 
internal gas-liquid flow into the upper and lower part of 


the vessel can be deduced by matching the steady-state 
initial hold-up as well as the dynamic hold-up. A useful 
spin-off from this approach was the implicit result that 
the observed steady-state hold-up is not uniformly dis- 
tributed principally because of upward and downward 
flow of liquid in different parts of the vessel, but also 
because of differences in gas flow rate and recirculation. 
Figure 8 shows a typical result." 

The zones-in-loops flow model has an oversimplified 
representation of the liquid flow pattern which involves 


only vertical up and down flow of liquid. If networks of 


backmixed cells are assembled as shown in Figure 8, 
then the recirculation of liquid embodies both horizontal 
and vertical components and this is a much more 
realistic configuration. The local hold-up in the vertical 
flow cells is determined as before’’ from the gas and 
liquid material balances linked through the bubble rise 
velocity. For horizontal liquid flow in a cell, the rate at 
which gas leaves vertically can be deduced from a simple 
relationship between rise velocity and local hold-up. In 
this way gas and liquid flow throughout the network can 
be materially balanced for a set liquid flow pattern and 
any given gas feed rate to the impeller. The local value 
of hold-up ¢, can be found for every cell and from this 
distribution of hold-up the overall hold-up é, is pre- 
dicted. Some example calculations” 
Figure 9 showing theoretical 


are presented in 
predictions of the 
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Figure 8. Internal flow and mixing: use of ‘cell’ networks'*** 
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‘fingerprint’ of distributed gas hold-up at a fixed gas rate 
with steadily increasing stirrer speed. Each 
Figure 9 corresponds exactly to the distinct gas flow 
regimes in Figures 2(a) through to 2(d). At N = 10 rpm, 
Figure 9(a) shows a slim bubble column of gas flowing 


>» 1 le 
example in 


upwards against the weak downward flow in the upper 
part of the vessel. On increasing N to 20 rpm, gas is 
spread outwards more effectively forming a full bubble 
column as in Figure 9(b). At N = 30 rpm, the downward 
velocity in the outermost circulation loop is 
sufficient to entrain gas to a small extent 
Stage just before gas begins to circulate in tl 
of the vessel. Finally, Figure 9(d) shows th 
gas is recirculating in both the upper and lower 
the vessel. The tendency of bubbles 
means that it is difficult to circulate large an 
in the lower part of the vessel, with the 1 
hold-up tends to be fairly low. Figure 9(d) 
relatively small amounts of gas recirculate 
part of the vessel, although the local hold 
flows returning to the impeller is just as 
produced by the much larger gas flow 
with upward flowing liquid leaving the impeller 
liquid flows are perfectly balanced througho 
plete network. The gas disengaging from th 
cells in the network exactly 
the impeller 

The treatment that predicts the overall hol 


balances the 


case in Figure 9 has some simplifications 
assumed uniform (determined by 
coalescence is ignored. Nevertheless, the app1 
rigorous gas-liquid flow basis linked throug! 
rise velocity. More importantly it can 
predict the distribution of surface area 
vessel, from which mass transfer rates can | 
Furthermore, the assembly of gas-liqu 
zones can be solved to provide a predicti 
both the gas and liquid phases. The gas 
readily provided and mixing rates in tl 
already been measured using this network 
distributed formulation of gas-liquid flow 
and 9 would seem to form the required physica 
interpretation of mass transfer and chen 
performance as outlined in Fig. 4 


Extension to Other Impeller Types 

The network approach developed above is 
general potential and should in due course 
specification of liquid flow fields which are 
priate to the gas-liquid mixing duty. In an 
only quite recently that work has been done 
on impellers other than the disc turbine 
proach should certainly be useful in building 
experimental observations of Smith and co-w« 
the dispersion of gases with pitched 
(Figure 1(b)). 

For a pitched blade impeller having a 1 
clearance above the vessel base, the overall { 
is as shown in Figure 10 for a down flow 
The region of reversed flow centrally below t 
determine the behaviour of any gas introduced from a 
small centrally mounted sparger Gas can be 
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Figure 10. Gas-dispersion 


directly into the impeller, or depending upon sparger 
position and the strength of the axially downward flow, 
can be indirectly loaded into the vessel without fresh gas 
passing through the impeller. In each case the hold-up 
pattern will be different and the gas mixing properties 
will change according to the extent that fresh gas is 
mixed with recirculating gas in the cavities associated 
with the pitched blades. In turn, the growth of cavities 
affects the capacity to circulate liquid so that direct and 
indirect loading are a complex function of the inter- 
actions of flow field and gas feed rate. It can however be 
concluded that using the approach implicit in Figure 9, 
measurement of the hold-up distribution at any specific 
configuration for a pitched blade turbine should enable 
the associated liquid flow field to be deduced, along with 
estimates of the internal gas flow, the proportion of 
direct and indirect gas loading and the gas-liquid mixing 
taking place through the cavities. 

By the same arguments, the gas-liquid mixing charac- 
teristics of the Inter-mig (Figure I(c)) impeller can be 
understood. Eventually, it ought to be possible to arrive 
at new impeller types which engender an optimal gas- 
liquid mixing tailored to the process duty required. 


INTERPHASE MASS TRANSFER 


The physical gas-liquid flow model outlined above, 
which deduces overall hold-up from the distribution 
through a network of cells, can in principle provide 
surface area, mass transfer coefficients and the macro- 
mixing for both phases. Mass transfer observations by 
any method ought then to be capable of more rigorous 
interpretation. 

In the past, the favoured method of measuring mass 
transfer was absorption with chemical reaction. This 
chemical method has several difficulties, not the least of 
them being the problem of reproducing the mixer mass 
transfer behaviour with artificial chemical solutions 
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which have dissimilar bubbling properties to the fluid of 
interest. For example, strong solutions of sodium sul- 
phite are highly non-coalescing producing very fine 
dispersions of gas which are quite different to the 
behaviour of many biochemical broths which they were 
intended to mimic 

However, even if this effect is minimised by careful 
physico-chemical matching to preserve the bubbling 
properties, many interpretations of overall absorption 
performance of a gas-liquid mixer have made sweeping 
arbitrary assumptions about the prevailing 
Figure 11 indicates the full 


range of regimes for the simple two component A+B 


diffusion/reaction regimes 


reaction. Assuming the wrong regime gives rise to errors 
in estimates of k, a. This difficulty is compounded by the 
fact that, because is closely related to local rates of 
energy dissipation which can 
throughout the vessel, 


be expected to vary 
different regimes may prevail in 
different parts of the vessel. Over many years, the use of 
the chemical method has not produced reliable cor- 
relations for k, and d@, probably reflecting this difficulty 
of identifying the correct regime 

Sweeping assumptions have also been invoked in 
respect of the character of internal mixing in both the gas 
and liquid phases. Table 2 outlines chronologically the 
assumptions that have been made in several independent 
studies. Various combinations of perfections of mixing 
have been applied, although in most cases in Table 2 the 
veracity of any assumptions is not seriously questioned 

A recent new approach’ has sensibly tackled this 
difficulty by using strings of backmixed zones to test the 
conditions under which departures from perfect back- 
mixing would produce negligible errors in estimates for 
k, a. From a detailed and comprehensive analysis a very 
simple result is derived, namely that deviations from 
perfect backmixing cause errors of less than 10% if 


1/R) 








ncement tactor 
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Enhc 


Ditfusion 
with A. Il 
Cap7O, no reaction in film. IV 
ed to film with negligible bulk reaction. VI 
takes place only in a portion of the film. VIII 


reaction regimes for a simple second order reaction. | 

reaction in bulk of liquid makes Ca,<C, * 
reaction in film becomes comparable with bulk reaction. V 
consumption of B within the film is significant. VII 
reaction becomes contined to a plane within the film 


very slow reaction, liquid phase is saturated 
no reaction in tilm. Ill reaction in bulk makes 
reaction confin- 


reaction 


Figure 11. Diffusion/reaction regimes in the chemical method 


k,a is the value deduced assuming the liquid 
phase is perfectly back-mixed. The authors have pro- 
posed that the group k, art, be called the liquid circulation 
Stanton number. Serious deviations from perfect back- 
mixing in the liquid phase are particularly likely to occur 
in large industrial Dramatic experimental 
confirmation that severe dissolved oxygen concentration 


vessels. 


gradients existed within a 20m’ fermenter’’ reinforces 
the need for a rigorous mixing description 

The intrinsic difficulties of the chemical method have 
led to an increasing adoption of the physical 
absorption/desorption of a soluble gas. The method has 
mainly been developed with the use of nitrogen stripping 
followed by physical oxygen absorption from a stream 


Table 2. Gas-liquid contacting mixing models 


Gal Or and 


LIQUID 

VUacro-m 

periect plug 
intermediate 
perfect backmixing 
Vicro-mixineg 


complete segregation 


periect micromixing 


GAS 

VU acro-mixing 
perfect plug 
intermediate 

perfect backmixing 
Vicro-mixing 
complete segregation 
intermediate 


periect micromixing 


Robinson and Midoux and Hassan and 
Resnick Wilke 
1966 1974 


Schumpe and 
Charpentier Robinson Deckwer 
{979 LOkO 1980 
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of air. Advances in dissolved oxygen probes giving faster 
responses have also made the technique more attractive. 
Interpretation used to be affected by simplistic mixing 
assumptions similar to those in Table 2. However, the 
proposal to simultaneously monitor the gas and liquid 
phases led to the result that, provided the liquid phase 
is close to well mixed, the value of k,d can be deduced 
irrespective of the complexities of gas mixing.’ More 
recently,’ it has been demonstrated that k,d@ can be 
reliably determined solely from the initial liquid phase 
response through the relationship 

3 V A&C, 
l—é QO dt 

Finally, it should be recognised that some of the 
difficulties with the mass transfer product k,d might be 
resolved if improved methods of measuring d@ were 
available. Of new potential here are miniature probes reactions can be envisaged as taking 
capable of reasonably non-intrusive bubble detection general framework 
using conductivity” or fibre optic internal reflectance 
Detailed gathering of bubble statistics could offer a 


powerful physical method of arriving at local mass hydrocarbon — peroxides u ba 


transfer parameters 











ka — 





alcohols 


ketones 


The speeds of individual reactions will vary 


involve absorption and multiple reactions in a \ 


i¢ 
a Vali 


THE GAS-LIQUID MIXER AS A REACTOR regimes. In these circumstances the mass transfer, micro- 


Whenever a gas-liquid mixer is used as a reactor, the mixing and macro-mixing may profoundly affe 
inadequacies of simple empirical correlations become product distribution. The same considerations ¢ 
most apparent. This can be illustrated by reference to a gas-liquid chlorinations as well as to hydr 
typical liquid phase hydrocarbon oxidation where many However, it has to be emphasised 
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Figure 13. Spatial variations in liquid phase mixing 
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Figure 14. Circulation and mixing of reactive acid/alkali tracers 
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complexity of this approach to stirred gas-liquid reactors 
needs to be balanced against the tremendous econ- 
omic benefits to be derived from operating them more 
selectively. 

So far there has been little progress in developing a 
generalised approach to gas absorption accompanied by 
several reactions. The most complex example treated to 
date involved absorption with five reactions evaluated 
within a zones-in-loops gas-liquid flow model,* al- 
though even in this case all reactions were assumed to be 
in the slow regime (labelled III in Figure 11) so as to be 
uncomplicated by diffusion and reaction in the mass 
transfer film. 

More effort has been directed towards character- 
isation of liquid mixing, with a continuing concern to 
understand how the gas flow may interfere with liquid 
phase mixing rate. The results shown in Figure 12 are 
based upon a simple measure of mixing time,'’ but they 
illustrate why there has been a long controversy over 
whether gas flow assisted or retarded mixing in the liquid 
phase. Figure 12 shows clearly that gas can either 
improve or reduce liquid mixing. For the case where gas 
flow from the sparger dominates over the liquid flow 
induced by the impeller, increases in gas flow slow down 
liquid mixing rates. In practice, one would expect to 
operate a stirred vessel such that the agitator dominates 
the gas dispersion and in this case increasing flow rates 
of gas increase the liquid phase mixing rates 

Mixing time is however only a gross average measure 
of mixing performance. The results shown in Figure 13, 
because they reflect a space-time measure of tracer 
mixing,’ offer a much improved basis upon which to 
understand complex reactions taking place in the liquid. 
From Figure 13, which corresponds to the gas hold-up 
conditions in Figure 5, mixing in the lower part of the 
vessel (point A) is faster when gas is being dispersed. At 
position C, the tracer response is more or less identical 
with or without gas. However, at positions D and B, the 
gas slows down the liquid mixing. This suggests that gas 
causes the impeller to circulate more liquid into the 
lower vessel compared with homogeneous operation. 
The corresponding reduction of liquid flow into the 
upper part of the vessel is bound to slow down liquid 
mixing, and this slow down is evidently not offset by any 
mixing induced by the gas bubbles. These mixing obser- 
vations are capable of interpretation using the network 
of zones outlined in Figure 8. 

The one remaining component tn a complete descrip- 
tion of the liquid phase (see Figure 4) is micro-mixing. 
In this respect, the network of zones provides a better 
space-time representation than segregation environment 
models, which have recently advanced to a four environ- 
ment configuration,” capable of representing mixing 
between separate feed streams, but difficult to reconcile 
with details of the fluid mechanics. The network of zones 
is a 2N* environment model which can be readily used 
to evaluate the dispersion and reaction of acid/alkali 
tracers,” thereby furnishing information relevant to fast 
reactions in the liquid. 

Figure 14 shows a series of stills from a computer 


drawn movie illustrating the circulation and reaction of 


separately injected acid/alkali tracers. In Figure 14, each 
of the upper and lower parts of the stirred vessel 
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(containing liquid only, i.e. homogeneous) are repre- 
sented by 10 x 10 backmixed cell networks. The mixing 
process in the whole vessel is therefore described by a 
total of 200 cells. The first frame in Figure 14 shows a 
single cell containing acid (white) and a nearby cell 
containing alkali (black). The remaining cells in the 
vesse! contain water at pH = 7 (grey). This is the initial 
condition for separate simultaneous injection of acid and 
alkali tracers. The subsequent frames (2 to 18) in Figure 
14 are determined by solving the set of 400 simultaneous 
first order ordinary differential equations. In this way a 
computer generated movie is constructed depicting cir- 
culation, dispersion (both radial and axial) and mutual 
reaction between the acid and alkali. The initial condi 
tion (frame 1) has an excess of alkali so that by frame 
18 the acid is about to be finally consumed, rendering the 
entire vessel contents alkaline. The set of selected frames 
in Figure 14 indicates that complete mixing is achieved 
after about 2; internal vessel turnovers 

Figure 14 can therefore be seen to provide a full 
space-time description of the classical experiment which 
determines mixing time by observing the complete 
change of colour of an acid-alkali indicator. The com- 
plete physical description of fluid flow, mixing and 
reaction implicit in Figure 14 enables in principle the 
calculation of complex chemistry accompanying fast 
liquid phase reactions to be undertaken 


CONCLUSIONS 


The integration of gas-liquid flow in a stirred vessel 
with mass transfer performance and macro- and micro- 
mixing will provide a fully comprehensive framework for 
evaluating the performance of gas-liquid reactors. In due 
course innovative designs should emerge which will 
improve the selectivity of the stirred vessel which is so 
widely used as the ‘workhorse’ for gas-liquid reactions in 
the chemical industry 


NOMENCLATURE 


specific interlacial area 
baffle width 

dissolved gas concentr 
impeller diameter 

liquid height in vesse 
impeller height above ve 
mass transfer coefficient 
stirrer rotation speed 
gassed power 

internal liquid recycle ratio 
gas feed rate (volumetric 
sparger diameter 

vessel diameter 

time 

superficial gas velocity 
liquid volume 

average overall gas hold 
local gas hold-up 


internal turnover time 
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Firstly, solid suspension and solid-liquid mass transfer, gas dispersion and gas-liquid mass transfer are briefly discussed for 
two phase systems agitated by Rushton disc turbines. The discussion is then extended for this geometry to three phase systems 
It is concluded that, though not the most energy efficient, disc turbines are suitable for three phase agitation and design 
equations are available for a recommended configuration of D/7T = 1/2 with a clearance above the base of 1/4 

Secondly, recently published work on angled agitators is extended to include current research data. This work shows that 
though downward pumping agitators are inherently unstable when gas is sparged into them, this instability is minimised if the 


agitator has 6 blades, if D/T 


~ 0.4 and if ring spargers are used. The power required for ungassed solid suspension is lower 


than with the other agitators considered. The speed and power required for suspension falls with the introduction of sparging 
but with increasing sparge rates both rise fairly rapidly. In the upward mode, again a large D/T ratio and 6 blades are most 
stable and gas dispersion is achieved at the lowest power input when using a large ring sparger ( ~ D). For this configuration, 
the speed and power required for solid suspension is almost independent of gassing rate 


INTRODUCTION 

Both gas-liquid and particle-liquid dispersions in mech- 
anically agitated vessels have been much researched 
However, the suspension of solid particles whilst simul- 
taneously dispersing a gas in a liquid has received less 
attention, despite numerous applications in the process 
industries. These applications include various hydro- 
genations and oxidations, fermentations, evaporative 
crystallisation and froth flotation, etc 

The study of these three phase systems poses special 
difficulties. There are still a number of unresolved prob- 
lems in solid-liquid mixing and even for the simplest 
hydrodynamic parameter, the minimum speed for just 
complete particle suspension, N,,, and the associated 
power per unit mass, (€,)),, there is no universally agreed 
correlation. The same situation exists for gas dispersion 
processes and for the prediction of N,;, the minimum 
impeller speed to prevent flooding at a particular gassing 
rate, 1.e., the transition from the two phase flow being 
predominantly controlled by the sparged gas to the 
condition where the flow is controlled by the stirrer; and 
Ncp, the minimum impeller speed to disperse gas to all 
parts of the vessel. These uncertainties apply even to the 
most commonly used geometries for gas dispersion and 
solid suspension, i.e., Rushton disc turbines and axial 
downward flow, high pumping capacity agitators re- 
spectively. Thus, three-phase systems are having to be 
tackled before the simpler two-phase mixing problems 
are adequately resolved. 

Recent studies of three phase systems accentuate these 
difficulties. Agitators, not considered previously for 
either of the two-phase systems, appear to have excellent 
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possibilities in three phase system 
angled-blade agitators Thus botl 
have to be investigated with thes 
three-phase studies have shown that 
may offer advantages, there has been 


interest in other geometric variations, e.g 
These points have been compounded 
introduction of agitators with special 
features for two-phase flows, e.g., the < 
solid suspension and disc turbines with 
blades for gas dispersion 

To account for the above difficulties 
paper is divided into Firstly, 


well-tested Rushton turbine is reviewed 


two parts 


lationships are presented for both two and 


amount of 1 


systems Secondly unt if nev 
introduced for two other geometries whicl 

they are superior for three phase systems under 
conditions. The review is not intended 


| 


comprehensive but is built up from a coherent 
papers over about 16 years 
the experimental techniques used 


These papers g 


A SYSTEM FOR WHICH DESIGN EQUATIONS 
ARE AVAILABLE: THE DISC TURBINI 


Two Phase: Particle Liquid 


Particle Increases in agitat 
significantly enhance solid-liquid rate processes 
po:nt where all the solid surface is available 
ticipate. This speed is A The Zwietering cor 


generally accepted as the best for determining 


SUSPenSION 


the homogeneity of the suspension may be 
(for fine, low density particles) or very poor 
density particles). Also at Nj, the desired solic 
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time distribution may not be obtained’. The correlation 


1S 


N 5 = Sv*' d?* (gAp/p, f” x*”" D-™ (1) 


Whilst the Zwietering equation is best for predicting 
N}; for small scales of operation (say for vessels up to 
about 0.7m diameter), it tends to underpredict the 
power required on the larger scale. From equation (1), 
it can be shown’ that the specific energy dissipation rate 
(€7)), < D~°** on geometrically-similar scale up. How- 
ever, experimental work up to ~ 2m diameter suggest 
the relationship* (¢;),,0« D~°**. Equation (1) can be 
applied for systems with a size distribution if the mass 
mean is used’. 

S is a geometric parameter very dependent on system 
geometry. Values are available for disc-turbines’, 
paddles* and angled-blade agitators’. Good agreement 
between different workers’ has been found for disc 
turbines of different size and different clearance above 
the base for a square-cylinder geometry with 4 baffles. 
Large D/T disc turbines of low clearance above the base 
(about 7/5) are most energy efficient for this type. 
However, disc turbines require relatively high power 
inputs compared to axial flow types. 

Solid-liquid mass transfer. Two models have mainly 
been used; the terminal velocity-slip velocity theory and 
Kolmogoroff’s theory of isotropic turbulence. It has 
been argued in some detail that the slip velocity theory 
is preferable*. For this case, the mass transfer coefficient, 
ky;, at N = Nj, can be calculated for any agitator type 
from 


Sh =2+0 


where Re, = u,d,/v. u, is the slip velocity and, at Nj, it 
can be estimated from the still fluid terminal velocity’. 
the smali increase in mass transfer coefficient, k, at 
N > Nj. 1s rarely worth the increased energy costs since 
k & N”° whilst ¢; 0c N° 


72 Re!? Si (2) 


Two Phase: Gas-Liquid 
Gas-dispersion and power drawn. Figures la to 1c shows 
successive flow regimes with increases in agitator speed’, 
V: From N =0 to N = N;, (Figure la), a flow pattern 
dominated by the gas-liquid flow up the middle, i.e., the 
impeller is flooded; from N; < N < Nep (Figure 1b), a 
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Figure |. The flooding-loading-complete dispersion transitions for a 


Rushton turbine 


oP 
bcs 


‘ 7 


lo 


—d 


Ragged 
cavities 


Clinging *3- _ 
cavities structure 


_ Constant N 


Increasing Q 


Figure 2. Change in cavity structure at increasing gassing rate for a 
Rushton turbine 


flow pattern dominated by the agitator, horizontally out 
from the agitator; for N > Ncp (Figure Ic), a two-phase 
dispersion of gas to ail parts. Increases in gassing rate QO, 
at constant N lead to the opposite sequence of events. 
Alongside the changes in flow patterns indicated in 
Figure 1, there are changes in gas-filled cavity structure 
behind the agitator blades. Increases in Q, from Q, = 0 
at constant N up to the transition from Figures 1b to la 
generally lead to the following changes of cavity type, 
Figure 2: 
2(a) 6 vortex cavities®’; 2(b) 6 clinging cavities®’; 2(c) 
a “3-3” combination of alternate large and small 
cavities’; 2(d) when the transition from Figure Ib to 
Figure la occurs, 6 equi-sized ragged cavities form’. 
As the cavities change from Figures 2a to 2c at 
constant the power drawn falls. However, a step 
increase typically occurs at the point at which the 
transition to 6 ragged cavities takes place, Figure 3. For 
point spargers and small ring spargers, the gas flow rate 
which causes flooding is virtually independent of liquid 
height and whether the liquid is coalescing or not'’. No 
particular change in cavity structure is seen at N-p. 
However, if the plot of Po, versus Fl, (= Q,/ND°*) is 
made at constant Q, and increasing N, a minimum is 
found at Ncp, Figure 4. In this case, the minimum is 
somewhat sensitive to the degree of bubble coalescence 
and disappears at a high impeller clearance off the base. 
It becomes shallower at higher gassing rates. 
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Figure 3. P,/P with increasing speed for a Rushton turbine 
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An impeller clearance, C, of 1/4 is recommended? as 
this allows dispersion into the lower part of the vessel at 
a reasonably low power input whilst still maintaining a 
satisfactory level of agitation in the upper part of the 
vessel. For this configuration, N; can be calculated” 
from 

(Fl) = 30(D/T)> (Fr), (3) 
and Nc.» from” 
(Flo )cp = 0.2(D /T)* (Fr yes (4) 

The power drawn by the agitator at different aeration 
rates can be estimated from Figure 5 based on data from 
a wide range of experimental conditions and vessel sizes 
However, on the large scale at 


provided N > N,,’. 
typical gassing rates, N tends towards N; and P, ~ 0.5 P, 
with a weak dependence on Q,. 


Gas-iiquid mass transfer. Mass transfer coefficients ex- 
pressed as k,a are system specific. Traces of materials 
may considerably enhance k,a or reduce it. In general, 
soluble substances reduce k, from that of the pure liquid 
by collection at the interface but at the same time they 
repress bubble coalescence, thereby reducing the bubble 
size, directly increasing “‘a” as a result of this and of the 
increased hold-up. In addition, absolute values of k,a 
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Figure 5. Effect of scale on P,/P for a Rushton turbine 
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depend very critically on the method of measurement 
and on the assumption made for the gas-phase mixing 
model when unsteady state techniques are used'’. How- 
ever, on balance, it does appear that for a given gas and 
liquid and the same measuring technique, k, a is indepen- 
dent of agitator type and only dependent on gassing rate 
and power input (provided the gas is dispersed, i.e., 
N > N,). Indeed, it has been suggested’* that operation 
at N = N; is an optimum in that the mass flux per unit 
of power input (both from gas sparging and the impeller) 
is 4a Maximum at this point 


rhree-Phase Systems 
Gas-dispersion and power drawn. Suspension in two- 
phase systems is generally improved by reducing the 
impelier clearance above the base. However, in three 
phase systems, this may lead to instabilities'’ as indicated 
in Figures 6 and 7. The change in flow pattern at a speed 
N- > Ncp from a double loop to a single loop is accom- 
panied by a drop in power number (or Po,). However, 
at C = 7/4, no instabilities are found as shown in Figure 
7. Thus, this clearance is recommended, as it is also 

reasonably good for solid suspension 
Solid dispersion are both 
achieved at lower specific power inputs with large D/7 
ratio disc turbines. Therefore, it is to these that this 
section mainly refers. The effect of 
number", Po,, 


suspension” and gas 


solids on power 
is shown in Figure 8. It shows that, at 
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f clearance on gassed power number, Po 


0.5 vvm,t concentration has only a small effect on Po, 
provided that the particles are suspended, i.e., for 


V > Nj... However, at N < Nyc, the concentration of 


particles in the system has a very significant effect on the 
gassed power number. An explanation for this phenom- 
enon is the false base formed by the particles effectively 
reducing impeller clearance at low speeds. Figure 8 also 
shows the position of the minimum in the Po, versus Fl, 
plot which marks N-p. For low concentrations 
(X¥ < 15%), Nep is independent of concentration. How- 
ever, at the higher concentrations (Y > 15%), Nep 1s 
achieved at lower speeds, 1.e., higher F/,,. In these cases, 
at N-p. the particle bed is so close to the impeller that 
gas is easily dispersed and the overall liquid flow pattern 
tends to the single flow loop normally found with low 
clearances and their associated lower power numbers, 
Figure 6 

As particle bed heights diminished with increasing 
speed, so all the power number versus flow number 
curves converge in spite of the fact that Po, is based on 
the liquid density, i.e., the effect of solids on Po, (and 
Po) is considerably less than might be expected from the 
increase in mean density. It can also be inferred that the 
presence of solids has little effect on gas cavity formation 
at these concentrations. 

Ai very high solids concentration (>40% by weight 
or >30% by volume glass Ballotini), the power drawn 
is independent of the gassing rate’? as it is in high 
viscosity viscoelastic fluids’®. The remainder of this paper 
is only applicable to solids concentration less than this. 
However, for these lower concentrations, equations (3) 
and (4) and Figure 5 still apply. 


Gas-liquid mass transfer. Solid particles may affect bub- 
ble size (and therefore surface area and hold-up). They 
may also affect interfacial resistance to mass transfer. 
Increases in effective viscosity should lead to increased 
bubble sizes and reduced a and also possibly k, ; small 
particles may collect at bubble surfaces reducing co- 
alescence and enhancing a but increasing resistance and 
thus reduce k,; large particles may disrupt bubbles 


is the specific gassing rate in (volumetric flow rate of 
minute)/volume of liquid in the vessel. It is expressed here in this 
) reasons. Firstly, it compensates for the effect of scale of 
Secondly, values of 1/4 to about 2 vvm are commonly used 


in fermentation and are easy to remember 
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Figure 8. Effect of particle concentration on gassed power number for 
a Rushton turbine 


thereby enhancing coalescence (thus reducing a) whilst 
increasing k,. The effect will depend on the wettability 
of the solids and other characteristics, e.g., porosity. 
Recent works have reported large increases in k,a'’; no 
significant change in hold-up or k,a"*; and reductions 
(up to about 40%) in k,a’’. There is much more work 
to be done. However, it is clearly desirable that a method 
should be used for determining k,a which eliminates the 
need to make assumptions about the gas phase mixing 

Solid-suspension. Experiments by Chapman et al” cov- 
ered a wide range of solids size, density and concen- 
tration. They showed that the minimum suspension 
speed under gassed conditions, Njs,, is related to them 
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Figure 9. Gassed particle suspension data for D 
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in a very similar way to that implied by equation (1). 
However, density is slightly less important, i.e., 


Nyc XK Ap” - 


The introduction of gas into the impeller causes a 
decrease in the impeller pumping capacity and therefore 
in the liquid flow at all points in the vessel including the 
base. Thus, when this happens, some solids are deposited 
on the base and an in speed, AN;, 
(= Njs, — Njs), 18 required to resuspend them. For par- 
ticles of density from 1200 to 2900 kgm °° and of size 
from 80 um to 2800 um at concentrations up to 30% by 
weight in liquids from | to 5 m Pas. Figure 9 shows how 
AN, is related to gassing rate in vessels from 0.29 to 
1.8m diameter, i.e., Nj, = 0.94 Oy, where Nyc, in 
revs ' and Qy, is in vvm". For the solids noted above. 
and the gassing rate indicated in Figure 9, N,.. > N 


increase 


1S 


Sg CD 


Solid-liquid mass transfer. Nothing has been reported on 
this. The use of equation (2), the terminal velocity and 
the enhancement factor suggested for solid-liquid sys- 
tems is recommended to be applied at N = Nyx,. How- 
ever, it may overestimate kj., since it has been shown 

that in solid-liquid systems highly aerated due to surface 
aeration, the mass-transfer coefficient is less than it is 
expected to be, probably due to a sort of 


“vapour- 
blanketting”’. 


IMPELLER-VESSEL GEOMETRIES FOR 
WHICH DESIGNS CANNOT BE 
PRESENTLY FORMULATED 
Solid-Liquid System 
There is a reasonable amount of information on solid 
suspension with 45° angled blade agitators pumping 
downwards. These are considerably more energy 
efficient than disc turbines. In baffled right cylindrical 
vessels, 6 blades are more efficient than 4. Contouring 
the base to reduce dead zones considerably reduces the 


Table 1. Data for water—air—0.1'‘ 


Disc 
SRS 


Turbine 


LRS 


s 
5 


‘ 
| 


SRS—small ring sparger, 0.54D; LRS 
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alnouUNI 


ij 


6 Blade 45 


SRS 


speed and power required for particle suspension. Posi- 
tioning axial flow agitators in draft tubes (if done 
without causing constriction to the flow) reduces the 
speed required to suspend particles. More measurements 
of power need to be 
unsuitable 

Our recent work 
agitators of D/7 


made Conical! bases are very 


on upward pumping angled blade 
1/2 and with 6 blades shows that they 
can be more energy efficient for particle suspension than 
disc turbines (see Table 1) 


Gas-Liquid Systems 
Previously published work has shown that increasin 
the number of 
which the gassed power falls with increasir 
at a constant impeller speed and a higher ra 
needed before flooding occurs. The same can be done by 


y 


t 


blades on the disc reduces al 


lo oO 


assing rate 


t 


gas rate Is 
making the 6 blades semi-circular, concave-forwards in 
cross-section”. Sparger design is relatively unimportant 
unless of diameter greater than the impeller 

A downward pumping impeller at a clearance of 7/4 
produces a strong recirculation in ungassed systems 
from the impeller tip and back. However, there is also 
a weaker flow which is important for gas dispersion 
(Figure 10). Clearly the interaction between the sparged 
gas and the flow pattern depends very much on whether 
sparging is by pipe sparger into the centre, i.e., into 
upward flow; or into the outer region by ring 


in 


into a downward flow. In general, the overall 
is downwards near the base and therefore 
distinct chance for instabilities to occu! 


1.€., 


Instabilities are most marked for central pipe sparging 
into small D/T ratios (1 4 blades 
Figure 10 shows the flow patterns and Figure 11, the 
change of gassed power with increasing agitator speed 
However, if a D/T of 0.4 to 0.5 with 6 blades and a ring 
sparger hen 
stable~’, see Figure 12 


3rd or less) with only 


id 


is used, t the dispersion is much more 


Nevertheless, at agitatol 
(440—530 un 


4) 


(Dowt ) 
LRS 


4 
U.6a4 
0.67 


U.UU0S 


t) ve 


0.095 
46 
0.55 
6.9 
1.40 


large ring sparger, 0.85D 
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Table 2. The percentage torque fluctuations (expressed as power) compared to its time averaged value 
(T =0.45m; D = 7/2; ¢ T/4) 
Gas flow Disc Turbine 6 Blade 45 (down) 6 Blade 45° (up) 
rate (vvs) 2 kg 0.5 W/kg 0.2 W/kg 0.5 W/kg 0.2 W/kg 0.5 W 
16 14 Y 
51 17 12 


20 15 10 


speeds or high sparging rates, the gas enters the impeller 
region (directly loading) whilst at high impeller speeds or 
low gassing rate, the gas is flushed away from the 
impeller and it only enters it after some recirculation 
(indirect loading)**. Thus these effects plus the natural 
opposition of impeller pumping direction to gas-liquid 
flow inherently leads to either gross instabilities of flow 











pattern which give large, low frequency torque oscil- 


je Strong | lations; or alternatively, to smaller (but greater than with 
ow 2 7 
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Figure 10. Flow pattern with 45° pitch blade agitators pumping 
downwards sts ' 
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Figure Torque instabilities with 


agitators pumping downwards 
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Upward pumping 
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Figure 11. Gross instabilities with 7/4, 4 blade 45 pitched blade Figure 13. Small effect of gassing rate on Po, with 7/2, 6 blade 45 
agitators pumping downwards agitators pumping upwards 
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6 Blade, 45° pitch 
Upward pumping 


Figure 14. Clinging and large cavities on a 45° pitch blade agitator 
pumping upwards as seen from below 


other agitators) high frequency torque fluctuations (see 
Table 2). 

Upward pumping impellers are inherently more stable 
and again large D/T ratios with 6 blades are best. Figure 
13 gives an example*’. The insensitivity to gassing rate 
should also be noted'***. Again the sparger choice makes 
a considerable difference and a sparger of the order of 
size of the impeller allows gas dispersion at the lowest Small ring sporger 
power inputs~’ (see Table 1) and with low torque 
fluctuations (see Table 2). It also leads to higher hold up 
at a particular gassing rate and power input. 








V2 





Figure 16. Effect of gassing t 
agitator (i% 480 um Ba 


The gas filled cavity structure goes thr 
changes with angled blade agitator 
disc turbines. Figure 14 shows examples that 
alent to clinging/vortex cavities (depending on 
6 Blade, 45° pitch tive sizes) and large cavities. However, in the | 
it should be noted that all cavities are of t 


Downward pumping 
Ragged cavities are not usually observed 


Three Phase Systems 

Downward pumping agitators with six blades suspend 
solids at lower energy dissipation rates than other types 
at low gassing rates (see Table 1). In terms of | 
demands, both large and small are somewhat similat 
the extreme sensitivity of small agitators (D/7 
to gassing rates which leads to a catastrophic k 
solids suspension makes them unsuitable. Ho 
large D/T ratios (0.40.5) do not have gross instabiliti 
and particle suspension efficiency is good. The cha 
Njs, and (€);s, is Shown in Figure 15. Surprisingly, small 
amounts of gas introduced by ring sparger lead t 
reduction in Nj¢. 

Upward pumping agitators, D/7 tremely 
stable in gas dispersion (see Tables | and 2). In addition 
both agitator speed and power drawn are for suspensiot 
a. a¥¥m aimost independent of gassing rate, Figure 16 
vG it is hoped to produce design relationships for these 
Figure 15. Effect of gassing rate on N,,, and (é,),., with a downward agitators, Intermigs and other novel agitators in the 
pumping agitator (1% 480 um Ballotini) present research programme 
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CONCLUSIONS 

Much work has been done on Rushton disc turbines 
and a set of reasonably accurate design relationship are 
available for two and three phase systems. 

There are considerable advantages in using angled 
blade agitators for gas and three phase dispersions in 
that less power or greater stability may be achieved. 
However, the interactions with sparger type is much 
more complex than with disc turbines and more work is 
necessary before optimum geometries have been deter- 
mined and design relationships are available. 

No work is available on the effect of the presence of 
gas on solid-liquid mass transfer; the effect of solids on 
gas-liquid mass transfer has shown the problem to be 
complex and directly conflicting results have been 
reported. More work is required. 


NOMENCLATURE 
of gas bubbles/unit volume of dispersion (m 
er clearance above the base (m) 
er diameter (m 
IsivitV (m~Ss ) 
particle size (m 
sas flow number = Q,,/ND° (dimensionless 
N-D/g (dimensionless) 
constant (9.81 ms ~~) 
iquid mass transfer coeffici 


f 


x 
n fer coeiicient (s 


mass trans 
r speed (rev s 
V.. (rev s 

agitation speed required to 
rticles under gassed condi 
r drawn by impeller (W) 


mber (dimensionless 


C C 


(dimensionless) 
(see equalior 


equation (1) (dimen- 


esse: diameter (m) 
particie-fluid sip vek 


umetric flow rate of gas/minute)/(volume of liquid) 


r ant Y ] ™m > mM f | | 
concentration ¢ lid—mass per mass Of liquid x 1UU 
limensionless) 


rate (W kg ) 


nean energy dissipation rate required to just suspend 


energy dissipatior 


the particles under gassed conditions (W kg 
namic vISCOSIly (Pa S) 
kinematic viscosity (m*s 
nsity of liquid (kgm 
of solid (kgn 


(kgm~°) 


gassed conditions 


at which impeller just dispersed gas throughout 


ion at which impeller is flooded 
> speed at which solids do not spend more than | to 


on the bottom when observed 
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HYDRODYNAMIC BEHAVIOUR OF PACKED, 
ROTATING DISC AND KUHNI LIQUID/LIQUID 
EXTRACTION COLUMNS 
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Dispersed phase hold-up and drop sizes have been measured at various phase flow rates and rotor speeds for three liquid-liquid 
extraction columns and two dissimilar liquid-liquid systems. An experimental programme was undertaken to establish 
performance comparisons under realistic operating conditions for a Packed Column, a Rotating Disc Contactor and a Kiihni 
column. The system water/succinic acid/n-butanol was used for its low interfacial tension and water/iso-butyric acid/cumene 
was chosen as a medium interfacial tension system. 

he data obtained with each column and further data from the literature have been used to examine the value of characteristic 
velocity as a unifying concept in the understanding of column hydrodynamics. The deficiencies of existing relationships between 
slip velocity and hold-up are highlighted and an approach based on the Richardson and Zaki equation originally derived for 
fluidization and sedimentation of solid particles is proposed for further study. 

The relationship between characteristic velocity and the terminal velocity of a single drop is examined. For the low interfacial 
tension system (n-butanol) undergoing only mild agitatien in columns the average characteristic velocity is close to the average 
terminal velocity. For the mediuin interfaciai tension (cumene) system and vigorous agitation the average characteristic velocity 
is close to the average terminal velocity multiplied by a geometrically determined constriction factor, C,. The ratio of 
characteristic to terminal velocities appears generally to reduce from a value of 1.0 as drop motion suffers more hindranc« 
due to increasing agitation or according to increasing drop size/packing size ratio. 


INTRODUCTION OBJECTIVES 


In solvent extraction columns the relationship between This paper is concerned with th 
mass transfer and hydrodynamic performance is com- hydrodynamic data obtained 

plex and there are many types of column each requiring ditions of practical interest 

a special understanding. Numerous experimental studies examine character 

of dispersed phase hold-up, drop size, mass transfer and between column 


mixing behaviour within columns have been reported [he present data covet 
Very few of these investigations, however, have gener- conditions to allow factors 
ated comparable data for different column types. In transfer, agitation and 
particular, they give limited guidance as to the type of for their influence 
column most likely to be best for a given liquid system Concurrent measure 
Furthermore, the choice of liquids for laboratory work minal concentrations and concentratio 
has often covered a restricted range of important phys- taken whenever it was feasible and appropr 
ical properties such as interfacial tension. The present The mass transfer dat 
work was carried out as part of an experimental pro- transfer coefficients, axial mixing al 
gramme proposed to improve this situation the subjects of future publications 
Three columns were chosen for investigation with two together these papers will allow usefu 
liquid-liquid systems. The criteria for column selection three columns 
were that they should be representative of some of the 
main types used in industry, enable comparison between 
simple gravity operation and mechanical agitation, and 
show a distinct variation in mixing intensity. On this General 
basis a packed column (simple gravity), a rotating disc Laboratory safety required electrical wi 
contactor (RDC, representing mechanically agitated 2 standard. In view of the mild toxicity of n 
columns with low shear) and a Kihni column’ (mechan- cumene, storage tanks were kept covere 
ically agitated with high shear) were chosen. laboratory ventilation was maintained 
The main difference between the liquid-liquid systems tests for n-butanol and cumene always sh« 
which were selected was interfacial tension which was conditions well below their TLVs of 
regarded as the primary characteristic of each system. 50 ml m~*, respectively 
Thus, the system water/succinic acid/n-butanol was used Stainless steel solvent feed tanks (5201) wer 
for its very low interfacial tension while water the early failure of high density polyeth 
iso-butyric acid/cumene was chosen as a medium inter- containing n-butanol. Viton pump impellers 
facial tension system. resin casing with carbon seals proved satista 


EXPERIMENTAI 
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Figure |b Schematic diagram of rotating disc contactor 














Figure \c Schematic diagram of Kiihni column 
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Table }. Column dimensions in mm 


Packed Kihni 
Diameter 152 5 152 
Packing Size 25 
Stator 
Rotor diameter 
Rotor height 
Plate thickness 
Compartment height 
No. of compartments 
Working height 
Free area (C,) 


n-butanol work which also used Loctite glue in the pipe 
joints. Valves and pipework were of stainless steel 
throughout. In the subsequent programme with cumene 
15mm thin walled stainless steel tubing was used with 
Stainless steel compression fittings, and pumps were 
replaced with stainless steel lobe pumps. Cumene is an 
aggressive solvent and to avoid contamination the mate- 
rials of construction were restricted throughout to stain- 
less steel, glass and polytetrafluoroethylene (PTFE). 

Inlet and exit column flows were measured by cali- 
brated rotameters. In work where there was solute 
transfer the processed liquids were treated between runs 
to restore them near to their original condition before 
commencing the next experiment. Phases were not im- 
mediately recycled in case this resulted in an accumu- 
lation of very small entrained drops. 

All experiments were conducted with the aqueous 
phase continuous and the organic dispersed. Solute 
transfer from the aqueous phase was considered to be 
extraction. In both systems the solute concentration in 
the organic phase was subsequently reduced by stripping 
(back extraction) with a suitable aqueous phase. In the 
case of the cumene system fresh deionised water was 
used to strip the loaded cumene and then further iso- 
butyric acid was added to prepare the water for the next 
extraction run. The aqueous raffinate from the column 
was discharged to waste in mass transfer experiments 
with cumene but the partial miscibility of n-butanol in 








Solvent Iintet 


BEHAVIOUR-L/I 


Distr: 


EXTRACTION COLUMNS 45 


water precluded this for the n-butanol system. Instead, 
the aqueous raffinate was treated with a strong base 
macroporous anion exchange resin to remove residual 
succinic acid and the resulting aqueous phase used to 
strip the solvent phase. Addition of succinic acid to this 
solution made the next aqueous feed. In this way the 
succinic acid was cycled between the phases and exces- 
n-butanol 


sive losses in the 


aqueous stream were 
avoided. The laboratory temperature was maintained at 
18—22°C 


Columns 


Each column 152mm diameter glass with a 
working section height of about 1.8m 


Was 
The principle 
dimensions and information on the internal geometry 
are summarised in Table | and diagrams of the columns 
are shown in Figure |. Details specific to a column are 
given in the following descriptions 


Packed Column 

[his was a randomly packed column containing ce 
ramic Raschig rings (25mm). The aqueous phase inlet 
comprised two T-pieces to give a horizontal H-shaped 
distributor on top of the packing. Details of the solvent 
phase distributor are given in Figure 2. The nine outlet 
tubes of the distributor were flattened to pass through 
the slots in the glass packing support plate. They pro- 
truded about 20 mm into a single layer of 51 mm ceramic 
Raschig rings placed in a regular pattern in an upright 
position. Care was taken to ensure that uncharacteristic 
cavities did not exist below the sample points which were 


already in situ. The design of the samplers which were 


used in each of the columns is given in a future paper 
concerned with mass transfer behaviour and measured 
axial concentration profiles 


Rotating Disc Contactor 


The stators were supported by three equally spaced 


sets of rods of 6.35 mm diameter. A spider bearing was 


a 


butor 


Figure 2 Solvent inlet distributor and packing support plat 
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situated approximately halfway down the column. The 
coiumn free area was maintained at the spider by a small 
change in the dimensions of the stator plate. The spider 
id not lead to premature flooding or other problems. 
Che inlets for the organic and aqueous feed streams 
were plain tubes of 14mm internal diameter. The feed 
streams were introduced in a horizontal plane and in the 
tion of rotation of the rotors so as to minimize 

ice to flow 


Kuhni Column' 
he stators were perforated plates containing 27 holes 
diameter and a central hole of 30mm. The 
rs were shrouded turbine impellers. Three vertical tie 
7mm diameter held the plate stack together. 
lhe aqueous feed was introduced in a horizontal plane 
the direction of impeller rotation by means of a plain 
ibe of 14 mm internal diameter. At the solvent inlet this 
procedure was also adopted but only for n-butanol: with 
cumene it caused drops to build-up under the first stator 
late. The solvent distributor for the cumene work was 
-d therefore, to a three-tube inlet into the first 
blocking three of the stator holes. In 
» give better drop formation Teflon inserts were 
in the 14mm tubes to give outlet diameters of 


Liquid Systems 


actors which led to the choice of water/succinic 
n-butanol and water/iso-butyric acid/cumene as the 
most appropriate systems have been reviewed in 
detail elsewhere’. For present purposes, it 1s sufficient to 
note that water/succinic acid/n-butanol comprises mutu- 
lly soluble binary pairs and the distribution coefficient 
the acid is near unity. In contrast, the cumene system 
bits almost complete immiscibility and a curved 
juilibrium line, which for the concentration range 
gradient of 3:1 for sol- 
quilibrium data are available for the 
and the cumene system’. Densities, 
scosities and interfacial tensions are given in Table 2 


an average 


n 
r 
[ 


aqueous 


-Dutanol system” 


h 
| 1} pnases 


Dr M. J. Slater on request 


During experiments with cumene when there was no 
iss transfer the phases contained solute at equilibrium 
for the packed column 64.4g1°° iso- 
butyric acid in cumene and 27.7 g1 ‘ in aqueous, for the 
RDC 728g! and 299g] and for the Kuhni 
81.5g1 ‘and 31.8 g1 These were the nominal concen- 

tions obtained at the end of a set of runs. For the 


n-nitan 
Li Uldli 


ncentrations 


ol runs in the absence of mass transfer the 
equilibrated phases always contained some succinic acid 
and for calculation purposes the average solute concen- 
tration was taken as 6.1% w/w in n-butanol. 


Procedure 


[he column was filled with aqueous phase before the 


vent flow commenced. Rotameters on the lines to and 


om 


the column enabled accurate flow settings and 


adjustments to be made thus ensuring that balanced 
flows were rapidly achieved and then maintained. Typi- 
cal run times were of the order of 40-60 min. 

In mass transfer work, these times were confirmed as 
adequate by limited measurements of the axial concen- 
tration profile taken at intervals until successive results 
agreed. 

The controlled variables were flow ratio and total 
throughput in the case of the packed column. Speed of 
rotation and total throughput at fixed flow ratio were the 
variables set for the agitated columns. The measured 
parameters were dispersed phase hold-up, drop size and 
solute concentration. 

In the Rotating Disc and Kiihni columns the method 
chosen for measuring the total volume of drops in the 
working section was to record the position of the 
interface before and after simultaneous shutdown of all 
flows to and from the column. After shutdown the 
volume registered between interface positions was deter- 
mined by recording the time taken to restore the inter- 
face to its pre-shutdown level by pumping fresh aqueous 
phase into the column at a known constant rate. The 
shutdown method was also adopted with the packed 
column. In this case, however, unlike the other columns, 
it also proved practical to withdraw large samples of 
dispersion quickly from the packing at the six points 
along the column. The average hold-up of these local 
on-line samples provided a second determination of 
hold-up 

In using the shutdown technique care was taken to 
dislodge drops trapped in the column internals by briefly 
revolving the rotors or by the action of the aqueous flow 
used to restore the interface position. The dispersion 
band (up to 200 mm thick typically) was controlled close 
to the top of the working section to minimise the 
non-representative settling region immediately above the 
working section. 

Drop sizes were determined by direct photography 
through the glass wall of the column. The camera was 
a Pentax MX with a Pentax SMC Macro 4/50 lens and 
a 56mm extension tube. A flash gun was placed at the 
side of the column at 120 —135 to the camera. Parallax 
errors due to the curvature of the column wall were 
insignificant for this close-up photography (proven by 
photographing a scale inside and outside the column at 
the same distance). The focal plane was just inside the 
column 

For the n-butanol system photographs were analysed 
manually to determine a Sauter mean (d,,) drop size. In 
work with the cumene system, it was possible to speed 
up the analysis of the photographs through the courtesy 
of I.C.I. Corporate Labs., Runcorn. Their Vickers ‘Mag- 
iscan Image Analyser enabled the photographic nega- 
tives to be processed in a semi-automated way to obtain 
drop sizes. Analysis of photographs is continuing using 
a variety of techniques 

It was established that there was a discrepancy in drop 
sizes between those measured from photographs of 
drops leaving the packing compared with drops within 
the packing (strictly, they are between the packing and 
the column wall). It was decided to restrict photographs 
to the packed region. With regard to the RDC, drops 
were photographed in the immediate vicinity of the 
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stator, at the rotor discharge level and above and below 
the rotor. Typically, in experiments without solute trans- 
fer, photographs were taken in four compartments and 
for present purposes an overall d,, was calculated. The 
drop sizes reported here for the Kihni column are based 
on photographs taken at four different positions within 
compartment 13. 


GENERAL CONSIDERATION OF 
HYDRODYNAMIC BEHAVIOUR OF COLUMNS 
Characteristic Velocity 

The slip velocity (V,,,) under conditions of counter- 
current flow is defined as the sum of the linear velocities 


of the dispersed and continuous phases 
column without packing 


Thus for a 


The slip velocity under the limiting condition of 


substantially zero hold-up is a characteristic velocity V 
bearing some relation to the velocity of a single drop 
moving under the constraints imposed by the internal 
design of the column. Experimental work on different 
types of column has shown that the slip velocity is some 
function of hold-up such that V,,, equals V, at zero 
hold-up. The most widely used expression is a simple 
empirical equation attributed to Pratt®, that is, 


VV. = V,(i—x) (3) 


This relationship has been examined for a number of 
commercial column types, for example: packed column’, 
spray column’, pulsed packed column’, rotating disc 
contactor’, and pulsed sieve plate column 
Characteristic velocities are determined 
mentally from hold-up data usually plotted as 


[Vi+V.x/U 


experi- 


v)] vs x(1—x) 


and described by straight lines through the origin (0.0) 
for x < 0.2. The slope of these lines is V,, or eV, in the 
case of a packed column. Refinements to account for the 
effect of column geometry on the velocity of the con- 
tinuous phase have been suggested for the rotating disc 
contactor but the data are questionable’’. Misek'*'? has 
proposed a relationship of the form 


Vy. = Uy (1—x) exp (Bx) (4) 


where B is suggested to be a measure of drop coalescence 
in the system and U, is another characteristic velocity 
Various other relationships have been proposed 

The concept of characteristic velocity is a unifying 
element in the understanding of column hydrodynamics 
Empirical correlations based on dimensional analysis are 
available for the determination of V, in many cases. It 
must be remembered, however, that usually these equa- 
tions are based on measurements in the absence of solute 
transfer and are only valid for the prescribed range of 
physical properties. A better understanding of the char- 
acteristic velocity is sought in this work. 
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Drop Size and Characteristic Velocity 

The factors which govern drop size depend o1 
of equipment which is to be used and the pr 
the liquid system employed. Changes in di 
drop size distribution often occur over the 
column as a result of coalescence, alterations 
properties or progressive size reduct 
Such changes have been reported for packe¢ 
for example. Drop 


often encouraged by mass transfer out of di 


and spray columns 


continuous phase (stripping in the present 
enhanced by high hold-up (> 20 
tension 


It is not surprising therefore 


general theory from which to estimate 

though for agitated columns the work of K 
and Hinze 
provided a starting point. The 
ISLIC velocity, 


on isotropic homogeneous 
link bet 
drop size and dr 
discussed here since the last can be calcu 
sured for a given drop size and liquid 
internal circulation state of the drop ts ass 
mentally with single drops 

For packed columns Gayler and Pratt 
equation 


d 


where 
d ().92 { 


The drop size d;, is sometimes 1 
teristic drop diameter. The drop size 
a terminal velocity assuming rigid dr 


the authors’ provide 


relates this terminal 

relation it may be shown t 

as the ratio of drop size 

a critical value. There 

(5b) may be adopted f 

other types of column 
Drop sizes for 

literature data 

and for d 


d 3.60 


Strand, Olney 
RD¢ 


V V.C, 


where C, is the constrict 
tional free area for flow (1 
plane at the stator level) and 
be calculated from 


Misek 


terminal velocity of rigid drops, whic! 


in work on 


region of the drag coeffi 
be estimated approximatel) 
J 0.249 d(g-Ap 
For very small drops with 
Stokes’ law. He then puts | 
Fischer’s drop size correl 


ameter Kuihni column may 
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system properties; 
4 


D 2.75(N Dp 


3 (ND? p./u.)~** 


11.0 
1.0 + —~—-—- - (1 + 2x) 
n’“(N*D p./y) 


0.012 N/m, 30% free area, and 


30 (N Dp 


| 1.0+ ‘ —~ 2 (9b) 


for y > 0.012 N/m, 30% free area, and n plates. 

Both these correlations are for no mass transfer 
conditions. Correlations for V, are not available for the 
Kuhni column. 

It is considered that rationalization of these ideas is 
required, calling for measurement of drop size and 
characteristic velocity, calculation and measurement of 
terminal velocities for the chemical system used, then 
comparison of terminal and characteristic velocities. 


RESULTS AND DISCUSSION 
A listing of the observed hold-up and drop size data 


is given in Tables 3 to 9 inclusive. Figures 3, 4 and 5 
show typical plots of hold-up data. 


Packed column-V, 


Assessment of hold-up characteristics for the cumene 
system is based on data collected by the shut-down 
technique although these values were always slightly 
higher than the average of the values obtained from the 
local samples. It is interesting to note that the local 
hold-up samples indicated that there was a region of 
maximum hold-up in the middle sections and noticeable 
depletion at the top of the packing. The hold-up results 
used for the determination of characteristic velocity with 
the n-butanol system were the averages of local samples 
taken axially. The justification for this different ap- 
proach was that there were difficulties in controlling the 
dispersion band close to the top of the packing with the 
n-butanol system and it was felt that an average of loca! 
samples therefore gave a more reliable result. 

Che standard plots for determination of characteristic 
velocity, as exemplified by the straight lines through the 
origin (Figures 4 and 5) for the RDC and Kihni 
columns might appear satisfactory and characteristic 
velocities can be evaluated from their gradients. The 
data are given in Tables 3 and 4 and derived results in 
Table 5. For both systems it is evident that the direction 
of mass transfer influences V ass transfer out of 
drops is believed to result in larger drops and this would 
accord with the higher /, found for stripping. The linear 
region of the plot extends to x ~ 0.20 for both systems 
and constant characteristic velocities seem to apply up to 
this point. The Gayler and Pratt equation for V,” 
(packed column) has been evaluated here using calcu- 
lated drop sizes and terminal velocities determined either 
according to Gayler, Roberts and Pratt®, a method 


Table 3. Hold-up data and drop sizes for packed column 


butanol/succinic acid/water 


Continuous Dispersed 

phase phase (sample 
F F, average) 

1/min 1/min x 


Hold-up Hold-up 
(column 


average) 


3.90 1.95 0.09 

7.30 3.65 

8.20 4.10 

8.00 4.00 

3.00 3.00 

5.00 5.00 
50 00 55 160 
00 50 276 
00 50 2 219 
00 00 327 

3.00 00 3 283 
00 7.00 
50 50 5 529 
50 5.00 525 1.524 
5.00 50 53 (0.443 
RR 5.25 

5.00 00 163 556 

50 00 688* 

80 8.70 0.66* 

50 00 0.503 

50 00 0.480 

50 5.00 0.267 


HAN WWUNYN 


IAwNw S 
NM wh Ww w 


182 
112 
148 
102 
264 
0.100 
0.090 
194 
541 


a) 


AwWwiwewenen DW w 
rw 


E Extraction S Stripping 


*Flooding 
x, = hold-up determined at shut-down of column 


Table 4. Drop size and hold-up for packed column 
cumene/iso-butyric acid/water 


(This table is available from Dr M. J. Slater on request) 


Table 7. Data for the RDC for the cumene system 
(This table is available from Dr M. J. Slater on request) 


Table 9. Data for the Kihni column: cumene/iso-butyric acid/water 
(This table is available from Dr M. J. Slater on request) 


which assumes rigid drop conditions, or terminal veloc- 
ities calculated from the correlation of Grace, Wairegi 
and Nguyen” for circulating drops (Table 5). Neither 
assumption gives a satisfactory result nor do calculations 
take into account the differences observed in the pres- 
ence of mass transfer. 


Agitated Columns-V , 


In order to accommodate the additional variable of 
rotor speed, the experiments on the mechanically agi- 
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Table 5. Packed column: Comparison of velocities: n-butanol 


Expt da, 


a es OG 
08 Va Ve Vm VH* OF+ V,t 
conditions mm 


mm/s mm/s mm/s mm/s mm/s mm/s mm/s 


No mass 
transfer 14 26 42 
(6% solute) 
Extraction 47 
42 
Stripping 46 


umene 


No mass 

transfer 34 5 101 

(with solute) 

Extraction 34 114 
34 103 
34 98 

Stripping 40 


(105) 
(100) 


dat x <0.2 
*Based on J \ 
+Based on } 
tBased on V,/(1 
§Based on V._/(1 


in presence of \ Gayler, Pratt 
Pa : 

f solute J equations 

v)+ Vg/x =eV, (Il — x) 

r)+ V,/x =eV,(1 x) 


tated columns were limited to a flow ratio F,/F. of unity 
for work with n-butanol and 1/3 for the cumene system. 
The effect which rotor speed had on the characteristic 
velocity determined for the RDC is apparent from 


Tables 6 and 7. Figure 4 shows the effect of direction of 


mass transfer for the butanol system. The trends are as 
might be expected. Empirical correlations for V,, for the 
RDC have been given by Logsdail, Thornton and 


Pratt’, Kannappan'', Laddha and Degaleesan’’, Marr”, 
and Kamath”; none of these gives reliable predictions 
for both systems and they do not assist with basic 
understanding. 

The experimental values of V, for the Kiihni column 
are summarised in Tables 8 and 9. In general, character- 
istic velocity decreases with increasing rotor speed (Fig- 
ure 5). In the Kihni column, however, this trend only 
becomes established above a rotor speed of approxi- 
mately 37 min’ for the n-butanol and 75 min™' for the 
cumene system. There is also an indication that this 
threshold is increased to 50min™' and 100 min™' re- 
spectively when mass transfer is out of the drops. At 
rotor speeds below the threshold vaiue, the characteristic 
veiocity is remarkably constant. The data for the Rotat- 
ing Disc Contactor are rather less well-ordered and 
certainly for the cumene system do not show a plateau 
in characteristic velocity within the range of rotor speeds 
which were used 


Drop size Predictions 

For the packed column equation (5b) for predicting 

drop size may be examined. It gives a reasonable predic- 

tion of the minimum drop sizes observed within the 

packing for cumene but not for butanol 
a finite hold-up are not adequately 


The effects of 
represented by 


equation (Sa) as can be seen from Figure 6 for cumene 


Table 6. Data for the rotating disc contactor for the n-butar 


Rotor 
Run speed F 
No min 


Hold-up d, 
l/min x mm 
15 0 
19 
17 
16 


0.068 
100 
145 


ADWUOUCGUGCUWoOUSCW 


an 


PUA Rh aWWNWNNN — WWWNkWWNN KK PWwWN WwW NN 


expt expt 
V 


mm/s mm/s 


.< IR 


denotes extraction 
S denotes stripping 
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Table 8. Data for the Kiihni column: butanol/succinic acid/water 


Rotor Expt 
speed Hold-up 2 V Pi: Fe V. 
min ' mm/s mm/s mm mm/s 


31 


Aree Nw bd w 


A wh w 


I+& 


0.510 


E denotes Extraction 
S denotes stripping 


Correlation of the results for the n-butanol system is Drop sizes for the Kthni column (Tables 8, 9) are 
marginally better but st:ll unacceptable (data in Table 3). adequately represented by equations 9(a) and 9(b), and 
Drop sizes for the RDC (Tables 6, 7) are reasonably 5(b) at zero rotor speed. 

represented by Strand’s correlation’ and by the new 

equation (6) but there is considerable scatter in the 

data~. Equation 5(b) gives slightly lower values than 

observed for the mild agitation conditions used for the 

butanol system. 





\ 


Vin 21(1-xcf 


\ 
| 


} 
| 
| 
} 


| 
Vsie=30(1-x)- | XVsig@20x(1-x) _// 


f 


, J fo) 
ae 

(A Nesey = 2x (1 =x)" 

p WZ XVeii0 x(1-x 


4 Strip 
O No mass transfer 
@ Extraction 





A 


010 0.20 


x(1-x) 





Ye Superficial velocity of continuous phase (mmis) 


Figure 3 Hold-up characteristics in the absence of mass transfer: RDC Figure 4 Plot for determining characteristic velocities for RDC at 
n-butanol system 50 min~': n-butanol system 
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xVsip Exit -x)° 


/ 
x Vsiip *35x(1 -x)? i / 
r a 
3 ft. / / 
x Vshp «31«(1-x) / if 


q x Vsinp “17x(1-x) | 


N min! Vo mmis Vimmis 
1 31 3s 


21 5 
17 8 


x(1-x) 


Figure 5 Plot for determining characteristic velocities for Kuihni 
column: cumene/iso butyric acid/water: stripping conditions 


Deviations of experimental results from predictions 
are of the order of + 25%. 


Relationships between V’,, terminal velocity and drop size 


The dependence of drop terminal velocity on degree of 


circulation within the drop is a relevant factor especially 
for low interfacial tension systems. Experimental mea- 
surements of terminal velocity of drops in an empty tube 
(51 mm) using liquids containing no solute and solute 
undergoing extraction were made (Figures 7, 8). Grace’s 
equations” for partially contaminated systems (circu- 
lating drops) and Misek’s equation (8) for rigid drops are 
shown for comparison with data 

For the packed column the use of d}, to calculate V 
and V, is not satisfactory. The use of measured drop 
sizes to determine terminal velocities indicates that mea- 
sured V, is close to measured terminal velocity, V,, for 
butanol drops but V/’, is much smaller than V, for cumene 
drops. The relative sizes of drops and packing is im- 
portant as indicated by Gayler”; the ratio V’,/V, can be 
approximately correlated as a linear function of d,,/dp. 

For the agitated columns terminal velocities were 
estimated using drop sizes measured at lowest hold-up 
and plots of measured terminal velocities of single drops 
against measured drop sizes (Figures 7, 8). Plots of V, 
against V, (Figures 9. 10) show that for the butanol 
system V, is close to V, whereas for cumene V7, values 
are closer to V,C, as suggested by Strand”, where Cy, is 
0.53 for the RDC and 0.3 for the Kihni column. The 
lines on Figures 9 and 10 show possibie upper and lower 
limits for Vy. 

The three columns therefore behave similarly with the 
butanol system whereas for the cumene system the RDC 
and Kihni columns are similar in principle and the 
packed column appears markedly different. Cumene 
drop sizes are large relative to the packing size in the 
packed column and seem to suffer much more hindrance. 

The terminal velocities are obtained using the Sauter 


Chem Eng Res Des, Vol. 64, January 1986 


mean diameter, d,, and V,, values are derived from slip 
velocity data pertaining to a drop size distribution 
General agreement on drop size distribution functions 
for different columns has not been reached except for the 
RDC for which the Mugele-Evans upper-limit function 
is usually best. This has been confirmed for our RDC 
data for butanol and cumene for no mass transfer, 
extraction and stripping conditions. Fischer finds the 
same size distribution function best for the Kiihni col- 
umn. Using size distribution data it is found that | 
based on the volume fraction distribution is about 10% 
larger than V, calculated using d,, for that distribution 
Errors in drop size measurement account for much of 
the spread of data but the characteristic velocity Vy is 
also possibly inappropriate as discussed in the next 
section on an alternative slip velocity equation 

Misek*’ has suggested that in agitated environments 
drops behave as if rigid because drag forces on a drop 
may be sustained in one direction only for short times, 
so that circulation of drop contents is not sustained. This 
argument is not supported by present data since V,) can 
exceed V,, in some cases 


An Alternative Slip Velocity Equation 
The observations made by Richardson and Zaki 
fluidized beds and sedimentation of mono-size 
particles suggest that for a liquid-liquid system 


Vi. = Ve (1-x) 


f 


NO MASS TRANSFER 


PREO 


WHERE 


7 s12mN m™' 


6p2i24 kg m-? 


Figure 6 Sauter mean droplet size v 
V ex /I 


cumene system 
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Drop diameter, d.mm 


Figure 7 Terminal velocity of butanol drops 


where m depends on Reynolds number. Several workers 
have used this equation for various types of liquid-liquid 
extraction column***. Figures 11 and 12 show data from 
experiments in the absence of mass transfer for both 


systems and all columns plotted in the manner of 


equation (10). 

Apart from the difference in exponent compared with 
equation (3) it is found that V, differs typically about 
10% from V,. For n-butanol drops in the mechanically 
agitated columns V, is now very close to the terminal 
velocity of the drops. For cumene better prediction of V_ 





e With mass transfer 
° No solute 


Terminal velocity Vy, mm/s 








2 3 
Drop diameter, d, mm 


Figure 8 Terminal velocity of cumene drops 
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Figure 9 Comparison of V, and V, for n-butanol system 


results from using the terminal velocity corrected by the 
free area term C, as in equation (7). Other slip velocity 
equations have also been proposed which could improve 
matters: Misek’s equation (4) is also satisfactory for 
x < 0.25 but it may be shown that equations (4) and (10) 
are almost indistinguishable; values of U, shown in 
Tables 6 and 7 are close to V, and V, for both systems 
in the RDC. 

The present data are limited in extent and do not by 
themselves show that equation (10) is superior to equa- 
tion (3). However, data from the literature for the RDC” 
and for the Kiihni column® show clearly with statistical 
significance that the value of the exponent m can increase 
from 0 to about 3 or 4 and can then fall and become 
negative as agitation power input decreases. 


55 








Pocked no moss transfer 
Packed extrochon 


Vi. mm/s 


Figure 10 Comparison of V,, and V, for cumene system 
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Slope m «2 


Figure | 
system 


Richardson and Zaki slip velocity equation for n-butanol 


Packed bed data obtained from the literature®”’ show 


that non-flooding data, and flooding data at high values 
of hold-up, can be fitted by equation (10) with m in the 
range 0 to i and predictions of maximum throughputs 
and hold-up are much better if equation (10) is used 
rather than equation (3) as the basis for such predictions 


Referring back to Figures 3, 4 and 5, equations (3) and 
(10) are compared using values of V, derived from plots 
such as Figures 4 and 5 and values of V, and m from 
Figures 11 and 12. Figures 3, 4 and 5 suggest that either 
equation could be used for x < 0.25. If drop sizes are 
larger at higher hold-up divergence of data and model 
equations is not surprising. Plotting data in the form of 
x Vy, (=Vyx(1—x) or Vg x(1 —x)") against x(1—x), 
or x against V., is certainly not the best way to validate 
equations because the dominant variable x appears on 
both axes. It is important to model behaviour as closely 
as possible to allow extrapolation to obtain character- 
istic velocities, to allow more precise comparison of 


column behaviour and to allow better predictions of 


maximum throughput, a topic considered in a further 


paper”. 


Correlation of m and V,/V, 


Further work has been carried out using literature 
data on the RDC” and the Kiihni column” to correlate 
m and V,/V,. A possible correlation of m has been 
achieved® for both the RDC and Kihni columns by 
plotting m against E°* (y/p.)® (Dp/Dy)"*. It seems 
possible that m is a measure of uniformity of flows across 
the column**'. 

Experimental work on single drops of known size 
rising through water (no flow) in a five-stage RDC of the 
same diameter and geometry as the taller column used 
has also been done*’. Six solvents were used with water 
as the continuous phase (cumene, toluene, kerosene, 
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MIBK, butyl acetate, n-butanol). Drop sizes were deter 
mined by counting drops formed at a needle over a given 
time for a known solvent flow rate. The centrifugal force 
on a drop is proposed to be a function of p,d°N°D, and 
it was found that plotting V,/V, against this group 
brought all the single drop data together (Figure 13) 
Suggesting that as drops are thrown further away fro 
the edge of the rotor the interference of 
drop upwards movement becomes more 
correlation appears to be independent < 
mass transfer in the few cases examined 

Strand“ proposed that the character 
equalled the product of terminal velocity and ¢ 
is concluded that this is only valid for very 
conditions in a stage when the average cha 
velocity might be expected to be markedly affe 
the area covered by the stator at the wall o 
For low agitation conditions drops can move vertically 
with little hindrance in the zone between the edges of the 
rotors and stators and characteristic velocities 
approach terminal velocities 

The RDC pilot plant data agree with singl 
adequately well (+25% approximately) considering t 
errors involved in measuring drop sizes in pilot columns 
the effects of a drop size distribution on average drop 
size and terminal velocity, and in estimating 
extrapolation of slip velocity data. Further pilot 
data for systems of low interfacial tension in 
are required 

Further work on single drops using the } 
Kiihni columns should help to establish more pre 
how V,/} 


mn then 
il Cli 


va 


varies for these columns also 


CONCLUSIONS 


It has been shown that the concept 


velocity to the characteristic velocity of a 


Figure 12 Richardson 
system 
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Figure 


expressions such as equations (3), (4) and (10) can be 
usefully applied to three different types of extraction 
column. The simplest relationship is the Pratt equation. 
The manner in which this is usually plotted gives a 
misleading impression of the accuracy with which data 
are fitted and does not validate the equation. The 
Richardson equation seems to offer the basis for a more 
helpful analysis of the problem of relating drop sizes, 
characteristic and terminal velocity. 

Where there is vigorous agitation within a column 
(RDC or Kiihni) the characteristic velocity V, or Vx 
tends to equal V,C, but at low agitation V, and V, are 
similar to the terminal velocity V,. For the RDC the 

V/V, decreases from near | to C, as the value of 


the group p,d°N*D, increases. In the packed column 
V/V, decreases as the ratio of drop to packing size 


increases 


The problems of predicting column performance un- 
der non-flooding conditions are clearly seen to depend 
on drop size; characteristic velocity can be estimated 
from drop size with reasonable accuracy. 

The measurement of drop size, hold-up characteristics 
and terminal velocities should be undertaken in future 
pilot plant work if a better understanding of column 
behaviour is to be obtained. 

Values of V,, have been used to allow comparison with 
earlier work but its validity has been questioned here and 
the characteristic velocity V, obtained from the Rich- 
ardson type of equation is preferred. 

The correlation of V,/V, or V,/V, with functions 
involving drop size is helpful for all column types since 
drop size distributions need to be accounted for in design 
calculations 


SYMBOLS USED 


Coalescence factor 
imum constriction factor (minimum of (D,/D,), 
»/D,)°, or [(D, + D,)/D,][((D,— Dg /Dz)° + (He /DryY YP”) 
Drop diameter 
Packing diameter 
Drop diameter, Sauter Mean 
Characteristic drop diameter 


13 Correlation of 


Dy 
D 
D, 


V./3 


K 


Rotor diameter 

Stator diameter 

Column diameter 

Energy/unit mass 

Packing voidage 

Volumetric flow rate of continuous and dispersed phase, 
respectively 

Acceleration due to gravity 

Compartment height 

Exponent 

Rotor speed 

Physical property group (y*p2/gus4p) 

Drop velocity defined by equation (4) 

Superficial velocity of continuous and dispersed phases, 
respectively 

Characteristic velocity defined by equation (10) 
Characteristic velocity defined by equation (3) 
Slip velocity 

Drop terminal velocity 

Terminal! velocity of circulating sphere 

Terminal velocity of rigid sphere 

Measured terminal velocity 

Fractional volumetric hold-up of dispersed phase 


Subscripts 


c 


d 


Continuous phase 
Dispersed phase 


Greek S } mbols 


a3 
p 
ip 


l 


Interfacial tension 
Viscosity 

Density 

Phase density difference 
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COUNTERFLOW CASCADES: PART I 


By N. L. FRANKLIN (FELLOW) 
Imperial College, London 


In a cascade employing internal reflux the limit conditions correspond to Total and Minimum Reflux. In an absorption or a 
stripping column with no internal reflux, the limit conditions arise with cascades of a single stage and an infinity of stages. 
Even for multicomponent mixtures the solution of the single stage case is straightforward. This paper provides the set of 


solutions for the infinite number of stages. 


INTRODUCTION 


This paper has two purposes. The first is to present a 
systematic general treatment of material exchange ’n 
counterflow cascade systems. The second is to demon- 
strate once again the power of what may be described as 
the z-transformation in treating many cascade problems. 

It is sometimes said that because the z-transformation 
depends upon simplifying assumptions which are rarely 
satisfied precisely, its utility is limited and that iterative 
computer programmes are to be preferred. I believe that 
this is no more true than the case for abandoning 
Fourier analysis because the conductivity or diffusivity 
is not precisely constant. On the contrary the z- 
transformation method provides an intellectual structure 
for much of the theory of multi-component separation. 

In the paper we examine the limit case for a very long 
cascade. If this were a refluxed system it woud be called 
the minimum reflux condition but we are not concerned 
with internally refluxed systems, except insofar as they 
represent a particular case of the general treatment. 

We aim to determine the path of compositions within 
the cascade for: 

(a) Mixtures of m components 

(b) All possible compositions of such mixtures fed to 
either end of the cascade. 

(c) All possible ratios of the flows of the counter- 
current streams. 


Before going further we remark that, although the 
detailed curvature of the separation lines differs accord- 
ing to whether we are concerned with stagewise counter- 
current processes or differential counter-current pro- 
cesses the structure is the same in either case, because the 
invariant or pinch compositions are the same. Moreover 
provided the assumptions are very approximately 
satisfied, the whole method can be related to the physical 
properties at the pinch. These assumptions will be the 
equivalent of constant relative volatilities and constant 
molar flows in the case of distillation. It is however to 
be noted that the basic theory is applicable to other 
counter current processes. It will be described in terms 
of distillation to avoid too much abstraction. 

The theory, as presented, can be applied to mixtures 
of m components which are representable on the hyper- 
plane x,+X,_,;+%X,+xX,=1 with real compositions 
falling within the simplex which has n vertices in this 
hyperplane and for which none of the x, is negative. In 
order to make it possible to present and illustrate the 


method in what I hope is a clear fashion the presentation 
is divided into two papers the first of which deals with 
3-component mixtures. The second part will deal with 4 
and mn component mixtures. 

It will emerge that even the 3 components case which 
can be presented in triangular coordinates is almost fully 
illustrative of the method and that the 4 components 
case, of which models can be built, allows generalisations 
to be made which apply to and cover comprehensively 
the n component case. 


FINITE COLUMNS 

The case where there is only a single stage in which 
liquid and vapour feeds are equilibrated is straight- 
forward. One simply notes the ratio of liquid and vapour 
phases, determines the overall composition of the mix- 
ture and computes the combination of liquid and its 
equilibrium vapour which satisfies the phase ratio and 
overall composition requirements. There is no sense of 
up and downflow in a single stage: it is therefore a 
common starting point for more than one limit condi- 
tion. At the other extreme when the number of 
Stages — 00 the shape of the separation line will be very 
different according as mixtures of composition A and B 
are fed to the top and bottom of the column or vice 
versa. Nevertheless these lines can be calculated for all 
cases, without iteration, together with the composition 
of the two emergent streams. 

The main problem in computing a countercurrent 
cascade of a finite number of stages is the requirement 
to guess the composition of one of the emergent streams 
in order to estimate the net interstage flow. The guess 
must then be corrected by iteration. It would be useful 
to an estimating rule which allowed the initial guess to 
be improved. Such a rule requires a knowledge of the 
product compositions for N =o and N =1, the two 
limit cases and of a representative sample of cases for 
finite n. It is intended that such a sample will be available 
for part II of the paper. 


THE ANALYSIS OF THE PROBLEM 


When the z-transformation method was invented by 
A. J. V. Underwood’ in the 1940’s and was interpreted 
by the author and Professor J. S. Forsyth’ at the turn of 
that decade, it was related to refluxed columns. In the 


© Institution of Chemical Engineers 





COUNTERFLOW CASCADES: PART | 


Values of ¢ 





/1-0 


Figure |. Lines 


case of a 3-component mixture 3 values of @ 
defined by the equation 
v1 
(1) 


v4 


where x, was the composition of the net interstage flow, 


which in the absence of side streams was also the top 


product. These 3 root, @,, @, and @, were then used as 
the basis for a linear transformation of the compositions 
in the form 


(4) 


It will be convenient, in this presentation to use the 
transformation based upon 3 values of @ and to note the 
relationship between @,, @,, and @,, which is implicit in 
equation (1), but to place the emphasis upon the position 
of the lines z, = 0, z,=0 and z 
fying the values of #,, ¢, and @ 
given value of @ can be written z 
between the line z 0 and the value of @ is illustrated 
in Figure 1, which is based upon relative volatilities 
4, = 3, a, =2, a, =1. It will be seen that starting at a 
value of @ = 0.9 (i.e. less than «, ) the line z 
the left of the line x, = 0 and intersects this latter line at 
a value of x, >1. When @ =4,, z,,,, =0 coincides with 
x, =0 and when @ = 2,,2 0 coincides with x, =0 
For a, < @ <4, the set of lines z,,,=0 are to the right 
of x, =0 and intersect with x, =0 at values of x, > 1 

When «, < @ <4, the line z,,. = 0 continues to rotate 
anticlockwise until when @ = 2, it coincides with x, = 0 
This set of lines intersect x, = 0 at values of x, > 1 as do 
the lines corresponding to which fall below 
x, = 0. 


Q as means of speci- 
The equation for a 
0: the relationship 


= ) is to 
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Now in the case of a countercurrent cascade there is 
no reflux, but we can write V//} L for R + 1. Also we 
do not know the composition of the net interstage flow 
because although the compositions of the two input 
streams are known we do not know either output stream 
compositions 

Before going further we will note a property of any 
equation of the form of equation (1) when 


is substituted for R 


(b) the equation is multiplied throughout by 
(% DO )(oe 


SO aS to give 


A. X+( 4 DM )i( a 


which is that, the product of t 
to the term in #” divided by 
in @ x (—1) 


the coefficient 


Extracting the appropriate te 





Figure 2. The triangle 
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(6) 


Now it is possible to define a set of 3 values of @ as 
the basis for a transformation without reference to 
equation (1) and therefore to x,. If for example we take 
4, = 3, 4, =2, x, =1 and select values of @ of 2.5, 1.8, 
0.9, then we can map the lines z, = 0, z, = 0, z, = 0 and 


we can calibrate the resultant diagram in terms of z 
coordinates as shown in Figure 2. It is not of course true 
that z,;+2,+2,=1 for all points in the z trans- 
formation, but that will not matter. We shall be con- 
cerned with ratios and (mostly) with the lines z = 0 for 
which the scales are not very important. 

In fact, as is well known, at total reflex the ratio of the 
concentration of any two components on plates which 
are N stages apart is, 
examples 


using components 3 and 2 as 


: > counting N downwards 
\ \ x Kon 
and likewise, at partial reflux, using the transformed 
compositions z, and z, as examples when the values of 
@ are defined by equation (1), or chosen in some other 
wa) 
(8) 
If, starting from a given (x,,, X,,,X,,) we vary N to all 
negative and positive values we can generate a sepa- 
ration line? at total reflux in the x space using equation 
(7) and the same js true in the z space using equation (8). 
If in the former case we vary the starting point 
(x;;.X>,,X,,) to include all typical points—including 
the unreal ones for which some values of x are 
negative—we get the diagram shown in Figure 3. If we 
do the same thing using the z transformation based on 
od, = 2.5, 6, = 1.8, @, = 0.9 we get the diagram shown in 
Figure 4. It will be seen that some of the rather peculiar 
separation lines in Figure 4 do correspond to real 
compositions in the sense that all the x values are 
positive even though they correspond to negative values 
of one or more (but not all three) of the z components. 
It is clear from Figure 4 that Z,, Z,, and Z, are invariant 
compositions in the sense that an infinite number of 
Stages are required to reach them and that compositions 
on the lines z,; = 0, z, = 0, z, = 0 result in separation lines 
which continue on these sides until they reach an 
invariant composition, as though they were binary mix- 
tures 
Moreover the line z,; = 0 divides the z plane into two 
that for which z, is positive where, by virtue of 
g. equation (8) all upward calculations wherever they 
Start, finish at Z, and a second region where, on the 
contrary all upward calculations lead to z,; = — «. Simi- 
iarly the line z, =0 divides the space into two regions. 
When z, is positive all downward calculations lead to Z 
When z, is negative all downward calculations lead to 
2 ©. The separation lines disappearing to — 0% do 


he case of a stagewise separation we define such a line as the 


r y 


curve joining the composition on successive stages 


Figure 3. Separation lines at total reflux 


so, parallel to the Z,Z, axis in the first case, or to the 
Z,Z, axis in the second. (Similar rules can be formulated 
in the case of 4 component mixtures in 3-D space or n 
component mixtures in n-1 space.) 

If a liquid has a composition such that it falls on the 
line z,,,=0 it is easily shown that the vapour in equi- 
librium with it has the value z,,,) = 1 because if 


= () 
1 1) 


Figure 4. Separation lines at partial reflux @ = (2.5, 1.5, 0.9) 
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up of 2 parts current cascade theory for N-— = as follow 


and each term, e.g. «;.x,/«, — @, can be regarded as made make it possible to examine the whole field 


(a, —  )a, 
4,;— 3. Component Mixtures 


The sum of the second 3 terms is by definition zero, and In a practical case we should expect 
the sum of the first 


+ 


3 terms is just composition of the top liquid feed and 
vapour feed. We should then determine 
(03,.X3 + 4X, + %,x,) —— = 1 associated with the two lines Z 0 which 
= the liquid feed composition and the @ valu 
it also follows that at the vertices Z,, Z, and Z,, here with the two lines Z | which pass 
respectively (z, = 0, z, = 0), (z,=0,z, = 0) and vapour feed composition. In order to simp 
(z; =0,z,=0), the vapours in equilibrium with these metic in our example we shall proceed 
vertex compositions are (z,=1,z,=1), (z;=1,z,=1) direction, by choosing two simple values 
and (z,;=1,z,= 1). ; b,>a, and two simple values 
It is therefore possible for a given z transformation > db, > a,. Using these values one can defir 
with its vertices Z,, Z, and Z, to be matched by a triangle 0 leading to four intersection points. I 
representing the equilibrium vapour compositions the points represents either a feed liquid comps 
vertices of which could be called Y,, Y, and Y,. The the relevant feed is a vapour, the point 
relationship between a typical Z triangle and its equi- liquid in equilibrium with the vapour feed 
librium vapour Y triangle is shown in Figure 5 the composition of the liquid on a hypothet 
It is a characteristic of an invariant composition that below the lowest stage in the cascade 
the vapour below a plate passes through the plate liquid We shall! base our examples upon a choi 
with no change of composition, so that yy = yy Thus p=2.2, ¢=1.5, @=1.2. The 
the normal material balance equation 0, 0, 
, Figure 6 
bxin-1 = (I L)Xip The actual inte 
(N counted downwards) have compositions 


1 + s7579 


which relates the composition of vapour from plate N 54545, 0.18182, 0.27273) 
with that of liquid on plate (N — 1) where x, , is the mole 30000. 0.40000. 0.30000) 
fraction of component i in the net molar upflow, can be ). 20000. 0.20000. 0.60000) 
changed to 3636. 0.0909. 0.5454) 


LX x = (I L)x;,p (9) and the corresponding equilibriun 


7 , 4’, C’, B’, D’ are 
In geometric terms this is a statement that the com- 


position of the net molar upflow falls on the extension (0.72000, 0.16000, 0.12001 
of the line ZY if the point Z represents an invariant (0.45000. 0.40000. 0.15000) 
composition in a particular separation. The position of B’ = (0.37500, 0.25000, 0.37500) 
Xp on the line depends of course on the relative propor D’ = (0.6000, 0.1000, 0.3000) 
tions of V and L. 


This fact and the relationship 


These points are marked on 
of the derivation is shown 
at } 4 

0,050 I 


AX 
oe 
l 

[| 





Xo 


Figure 6. The points A,B,C,D: A’B’C’D’. 7 
Figure 5. A Z-triangle and associated Y-triangles 4 0: z 0 
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If we examine the four cases: 


Case | A liquid as top feed B’ vapour as bottom 
feed 
B liquid as top feed A’ vapour as bottom 
feed 
C liquid as top feed D’ vapour as bottom 
feed 
D liquid as top feed C’ vapour as bottom 
feed 


Case 
Case : 


Case 


for all values of the ratio L/ V, this will provide examples 
of all representative cases for a ternary mixture. For a 
four component mixture we should have, instead of the 
quadrilateral ACBD, a cubic shaped figure with 2° 
vertices and in general for n components we should have 
a hypercube in n —1 space with 2"~' vertices. There 
would correspondingly be 2° cases and 2"~' cases to be 
considered. In fact all the necessary logic which is 
provided by the 3 component example can be generalised 
with no difficulties to 4 and m component mixtures. This 
fact, and the ease of graphical representation make it 
useful to examine the 3-component case in detail. 


Case 1 Liquid A as top feed: vapour B’ as bottom feed 


We start with the case L/V — oo. It is clear that under 
these conditions the liquid flows down the cascade 
without change in composition; the vapour on the other 
hand changes in composition as it passes up the column 
and approaches the composition A’. If we make N> « 
then the emergent vapour y,— A’. This is rather like a 
countercurrent heat exchanger in which the heat capac- 
ity of one stream is infinite. 

The liquid feed to the top of the column in Case | has 
composition A. This is also the composition on the top 


plate because the invariant composition is at the top of 
the column. The net molar upflow falls on the line AA’ 
produced. In fact when L/V is very large the com- 
position of the net molar upflow (which is in total 
negative because L > V) is a point close to A on the side 
opposite from A’. 

Also if the invariant is at A there are two roots @ = 2.2 
and @ = 1.2, defining the point Z,=A. But 


L 0.050, 


V 3 > & 
is very large. 


Thus, setting @, = 2.2 and ¢, = 1.2, @, is very large. 
The z-transform triangle is thus as shown in Figure 7a, 
with the line z; = 0 below x, = 0. 

If we reduce L/V progressively then, so long as the 
point A = Z, remains the invariant, the composition of 
the net molar downflow moves along A’A away from A 
and because, 

Ha, L 6 L 


oo V 2.64 an a 


, decreases and the side z; = 0 moves towards x, = 0. 
When x;p =0, @; =, and the sides z,= 0, and x,=0 
coincide as shown in Figure 7b. Further reduction of 
L/V and hence of @; leads to the situation where @, = 2.5 
when the side z, = 0 passes through the composition B 
corresponding to the liquid in equilibrium with the 
vapour feed B’. The liquid leaving the bottom plate of 
the column x, is determined throughout from the net 
molar upflow amount and composition and can be 
determined graphically by joining B and x,. In fact x, 
also falls on z; = 9 and at this particular value of L/V 
the separation line, which has become more sharply 














Figure 7 
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Table |. Case 
S 


Value of 


Value of L/} 


Location of 
invariant 


Net molar flow 


approx. A 
composition PP 


approx. A 


curved as L/V was reduced, reaches a limit condition 
where it passes through Z,. There are two invariant 
points on the separation line. In general only one is 
necessary to meet the condition N — oo. The particular 
value of L/V in’ the’ chosen’ example is 
2.5 x 2.2 x 1.2/6= 1.1 and the composition of the net 
downflow is 


LIA —1.0A 
= xX, = (— 1.2, 0.4, 1.8) 
0.1 


It is possible to examine lower values. of 
L/V = $3029,/%,%,%, by maintaining @,=2.5 and 
¢, = 1.2, the values which define Z, = C and allowing the 
intermediate value @, to decrease progressively below 
, = 2.2. Because the invariant composition is at Z, = C 
the net molar flow composition now falls on the line C’C 
produced beyond C 

When L/V =1 then ¢,=1 x 6/2.5 x 1.2 =2 and so 
fortuitously @, =, and the side z,=0 coincides with 
x,=0. Figure 7c and 7d illustrate the separation dia- 
gram for L/V =1.1 and L/V =1 respectively. When 
L/V <1 the net upfiow is positive and the point xp is 
now at a distant point on CC’ produced beyond C’. A 
second critical value is reached when L/V is reduced to 
0.75 because @, is then 1.5 and the line z, =0 passes 
through the point B. Any further reduction of ¢, would 
result in a separation diagram in which A and B could 
not be connected, but at L/V = 0.75 there are invariants 
at Z, and Z,. The requirements of Noo can be 
maintained by fixing @, = 2.5, @, = 1.5 and allowing @ 
to decrease below the value 1.2. The composition of the 
net molar upflow now falls on BB’, produced beyond B’. 
As L/V becomes smaller x, crosses the side x, = 0 and 
approaches the point B’. The situation is shown in 
Figures 7e and 7f. 

Thus for this, rather straightforward case it is possible 
to describe the changes in the separation diagram as a 
continuous function of L/V in the range 0 > L/V >0 
and to determine x, and therefore v; and x, as a 
function of L/V in the same range. 

These data are combined in Table |. 


Case 2 Liquid B as top feed: vapour A’ as bottom feed 


We can use the same method as that employed for 
Case | starting with a very large value of L/V. The 
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Figure 8. Case 2 
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invariant composition will be at the top of the column, 
corresponding to the composition B. The roots at B are 
@ =2.5 and @ = 1.5 and since $,9,¢,/a,2,4,= L/V is 
very large then because @, x @, = 3.75 @, > a. The line 

0 is therefore below x,=0 and an upward calcu- 
lation from any position above z, = 0 will always reach 
Z, as a limit—including calculations from the point A. 
The situation is illustrated in Figure 8(a). 

Once again as L/V is reduced with ¢, and @, fixed, @ 
is reduced and the composition of the net downflow on 
the line B’B produced moves away from B, crossing the 
line x,=0 b;,=3 and _ therefore when 
3 x 2.5 x 1.5/6 = 1.875. Further reduction leads 
to a value @, = 2.5 wl ./V = 1.5625 when ¢, = @,. At 


this stage the Z triangle itself and the whole sector of 


separation lines between the lines z;=0 and z,=0 
disappears and the separation diagram appears as in 
Figure 8(b). Provided that @,=1.5 the line z,..=0 
continues to pass through the composition B and it is 
possible to maintain @, = @, but reduce both of them, so 
continuing to reduce L/V. A typical separation is shown 
in Figure 8(c), where because the composition A is above 

=() an upward calculation finishes at Z, and because 
the composition of B falls on z, = 0 and below z,;=0a 
downward calculation from B goes to Z,: but Z,=Z 
and we have a new kind of separation line. 

Further reduction of L/V causes the point Z, = Z, to 
move up the line z,,;,=0 until @, = ¢, = 2.2 when the 
common line z, = z, = 0 passes through A. The situation 
is illustrated in Figure &(d). It corresponds to 
L/V =(2.2) x 1.5/6=1.21 and L/V can be further re- 
duced by fixing @; = 2.2 but allowing @, to decrease: the 


Table 


approx. B 


; 0.825 


situation when L/V = 1 so that ¢, = 6 
is illustrated in Figure 8(e). 

When @, reaches 1.5 so that ¢,=@, the Z triangle 
again disappears but now because Z, = Z,. The situation 
is illustrated in Figure 8(f) which corresponds to 
L/V =2.2 x (1.5)’/6 =0.825 so that the net upflow is 
now positive. If @,= @, is reduced below @ = 1.5 the 
separation line as a downward calculation goes from B 
to Z, = Z, and an upward calculation from A along the 
side z;=0 (on which A falls) also arrives at Z, = 
Further reduction of the ratio L/V until ¢,=@, = 1 
corresponds to a value of L/V of 2.2 x (1.2)°/6 = 0.528. 
The point A now coincides with Z, and the root @, can 
be further reduced because any downward calculation 
from B (where z, is positive) will finish at Z, = A. The 
invariant is now at the bottom of the column. The last 
three cases are shown in Figure &(g), 8(h) and 8(i). 

Because we have produced a continuous account of 
the change of invariant composition with L/V the net 
molar flow can also be determined since for any invari- 
ant composition P with an equilibrium vapour com- 
position P’ the molar flow compositicn falls on PP 
produced at a point x, such that 


P’ xp 


5 


LiV = 


P xp 


Xp has therefore been determined as a continuous func- 
tion of L/V. This is also the net molar upflow immedi- 
ately above the top plate and below the bottom one. The 
composition of the two emergent streams is therefore 
known in terms of the inlet streams and the value of 
L/V. The complete range is set out in Table 2. 


> ().528 


intersection of lines 


0 and z 


ft) 


approx. A 


approx. A 
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Case 3 Liquid C as top feed; vapour D’ as bottom feed 
This represents a case intermediate between cases one 
and two. It will be examined tn detail along with case 
four because it will then be possible to formulate a more 
general statement about these solutions which can be 
applied to mixtures of more than three components. 
Starting, once again, from the situation where L/V is 
large and the invariant composition is at the top of the 
column we have the point C defined by the two values 
of @, @ =2.5 and 1.2 and at the intersection of the lines 
Zs) = 0 and z,,,,=90 since L/V = $, 9,0, /a,%,%, is very 
large, @; is large, i.e. much greater than «,. The sepa- 
ration diagram is as shown in Figure 9(a) and x, falls 
on the line C’C produced with the net interstage flow 
downwards. When L/V is reduced @, is reduced in 
proportion until ¢;=@,=2.5 when L/V =(2.5) 
1.2/6 = 1.25, at which stage as shown in Figure 9b the 
sector between the lines z,=0 and z,=0 has disap- 
peared. As in case 2 the limit case of n + can be 
maintained at lower values of L/V by reducing ¢,=¢@ 
progressively from the value 2.5 to 2.2. An intermediate 
case and the case when @,=@,=2.2 are shown in 
Figures 9(c) and 9(d). If we label the point Z, = Z, as E 
at and its equilibrium vapour is E’ then x, falls on EE 
produced such that E’x,/Ex,=L/V. Further reduc- 
tion of L/V is achieved by using @ = 2.2 and @ 


1.2 as 








Figure 9. Case 3 
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CASCADES 


PART | 


{ 


the fixed roots t 
and allowing @ 
reduced to @ ‘3 
The intermediate 
in Figures 9e and 9f; in the latter case 
and z yoint D 
istics of Z } 
since it 1s below 


lation from C arrive 


() define t whict 


| 
The point C is one fi 


0 and so any 

t Z, provided 
L/V can therefore be further and indefir 
reducing @, below | 2 


r 


as Snow! 


Case 4 Liquid D a 


For high L/V the invariant 
of the column at D and the 
downward is on D’D produced and 
large. When L/V is reduced until 
point is reached, a condition illustrated 
and at a value of L/} 2.5 x 2.2 
invariant composition now moves t 
of L/V and the root @, is reduced 
being illustrated in Figure 10c—until it 
in which case Z, and Z, coincide at the 
L/V =2.5 x (1.5)/6 = 0.9375. Further red 
is brought about by reducing @, = @, bel 
they reach 1.2 





The intermediate case is show! 
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10e and the upper and lower limits are shown in Figures 
10d and 10f. The value of L/V at the lower limit is 
2.5 x (1.2)°/6 = 0.6 and below this value @, is further and 
indefinitely reduced below ¢, = 1.2 with the invariant 
composition arising at C. The case is illustrated in Figure 
10g 


INTERIM CONCLUSIONS 


The treatment in Part I of the paper has been re- 
stricted to the analysis of ternary mixtures in 
counterflow, but it is possible to develop a few points. 

(1) In examining the 4 possible cases of 3 component 
mixtures in countercurrent flow the limit cases have not 
been examined where the compositions of the input 
liquid feed and of the liquid in equilibrium with the 
vapour feed have a common root. In our previous 
notation this would correspond, for example, to A as the 
top liquid feed and C’ as the vapour feed. Both top and 
bottom liquid compositions then fall on the line Z,, ,, = 0 
and the separation proceeds as though it related to a 
binary mixture of A & C, with the invariant at A for high 
values of L/V and at C for lower values. If, instead, we 
had used C as the top liquid feed and A’ as the bottom 
vapour feed the ranges of L/V for which C & A were the 
invariant compositions would not have been cot- 
erminous. In the intermediate range the invariant com- 
position would have fallen on the line AC at a point 
corresponding to the case where @, = @, and the value 
of @; falls between 2.2 and 2.5. 

(2) It is possible to categorise the solutions presented 
in cases 1-4 by tables such as Tables | & 2 and to decide 
which case will apply to a particular pair of feeds as 
follows: 


(a) For the liquid feed of composition x, the rwo roots 
of the equation 


are determined 
(b) For the vapour feed of composition y, the two roots 
of the equation 


are determined 
(c) A Table of @ values is then drawn up (Table 3) 


Tables for cases 1-4 are as follows 


CASE | Liquid feed A: vapour feed B 


A =) 


B + 


ASE 2 Liquid feed B: vap 
B 
\ 


CASE 3 Liquid feed C: vapour feed D 


Cc 2.5 


@ values 
D ,* 


CASE 4 Liquid feed D: vapour feed ¢ 
D —_ 


( 2.5 


All the results of our analysis can then be summarised as follows 


Starting from a large value of L/V and reducing this 
ratio so that @, decreases then if, as in Case | and Case 
4 the line Z,,,=0 first passes through a value of @ 
associated with the bottom feed composition then fur- 
ther reduction of @, is associated with an invariant 
composition corresponding to Z, in the transformation 
triangle with @ =2.5 as one of the fixed roots. If 
however as in Cases 2 and 3 the larger of the two @ 
values associated with the top feed is greater than that 
for the bottom feed then when @, becomes equal to this 
larger value the Z triangle disappears because Z, and Z, 
coincide. Under these conditions ¢@, = @, and the numer- 
ical value of these equal roots is reduced until it reaches 
the value of @ associated with the bottom feed. One of 
the @ roots remains fixed at this value and the other is 
reduced linearly with L/V until it reaches the lower @ 
value associated with one or other of the feeds. If the first 
to be encountered (the larger) is associated with the 
bottom product as in Case | and Case 3 then the bottom 
feed becomes the invariant composition and the lowest 
value of @ (1.2 in the example) is further reduced as L/V 
reduces. If however the larger value of @ in the range 
1, > p > 4%, is associated with the composition of the top 
feed as in Case 2 and Case 4 then further reduction of 
L/V is associated with a reduction of @, = @, until the 
value of @ associated with the bottom feed is reached at 
which stage the invariant composition is fixed at Z, with 
, remaining fixed at this @ value and @, continuing to 
decrease. Given an understanding of this sequence the 
behaviour of the separation lines and the associated 
invariant composition values of L/V and of x, can be 
forecast and determined from the tables shown above. 

(3) The next point concerns the relationship between 
the general countercurrent case when N— o and the 
minimum reflux case for a refluxed cascade with a single 
feed. In the later case the net molar flow is not simply 
the difference between two countercurrent streams, but 
is the composition of the net product withdrawn from 
the column. None of the mole fractions of the com- 
ponents of x, can be negative. If all are positive then 
both Z, and Z, include negative mole fractions in their 
composition. For low values of L/V (and therefore low 
reflux ratios) the invariant occurs at Z, and the com- 
position x, must fall on the line Z, Y, produced. As L/V 
is increased x, , decreases until it becomes zero, at which 
Stage @, =, and the invariants Z, and Z, fall on the 
composition line x, = 0. Further increase in L/V takes 
place with @, fixed @,=«, and @, increasing. The 
invariant composition Z, now falls on x, = 0, and there 
is NO invariant composition at the bottom of the column. 

Similar arguments apply to the stripping section of the 
column where large values of L/V correspond to small 
values of the reboil ratio at which only Z, is an invariant 
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with all x;, x, and x, non negative. Reduction of L/V ~ = 

leads to , = a, and to x, and also Z, and Z,, falling on 

the line x, = 0. When the two sections of the column are 

considered together to give a refluxed and reboiled 

column at minimum reflux the Z triangles corresponding 

to the enriching and stripping sections can have no 

common area but may have a common side or a 

common vertex and the possible product compositions 

at minimum reflux will be determined accordingly. The 

minimum reflux condition in the enriching and stripping 

columns can therefore be viewed as a special case of 

infinite countercurrent cascades. Part 2—Coordinates of A, A’, 
(4) Finally, although the analysis has related to the Point A is the intersection cf z 

case where Noo the resulting separation lines are llx, —22x,=2 and 8x, + 9x 

clearly the limiting case for separation lines of finite N. A = (0.54, 0.18, 0.27) 

It is clear that all such separation lines are inside the 

quadrilateral A, C, B, D. The other limit which can be 

calculated without iteration is the case of N=1. If 

particular compositions of top and bottom feed are 

selected together with a particular ratio of L/V then the Point B is the intersection of : 

separation line and the top and bottom product for 10x, —5x,=1 and 6x, + 9x 

N- © and the two products for N = | can be plotted B = (0.2, 0.2, 0.6) 

on the same diagram. The investigation of the inter- 

mediate cases where N is finite but N > | is a topic for 

future examination and report. 


Point A’ is the intersection of 
of llx,—22x,=4.4 and 8x 
A’ = (0.72, 0.16. 0.12) 


Point B’ is the intersection of 
of 10x 5x, = 2.5 and 6x 
B’ = (0.375, 0.25. 0.375) 
APPENDIX Point C is the intersection of : 
Part 1.—Equations z,,. = 0 and z,,.= 1 for @ = 2.5, 2.2, 10x, — 5x,=1 and 8x,+ 9x 


ie a C = (0.3. 0.4. 0.3) 


Point C’ is intersection of 
10x, — 5x, =2.5 and 8x, + 9x 


& = (0.45. 0.40. 0.15) 


Point D is the intersection of 
llx,; —22x,=2 and 6x, + 9x 


D = (0.36. 0.09. 0.54) 


Point D’ is the intersection of 
of 11x 22x 4.4 and 6x 
D’ = (0.6. 0.1. 0.3) 


The eight lines and the eight point 
Figure 6 


NOMENCLATURI 


the vapours equilibriur 
composition A, B,C,D & I 
reiative volauii I 


relative voiat 


a liquid compositi 


dinates 


6x, + 9x, =4.5 
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a liquid composition expressed in the z coor- 


dinate system defined in the case of 3 com- 


ent 
ponents as 


rormed 


U 


The corresponding vertices formed by the 


lines z 2 l, 2 l 
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Book reviews continued from page 17 


Recent Advances in the Engineering Analysis of Chem- 
icaliy Reacting Systems 
L K Doraiswamy (Ed) 
iley, 1984 
pp. 606, te be 


= 


The book contains a collection of twenty six papers, 


mostly by authors recognised as being in the forefront of 


a particular area in the broad field of chemical reaction 
engineering. It is intended to contain the recent works 
and thoughts of these authorities on the subject. There 
are articles dealing with the modelling of chemical 
reactions, fluidised bed reactors, liquid-liquid and gas- 
liquid reactors, three phase reactors, polymerisation 
reactors and biochemical reactors. It is possible to see 
the way forward for the subject over the next several 
years, with work on unsteady state becoming in- 
creasingly important. 

The book will be of interest to researchers in the area 


of chemical reaction engineering. By the very nature of 


the book only one or two chapters will be of real interest 
to the individual, but the broad spread of subject matter 
should nevertheless ensure that the book is perused by 
many 

Publication of a collection of papers of this sort has 
much to commend it and can complement existing 
literature admirably. It is more up to date than a text 
book although less integrated, has advantages over the 
review article which is usually the work of one author, 
is able to cope with a wider range of subject matter than 


most symposia can hope to deal with and being a 
collection of papers has the advantage over individual 
papers in journals of bringing all the material together 
in the one volume. 

The presentation is perfectly adequate. Insistence on 
summaries and nomenclature for each article together 
with the comprehensive lists of references by most 
authors are very helpful. Unfortunately the quality of 
paper used in the printing and the printing itself are not 
always of the highest quality. 

Readability on the whole is good but variable which 
is hardly surprising when one considers the international 
character of the authors for many of whom English is 
not their first language. 

The content of the book is wide-ranging and largely 
up to date. As one might expect from a book of this sort 
where authors are invited to contribute articles the 
editor’s objectives are achieved with varying degrees of 
success. Some notable figures in the field have not 
contributed at all, there are imbalances and occasionaily 
omissions in subject areas and sometimes the articles are 
not wholly new, and there is a lack of input from 
industry and only little input from Eastern European 
countries. However, the editor is to be congratulated on 
taking a daunting task in hand and producing a very 
acceptable result. Much has been achieved and many 
libraries and individuals will wish to have a copy of the 


book. 


P. Sunderland 
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SHORTER COMMUNICATION 


DROP COALESCENCE IN LIQUID/LIQUID 
DISPERSIONS BY FLOW THROUGH GLASS 
FIBRE BEDS, PART I 


By V. GRILC*, J. GOLOB** and R. MODIC** 


*Boris Kidrié Institute of Chemistry and ** Edvard Kardelj University, Ljubljana 


The separation of fine dispersions of organic solvents in water by passage through glass fibre beds was examined. Dispersions 
were generated in a stirred tank and the Sauter mean diameter of organic droplets was between 10 and 30 um. Interfacial 
tensions as well as viscosities of organic solvents varied over a wide range. The pH of the aqueous phase considerably affects 
the coalescence rate. The results obtained at the optimal pH value can be correlated by a modified form of the Spielman and 
Goren equation, the numerical constants of which are grouped according to solvent type. 


INTRODUCTION 

Our recently published paper' dealt with the coalescence 
of fine liquid/liquid dispersions in glass fibre beds. The 
dispersions were generated in a stirred tank and were 
always continuous organic with dispersed aqueous drop- 
lets. The present contribution deals with the coalescence 
and separation of finely dispersed organics in aqueous 
media. The aim, however, is the same: to establish a 
correlation between the critical separation velocity 
(defined as the superficial velocity of the dispersion 
through a fibre bed at which the outlet concentration of 
the dispersed phase exceeds a fixed value), and the 
relevant physical properties of the system 


(Beckman, Model 915 B) taking into acc: 
bility of the organic phase in water 

A number of organic liquids were used t 
range of physical properties. To separate d 
Shell Sol K kerosene in water, small amount 
soluble surfactant: Etopol (triethanolan 
dodecylbenzenesulphonic acid) or Etalate (not 
ethylenamine), were also added in order 
interfacial tension 


RESULTS AND DISCUSSION 


In preliminary experiments it was observed 


EXPERIMENTAL 


The same experimental device as described in our 
previous paper’ was used for the present investigation, 
with minor alterations in connections for the re- 
circulated liquid, due to the lighter dispersed phase in 
this case. The experimental procedure was also the same, 
dealing with dispersions at an organic/aqueous volume 
phase ratio of 1:100, at a constant stirrer speed of 1500 
revolutions per minute and at a constant temperature of 
about 293K. The mean droplet diameter in the dis- 
persion resulting from the agitation of both liquids in the 
mixer with a constant stirrer diameter D was thus a 
function of the interfacial tension only. It was calculated 
using the correlation for the Sauter mean droplet 
diameter’: 

d,, = 0.053 D.We ~"* (1) 
as in our previous work. The diameter of the glass fibres 
used was 12, 20 and 35 um, thus in the same range as 
the mean droplet diameter in dispersions. The bed depth 
varied from 5 to 30mm, with void fractions from 0.94 


DH of the aqueous phase is an 
controlling the separation efficiency. The 
ration velocity U., of the dispersion of 


water, in a bed of 2cm depth composed 
fibres was found to be, for example 


pH 
5.3 


4% 


The results, including records for 
shown in Figure | 

The relationship between three prime 
depth, pH and critical separation velocit 


Figure 2. It can be seen that the effect of 


depth gradually diminishes which eventually 


aration inefficient through redispersion 
coalesced drops in the mat 


importa 


Other dispersions showed a similar deper 
critical separation velocity on pH and on 
Thus for each system the optimal pH valu 
highest separation velocity, had to be ascert 
order to obtain results at comparable conditi 
adaptation of pH was achieved with the 


to 0.92 for the three sizes of fibres allowing the surface 
area of the fibres composing the dry bed at equal depths 
to be constant in all experiments. The concentration of 
the dispersed organic phase in the continuous aqueous 
phase was determined by use of the total carbon analyzer 
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small amounts of H,SO, or NaOH to the aqueous phase 
at the beginning of each experiment. 

The results of experiments in the form of the critical 
separation velocity U,, as a function of bed depth L and 
relevant system variables for various mutually saturated 
liquids are given in Table 1. 

To correlate the variables from Table 1, the equation 
developed by Spieiman and Goren** was adapted in the 
same manner as described earlier’: 


as a measure of the separation efficiency a modified 
filter coefficient based on volume fraction rather 
than on number of droplets was used: 


4,= —(In—)/L (2) 


Xo 


and 4, = k/L if separation efficiency is prescribed as 
in our case, the constant k being approximately 6.2; 
the Sauter mean droplet diameter d,, was used for 
the polydisperse systems instead of the diameter d, 
for monodisperse ones; 

the product of interfacial tension and interfacial 
area y d2, was substituted for the Hamaker constant 
A; 

the critical separation velocity U., was used instead 
of the general velocity U of dispersions; 

in addition to this the viscosity of the dispersed 
phase yu, replaced the viscosity of the continuous 


—— 


Figure |. Critical separation velocity as a function of pH and bed depth 


for ethylacetate—water system 


Figure 2. Schematic representation of interrelation between critica! 
separation velocity, pH and bed depth 


phase yu, in this case where organics are dispersed in 
water. 


With the adaptations mentioned, the following equa- 
tion was obtained: 


d; 


d 


T K\ , 7. 7 (3) 


ps 


Experimental results from Table | were successfully 
correlated with the above type of equation only when the 
critical separation velocities at the optimal pH were used 
and the dispersed phase viscosities were applied. 

The constants K and a in this equation, calculated by 
linear regression analysis were however different for 
particular groups of solvents (see also Figure 3): 


Number 
(see Table 1) K 


Regression 
Solvents coefficient 


aliphatics 1-7 
aromatics 8-9 
Shell Sol K 10-12 


6.57 x 107° 0.985 
4.32 x 10°° 0.997 
1.10 x 107° 0.716 0.956 


As already mentioned, the constant K is valid for the 
inlet and outlet concentrations of the dispersed phase 
observed and must be corrected for other values. 


Chem Eng Res Des, Vol. 64, January 1986 





DROP COALESCENCE PART II 


Table |. Dispersions of organic liquids in water 


Organic phase 

Interfacial 
tension viscosity 
Mg Pa 


Organic liquid (mN m (mPa s) (kg m 


Ethylacetate 6.5 0.49 901 


Butylacetate 


Methylisobutyl- 
ketone 


Paraffin oil I** 


Paraffin oil I 
and kerosene (3 + 1) 


Paraffin oil I 

and kerosene (1 + 1) 
Paraffin oi! IIl** 
Toluene 


Xylene 
Shell Sol K** 


Shell Sol K 
with Etalate* 


wa 


Shell Sol K 
with Etopol* 


NN — Nb 
Ifa 


a Oo 


Nm 
a 


*Supplied by TEOL, Ljubljana 
**Supplied by Petrol, Ljubljana 


Electrical repulsion forces are not particularly im- 
portant for the coalescence of water droplets; however, 
they have quite a strong effect on droplets of organics in 
water due to ion adsorption on their surface’. The 
repulsion forces could be reduced or eliminated with a 
change of pH toward its optimal value around 4. 





ey 
@ Aliphatic solvents 4 


© Shell Sol K 


O aromatic solvents 4 


— 
| 
| 


aii ph al 


107 10° 
: 





Figure 3. Correlation of the experimental results 
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density 


Mean Critical 
Fibre iroplet separation 


diameter diameter Bed deptt velocity 


Aqueous 
phase pH 


40 
44 
46 
4.6 
45 
4.6 
4.2 
4.1 
40 
40 


On the other hand, the differences between the equa 
tion constants thus far could not be explained, the most 
probable cause being minute impurities that vary with 
the type and quality of the solvent. When these accumu 
late at the interface of the two liquids they may form 


quite an important mechanical barrier retarding the 
coalescence rate 


SYMBOLS USED 
exponent defined by equation (3 
impeller diameter 
fibre diameter 
Sauter mean droplet diameter 
correlation constant of equatior 
fibrous bed depth 
stirrer speed 
critical separation velocity 
Weber number p.n“D 
outgoing volume of droplets per unit 
incoming volume of droplets per unit 
interfacial tension 
viscosity of the continuous phase 
viscosity of the dispersed phase 
density of the continuous phase 
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EDITORIAL 


Solids processing and handling is a vita! area of process there is no method for predicting 1 
engineering whose importance is once again recognised concentration approached at the end of drair 
after a period of comparative neglect in the 1960's and The paper by Keey and 

early 1970’s. The revival of interest was due partly to rigorous analysis of moist 

the steep rise in oil prices in the 1970’s which forced boundary layer surrounding a drying 
ional 


chemical feedstock, and partly to the realisation by the driving force is attractively simple and cor 
chemical industry that much of its future profits will convenient, but can be seriously 


attention on coal as an alternative energy source and tion that the drying flux is proport 


come from high technology particulate materials manu- drying conditions. They 
factured to very exacting specifications. Consequently, “modified humidity potenti 
the past few years have seen considerable progress in convenience of this representati 

both the science and technology of solids processing and negligible error at wet | 

in the Review Section of this issue a number of specialists which should suffice for most practical dry 
in particular areas of this wide-ranging subject review Practical application of the 


l e populat 


Ai« 


what has been achieved recently in their fields proach to crystallizer modelling has bee: 


‘ iL 


Four research papers then follow which present new need to determine nucleation and crysta 


UCICd 
contributions to knowledge. In the first paper Wakeman by a series of continuous flow experimen 
and Vince attack the problem of predicting the kinetics the data is simple but the experimentat 


iL CA} 1 
of gravity drainage of liquids from porous media, a situ- consuming and a large quantity of concentrat 


ation which occurs in areas as diverse as steel manu- is needed. Tavare and Garside describe 


facturing and groundwater hydrology. After reviewing obtaining the same data from simple | 
the deficiencies of previous theoretical approaches they by following the evolution of the cry 


then develop their own model based on Darcy’s Law, a with time. Analysis of the dat 


liquid material balance and appropriate relationships for computerized. This work may well 
relative permeability and capiliary pressure. An elegant forward in facilitating the wider applicati 
experimental technique is described in which electrical theory to crystallizer design and 
conductivity measurements are used to infer liquid The final paper in this issue is not 
concentration profiles as a function of time. Agreement cally with solids processing, although solid 
between theory and experiment is encouraging and a involved. Pandit and Joshi present a very ¢ 
generalised design chart is produced after some review of mass and heat transfer characteri 


simplification of the model phase sparged reactors, including some 
In their second paper Wakeman and Vince apply the their own. Four separate regimes are id 


L it ull 


same basic approach to model the kinetics of drainage ing on the type of bubble behavi 


L 


from cakes in filtering centrifuges. The outcome is again mendations are made regardit 


generalised design charts. The general conclusion to for process design 
emerge from both papers is that drainage kinetics are 
now well enough understood to permit “a priori” predic- 
tion of drainage rate as a function of time, but as yet 
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butions to chemical engineering knowledge, not previously 
published. In particular, the Editorial Board encourages the 
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be used in chemical engineering design. Such implications 
design should be brought out clearly in the paper and its 


Accounts of research work of an experimenta! or theoretical 
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problems not yet solved, or indicate practical areas to 
research effort may usefully be applied are also invited 
rom industry and from research establishments are 
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The Journal also publishes a limited number of longer 
view Papers, which are critical assessments of previously 


ied work in a selected area of chemical engineering. In 
mity with editorial policy, Reviews should show how the 
of research can be used in the design of plant and 
lipment 

Most Reviews are specially commissioned by the Editorial 
but authors are also invited to offer Reviews for 
nsideration for publication. In view of the substantial effort 
red, authors are advised to communicate with the Editor 

re embarking on a Review 


5. It is the policy of The Institution to publish only papers 

highest quality. To help maintain these standards all 

apers submitted are sent to referees familiar with the branch 

ical engineering covered. They advise as to whether the 

s acceptable or not and, in addition, indicate to the 

possible ways in which, in their opinion, the paper 

be improved. The final decision on publication is taken 
he Editor in light of this advice 


Manuscript Requirements 
1. The text should be typewritten, using one side of the 
er only, double-spaced and with adequate margins to allow 
revision and copy preparation marks. A summary, pre- 
ng the text, should briefly describe the essential original 
ntents of the paper. At the end of the summary, please add 
to 6 keywords describing the paper 
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RECENT PROGRESS IN SOLIDS PROCESSING: 
INTRODUCTION 


By D. REAY (FELLOW) 
D n, AERE Har 


The large-scale manutacturing of partic! With re Starting to emerg } 


scribed properties is an extremely 
Ames , “arr in many instances 

many process industries. Particles , 

Re ; * “7 siderable proprietary 
growth processes such as crystallization, granul , 

; properties of parti 

polymerization, by spray processes such y drying 
or prilling and by comminution processes such as crush 


ing and grinding. Waildie’ conservatively estimates thi 


i advances 

annual U.K. sales value of particles from growth and % , 
2 " lave ied 

spray processes as £4,300 million, distributed over indus- ihe 


; on-line or 

tries such as chemicals, food, pharmaceuticals, deterge , , 
' ' , size distri 

nts, plastics and minerals. Rumpf states that roughly 

one-twentieth of the world’s electricity production ts 


.¢ , yarticle sha 
used for comminution processes, mainly in minerals and * 


cement processing shapes, ca 
Close control of tl 

ticles is essential if ‘ 

demanded by an increasingly sophisticated 

specifications may be expressed in tert 

properties such as flowability, reactivit 

persibility, colour or flavour. o1 | ' 

properties such as mean size, size distribution, chemical 

composition, density, shape, internal porosity or surface 

properties. Understanding the relation between end-use 

properties and primary properties is crucial to the devel 


opment of a successful manufacturing 


A particle manufacturing process n 
a formation step, post-formation 


programs (FLOWPACK II] 


1andle Some SOLOS 


~~} 


handling steps. The formation step consists of a particle 


creation process such as those ment rlier. Post 
formation steps may include separation of the created 


: , nave ] 
particles from the liquid or gaseous medium in which pitied: 

they were formed, classification according to size or ene 
composition, drying, chemical reaction, coating, blend- aera ae 
ing or agglomeration, to name some of the possibilities poe "i 
These steps have a strong influence on the properties of vbr a = 
the final product and they must be designed and con ——n 
trolled as carefully as the formation ste] y, the ite 
powder handling, conveying. blendin; torage and Chese 


packaging equipment can impair product quality process models 


trends ha 
through attrition, caking or segregation if it 1 particle manufact 
designed as carefully as the particle creation and pro- ment. There is little 
cessing steps. This equipment is very often the most ments for measuring 
expensive and least reliable part of the manufacturing we have only at 
process edge at all) of ho 
Many of the most influential companies in the U.K knowledge is vital a 
chemical process industries have a large commitment to of equipment. Successf 
particle manufacturing. These companies would like the to need an intimat 
design and control of their particle manufacturing oper- chemical processes occ 
ations to approach the level of sophistication achievable and processing equij 
now in fluids processing, and they can see possibilities In 1982 the Science anc 
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REAY 


accepted the need for an increased emphasis on solids 
processing in British Universities, particularly in chem- 
ical engineering departments. A “Specially Promoted 
Programme” has been established under the aegis of the 
Process Engineering Committee with extra funds ear- 
marked for research in particle technology. By mid-1985, 
thirty two grants of total value £1.26 million had been 
made under this programme covering the following 


areas 


particle formation 
crystallization 
fluid bed granulation 
pelleting 
solid-liquid processing 
separation 
rheology in transport and extrusion 
rheology and colloidal forces 
aggregate strength 
handling 
flow processes 
influence of moisture and inter-particle forces 
attrition 


process control 


In due course the journal should be graced by many 
excellent publications resulting from these and sub- 
sequent projects 

Meanwhile, how is one to review recent progress in 
I find it 
inconceivable that any one person could provide an 


such a wide-ranging field as solids processing? 


authoritative review of more than a small part of the 
field. Therefore, | have invited a number of people 
eminent in branches of solids processing to contribute 


short reviews, written for the general reader, of advances 


in their own specialist areas. The areas covered this time 
are: 


crystallization (J. Garside and N. S. Tavare) 
solid-liquid separation (R. J. Wakeman) 

solids drying (R. B. Keey) 

storage of particulate materials in hoppers (C. 
Schofield) 

comminution (J. D. Bignell and S. Newton) 


I am very grateful to these authors, all of whom are 
extremely busy people, for giving up what must inevita- 
bly have been part of their leisure time to prepare these 
contributions. Other areas of solids processing such as 


agglomeration, mixing, conveying, classification, and 
pelleting will be reviewed in the next issue of the 
Transactions devoted to solids processing (probably 
March 1988) 
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RECENT PROGRESS IN SOLIDS PROCESSING: 
RECENT ADVANCES IN INDUSTRIAL 
CRYSTALLIZATION RESEARCH 


By J. GARSIDE (Member) and N. S. TAVARE (GRADUATE) 


Department of Chemical Engineering, University of Manchester Institut § 


INTRODUCTION 


Over the past few years there has been a quickening adoption of a chemical reaction eng 
trend within the competitive chemical industry towards what was previously seen as an 
an emphasis on product quality and reducing costs. This Chemical reaction engineering has provided th 
has been combined with an increasing importance being a wide range of analogies such ¢ 
attached to fine chemicals and special effect, high added- niques providing useful kinetic inf 
value materials at the expense of commodity products effectiveness factors as applied to tran 


the last three decades and this stem 


ania . ff chin Be a” . i +} 
An increasing proportion of research and development in crystal growth, the description of grow 
expenditure is being made in such non-commodity pro- persion by an effective growth rate diffusiy 


a I 


duct areas existence of both concentration and t 


I .< 


Industrial crystallization research associated with plicity in mixed suspension mixed 


traditional large scale commodity products is best (MSMPR) crystallizers. A recent publ 


typified by the analysis of continuous crystallizers.' The the importance of chemical reactio 


il 


1 


changing emphasis in the chemical industry however ciples in the analysis, design and perforn 

poses a different set of challenges and problems to those of industrial crystallizers. Figure | 

that have been at the centre of much crystallization comparison between factors influer 

research over the past decade. Many speciality products and crystallizer | 

such as pharmaceuticals, agrochemicals, pigments, crystallizer design, soluti 

dyestuffs, catalysts, zeolites, proteins and food products equations representing 

involve crystallization or precipitation as a crucial part energy balances together wit 

of their manufacture. Crystallization also has a part of the rate processes 

to play in many other rapidly expanding areas such flow-patterns and residence ti I 

as biotechnology, mineral processing, waste treatment, vessel needs to be used. This appr 

energy storage, new materials and electronic chemicals widespread adoption and success throug 
Within many of the processes associated with the predict the detailed interaction between the 

production of these materials, the importance of batch laws, rate equations and fluid me 

processing, and perhaps of batch precipitation processes 

in particular, is central. Frequently associated with 

precipitation processes are problems of solid-liquid sep 

aration and the integration of the precipitation or crys- Conservation Laws: 

tallization step with upstream and/or downstream pro- Mass 

cessing operations. High product purity and specific Energy 

crystal habit may also be desirable in many cases Population 
In this brief review we assess the present state of 

knowledge of crystallizer design and performance and 

highlight some of the advances in our understanding of 

the physics and chemistry underlying crystallization 

phenomena. We concentrate on a number of key ad- 
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vances made over the past few years during which 
Tt 


several general reviews have appeared~~ and the pro- 
ceedings of two international symposia®’, one AIChI 
Symposium Series volume” and two books”'” have been 
published. The review is selective and provides a general Process Flows: 
overview of recent progress; it makes no attempt to give RTD 

a comprehensive picture of all recent literature 


Mixing 
CRYSTALLIZER PERFORMANCE 


Our understanding of the factors affecting the per- Fieure 1. Reactot 
formance of crystallizers has increased enormously over and characterisati 


I 
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GARSIDE 


most important lesson to come out of 
the central importance of mixing and 
distribution of both solid and liquid 


Deviations from the true back-mix (or MSMPR) 


n 


is are usually far more potent in influencing 
However in 
spite of the extensive work on crystal size distribution 
CSD) analysis there 


LOT 


zer performance than are kinetics 
comparatively little published 
tion on design—oriented applications to real sys- 


rr 


tems. Few publications quote size distributions obtained 
ym commercial units and fewer still discuss the means 
which crystallizers are actually designed. Most indus- 
| data are no doubt commercially sensitive but until 
iethods and CSD predictions have been set 
gside information obtained from operating units, it 
likely that further significant progress can be made 
the design, analysis and performance evaluation of 


y Sic IZL IS 


he characteristics of multiphase crystallizers depend 
antly upon the mixing conditions of the phases 

1. Again by analogy with the conventional de- 
in chemical reactors, the mixing 

ocess is generally characterised by two distinct and 


ndependent mechanisms, macro and micro-mixing, the 
r describing mixing on the molecular scale. The 
interplay between micro-mixing and precip- 

has been demonstrated in several studies 
Precipitation is frequently brought about by chemical 
taking place in the liquid phase and such 
actions are frequently fast or instantaneous. Thus 


mixing, reaction, nucleation and crystal growth occur 


aACLION 


imultaneously, the four steps being assumed to take 
ace in series. The relative magnitude of the linear time 
constants of these steps determines their relative im- 
portance in deciding the overall performance of the 
4 number of factors combine to suggest that 
micromixing effects can be important in many precipi- 
tati kinetic events for crystallizing 
are generally non-linear, crystallizers usually 
relatively high yields, the residence time 
tribution function is closer to that of an MSMPR unit 


na 


process 


systems; the 


YSLCTTIS 


operate al 


the physical nature of the crystallization process 
illows the practical possibility of segregation. Character- 
on of such micromixing effects in a real vessel at 
intermediate micromixing level is of paramount 
mportance both from a theoretical and a practical 
viewpoint for precipitation systems. Further work in 
this area is highly desirable to gain a full understanding 
of the 


nr 


interplay between these competitive/consecutive 


OCESSES 


UNDERLYING CRYSTALLIZATION 
PHENOMENA 


tempting to understand and describe the behav- 


crystallizers it is necessary to have available 
on design-oriented crystallization kinetics 


yus techniques and theories have been devised to 
ire and analyse crystal growth and, to a far lesser 


nucleation kinetics. The experimental techniques 
veloped to extract crystallizer kinetic parameters are 


sually based on phenomenological models. The classic 


MSMPR crystallizer technique operating under steady 


AND TAVARI 


state conditions is time-consuming, laborious and often 
Deter- 
mination of kinetics by such analytically simple tech- 


requires elaborate experimental arrangement 


niques is therefore expensive and this limits more wide- 
spread use in industry. Several quick methods for the 
determination of crystallization kinetics using batch 
crystallizers are now available. For example, a parame- 
ter estimation procedure based on a linear least squares 
technique in the Laplace transform (with respect to size) 
domain has been developed. The time evolution of the 
crystal size distribution in a batch crystallizer operated 
either iso- or non-isothermally can be used to derive 
nucleation and growth kinetics that are consistent with 
those determined from continuous experiments’. An- 
other recent development makes use of the first and 
second time derivatives of batch supersaturation” alone 
profiles, evaluated at the 
start of experiments (i.e. at time zero), to determine the 
growth kinetic parameters, so enabling the required 
growth kinetics to be obtained from experiments that 
last for only a short time (say about 30 min.) 


or combined with temperature" 


Measurement of growth kinetics has revealed the 
widespread existence of growth rate dispersion, the 
observation that different crystals of the same material 
growing under apparently identical conditions grow at 
different rates. This has 


menially in the 


been demonstrated experi- 
batch mode by studying either an 
ensemble of crystals or several single isolated crystals 
under globally identical external variables (like super- 
saturation, temperature and hydrodynamics) and negli- 
gible nucleati [hese observations result in two 
distinct modelling approaches. The studies dealing with 
a large crystal population use an analogy with other 
dispersive processes and consequently employ a dis- 
persion model to characterise the phenomenon. AI- 
though the second approach of studying several isolated 
crystals provides strong experimental evidence of growth 


formulation of a model and sub- 
the configuration is a difficult prob- 


lon tne 
sequent analysis of 
lem. In both these cases the distribution variance is used 
Although 


implied concerning the actual mechanism in 


ion parameter nothing is 
specifically 
either of 2 approaches the empirical evi- 
dence tends to suggest that the surface integration 
processes appear to be important. The mechanical prop- 
erties of the crystal surface, and in particular the extent 
ttle or plastic deformation undergone by 


crystal, also appears to be of 


of either 
the growing some 
significance 

Nucleation is the least understood of the two rate 
processes generally involved in crystallization and the 
most difficult to describe by well-founded kinetic expres- 
sions. Here much work is still armed at understanding 
the effect of process variables and surface characteristics 
on the kinetics and the consequent scale-up rules. De- 
spite the vast amount of work in this general area the 
basic mechanisms are still far from clear. The most 
important gap in our understanding cf both growth and 
nucleation processes is that the environment near the 
interface of a growing crystal is not well characterised 
Che highly complex nature of supersaturated solutions 
makes this a very difficult problem. However studies of 
solution structure, particularly in supersaturated solu- 
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tions and close to the growing crystai interface, are now 
beginning to produce important information. The spec 


ulation that supersaturated solutions contain some sort 


of molecular clusters was made to explain concentration 
gradients observed in a column of aqueous citric acid 
solution in the absence of any visible crystals’. Larson 
and Garside’ recently reported similar measurements 
and, using a steady state quasi-equilibrium analysis 
estimated the cluster size in the range 4-10 nm. Another 
development~ ~* makes use of Raman spectroscopy to 
examine the solution structure in the region close to the 
growing crystal. Such studies open up many possibilities 
for determining the nature of species existing in the 
solution and characterization of crystal interfaces and 
may enhance our understanding of the mechanisms of 
crystallization processes 

Central to the performance of many batch processes 
in particular is the achievement of a crystal product 
having the correct form. This may be defined in terms of 
crystal habit (or shape), size distribution, purity of 
polymorph. Two recent symposia have addressed 
these problems and it ts perhaps in the field of habit 
modification that most progress is being made 
Identification of the crystal habit to be expected from 
pure solutions can now be made with some reliability 
and the effect of different solvents on the growth 
mechanism and resulting habit can be predicted 
The influence of impurities and habit modifiers is also 
beginning to be understood and the possibility of tailor- 
ing additives for specific duties could become a real 
possibility in the not too distant future 

Many industrial processes involve the production 
crystalline materials that can exist in a number of 
different polymorphs or solvates; amorphous and com 
pound phases are also sometimes produced and thus the 
problem of polymorphism and formation of metastabie 
phases is important. In general only one specific phase 
will have the required product properties and so control 
of crystallization conditions to obtain the desired prod 
uct quality becomes central to many crystallization 
processes. Such studies have often been related to sys- 
tems of biological interest, oxalates, carbonates and 
phosphates being of particular importance. It is usually 
kinetic rather than equilibrium considerations that 
dominate these processes and a new emphasis on a 
quantitative characterisation of the interaction of phase 
transformation, nucleation and growth kinetics is now 
apparent. Identification of specific cases of both solid 
phase and solution mediated transformations has gone 
some way towards the development of a new 


standing of such processes 


CONCLUSIONS 
It can be seen from the above discussion that there 


have been considerable advances in our understanding 
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of crystallization over the past few years. Si 


h as the prediction and manipulation 


SUC 
distributions have now reached maturit 
particularly those relating to the underlying pl 
chemistry, are now the subject of inte 

in large part, is being driven by changi 
demands. Crystallization is losing its reput 


an art and at last is firmly grounded on 


technological understanding 
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RECENT PROGRESS IN SOLIDS PROCESSING: 
DEVELOPMENTS IN SOLID-LIQUID SEPARATION 


By R. J. WAKEMAN (MEMBER) 


Department of Chemical Engineering 


INTRODUCTION 


When one starts to consider what advances have been 
made in industrial liquid filtration over the past five 
years Or so, it soon becomes apparent that developments 
have largely centred on relatively few areas. For the 
medium high tonnage industries conventional filters are 
still the standard, for example, pressure vessel filters, 
filter presses and vacuum drum filters, with the vacuum 
band filter representing a relatively recent alternative. 
Developments in these technologies have centred on 
improved automation, mechanisation, instrumentation 
and materials of construction. Demands of the emerging 
“high-tech” industries have, however, forced another 
expanding development area—the applications of mem- 
brane technology to filtration and separation. The bio- 
tech industries have, rather inadvertently, stimulated 
some more fundamental interest in what might be called 
“assisted filtration” —where electrical, magnetic or other 
forces are utilised to modify the performance of a more 
conventional filtration 


TRADITIONAL FILTERS 


[he view that a filter press is an old fashioned, labour 
intensive, costly and rather grubby machine is no longer 
justifiable; the use of modern design and control tech- 
niques is now commonplace and they are capable of 

ing operated in the most sophisticated automated 
plant. Whilst some press manufacturers still recommend 
that personnel be present only during discharge at the 
end of the filtration cycle, some of the most recent 
designs are fully automatic with guaranteed discharge; 
the machines are no more expensive than most com- 
petitive types of dewatering equipment. The open nature 
of the discharge meant that presses used to be dirtier 
than other equipment and inplant housekeeping tech- 
niques are still of critical importance for cleanliness 
Process timers, programmable logic controllers and 
other microprocessor systems are now standard, as are 


electrica! interlocks incorporated to control operation of 


ancillary equipment (including feedstock pressurising 
systems, cake washing, cake breaking and cake convey- 
ors), and these features lead to the common application 
of presses which require the minimum of attention whilst 
running at an optimum mode in continuous or semi- 
continuous operations. The range of materials used for 
construction has extended and now includes poly- 
propylene, polyethylene, PVDF, various types of iron, 
GRP, steel reinforced moulded rubber, stainless steel, 
bronze, aluminium and wood. Improvements in the 
design of drainage surfaces combined with the use of 


modern materials have facilitated better drainage from 
the machines. 

Variable volume filters now constitute an important 
group which can contribute significantly to the reduction 
of overall dewatering/drying costs. The most important 
industrial group are those pressure filters in which the 
filtration chamber is divided into two compartments by 
an impermeable elastic membrane. One compartment, 
lined by the filter septum, is used for the filtration which 
is effected by pressure applied by hydraulic fluid or 
compressed gas in the second compartment. Under this 
pressure the membrane expands until cake formation 
and compression are complete, when the pressure is 
released and the cake discharged. The filtration chamber 
can be cylindrical when the filter cake is formed in the 
annular space between a central filter candle and an 
outer tubular membrane, or the chamber may be rectan- 
gular as in filter presses in which alternate plates are 
fitted with elastic membranes (referred to as membrane 
filter plates, giving variable capacity filter chambers). 
Compression of the cake is typically with pressures in the 
range 10-30 bar with rectangular forms and 20-140 bar 
with cylindrical forms, thus enabling advantage to be 
taken of the compressible nature of many suspensions 
Typical applications are to processes where maximum 
filtrate recovery is required, where filter cake handling 
properties are important and improved at higher pres- 
sures, and where filtration is followed by thermal drying 

Other forms of traditional filtration equipment have 
also had considerable facelifts in recent years, taking 
advantage of modern materials and control/automation 
techniques 
filter has 


For example, the modern vacuum drum 
much improved internal mechanical en- 
gineering and design to facilitate more effective drainage 
and minimise liquor blowback. It is availabie in epoxy 
resin for highly corrosive environments or in rubber 
covered steel, high density plastic etc, and would com- 
monly have polypropylene grid mats to provide cloth 
support, and in designs which provide for easier drum 
access. Analogous developments can be traced in centri- 
fuge designs, although possibly a greater variety of 
centrifuge techniques are being pursued by manu- 
facturers to produce such machines as the baffle ring 
centrifuge, the screen baffle centrifuge, or the siphon 
centrifuge. The former two have only been applied to 
granulated materials, mainly plastic granules, with 
which very low residual moisture levels can be achieved. 
The rotary siphon system is designed to increase 
filtration pressure (and therefore capacity), to regenerate 
the cake heel by backflushing, and to reduce the 


filtration rate in special cases where it is, for example, 


©) Institution of Chemical Engineers 





RECENT PROGRESS IN SOLIDS PROCESSING 


Figure | 


necessary to avoid imbalance. The pressure difference is 
increased by using a gastight seal around the centrate 
zone behind the filter medium to reduce the pressure 
behind the filter medium from atmospheric down to the 
vapour pressure of the filtrate. This gives the combined 
of centrifugal and vacuum filtration. The 
filtration rate can be further increased by producing an 
overpressure in the centrifuge housing. 

Two relatively recent but broadly similar adaptations 
of the traditional process filter are the vacuum belt filters 
and the belt filter presses (Figure 1). The basic operation 
involves feeding a conditioned slurry onto a straining 
zone On a continuous moving belt of filter medium where 
gravity dewatering takes place. The slurry is then sand- 
wiched between upper and lower filter belts whilst 
continuously increasing pressure is applied. The forming 
cake structure then undergoes alternating pressure and 
Shearing effects as the filter belts pass around dimin- 
ishing diameter pressure rollers. The combined steadily 
increasing pressure and shearing effects efficiently de- 
water the slurry, discharging cakes with a relatively 
low moisture content. The typical throughout rate of a 
| metre belt width machine would be 4-10 m’ h ‘ of feed 
material, yielding 0.5—1.2 tonnes h~' of dry solids. Such 
machines have been in the course of development for 
twenty years or so and several have appeared on and 
disappeared from the market place in that time, but the 
use of modern materials and more sophisticated control 
techniques now make them more viable. 


effects 
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Voest Alpine multi-roll 


SOLID-LIQUID SEPARATION 


DELAYED CAKE 
FILTRATION—DYNAMIC FILTRATION 


Delayed cake filtration (known as dy 
in parts of Europe) refers to the 
which only allows the formation of 
slurry thickening takes place. In a norma 
and liquid move with more or 
toward the medium 
a continuously growing cake 
ation, solids move tangential 
liquid has two components of velocit 
cake and one parallel to } 


carried to the cake sur 


impact forces generated by the moving liq 


Cake formation is prevented by hydrauli 
means, and can 

the entire cycle n the tatter Case 

leave the filter as 


a mildly thickened slu 


extrudate with a higher solids content than tha 


with high pressure differences leads to high 

rates; such filters utilising these effects are 

Nutsch filter equipped with an agitator, stag 

with rotating turbines (Figure 2), crossflow 

modified forms of perforated rotor centrifuges 

and disc thickeners. Clearly many types of filter can be 
operated in this way provided sufficient shear exists close 
to the filter septum to prevent too much deposition. In 





WAKEMAN 


remaining solvent in two continuous phases. This 
‘thermal-inversion’ process produced pores ranging 
from 0.1 to 10um, and the tubes with a diameter 
between about 3 and 9 mm are known as hollow filament 
membranes. These capillary membranes are bundled 
into elements, and typical materials used are either 
hydrophobic polypropylene or hydrophilic polyamide. 
The bundle constitutes a self-supporting body (unlike a 
pleated cartridge) requiring no inner supporting core 
and a high service life is achieved by the large number 
of pores per unit area of filter surface. As with pleated 
membranes, hollow filament membranes with the appro- 
priate micron ratings can be used as sterile filters 
The emerging biotechnology industries and the elec- 
tronics industry are likely to place increasing demands 
filtration pumps provide velocities high for crossflow MI systems It is also possible tc incorpo- 


imit cake thickness; in the perforated rotor rate MF membranes into intensified processes such as 
Ss! 


the slurry is on the outside of the rotating continuous membrane fermenters, although adequate 
contrast with conventional centrifuges (par- solutions to the problems of fouling § and 
hrown outwardly away from the basket while particle/concentration polarization remain to be com- 

pump pressure flows into the inner sec- mercialized. As the new generation of membranes with 
and disc filters can be adapted so that a reduced affinity for foulants emerge, full scale commer- 
the drum or disc is used for thickening, cialization will become less hampered—the techniques 
e formation only over the latter stages of the 


form zone 


which alter the hydrophobic/hydrophilic characteristics 
and the electrostatic charge of the membrane have 
already shown some improvement in flux stability 


MEMBRANE FILTRATION 


membrane filtration experienced a ASSISTED FILTRATIONS 
wth through the 1960's < 70°s, ¢ wit 
nent rer : “ s, and _ h The emergence of a number of novel techniques can 
ment for ultrahigh purity liquids expanding, ae alia 
for ultrahigh purity liquids expanding, be witnessed in the research literature, which generally 
involve a fairly conventional filtration being affected 
advantageously by phenomena that are less widely ap- 


preciated and generally under exploited. Techniques 


ine filtration market is continuing to grow 
m a membrane manufacturers point of view 
membrane processes would include re- 


(retaining utes in the fr ea ' - é‘ 
: OT F utilizing electric fields to improve the filtration rates of 
m), ultrafiltration (10 0.0 
tion (0.02—10um), UF and M 
hed from RO in that the latter is generally a high 


mercial units are available. High gradient magnetic 


“ difficult solid/liquid separations or to prevent fouling of 


n 
a 


are dis- membranes are currently being studied, but few com- 
Pree Serene Pees Cees OC filtration is rather more advanced in terms of commer- 
cial viability; a typical HGMS filter consists of a mag- 
netised material (usually ferritic stainless steel to AISI 
430 or similar) in a finely divided form and placed 
between the poles of an electromagnet or permanent 


MF is most pertinent to the present over- 
development is also 

as been carried out in simple straight 

plate and frame devices or pleated cartridges, 
; : | sgl > magnet. The process stream passes through the filter 
which preferentially captures magnetic material while 
allowing the non-magnetics to pass through. Such units 


recently pleated cartridges have been modified 
w filtration. MF membranes are generally, 

not always, solution-cast from polymers 
requently from nylon, polypropylene, polyamide. 
se acetate, polysulphone and PTFE. In the last ten 


are suitable for removing strongly magnetic or weakly 
paramagnetic materials. 
echniques have been produced to form porous 
dissolving a polymer in an organic solvent at ADDRESS 
ten r “2 Nn lino the r TIC 
emperatures and then cooling the polymeric Wakeman is at the Departmer 
tne polymer precipitates oul around the niversity of Exeter, Exeter EX4 4QI 
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RECENT PROGRESS IN SOLIDS PROCESSING: 
SOME CURRENT DEVELOPMENTS IN DRYING 


By R. B. KEEY (FELLOW) 


Department of tical and Proce Engine ne. University of Canter} 


This paper reviews some current developments in drying with particular reference to experimental techniques, the kinds of 
drying regimes observable, the selective drying of two-component moisture and the status of drying theories and the modelling 
of drying equipment. 


INTRODUCTION properties arising 
In a previous paper | wrote: “Drying is an ancient enshrined in st 
a househould chore and an often-neglected science. It i difficult for other 
also a notoriously difficult topic to study. Even the © compete. Therefo 
analysis of an inert granular medium leads to six evolve linearly 
differential equations for total energy transfer, motion discontinuities it 


and continuity, one equation for the volume constraint, for example, 11 
and five thermodynamic relationships. This perhaps wool in Nev 
leads to the comment: It dries in practice, but does it dry circulation drye 
in theory?”' That comment is still appesite drum, through 
Drying is also an energy-intensive operation of some being challenged b 
significance in the process industries. In the United similar in 0 
Kingdom, for example, the total energy use in drying a papermaking 
during 1978 was estimated to be 4130 MW, or about 
12% of the nation’s industrial energy use~. Of this 
amount, 45% was expended in the drying of particulate EXPERIMENTAL TECHNIQUES 
solids in chemical, food and agricultural industries; the ll 
drying of sheet-form material, mainly paper, accounted discover how a n 
for a further 35% There has thus been considerable simplest is the 


interest in energy auditing of ing equipment to sample in some 
determine whether this energy demand can b 


reduced the kinetics of 


On a national scale, it has been estimated that about literature in chen 


15% of the demand could be saved by heat recovery est understandable 
from dryer exhausts and a further 8.6% by optimisation the area of drying 
of dryer design and operation plant. This emph 
A survey of drying in Sweden's chemistry industry in civil engineers a1 
1982 corroborates this view’. Data for 28 continuously- temperature 
operated dryers were collected, representing about 45% media than wi 
of the nation’s industry. The average thermal efficiency accompany 
was 33%, a figure that may give a false impression of such as g 
energy savings since some dryers would be operating interest, not the k 
under process conditions for which the ideal energy The simplicity 
demand (for adiabatic convection drying) would be perhaps illusory 
several times the latent heat of vaporization of moisture conditions must 
The author noted, however, that the potential for the kinetic informat 
exhaust-heat recovery was large as one-third of the heat has to be made for 
was supplied at temperatures below that of the exhaust State condition fron 
Whether a significant fraction of the exhaust heat can, material’s drying char: 
in fact, be saved will depend on whether the exhaust-gas unobtainable. Nor is it 
recuperator can work under condensing conditions and drying tests, because of 
other low-grade heat sources are absent on site changes that occur in son 
Lang notes that, in industries where product ranges The rate of moisture 
have been long-established, initial dryer choices may of in situ technique 
have been made decades ago. In those days, the relative environment. If a gra\ 
costs of energy, labour and capital would have been errors in weight estimale 
quite different from those applying today, and the level dynamic thrust on a sal 
of technological development of some forms of dryer or from convection curt 


relatively low. He goes on to observe that product itself 
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[here have been two approaches to the improvement 
of rigs for determining drying kinetics, by through- 
circulation techniques and by 


weight measurement 


Through-circulation methods 
Chrough-circulation methods were first used by 
Zabeschek® to describe the drying of free-flowing gran- 
ular materials in fluid beds. The method is adopted by 
Hallstrom* to determine the drying behaviour of NPK 
fertilizer granules. It has the particular advantage that 


the inlet-air conditions may be pulsed, if desired, to 
sim 


julate the alternate cascading and soaking cycles in a 
tary dryer which is often used for the drying of such 


\ simplified diagram of the apparatus is shown in 
Figure |. Air at a controlled temperature and velocity is 
forced through a 100 mm diameter bed of the material. 
weighing typically 70 to 160 g. Air leaving the bed enters 
an infra-red transmission spectrophotometer after the 
exhaust gas has been brought to a constant temperature 

[he photometer has a cell length of 500mm and 
measures the absorbance of water vapour at wavelengths 
of 2.60 and 2.67 um. The instrument would be calibrated 
against some primary standard, such as a cooled-mirror 
dewpoint meter or gravimetric hygrometer. 

lhe technique thus relies on measuring the moisture 
gain in the air to fix the moisture-loss rate. Although the 
technique is rapid, with a response time of 3 s or less, the 


response is non-linear with respect to moisture concen- 


“isolating” the means of 


tration and instrumental drift calls for frequent 
recalibration. The reproducibility of calibration is 
estimated at 0.2 g moisture/kg dry air. The technique 
also sufferes the disadvantage that, for accuracy, one 
needs to get as large a change in humidity as possible, 
but this requirement conflicts with the desire to work 
with thin beds which are needed to avoid significant 
NTU effects. In effect, one is measuring the bed- 
averaged drying rate which may not be the same as 
the rate of the bed-averaged moisture content under 
identical inlet-air conditions 


Improved gravimetric methods 

Fluctuating weight measurements of samples hung 
from pan balances in airstreams derive from two main 
factors: the slot through an underslung balance hook 
allowing high-speed air to jet towards the balance pan, 
and the oscillatory response of the balance due to 
air-pressure fluctuations from turbulence in the air sur- 
rounding the suspended sample’. The first problem has 
been overcome in the Univeristy of Canterbury appara- 
tus, shown in Figure 2, by isolating the balance in a small 
chamber under positive pressure: the second by pro- 
cessing the signal from an electronic balance through an 
active filter network to eliminate high-frequency oscil- 
lations which were smoothed by digital integration and 
recorded on computer. This arrangement reduced the 
balance fluctuations to +0.02g at air velocities of 
1.5Sms ‘and to +0.03 gat 3.0ms °, compared with the 
reported fluctuation of 0.1 g given by Ashworth and 
Carter at an all using a null- 
Results from this improved 
kinetics rig were first communicated at the Third Austra- 
lasian Conference of Heat and Mass Transfer* 

rhe improved methods of obtaining kinetic data are 
able to pick up second-order effects which were formerly 


1 


masked by the uncertainty 


velocity of Ims 


deflection beam balance 


of information obtained 
by differentiating data which were often smoothed 
informally before analysis. While observers have often 
speculated on the nature of the drying process from 
kinetic data alone, a full understanding of moisture-solid 
relationships can only be obtained by accumulating 
evidence from a number of experimental techniques 
Electron microscopy can provide an insight into the 
structure of a material, which may suggest mechanisms 
of moisture movement. Small specimens are freeze- 
cracked at liquid nitrogen temperature to expose the 
inner structure and vacuum-dried overnight. The surface 
to be examined by scanning electron microscopy is then 
coated with a thin layer of gold 


Thermogravimetric analysis yields a correlation of the 
temperature depression of a drying sample (compared 
with the air temperature) as a function of the sample’s 
moisture content. The technique can provide clues to the 
extent of drying when evaporation from the exposed 
surface controls the rate of moisture loss. Discontinuities 
in the temperature-depression gradient with time may 
indicate a shift in the nature of the moisture bonding. 


Differential thermal analysis is a technique of recording 
the difference in temperature between a substance and an 
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inert reference material as the two specimens are subjec- 
ted to identical thermal conditions in an environment 
heated (or cooled) at a controlled rate. The recorded 
thermograph (or DTA curve) shows a series of peaks 
which relate to the energy involved in the reaction 
occuring. In drying, one is interested in the endothermic 
peaks which, in principle, give a semiquantitative indi- 
cation of the different moisture-bonding regimes. In 
practice, these peaks may overlap, while oxidative and 
other degradative phenomena can influence the trace 


A more direct determination of 
mechanically-attached moisture can be 


Mechanical expression 
obtained by 
suction-potential measurements or by compression tests 
Constant-rate expression in a single direction approxi- 
mates to the conditions prevailing in screw presses, and 
thus such a test indicates the scope for dewatering in 
such plant besides yielding the solid-liquid equilibria at 
various pressures. Complementary axial gradients in 
porosity and pore pressure are set up during constant- 
rate expression and which gradually decay towards 
equilibrium when the expression is halted’. The relax- 
ation of stress from the peak to the equilibrium value 
yields the component due to the iiquid and the residual 
stress due to the compression of the solid Repeated tests 
yield equilibrium pressure data for various end moisture 
contents. 


Nuclear magnetic resonance techniques measure the spin- 
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DRYING REGIMES 


For convenience, the drying of materials is divided 
nto two regimes: an initial drying regime when the 
exposed surface is at or near the wet-bulb temperature 
and the rate changes little as moisture is driven off: and 
a subsequent drying regime (or regimes) when the rate 
of drying wanes markedly with moisture loss, the 

led falling-rate period or periods. However, not 
period be found’, and the 


or its appearance are complex 


ill a “constant-rate’ 
reasons f 
to keep the surface sufficiently wet for the 
drying to be boundary-layer controlled, and thus is a 
strong function of drying conditions. With materials that 
k, the surface layers can become semi-permeable, 
shortening the period of constant-rate drying 
[he subsequent drying history once internal move- 
ment begins to become rate-determinative is very specific 
to the material being dried. Moisture may move by 
liquid or vapour diffusion. capillarity, heatpipe-like pro- 
cesses of condensation and evaporation, closely similar 
desorption adsorption effusion through 
micropores, filtration and gas-phase movement under 


pri cesses. 


pressure at elevated temperature. Even with a specific 
material, its state of aggregation may influence the 


The extent of 
litial drying period depends upon the ability of 


drying process. The moisture movement through a 
porous particle, if “isolated” in a particle array as in a 
fluidised bed, will be governed by the capillary-transport 
mechanisms of the micropores: whereas, the drying of 
the same particles, when cross-circulated in a layer, 
will be controlled initially by the removal of the 
mechanically-held between 
the particles. Different rate-of-drying curves arise for the 


moisture in the = gaps 


two cases under identical external drying conditions’. 

Normally, it is assumed that “moisture” is a single 
component, often water. This is not always the case. In 
the drying of varnishes, the solvent to be removed ts a 
mixture which need not be dried selectively. In the drying 
of foodstuffs, on the other hand, there is a range of 
volatile components, only one of which, water, 1s 
required to be expelled. Selective drying of the water 1s 
demanded. Thurner and Schlinder’ have explained the 
selective drying of porous bodies wetted with ethanol- 
water mixture, and show that the selectivity depends 
upon both the thermodynamic equilibrium and the 
gas-side mass-transfer resistance. If the dimensions of 


the drying body are larger than the boundary-layer 


thickness, then the drying is non-selective, except at the 


beginning of drying. On the other hand, if the body ts 


1 


smaller than the boundary-layer thickness, then the 
process is selective, as the moisture movement within the 
body no longer controls the evaporative process 
However, selective movement within the body appears 
to take place when volatile materials evaporate from 
food materials (as opposed to the simple, capillary- 
porous rhurner and Schlinder) 


have explored the retention of 


materials used by 
Furuta and co-workers 
ethanol in droplets of aqueous maltodextrin solution 
The ethanol, is quickly removed from the surface zone, 
while the concentration builds up in the centre to a level 
greater than that initially. The fraction of ethanol 
ultimately retained 1s found to increase markedly with 
initial concentration 


In the case of homogeneous or uniformly-sized, 
particulate materials, kinetic drying tests with a sample 
can be used directly to estimate the rate of drying of a 
larger quantity. Should the material be pieceform, poly- 
disperse or be non-homogeneous (as is the case with 
loose, fibrous material that may tangle), then extensive 
parameters, such as NTU, better describe the rate of 
moisture loss than kinetic drying coefficients The 
problem requires finding a suitable averaging procedure 
whereby the moisture-transfer effectiveness of a whole 
system composed of various elements can be deduced 
from the moisture-transfer effectiveness of individual 
elements. Schliinder’’, in a pioneering paper, examined 
the simplest kind of non-uniform system, a two-pore 
body, and showed that the fractional saturation in each 
pore was very dependent upon pore size, since from the 
Hagen-Poiseuille law the mass flowrate is proportional 
to the fourth power of the diameter for constant pressure 
drop. In extreme situations of through-flow, it is possible 
to get virtually no transfer in the smaller pore and 
essentially saturation in the larger pore. Then the drying 
is no longer kinetically-limited, but controlled by the 
airflow distribution between the two sizes of pores. 
The effect has been confirmed experimentally by 
Demetriades”’ 
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SOME CURRENT DEVELOPMENTS 


In through-circulation drying, such non-uniformities 
may occur not only when the material to be dried ts 
composed of particles of different sizes (or shapes) but 
also when the material is non-uniformly loaded. Loose 
wool in New Zealand is commonly dried over suction 
drums and the wool mat is rarely uniform in thickness 
and openness. Ma’ has examined the moisture-content 
profiles over a suction-drum dryer for the simplified case 
when the wool mat is presented to the dryer in 
two streams, each of uniform but different thickness 
Although the differences in thickness-averaged, local 
moisture contents between these for a wholly-uniform 
mat and those for a mat with thick thicknesses, 
significant unevenness in moisture content between the 
thin and thick zones can be found. Thus drum-averaged 
drying rates can give a misleading indication of the 


extent of dryness in terms of the existence of wet spots 


DRYING THEORIES AND 
MODELLING DRYERS 
There have been attempts for many years to provide 
a unified theory of drying. Early theories were based on 
liquid-phase diffusion, liquid capillary-driven flow 
vapour diffusion and internal evaporation, evaporation 
condensation, or the concepts of irreversible thermo 


dynamics. Fortes and Okos~ point out that ma 


iny 
these theories are complementary to each other and are 
extremely limited when applied to explain the whole 
drying process, particularly for complex materials of 
biological origin 

The difficulty in applying fundamental theory to the 
simplest of drying situations is illustrated by Whitaker 


who considers the moisture-transport mechanisms 


during the cross-circulation drying of granular porous 


media such as sand. The volume-averaged transport 


equations within the wet, porous medium have to be 
related to the point equations for the surrounding 
homogeneous gas phase. The capillary pressure tends 
toward infinity at some saturation that ts significantly 
lower than the experimentally-determinable irreducible 
saturation, when the permeability is so low that 11 
becomes immeasurable. For “best” correlation with 
experimental moisture-saturation curves, Shah and 
Whitaker~ find that they need to specify permeability 
values at low saturations in a manner that produces no 
disagreement with experimental values, in regions where 
experimental data are very difficult, if not impossible to 
obtain 

Reay~’* has explored the extent to which theory can 
be used for the design of drying equipment. If “theory” 
is defined as the use of detailed modelling of moisture 
movement, then the answer is “very little’. However, if 
“theory” includes the thermodynamics of moisture 
evaporation, then clearly significant theory is involved in 
assessing drying requirements. It is surprising, therefore, 
to note that most texts have notable gaps in the descrip- 
tion of the thermodynamics of dryers. Continuing edu- 
cation courses have often been useful as providing a 
forum to address these deficiencies. For example, Keey 
describes the relationships between volumetric moisture 
contents (given by some measuring instruments) of 
materials which shrink in drying and the dry-basis mass 
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RECENT PROGRESS IN SOLIDS PROCESSING: 
RECENT RESEARCH ON THE STORAGE OF 
PARTICULATE MATERIALS IN HOPPERS 


By C. SCHOFIELD 


Warren Spring Laborator) 


INTRODUCTION 


With more products and intermediates appearing in 
particulate form there continues to be interest in the 
design and behaviour of hopper storage systems. No 
major developments have come to light over the last two 
years but the basic understanding of the flow behaviour 
has been consolidated and design procedures are con- 
tinuing to be improved 


Flow from Hoppers 


The prediction of flow rates from hoppers has clear 
practical implications and Nedderman and co-workers 
have paid particular attention to the effects of interstitial 
air pressure gradients on the flow of granular materials 
Nedderman et al.’ started from the Beverloo correlation 
for the rate of discharge from a flat-bottomed container 
and developed semi empirical equations to establish the 
increase in fiow rate by virtue of an air pressure drop 
across the material. The multiplicative factor for low 
Reynolds number air flow was shown to be approxi- 
mately 


where AP is the pressure difference, v, the distance from 
the virtual apex of the conical hopper to the orifice and 
p the bulk density. At Reynolds numbers greater than 
about 10 inertial effects cannot be ignored and the 
multiplicative factor becomes 
APf(Re) 
(14 . 
vopS 


where (Re) 1 at low Re and —3 at high Re. Further 
relationships were developed taking into account the 
compressibility of the air. 

The above work was subsequently applied to the 
conditions where the top of the hopper might be open 
or closed (ventilated or unventilated)’. Theory was de- 
veloped for the ratio of the flow rate from a ventilated 
hopper to that from an unventilated hopper where the 
volumetric air flow up through the orifice must equal 
the volumetric outflow of solids. It was shown that as 
particle size increased the flow rate from an unventilated 
hopper approached that from a ventilated hopper. The 
particle size at which the flow rates approximated one 
another increased with increasing orifice size. 

Flow channelling or ratholing can lead to a failure of 
hopper discharge and Drescher and Vgenopoulu* adop- 


Gunnels 


Wood Road. Stevenag 


ted a kinematic approach of limit analysis 
criterion for stable rat The theoretica 


was comprehensive but awaits experimental verif 


holes 


It is claimed that their method should be 
vative than previous methods 

Designing a hopper to ensure that it w 
empty is important in some applications and the hopper 
angle and drained angle of repose in the hopper are the 
important parameters. Kalson and Resnick’ carried out 
experimental measurements of the critical « 
gle, that is the hopper angle above which the 


hoppe 
drain completely 


[hese angles were found to be much 
lower than mass flow angles and will be of significance 
in the design of core flow hoppers. It is not clear however 
how small scale tests will scale up or how drainage angles 
relate to other material properties and other character 
istic hopper angles 
Michalowski” presented some experimental re 
a study of flow patterns in a plane, wedge sha 
hopper together 


description of the discharge process 


with an approach to a 


A stereo photo 


9 
graphic technique was used to determine the | 


velocity discontinuities and variations in density 
during flow were determined by X-ray and ultrasonic 
methods. In the initial stages of flow mass flow or plug 
flow mechanisms could occur with distinct narrow zones 


of large shear deformation, or velocity discont 


CIScK inuities, 
accompanied by dilation 


After these initial stages mass 
flow was established and the pattern of velocity discon- 


tinuities became geometrically similar throughout the 


flow. The theoretical description, based upon the plane 
plastic flow of incompressible materiai, coupled with the 
radial stress field agreed well with the experimental 
results. The description proposed gives similar results to 
those obtained by Drescher et al.’ who assumed the 
presence of only one pair of velocity discontinuities 
which is not surprising since the magnitudes of the other 
discontinuities are small 

The flow in hoppers can be modified by inserts of 
special shape located at strategic points close to the 
outlet. Johanson* proposed that such inserts can reduce 
the size of stagnant zones in core flow silos thus ensuring 
more uniform flow break 
Stresses that develop to give rise to a stable arch close to 
the hopper outlet’. Tiziin and Nedderman” carried out 
an experimental investigation of the flow of granular 


Inserts are also employed to 


material in a model silo with one or more fixed inserts 
They observed that a triangular insert close to the outlet 
produces a smoother streamline pattern below 


and increase the size of the stagnant zone 


the insert 


The experi 
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mental results did not agree with the velocity fields 
predicted by a kinematic model and further investigation 
was proposed. The effect of inserts on wall stresses 1s 


; 


discussed in the next section 


Wall Stresses 


Probably the most widely used method for deter- 
nining horizontal and vertical pressures that a loose 
granular material exerts on the walls and base of a silo 
s that due to Janssen’. Cowin’ considered how mate- 

consolidatien affects the method. Consolidation 
ncreases the bulk density and thus the vertical stresses 
ibove those predicted by Janssen, on the other hand 
isolidation also increases the “pressure ratio” in the 
relationships which has the effect of decreasing the 
vertical stresses below those provided by Janssen. In fact 
Cowin shows theoretically that these two effects exactly 
compensate for one another so that material consoll- 
dation has no net effect on Janssen’s predictions 

[he so called slice element method of calculating 
Stresses in silos as first used by Janssen” and later by 
Walker’ and Walters'’* require a number of simplifying 
issumptions concerning the stress distributions and 
therefore the methods are not suitable for calculating 
1ose stress distributions. Wilms and Schwedes’ consid- 
ered the force balance on an infinitessimal element using 

e method of characteristics to determine the stress 
listributions in hoppers. They found fairly good agree- 
nent with Walters’ method showing that the assumption 
f a constant horizontal stress is valid. They also showed 

it only in very steep hoppers do initial stresses de- 
crease towards the outlet, whereas in less steep hoppers 
initial stresses increase towards the outlet and such hig! 
ids have practical significance in core flow silos 
fuzun and Nedderman”™ considered the effect of 
nserts on wall stresses and it was shown that the stresses 


were increased on filling but decreased during flow 


Hopper Design Methods 


the UK an attempt has been made to draw together 
the available information into a single comprehensive 
| 


code for the design of silos, bins, bunkers and hoppers 
published by the British Materials Handling Board 


The BMHB draft code of practice is currently being 
revised in the light of comments from industry and 
researchers and it is anticipated that some time after the 
revision is published it will be adopted as a British 
Standard Code of Practice. 

Perhaps the greatest advances in the development and 
presentation of hopper design methods have taken place 


in Australia, in particular the work of McLean et al 


Moore et al.'’ and Arnold et al 
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RECENT PROGRESS IN SOLIDS PROCESSING: 
COMMINUTION—A REVIEW 


J. D. BIGNELL and S. NEWTON 


Spring Laboratory, Stevenage, Herts, Uk 


No radically new developments in processes or concepts have emerged in the last few years. Rather there has been a continual 
evolution and development of existing types of equipment with the emphasis at the moment on achieving existing levels of 
comminution at lower capital and energy costs. 

Recent trends in crushing technology have been to extend the range of use of crushers such as vertical spindle mills to finer 
sizes and the deployment of movable primary crushers that can be placed close to the working face to maximise the use of 
the conveyor transport of material. For grinding processes interest has focussed on the concept of centrifugal milling, the 
extension of stirred media mills to treating coarse material (tower mills) and the use of magnetic liners. Improvements in the 
design and operation of comminution—classifying circuits should follow from the modelling studies currently in progress 


INTRODUCTION All authorities 


Comminution is a key process in the minerals and minution flowsheet 
process industries. It ranges from the breaking of masses tions. Each case has 
of rock several meters across as an initial step in the into account the rock 
treatment of a rock to the ultrafine grinding of products why one wishes to treat 
to less than 0.005 mm to meet market requirements. The as the choice of equipment 
objective may be comminution itself, that is the reduc- throughout. However, all 
tion of something to the size the market dictates, or a classifying of the products 
means to an end by releasing a mineral from its host so comminution, particulal 
that it may be concentrated or removed 
Conventionally the process is divided into two catego- 
ries, namely the crushing of coarse particles to sizes 
down to about 10mm and the grinding of particles of CRUSHING 
less than about 20mm to finer sizes, although the lhe recommended use of 
division is by no means rigid. Crushing is usually done autogenous grinding, 


1 
bi 


< 


dry or, more correctly, as mined or quarried; grinding concepts, may both b 


may be done on a pulp or on really dry material circumstances. For 
The design requirements of size reduction machines the ore must be s 

change markedly as the particle size changes. In virtually normally quite 

all machines the breakage forces are applied either by costs of having ; 

compression or impact. The difference between machines by savings in 

is in the mechanical aspects of applying the force to the grinding plant 

various sizes of particles. When the particle is large, the smallest operations a 

energy required to fracture each particle is high. As the the capacity of tl u 

particle size decreases the energy to fracture each particle coloured by the range of 

decreases but the number of particles to be comminuted company 

increases dramatically and so the energy required pet The development of 

unit mass rises rapidly. Consequently, crushers have to products of less than 


ic ¢ 


be massive and structurally strong, whereas grinding extension to the crushing 1 

machines have to expend their energy over a large stone principle has greatl 

number of particles. tertiary impact crushers 
Crushers tend to have relatively low reduction ratios, their use 

i.e. the feed size relative to the product size, whereas The impact roll crushe1 

grinding mills may have high ratios scraper-chain conveyor 
There have been many good reviews and books writ- roll fitted with impacting 

ten on the equipment that has been developed to meet underground for 

the needs of industry; there are also important sections has now been extended 

in standard engineering and mineral processing texts building rubble 

Manufacturers literature contains a wealth of detail and The development of mobile 

articles in the international journals frequently give primary crushers has enabled the 

examples of plant practice at particular operations. This ers close to the working face 

review will be limited to summarising recent develop- veyer transport of products away h 

ments in this field. on trucking and loading-unloading expen 
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GRINDING 

Grinding is an energy intensive process and the finer 
the required particle size the more energy is required, 
even though only about 1% of the applied energy 
actually goes into the creation of new surfaces in the 
form of finer particles, so leaving, at least in theory, 
abundant scope for improvements. Grinding can be 
done wet or dry. For a given material dry grinding is 
usually more energy intensive than wet grinding, but the 
costs of thickening and filtering are avoided and media 
wear tends to be less. However, size classification is more 
easily done in pulp but, whether an operation is done wet 
or dry, good classification of products is essential for any 
grind. Dry grinding may lead to dust problems. 

Grinding is usually done dry if the objective is size 
reduction per se and the final product is wanted dry. If 
dry beneficiation is the process to follow then dry 
grinding is again preferred. Dry grinding is therefore 
common in the coal combustion, cement, chemical and 
mineral filler industries. However, wet grinding is usually 
preferred if the comminution is to be followed by a wet 
beneficiation process such as froth flotation. As such, 
wet grinding dominates the minerals beneficiation indus- 
try and most of the literature from this industry is 
primarily concerned with wet grinding 

As with crushing there have been few radically new 
ideas in the last few years, but worthy of note are the 
development of centrifugal mills and tower mills 

In conventional tumbling mills the effective breakage 
force is limited by the gravitational force. In centrifugal 
milling the mill itself revolves around a horizontal axis 
other than the centre line of the mill shell. The extra 
centrifugal effect enhances the normal grinding effects of 


a tumbling mill and hence it is claimed the same grinding 
performance can be achieved with smaller and cheaper 


equipment Such mills are in an early stage of 
development and to date have only been tested wet, but 
there is no theoretical reason why the principle could not 
be extended to dry mills also 

The impetus for this development has come from the 
South African gold mining industry where a high 
throughput mill operating at the bottom of the mine is 
wanted. The mill must therefore be small enough to be 
lowered down the shaft and assembled and run deep 
underground. A prototype | metre diameter x 1.2 metre 
long mill equipped with a 1000 kW drive motor rotating 
at 230rpm about its eccentric axis has successfully 
ground 75 mm feed autogenously at 25 tph to 50% less 
than 0.075mm. It has also operated as a ball mill 
equivalent to a 4 x 6 metre conventional mill. Liner wear 
is, however, high. The development of such machines 
may well be a significant future advance for both wet and 
dry milling. 

The tower mili is a development of stirred media mills 
which are normally used for the very fine grinding of soft 
materials such as pigments, colourants and kaolin. They 
conventionally consist of a tall cylinder with perforated 
discs, rods or arms on a rotating central shaft and filled 
with grinding media (sand, ceramic, zirconia or steel) of 
about 0.4 to 0.6mm. The tower mill has been recently 
developed by the Koppers Co Inc for the wet grinding 
of ores from 5mm. The medium is steel balls up to 
25mm in diamter. It is claimed to match ball mills in 


grinding capability but with an energy saving of up to 
30%, largely because the mill shell remains stationary, 
unlike ball and vibratory mills. Wear on the stirring 
mechanism is severe and this aspect is being intensively 
researched. Wear on the mill casing is greatly reduced by 
the shell design which traps a layer of the coarser 
particles against the shell, giving a rock-on-rock effect. 

Conventional ball mills are lined with steel and use 
steel balls ranging up to about 125 mm in diameter, or 
other shapes (eg cylinders'’ which are cheaper to make). 
Where iron contamination is undesirable, silica linings 
and flint pebbles may be used. Alumina may also be used 
but is costlier. Rubber may also be used for the liners to 
reduce wear. The loss of grinding steel by wear in dry 
ball mills is about one third of that in the equivalent wet 
system'*. Choice of the composition and shape of the 
liners and the materials of the balls can be very im- 
portant as the replacement of the parts and balls neces- 
sitated by wear can be a major cost'*" 

A recent development is the use of strontium ferrite 
magnetic mill linings. These are fixed to the mill through 
magnetic attraction rather than by the more usual 
bolting. They are therefore more easily changed if worn. 
They are claimed, however, to have a long life due to the 
formation of a protective layer of magnetite, present in 
small proportions in many rocks and ores and adhering 
also through magnetic attraction’’. These linings have 
been used in conventional wet ball mills and even 
semi-autogenous mills and the extension of their use to 
dry milling may not be long delayed. 

For the dry grinding of soft materials to produce fine 
to moderately fine products, roller mills are still prob- 
ably the most suitable machines for all but the largest 
operations when ball mills may be preferred as they are 
more easily scaled up in size. The choice is, however, 
finely balanced with the Central Electricity Generating 
Board choosing to install about 60 Babcock 10E roller 
type mills at its Drax power station 

For very fine grinding high speed hammer mills, pin, 
air classifying, turbo mills and stirred media mills can be 
used on the softer materials but fluid energy and vi- 
bratory mills are preferred for the harder materials. 

Materials such as steel plate and plastics that do not 
normally respond well to conventional comminution 
may be embrittled at low temperatures (eg by use of 
liquid nitrogen) and may then be readily broken up and 
ground. Although feasible, such processes are not gener- 
aily economic because of the cost of the required liquid 
nitrogen. However, they are used for the treatment of 
certain rubber products, particularly in the United States 
and Sweden (grinding tyres to 0.15 mm) and for treating 
small quantities of high value materials such as 
spices'**'. The actual comminution is usually by ham- 
mer mill, which rapidly shatters the particles before they 
have time to warm up and lose their brittleness. 

An important recent development has been the work 
on modelling individual crushing and grinding equip- 
ment and total systems including classification. Such 
studies are leading to clearer understanding of the 
processes, which in turn can lead to more effective 
circuits as well as to improved automatic (computer) 
control of circuits for optimum performance. As an 
example, the studies of cement grinding plants are 


Chem Eng Res Des, Vol. 64, March 1986 





RECENT PROGRESS IN SOLIDS PROCESSING: COMMINUTION 


raising queries about the use of long tube mills for fine 
grinding. The studies are confirming the interference on 
the grind of fines which are adhering to the mills and 
media and are suggesting that multi-stage milling with 
intermediate classification may be more efficient, even 
allowing for the extra classification expense”. A full 
review cf this field is beyond the scope of this paper but 
references 22 to 31 will provide an entré to current 
research. 
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Compact heat exchangers 
(3rd edition) 

W.M. Kays & A. | 
Mc Graw Hill, 1984 
pp. 332, £32.50 


London 


The third edition of this text has been long overdue and 
thus it is gratifying that new data and more recent 
theoretical solutions have been included. The layout of 
the material is essentially the same as the previous 
editions except that a dual system of units is introduced 
to accommodate the SI system. This makes the text more 
readable to European engineers. The material presented 
is ideal for the lecturer and student alike, and design 
engineers will find the methodology clear and concise, 
even if they use other design techniques. Basic data, that 
is, heat transfer and friction factor, for 11 new surface 
configurations are presented, including some for the very 
compact ceramic matrices. In Chapter 2 new sections are 
included for surface selection methodology, flow distri- 
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bution and header 
heat exchanger 
values is also present 


crossflow headers alol 


effectiveness—N TI plot 
In Chapter 3 on the 
changers some new data 
the constraints on ¢ 
exchangers. Chapter 6 
Nusselt numbers in the 
flow in rectangular 
geometry parameter! 
ceramic matrices, and 
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are listed in Chapter 10 
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KINETICS OF GRAVITY DRAINAGE FROM 
POROUS MEDIA 


By R. J. WAKEMAN (MemMBeR) and A. VINCE (GRADUATE) 


Department of Chemical Engineering, Universit 


of Exeter 


A technique is described for measuring internal saturation profiles during drainage of liquid from a porous medium. A 
mathematical-physical model is developed to describe the drainage kinetics. Good agreement is found between predicted 
transient saturation profiles and overall drainage rates and those measured experimentally. It appears that almost nothing is 
known of the factors which control the equilibrium saturation condition of a gravity drained bed. A design chart is constructed 
to enable assessment of gravity drainage characteristics, and rapid evaluation of the effects of altering process parameters. 
Use of the chart to predict the drainage kinetics of a specified solid/liquid system is demonstrated. 


INTRODUCTION 


Deliquoring or dewatering of porous media is important 
to many industrial processes for a variety of reasons. For 
example, the drainage problem is of interest in iron 
making processes where molten iron and slag are period- 
ically drained from the hearth of a blast furnace’; in the 
storage of coals in cars, bunkers, basins and silos“; and 
in the movement of liquid in partially saturated soils, 
rocks and aquifers. Numerous other applications occur 
in diverse areas of process engineering, soil physics, 
agricultural engineering, and groundwater hydrology. 

The many areas of relevance for gravitational de- 
watering have caused the fundamental developments to 
be somewhat disjointed, with the one common factor 
that all attempts of modelling have been based on 
Darcy's Law (with the exception of some empirical 
approaches which will not be mentioned here). However, 
there are many noteworthy features of each separate 
approach but it has been demonstrated that the data 
obtained, even when simply correlating residual 
moisture levels, is not properly understood’. Of the 
mathematical models proposed for the more general 
problem (that is, including deliquoring by applying 
vacuum or pressure in a displacing gas phase) four 
approaches can be highlighted as having provided in- 


sight into the fundamentals and it is considered that, if 


properly developed, an engineering model might ensue. 
These can be categorized as follows: 


(i) Frontal displacement analysis 

This model gained widespread recognition in the oil 
industry due to its simplicity and hence adequacy for 
interpreting recovery data, and was developed for this 
purpose by Buckley and Leverett’. By assuming that 
gravitational, capillary pressure and liquid com- 
pressibility effects were negligible a model was formu- 
lated to interpret water/oil displacement processes, the 
solution to which allowed the displacing fluid saturation 
at any point within the porous medium to be determined 
graphically. The technique was subsequently extended 
to filter cake deliquoring, but it might be argued that 
displacing gas compressibility should have been included 


for this application of the model. Capillary pressure 
effects were also omitted 


(ii) Capillary models 
These are based on the existence of mutually indepen- 
dent cylindrical capillaries extending throughout the 
depth of the medium. Their diameters have frequently 


been assumed to be monosized, and the Darcy and 
Poiseuille equations have been combined with a tor- 
tuosity concept* to provide an expression for the relative 
permeability of the bed to each flowing fluid. These 
models were able to relate relative permeability, capillary 


pressure, and saturation in a fairly sensible way in spite 
of the oversimplified notion on which they were based. 
An improved capillaric model was discussed by Gray’ 
who replaced the monosized distribution by a diameter 
distribution derived from a measured capillary pressure 
curve. Similar models have formulated relative 
permeability expressions; the capillary models tend to 
overestimate deliquoring rates. 


(iii) Network models 

The network model introduced by Fatt’? was a de- 
parture from the classical deterministic approaches; the 
porous medium was regarded as a network of randomly 
distributed, interconnected tubes which possesed a dis- 
tribution of sizes. These concepts led to the so-called 
cutting and rejoining models in which connectivity of the 
pore space is recognised; the flow channels are still 
assumed to be capillaries and the pores not only have a 
distribution of sizes but it is also possible for any pore 
to feed fluid to more than one other**'* >. The network 
models are generated by considering the pores in the 
medium to be a bundle of capillaries with a distribution 
of radii, and which pass throughout the length of the 
medium. If the medium is cut perpendicular to the 
capillaries into a series of slices, each slice is then rotated 
to a random extent, and then the medium is recon- 
structed from the slices, there is a chance that the 
rejoining will introduce an element of pore connectivity 
at the jointed faces where some pores will adjoin more 


©) Institution of Chemical Engineers 





KINETICS OF GRAVITY DRAINAGE FROM POROUS MEDIA 


than one other pore of a different size. The predicted 
relative permeability plots from such models agree quite 
well with experimenial data and exhibit the correct 
qualitative shapes, although it is still necessary to mea- 
sure a capillary pressure curve for the medium. To 
remove this problem the general shape of capillary 
pressure curves has been investigated, and the curves 
expressed by a general mathematical expression which 
appears to fit data from a wide range of sources and for 
a large number of different media* 


(iv) Film fiew model 


In gravitational and centrifugal drainage it has been 
supposed, with some justification, that the bulk liquid 
level falls in the medium to leave a quantity of 
liquid retained over the surface of the particles’®. This 
liquid then drains film-wise over the particle surfaces at 
a much slower rate than the bulk of the liquid. The film 
drainage continues until the continuity of the film is 
broken at some point, whence drainage ceases. This 
departure from the relative permeability concept was 
later refined'’ by consideration of the retarding effects of 
film flow due to changes of the capillary drain height 

Of the above, network models utilize a stochastic 
description of the bed structure, whereas the other 
approaches tend to be deterministic (in some 
cases including some stochastic structural 
representations’**'*). 


During dewatering it is important to be able to 
estimate, and preferably predict, the rate of liquid dis- 
charge and the distribution of liquid through the void 
volume of the porous medium. In the process en- 


gineering context it may be possible to change some 
process parameters such as particle size or wettability o1 
bed thickness, and it is convenient to be able to predict 
the effects of the changes. To facilitate such calculations 
a fundamental understanding of the basic physical mech- 
anisms and phenomena occurring at the microscopic 
scale is needed. From the practical point of view it is not 
possible to observe these taking place in an invidividual 
void, but it is possible to make suitable measurements of 
liquid distributions in the bed and infer mechanisms and 
phenomena by the application of mathematical models 
In this paper an experimental technique is described 
which allowed transient saturation profiles during gravi- 
tational dewatering to be measured. A new theory, 
developed from one successfully applied to vacuum and 
pressure dewatering’, has enabled deliquoring kinetics 
to be modelled. The theory has been applied and devel- 
oped in such a way that a generalized dewatering chart 
can be presented, thus providing the basis for estimating 
effects of alterations in process parameters. 


EXPERIMENTAL INVESTIGATION 

Experimental equipment and techniques have been 
developed which enabled measurement of transient 
saturation profiles without disturbance of the fluid flow, 
the equilibrium saturation and its distribution at the end 
of the drainage process, the relationship between the 
average Saturation of the bed and the deliquoring time 
by a second and independent measure of the capillary 
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pressure curve, and equilibrium 
function of capillary pressure 
experiments are shown in 

[he experimental equipment is shown scl 
Figure |; the transient saturation profiles | 
during drainage were measured by mea 
computer operated data acquisition 
ing bed was held in a 10cm diameter pe 
which was fitted with pairs of silver plated | 
located diametrally and at | cm intervals 
oscillator provided a continuous sinusoida 


constant r.m.s. voltage and at frequency 


signal was applied across a simple resistance 


circuit with the bed in series with a resist 


digital voltmeter was connected across a 
trode pair. The signal scanner was used 
electrode pair at a time into the circuit 
signal scanner were controlled by a 
which also recorded and stored the data 
subsequent processing and retrieval 
Details of the experimental procedure 
eleswhere’’. In brief, the liquid and solids 
the temperature controlled cabinet; a bed w 
slowly sedimenting and mixing particle 
until the requisite depth was reached. I 


above the top of the bed was drained 


gravity to enable determination of the sat 


permeability. Further liquid was drained 
until the remaining liquid was just enough t 


volume (100% saturation). Drainage under 


then commenced by simultaneously fully 
drain tap and starting the data acquisitio1 
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Figure Schematic arrangement of equipment 
system monitored saturations throughout the bed thick- 
ness continuously, and a separate measure of the bulk 
liquid volume removed was obtained from the float cell 
recordings—this also served to check the integrated 
saturation profile measurements 

Capillary pressure curves were obtained from the bed 
container fitted with a top through which humidified 
compressed air was blown. After gravity drainage, the 
air pressure was incremented and the successive decre- 
ments in saturation recorded by the computer system 
and float cell arrangement; aspects of the measurement 
are available elsewhere’’. A complete capillary pressure 
curve is obtained for deliquoring purposes when no 
further liquid is removed when the air pressure/flow rate 
is increased 


ANALYSIS 


In what follows the bed is considered as an homoge- 
neous network of voids which are initially saturated with 
a liquid. The particles are assumed to be non-porous, 
and thermodynamic and physical conditions are such 
that the liquid will drain from the bed spontaneously in 
a gravity field. Liquid movement relative to the solid 
particles (assumed stationary) is described by Darcy’s 
Law 


kk, € 


Ul 


(1) 


where v, is the volumetric flux density of the liquid, k is 
the permeability of the saturated bed, k,, is the relative 
permeability of the bed to the liquid at any specified 
saturation, x is the distance from the base of the bed, and 
p. is the saturation dependent capillary pressure. The 
notation used is depicted in Figure 2. 

The liquid material balance is given by: 


os 


when the bed has a uniform and constant porosity e. 

Using equations (1) and (2) yields the basic differential 

equation describing the saturation reduction of the 

porous medium: 
os 7 Op.\ 0k,, —kk,, 6p. 

pz = = ——= (3) 
Ox } Ox €u, Ox* 

A similar 


Parsons” 


equation was derived by Cardwell and 
who went on to assume capillary pressure 
effects to be negligible (p.=0) and so produce an 
approximate solution. No such simplifications will be 
made in this analysis. Furthermore, the experimental 
work showed that at the average equilibrium saturation 
of the bed a local axial saturation distribution exists, 
hence the equilibrium saturation S, is a function of x. 
The previously used** definition of reduced saturation is 
introduced again here as 

: 5s 

“R 


so that 


os 0S../0x 
— a Se) = — +(] 

cl ( a OX 

The relative permeability of the bed to the liquid is 


saturation dependent and decreases with saturation; the 








Figure 2. Conditions during drainage 
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expressions used elsewhere** are introduced again here 


(6) 


where / is a measure of the distribution of pore sizes 
which are capable of being drained, and is hence the 
slope of a capillary pressure curve plotted as the reduced 
saturation versus the ratio of breakthrough to capillary 
pressures on logarithmic coordinates. It is therefore 
assumed that a capillary pressure described by: 


. Po 
we (, | 
is valid for gravitational deliquoring in the same way 
that it was for pressure and vacuum drainage. This is 
probably a reasonable assumption, particularly if the 
form of the drainage capillary pressure curve is con- 
trolled by the porosity of the bed particle-liquid inter- 
facial properties, and the sizes of the constituent par- 
ticles. However, this hypothesis can be readily tested 
experimentally and verifying results are available’* else- 
where. It was found, for drainage under pressure, that 
values for A obtained from the present experiments were 
similar (in the region of 3 to 7) to those obtained for 
other materials*”’ and that for possible saturation vari- 
ations under the gravitational conditions above / values 
tended to be slightly lower. This has also utilised the fact 
that liquid is first drained from the bed at a break- 
through pressure represented by 
4.6(1 —¢) 
Pp = = 


ex 


(3) 


In view of the experimental results, equations (6)-(8) will 
be used in this analysis. 

Equations (5) to (7) can be used to give explicit 
equations for capillary pressure and relative per- 
meability, and enable the gravity deliquoring equation 
(3) to be rewritten with reduced the 
dependent variable: 


Saturation as 


os 


aS [ 
ar | Sp) 
cl 


OSp C Xx 


(9) 


This equation can be generalized and somewhat 
simplified by introducing dimensionless variables 
Defining a dimension-less distance into the bed as 


(10) 


and a dimensionless time as: 
4) 
« KP 


= —— ff 
uu, Le 


and a dimensionless pressure as: 
p/2L 
a" 


- 


Chem Eng Res Des, Vol. 64, March 


DRAINAGE 


FROM POROUS MEDIA 
equation (9) can be rewritten as 
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where 


This equation can now 
condition 


and boundary conditions 


t*>(0. 


when the function $ 
ation at the end 
mentally 

A solution to the deliquoring 
by rewriting it using central 
mations and Crank-Nicolson 
defining the distance step 
by 1* 


equation 
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(13) was solve 

iterative procedure and a 
The solution roduced 

profiles through 

deliquoring time 
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Gravity drainage from a 


where R,, is the measured resistance between diametrally 
opposed electrodes, R, is the resistance between the same 
pair of electrodes when the bed is saturated, and n is an 
index which is frequently considered constant. Equation 
(21) was applied to each plane in the bed and integrated 
to give the average saturation of the bed from 


oie) 


ax (22) 


when the index was guessed. The correct value for n was 
known to have been selected when equation (22) gave the 
same average saturation as was measured from the float 
cell arrangement. Equation (21) could then be used to 
convert the data from the DVM into saturation profile 
data 

Figure 3 shows the transient saturation profiles for 
water draining from a bed of 925 um ballotini beads 
Drainage can be seen to have been very rapid in the early 
stages. Liquid does not drain uniformly from through- 


y 
Lado 


Figure 4. Gravity drainage from a ballotini bed: / 20.4 cm 


0.00089 Pa s 0.07 Nm 

out the bed depth, nor is there a sharp saturation front 
demarking any zone where liquid is held in either the 
capillary or pendular states. Drainage has slowed con- 
siderably after 10 seconds, and no part is fully saturated, 
thus inferring that a continuous passage of effectively 
Stagnant air may exist through the bed depth. Drainage 
of a more viscous glycerol/water mixture from a bed 
with similar characteristics is shown in Figure 4; the 
effect of increasing the viscosity not only slows the 
drainage process but also leads to the development of a 
fairly sharp interface between an almost saturated zone 
and one which is nearly reduced to a pendular state. An 
interesting feature of Figures 3 and 4 is that the satur- 
ation in the top half of the bed is identical once drainage 
has ceased, and one may postulate that the shape of the 
final profile is probably affected by the rate at which 


liquid can escape through the underside of the porous 
mass. The results cast some considerable doubt over the 
validity of the abrupt interface approximation, and 


925 um ll 0.00325 Pas 


0.07 Nm 
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Figure 5. Gravity and pressure drainage equ 
u 0.00089 Pas 0.07 Nn 


hence over the frontal displacement analysis type of expulsion of li 
approach to modelling the displacement tween the areas 
Figure 5 shows the equilibrium saturation profiles gas pressure is 
developed under different deliquoring pressures in a the bottom of the 
ballotini bed. Gravity drainage leads to profile A, where lead to gas breakt 
desaturation only occurs in the uppermost portion of the I H. Increasing 
bed. Application of a pressure in the gas phase causes an Causes a very large 


Figure 6. Experimental and theoretical saturation profiles for Figure 7. Experiment 
draining ballotini beads; L = 21cm, « =0.377, kh 1.18 x 10°*m crushed olive stones 
x = 1100 um, pu 0.00089 Pa s, 0.07 Nm / 4.57. | experi , $15 um 


mental data; theory) (© experimental d 
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proportion of the bed approaches a state of pendular 
retention; further increases of pressure lead to lesser 
saturation reductions, as would be inferred from the 
normal capillary pressure curve. It should be noted that 
deliquoring would not have occurred if p. were less than 
p,, that is p* <1. Similar experimenial kinetic and 
capiliary pressure curve data were obtained for all the 
other particle types and size distributions. 

To assess the mathematical model it has been com- 
pared against numerous sets of experimental data; two 
typical comparisons are shown in Figures 6 and 7 for 
drainage from ballotini and crushed olive stone beds. 
Greatest deviations between theory and experiment oc- 
cur at very short drainage times, but the general agree- 
ment appears to be quite acceptable. The overall charac- 
teristics of drainage from each of these particulate beds 
is different, which is further demonstrated by the sur- 
faces produced on isometric plots generated from fitting 
the model to further sets of experimental data in Figures 
8 and 9. The mode: was able to interpret all these data 
with the type of accuracy shown in Figures 6 and 7. 
When poor agreement between theory and experiment 
was noted, the calculated drainage rate was slower than 
that actually measured. A parameter which has been 
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Figure 8. Isometric plot of gravity drainage for anthracite 


assumed constant in the theoretical considerations is the 
contact angle, and it has been assumed that the solids are 
completely wetted by the liquid. The effect of a non-zero 
contact angle would be to reduce the capillary retention 
forces and hence cause the measured deliquoring rate to 
be greater than that predicted by the model. Although 
this is a simplistic view of the effect of the contact angle 
in a porous medium, it may nevertheless account in part 
for the observable discrepancies between theory and 
experiment. A zero contact angle for the glass ballotini 
beds is probably a good assumption, but non-zero 
contact angles may exist in the other particle systems. 


GENERALIZED GRAVITATIONAL DRAINAGE 
CHART 

The theoretical model used in this work has utilised 
concepts and ideas originally applied to pressure and 
vacuum deliquoring of filter cakes and porous 
media**'*?. From that work it was possible to generate 
a generalised design chart which has since proved valu- 
able in predicting the deliquoring kinetics of filter cakes 
formed from many different solid/liquid mixtures. To do 
this for gravitational drainage, using equation (3), re- 


L = 18-6 cm 

€ = 0-443 

Ny, = 0°00089 Pa s 
0-07 N m7 
8-48 x 107? m 


1017 pm 
519 pm 
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Figure 9. Isometric plot of gravity drainage for polycarbonate granule 


quires two assumptions to be made. Firstly, a mean little different fron 
value for the pore size distribution index A must be saturation or moisture co 
assumed, and secondly a uniform residual equilibrium process conditions. These are not 
saturation profile through the thickness of the bed needs laboratory scale equipment, as 
to be assumed. Having obtained typical / values in the data scatter in correlations for 
region of 3 to 7 from the experimental work, which was gravity drained beds It is therefore c 
in accordance with many previously obtained data on the two assumptions needed to facilitate construction o 
other systems, it would seem reasonable to assume / = 5 a chart for engineering purposes can be justified 
if a unique value must be used. This creates a maximum Now that S, is constant a new dimensionless time can 
error of about 3% in the predicted average saturation of be defined 
the bed compared with 4 = 7. In the extreme case of 
A =1 an error as high as 20% could result (but this 
would be a rather abnormal value for 4, even though and a simplified deliquoring equation can be written as 
such values could conceivably exist). 
The second assumption, of a uniform and constant 


r*/(1 


residual equilibrium saturation profile, is equivalent to 
assuming: 
a 


L 
S,S,,ax =§ Sp dx (23) 


This leads to a possible error of up to 20 to 25% when 
tested against experiments showing a high dependence of where all other terms are as previously def 


S,, on position in the bed. The cumulative effect of these equation is plotted as the average 
errors should be taken in context, and is almost certainly the bed, S,, against the dimensionless deliquoring tit 
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,** 


t**, on Figure 10. The data on Figure 10 enable overall 
medium deliquoring kinetics to be predicted for any set 
of particle and fluid conditions, but considerable in- 
accuracies would of course result if the data were used 
in an attempt to calculate internal saturation profiles; 
the source of the inaccuracy due to the assumption 
behind equation (23) 

As an example of the use of Figure 10, 
predicting the deliquoring kinetics of a porous medium 
with the following characteristics 


Thickness 0.265 m 
0.382 
Permeability 1.05 x 10°°m 


Mean particle size 


Porosity 


925 um 
0.07 Nm 
0.00089 Pa s 
Liquid density 1000 kg m 
Equilibrium saturation (S,) 0.291 


Surface tension 
\ ISCOSILY 


From equation (8) the breakthrough pressure, p,, is 


$63.2 Pa; noting that S$, is equivalent to S,, in equation 
(24), the dimensionless deliquoring time is obtained from 
equations (11) and (24) as r** =0.035 r; the driving 
force is calculated from equation (12) as 4.62. The 
deliquoring curve can now be interpolated from Figure 
10, and is compared with experimental data in Table 2 
From Table 2 it can be seen that the greatest error occurs 
after longer times when saturations are becoming low; 


i predicted and measured 
I 


ng curves 


Measured error 


1.00 

0.514 
0.459 
0.433 
0.406 
0.39] 


consider 


LEGEND 


— pgl/Peri 


L/P.=100 


this happens to coincide with increased experimental 
errors when samples are extracted from plant for anal- 
ysis. The general agreement for the deliquoring rates is 


considered to be sufficiently good to suggest that Figure 


10 would be suitable for most engineering purposes. 


CONCLUDING REMARKS 

In summary, then, by combining Darcy’s Law and a 
liquid material balance with appropriate relationships 
for relative permeability and capillary pressure a fairly 
comprehensive mathematical-physical analysis of the 
kinetics of drainage from porous media has been devel- 
oped. The analysis includes all parameters pertinent to 
drainage from coarse particle media and also reveals an 
area of almost total ignorance—little is known of the 
factors which control the equilibrium saturation condi- 
tion of a bed drained under gravity conditions. 

The progress of a deliquoring process can be followed 
using local saturation data measured throughout the 
depth of the bed by means of electrical conductivity. 
This paper provides a means of analysing such data, and 
good agreement has generally been found between com- 
puted and experimental data 

The theory provides a good interpretation of the 
drainage characteristics over a range of particle and 
liquid properties. Almost totally unwetted solids have 
not been subject to analysis by the theory, although in 
principle this may only mean that very high values of p* 
in equation (12) are valid and provided that reasonable 
estimates of the contact angle can be made the theory 
may be found applicable. Considerable experimental 
difficulties would, however, arise in measuring the drain- 
age kinetics of beds of unwetted particles. 

A design chart, based on the theoretical developments, 
has been put forward as a means of assessing grav- 
itational drainage characteristics. Predictions from the 
chart agree well with experimental data, and effects of 
different process parameters can be readily determined 
by using the chart. Some general remarks can be made 
from considering the form of the curves on the chart and 
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the experimental results. Increased bed depths lead to REFERENCES 

increased drainage rates and lower average equilibrium 

saturation levels. Greater mean particle sizes increase 

drainage rates and lead to lower average equilibrium nor ind Wrigt 1952 IME (Sept 
saturations; increasing the spread of sizes results in + fina 
opposite effects occurring. The drainage characteristics 

are greatly affected by the particle wettability, which 

points to the importance of the solid-liquid interface in 6. Buckley, S 

playing a major role in so far as it affects this process ). Baluais, G 

A decrease of the liquid surface tension increases the rate shea chy- 0 
of drainage and lowers the equilibrium saturation 

profile. 
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ENGINEERING MODEL FOR THE KINETICS 
OF DRAINAGE FROM CENTRIFUGE CAKES 


By R. J. WAKEMAN (MEMBER) and A. VINCE (GRADUATE) 


Department of Chemical Engineering, University of Exeter 


4 mathematical-physical model is extended in order to describe centrifugal drainage kinetics of porous media. The solution 
is developed as the basis of a design chart from which engineering data can be obtained, and is totally predictive provided 
that the equilibrium saturation is measured. Some experimental data are compared with predictions from the model and 
agreement is found to be adequate; this paper points to a way of reducing pilot plant work for the evaluation of centrifuges 


for a particular duty. 


NTRODUCTION 


As with other techniques for deliquoring porous media 
it is important to have some knowledge of the variation 
of the average saturation within the bed during drainage. 
Relatively little theoretical or experimental work has 
been published on the more fundamental aspects of this 
subject. Brownell et al.’ used semi-empirical equations 
developed for forced gas deliquoring and merely substi- 
tuted the centrifugal force for the drainage driving force. 
Nenniger et al.** considered that the presence of a liquid 
film in the bed tended to reduce the drainage rate 
calculated by Darcy’s equation. The liquid was postu- 
lated to drain in filmwise manner through unsaturated 
zones of the bed, until the supply of liquid was 
insufficient to maintain continuity. An analogue was 
developed from film flow over a flat plate, but the results 
are probably not valid for flow in porous media nor for 
short drainage periods. Inoue et al.* extended Nenniger’s 
equations to continuous centrifugal dehydration. 
Shirato et al.° extended the model still further by deriv- 
ing approximate equations on the basis that the pore 
Structure of a particulate bed is composed of a number 
of capillaries with different diameters, and considered 
contributions to drainage by both capillary and film 
flow. This was an extension of work on gravitational’ 
and air-blow’ deliquoring; whilst it is perfectly reason- 
abie to assume that the physical notions of drainage are 
similar in the three different methods, it should also be 
recognised that the film model presents an alternative 
to relative permeability models. Choice of an engin- 
eering model, assuming similar accuracy of the two 
approaches, then depends on whether or not film param- 
eters are easier to obtain than relative permeability 
dependencies. 

An entirely mathematical approach has been adopted 
by Zeitsch*” based on the premise that centrifuge cakes 
can be simply represented by straight cylindrical pores 
with a distribution of sizes passing from one face of the 
bed to the other. Although the analysis which ensues is 
apparently quite elegant it suffers from the same 
deficiencies as other elementary capillary models and 
does not adequately represent either kinetic or static 
drainage data, contrary to the claims of Zeitsch. Indeed, 


it is probably prudent to separate the static and poten- 
tially mobile liquid and obtain the contributions of each 
to the overall saturation from two separate approaches. 
This is the basis of the Shirato et al. film model, and of 
alternative relative permeability models'’'’ used for 
forced gas and gravitational deliquoring. These show far 
better agreement when compared with experimental 
data. 

In the present paper a mathematical model is devel- 
oped for estimating the drainage kinetics on the basis of 
earlier results. The notions and equations relating capil- 
lary pressure and relative permeability to bed saturation 
which were found to generate successful modeis for 
forced gas'®'' and gravitational’? deliquoring are used 
with appropriate expressions to describe centrifugal 
drainage. 


CENTRIFUGAL DRAINAGE EQUATIONS 
Figure | shows a centrifuge cake and defines the 
notation used in this analysis. The centrifuge is assumed 
to rotate at a constant angular velocity @, and the 
influence of gravity on the drainage process is assumed 
to be negligible. Although the simultaneous flow of gas 
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Figure 1. Conditions during deliquoring 
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MODEL 


and liquid occurs to some extent, only liquid flow caused 
by the applied body force is considered to be significant 
in inducing drainage. Although centrifuge cakes are 
sometimes compressible it is probably reasonable to 
presume that most of the compression occurs during 
cake formation, and that the bulk volume of the cake is 
not further reduced during deliquoring. With these 
assumptions, the continuity equation for an incom- 
pressible liquid flowing through the voids is 
oS 
- (1) 
Ol 
where v, is the volumetric flux density of the liquid, and 
S, is the liquid saturation in the voids of porosity ¢. The 
volumetric flux density can be determined from Darcy’s 
law, which expresses the relation between fluid pressure 
and liquid flux relative to that of the solids. For a 
non-deforming bed Darcy’s law can be written as 
kk, € p,@r ~ 
, - = p (2) 
My, Or ys 
where k is the permeability of the bed when saturated, 
k., is its relative permeability when partially saturated, 
and p, is the saturation dependent capillary pressure 
Combining equations (1) and (2) yields the basic 
differential equation describing centrifugal drainage 
oS k C p 
: | k{ pao? ——) 
Ol Eu or 


+ | pao*r (3) 


Centrifuge cakes are most frequently thin and com- 
posed of fairly coarse particles, in which case the equi- 
librium saturation, S,, will be distributed uniformly 
throughout the thickness of the cake. When finer par- 
ticles are centrifuged the centrifugal force may not be 
enough to overcome entirely the capillary retention 
forces, in which case the bed is saturated in part and has 
a saturation reducing to the irreducible level through the 
remaining voids. This is similar to local saturation 
profiles measured in gravity drained beds’’, and in that 
case an engineering model for the overall drainage 
kinetics could be formulated by making the assumption 
that the equilibrium saturation was uniformly 
distributed’. Having noted the similarities between 
gravitational and centrifugal drainage the analogous 
assumptions are made in this work, hence enabiing the 
following relationships to be defined 

Reduced saturation: 

$,-S 
1—S 
relative permeability 


k, = S¢*? 
capillary pressure 
; p 
s.=() 
P. 
breakthrough pressure: 


4.6(1 —e) 
Pr = 
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Substituting these expressions into equation (3) and 
generalising the resulting equation by the introduction of 
dimensionless distance and time defined by 
(3) 
kp,t 


(9) 


yields the dimensionless centrifugal deliquoring equa- 
tion 
OS, 


Of 


* 


where 


4 


Pertinent initial and boundar 


tion of this equation are 


constant 


Solution of the equation 
The above equation was solved by 
central finite-difference approximations 
Nicolson implicit method. Defining the 
by r* = r* + iAr* and the time step by 


tion (10) can be approximated by 


Se At *S¥ 


where 





106 WAKEMAN and VINCE 


When calculating conditions for the (j + 1)th time inter- 
val all terms in equation (17) are known. After initially 
guessing the saturation profile for the (j + 1)th interval, 
the true profile was obtained by writing a quasi-Gauss- 
Seidel iterative approximation for equation (16); the 
approximation used for the (n + 1) iteration was: 


{,Ar* (S32 


Z.=0 


= (18) 
2Ar* 


Chis approximation was then solved using the Newton- 


Raphson technique, subject to the initial and boundary 
conditions 
Che solution was in the form of local reduced satur- 
tion profiles through the thickness of the bed at 
different deliquoring times; the average reduced satur- 
ation corresponding to each time was then calculated to 
facilitate plotting of a generalized form of drainage curve 
(reduced saturation versus dimensionless time) 


DISCUSSION 
The computational results yield the variation of the 
average reduced saturation with dimensionless 
ime; although the distribution of reduced saturation 
through the cake thickness is also available, as in 


cake 


rT 


gravitational drainage * this has little meaning unless the 


distribution of equilibrium saturation is also known. For 
engineering purposes it is average values through the 
volume of the entire cake that are required. Sets of 
results for two thicknesses of cake are shown in Fig- 
ure 2; as the pressure due to the centrifugal force acting 
at the bowl rim increases (expressed on the graphs as a 
multiple of the threshold pressure), the early stages of 
drainage are seen to be more rapid, but the kinetics 
are also seen to be dependent on the cake thickness. 
Embodied in Figure 2 are enough data to enable pre- 
diction of the deliquoring curve provided an average 
reduced saturation is known from elsewhere (this will 
normally necessitate obtaining an experimental value). 
Limited data of this sort is available in the published 
literature; some values measured for deliquoring an 
industrial suspension on a 230 mm diameter bow! pusher 
centrifuge are available'*, and the results from that work 
are compared with the predictions from this model in 
Figure 3. In calculating the experimental data it was 
estimated that 50% of the sieve length was used for 
washing purposes when washing was employed, and that 
in all cases the length of sieve used in cake formation was 
negligible compared with the solids residence time. This 
led to the assumptions that the deliquoring and solids 
residence times were identical when there was no wash- 
ing, and that the deliquoring time was half the solids 
residence time when washing. 

The similar forms of the curves on Figures 2(a) and 
2(b) indicate that the extent of the data might be reduced 
if plotted in a slightly different way. In fact, plotting S, 
versus the product (A4,f*) produces an almost unique 
curve for each value of (r;/r)), to generate a family of 
curves where the effective parameter is the thickness of 
the cake. These curves are tabulted on 
t=A,t*. 

It is interesting to note that Shirato et al? were able to 
plot their experimental data as S, against a group of 
terms that reduce to 


Table 1, where 


6(1 


we? oe? we? 


we? mee ne? me” we 


pwr. /Pr=6888 
pwr. /P.=8888 
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Figure 2(a). Centrifuga 
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The quotient (1 + r*)/(i —r*), even when allowing for 
the possible effect of r* on S,, does not appear to allow 
for cake thickness effects in this work. Together with the 
effects of S, data, it may well be the cause of some of 
the data scatter in their work even though it was only 
varied between 2.5 and 6.4 The range of the quotient 
allowed for in Table 1, and met in industry, is from 3 to 
39. The data found by Shirato et al.” appear to be for 
very long centrifuging times, and in that respect are quite 


centrifugal drainage k 
gravity drainage has 
The validity 
established'-, and the re 
to predict the deliquorin; 
pusher centrifuge 

Kinetic data, based o1 
have been tabulated and 
centrifugal drainage character 
follows the patt 
papers for other deliquori 1g 


different from those used in this work where typical this purpose 
drainage times are less than 15 seconds 


completes the application of! 
approach to the different 
drainage used industrially. 


CONCLUDING REMARKS 


In an effort to produce an interpretative model for 


tational, centrifugal 


o » 
ee nt 


> 
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Average saturafion 
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Drainage time, t (seconds - 


Figure 3. Comparison of theory with push-type centrifuge 
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ible |. Data for centrifugal deliquoring curves 
Reduced Saturation 
0.8 0.9 


0.001 0.956 
918 0.838 
749 0.581 
666 0.492 
0.693 } 546 0.398 
0.55 406 0.298 
0.468 342 0.252 
0.35] 1) 3 256 0.189 
0.284 207 0.153 
0.18 15 0.097 072 


0.109 0.0589 044 


191 


40 068 0.061 v 0.033 0.024 
100 ).046 0.042 0.022 0.017 
300 0.029 0.026 } 0.019 


1000 0.018 0.016 0.012 


forces, where liquid flow is affected by a saturation 
reduction of the bed. Other techniques generally involve 
reducing the bulk volume of the bed, but maintaining its 
saturation at 100%. Whilst drainage kinetics appear to 


be reasonably well understood, there remains a lot of 


work to understand the statics of drainage and it is not 
until this has been studied adequately that totally predic- 
tive deliquoring theories will become available. In short, 
whilst the kinetic effects can be predicted at the moment 


the static effects cannot 


SYMBOLS USED 
Defined by equations (11) to (14) 
Permeability of 
Relative perm ity of the bed to 


i Saturated bed 


Breakthrough 
Capillary pressure 
Radial distance 
Radius of the inner 
Radius of the o 
Dimensionless 

r r 

Saturation by the | 
filled by the liquid 
Reduced saturation 
Equilibrium saturatio1 
Time S 
Dimensionless time, defined by equation (9) 


Volumetric flux density he liquid, m’n 


Mean particle size, m or nym 
Defined by equation (17) 


Greek Symbols 


Surface tension, N m 

Porosity, fraction of the bulk volume occupied by 
voids 

Pore size distribution index 

Liquid viscosity, Pa s 

Liquid density, kg m 

Angular velocity, s 


bar over a variable indicates an average value 
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SIMULTANEOUS ESTIMATION OF CRYSTAL 
NUCLEATION AND GROWTH KINETICS 
FROM BATCH EXPERIMENTS 


By N. S. TAVARE (GRADUATE) and J. GARSIDE (MEMBER) 


Department of Chemical Engineering, University of Manchester Institute of Science and Techr gy, Manche 


This paper describes a method whereby the time evolution of the crystal size distribution in a seeded isothermal batch 
crystallizer charged with initially supersaturated solution can be used to deduce simultaneously nucleation and growth kinetics 
Initially simplified parameter estimation procedures are examined critically using simulated ‘noisy’ experimental observations 
to judge their suitability. A parameter estimation procedure based on a linear least squares technique in the Laplace transform 


(with respect to size) domain is found to be satisfactory. 


Experimental results obtained from experiments performed in a 25 L seeded isothermal batch crystallizer with potash alum 
are correlated in terms of conventional kinetic expressions. Although the parameters in these kinetic relations are not entirely 
consistent with those previously reported, the kinetic responses calculated from the different correlations are comparable over 


the range of experimental variables. 


INTRODUCTION 
In recent years there has been an increasing recognition 
of the importance of crystallization kinetics in both 
design and performance assessment of crystallizers. The 
characterization of crystallization kinetics in an environ- 
ment typical of that encountered in industrial situations 
is therefore crucial. Although numerous techniques and 
theories have been devised to measure and analyse 
crystal growth and, to a lesser extent, nucleation, the 
so-called MSMPR (mixed suspension mixed product 
removal) crystallizer technique with its simple ex- 
ponentially decaying steady state crystal size ditribution 


n=n exp(—L/Gr) 


has proved the most popular means of quantitatively 
measuring the growth and apparent nucleation rates 
Analysis of experimental results for the steady state case 
is simple and the technique has been used by many 
investigators. However such experiments have a number 
of disadvantages. They are time consuming and labori- 
ous and often require an elaborate experimental arrange- 
ment. A large number of experiments are necessary to 
elucidate the kinetic expressions as a function of state 
variables even with a minimum number of parameters. 
It can be difficult to operate a crystallizer under 
MSMPR constraints because of the problems associated 
with handling supersaturated solutions and suspensions, 
especially when toxic and viscous materials are involved. 
Further, as the solution hold-up requirement is relatively 
large, such a technique may not be suitable for expensive 
fine chemicals. 

Batch crystallizers may have potential advantages 
over continuous systems for the determination of kinet- 
ics in the laboratory. Motivation for their use is provided 


by the relative ease with which a large number of 


operational variables can be studied within a relatively 
short time. Systems which are difficult to process con- 
tinuously may conveniently be investigated in a batch- 
wise manner with minimum development time and in- 
vestment. However, the use of batch crystallizers is 
complicated by the variation with time of beth crystal 
population and supersaturation within the system during 


the course of the experiment 
mental ease will be partly 
complexity 

The objective of the work 


investigate whether a viable technique could be devel 


Consequently, experi 


offset by computational 
reported here was to 
oped to obtain simultaneously both nucleation and 
growth kinetics from batch crystallization experiments 
Two types of information can be obtained from a batch 
experiment: the concentration—time variation or ‘de- 
supersaturation curve’ 


and the crystal size distribution 


as a function of size and time. This paper concentrates 
on the feasibility of estimating kinetics from the second 
of these, in particular from the transient population 
hermal batch 


density curves obtained from a seeded isot 


crystallizer 


PREVIOUS WORK 


The use of batch crystallizers for the simultaneous 
estimation of nucleation and growth parameters appears 
to have been reported first by Bransom and Dunning 
They suggested a differential mode of batch operation 
and crystallized cyclonite by adding water as a diluent 
The final particle size analysis was used to characterise 
the crystallization kinetics at various initial super- 


Misra and White- e -d the time 


varying particle size distribution and concentration vari 


saturation levels 
ation in a seeded, isothermal crystallizer and determined 
the growth rates by following the movement of the size 
distribution with time and the nucleation rate from the 
particle counts 
crystallization of aluminium trihydroxide 
Kaliguine’ later 
concentration variation to extract kinetic 
Wey and Estrin* modelled a batch agitated crystallizer 
using the population balance technique and the im 
portance of the maximum in the distribution function 
was discussed. In later work 
‘hump’ or plateau in the population density-size plot 
could be used as a characteristic in revealing the kinetic 
parameters 

Both Omran and King’ and Kane et al 
thermal response obtained during ice crystallization in 


Their particular application was the 
Halfon and 
studied the same system and used the 


formation 


it was suggested that the 


en pl yyed the 
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order to estimate kinetic parameters. It was shown that 
the moment of the particle size distribution that cor- 
related the nucleation rate data might be determined 
from the initial transients of the undercooling time 
history; the techniques developed are restricted to the 
determination of nucleation characteristics in dilute 
crystal suspensions. Population balance equations for 
batch crystallizers were developed by Hulburt*® who 
hinted at the possibility of using them to extract kinetic 
parameters, while Janse’ has presented an excellent 
review of batch crysiallization research and attempted to 
explain his experimental results in the light of growth 
dispersion effects 

Finally, Verigin et al.’ estimated the crystallization 
kinetics of potassium dichromate from the experimental 
concentration profile obtained from a batch cooling 
crystallizer operated with a linear variation with time of 
the coolant temperature. The calculation technique was 
not described in detail although the method was claimed 
to be successful 

rhe literature is therefore limited but that which is 
available suggests that the use of batch experiments to 
determine both nucleation and growth kinetics is feasible 
and worthy of further investigation 


PARAMETER ESTIMATION TECHNIQUES 
Mathematical Representation 
The nucleation rate per unit mass of solvent is repre- 
sented by the empirical expression 


B=k, M?*Ac' (1) 


The nucleation rate constant k, may depend on many 
variables, in particular temperature, hydrodynamics, 
presence of impurities and perhaps crystal properties, 
and the effects of these might be incorporated in the rate 
equation using suitable functional forms. The magma 
density term M, in the kinetic expression is included to 
account for secondary nucleation effects 
The overall linear growth rate is expressed as 


G =k.Ac® (2) 


The overall rate coefficient k, would be expected to 
depend on variables such as temperature, crystal size, 
hydrodynamics and the presence of impurities within the 
system. The concentration driving force Ac may be 
eliminated between equations (1) and (2) to give 


B= K,M+G (3) 


where / is the relative kinetic order given by i = b/g and 
K, =k,/k\, 

During a batch run a seeded crystallizer will contain 
two types of crystals and so the general solution of the 
population balance equation should comprise one part 
representing the population density of the seeds, and the 
other that of the nuclei subsequently generated. It is 
convenient to use the convention suggested by Jones and 
Mullin’ and distinguish between the seeds as S crystals 
and the nuclei as N crystals, their respective number 
densities being continuous functions of size and time. 

For a perfectly mixed batch crystallizer in which 
crystal breakage and agglomeration are negligible the 


population balance equation for size independent 
growth rate is* 


: (4) 
Or 
where n is the population density. 
Assuming that the crystallizer is seeded at time t = 0 
with crystals of a narrow size distribution, for example 
crystals retained between two adjacent sieve sizes 
differing by AL and having mean size Lo, the initial 
condition is 


n(0O,L)=f(L)=n,0 (L — L,) (5) 


where n, is the initial population density function having 
a point value at L, determined by 


W. 


(6) 
of, L3,ALS 


The boundary condition for the nuclei population 
density can be represented by the kinetic relation ob- 
tained from equation (3) 


n(t,0)=n" = B/G = KzM+G 


The moment equations for N-crystals obtained by 
moment transformation of the population balance, 
equation (4), with respect to size are 

du 9 
(3) 
di 


du 
UyG (9) 
dt 
du . 
2 G (10) 
dt 
du . 
314G (li) 
dt 


In a batch crystallizer the rate of solid deposition per 
unit mass of solvent on the S crystals alone is 


dW. 3W., L2G 


(12) 
di RR.’ 


while that for the N crystals will be 


dw, du 3pf, AxG P 
= pf (13) 
di / 
The supersaturation balance for the 
figuration can therefore be written as 


present con- 


dA . f ‘ 3pf A,.G 
: = (14) 


di di . 439 9 


The population balance equation coupled with this 
supersaturation balance equation through the set of 
moment equations represent mathematically the batch 
crystallizer configuration used in the present analysis. 


Simulation of Experimental Response 


In order to assess the suitability of the algorithms 
suggested below, an experimental response for a given 
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Table 1. Parameters used in calculation of the batch experimental! response 


Batch time, t (s) 5400 
Solubility, c* (kg solute/kg solvent) 

Initial supersaturation, Ac, (kg solute;/kg solvent) 

Seed size, Leo (um) 

Crystal density, p(kg/m’) 

Solvent capacity, S (kg H,O) 

Specific seed loading, W.,/S (kg crystal/kg solvent) 

Volume shape factor, f, (—) 

Surface to volume shape factor, F ( 

Growth order, g (—) 

Growth rate constant, k, {m/[s(kg/kg) 

Nucleation order, b (—) 
Exponeni of magma density 

Nucleation rate constant, k 

Relative order, i ( ) 

Relative nucleation rate constant, K, 
Number of grids 

Maximum size of the continuum for N cry 


set of conditions was simulated by solving the above Iwo factors tend to complicate the PDE par 
equations using known kinetics. The population density estimation problem as compared to that f 
plot (i.e. In nm vs L) at a particular time for a given set 
of parameters was obtained by solving the population 
balance equation (4) by the method of numerical integra- themselves: second, the measurements are funct 
tion along the characteristics in conjunction with the both space and time 
supersaturation balance [equation (4)] coupled by the 
moment equations [equations (8)}(11)]. The physico- grated values of the state over some cr all of tl 
chemical properties used in this calculation are given in domain of the process 
Tabie 1. The particular characteristics of the population An alternative to optimisation techniques 
density plot will of course depend on the specific param- PDE’s is to transform the equation into a set 
eter values involved in the analysis differential equations by moment transforn 
The evolution of the size distribution with time for this converting the problem into the ODE param 
particular case calculated as described above using an mation case 
overall time interval of 1000s is depicted in Figure | 


differential equations. First, parameters may 
the boundary conditions as well as into the equ 
Thus the experimental data 


either values of the state at a certain locatio: 


A rather special Situation arise 
differential equations are linear, in which cas¢ 
while the corresponding desupersaturation curve is given 


analytical solution or the transfer function cat 
in Figure 2. 


If the analytical solution is available, the 

estimation reduces to one involving an algel 
ha while if the transfer function is employed opti 
Characterisation of Parameters in the transformed domain may be used 
The population balance equation is in general a Although methods using optimisation pro 


non-linear first order partial differential equation (PDE) potentially the most accurate and precise 








kg solute /kg solvent 
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~ 1000s 
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——— Simulation from parameters m Table 1 


——-—-— Caiculated on the basis of the estimoted 
kinetics (eq 27) 
Snulation from porometers nm Table 1 


Population density, n (no/m kg solvent) 


Calculated on the basis of the estwnoted 
kinetics leq 27 


Concentration driving force . Ac = 1 
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Figure |. Evolution of population density functions with time Desupersaturation ¢ 
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demand inordinate computation time and complexity 
when iterative techniques have to be adopted. Further, 
such iterative techniques cannot generally be used as a 
‘black box’ method for a given parameter estimation 
problem. 


Simplified algorithms characterising the parameters of 


a model in system response analysis were therefore 
examined and their application to the specific problem 
of the batch crystallizer outlined in the previous sections 
was assessed 


Moments analysis 
The use of moments in system response analysis for 
parameter estimation in linear models involves matching 


moments of the system model output to like moments of 


experimental data. The Ath moment of the population 
density distribution about the origin, obtained by mo- 
ment transformation with respect to size, is defined as 


. 


nL* dL (15) 


. 


If the moments of the experimental population density 
function are available at two times differing by a small 
time interval At over which the linearity of a model may 
be assumed, the kinetic parameters can be expressed in 
terms of moments with respect to size at an average time 


as 


B= Au,/At (16) 
G =Ap,/fiAt 


G = Ap,/2j,At (18) 


where A represents the difference in values of a quantity 
at two different times and the bar an arithmetic average 
quantity. These three relations are derived from the 
moment equations for N crystals [equations (8—10)] by 
converting the derivatives in the differential equations 
into differentials. Thus the average nucleation rate B and 
average overall linear growth rate G may be determined 
from two experimental population density plots ob- 
tained during the course of a batch experiment at times 
t and t + At. 

If the population density plots from batch experi- 
ments, as for example in Figure 1, are available then the 
moments of the populaton density function can be 
evaluated by numerical integration [as in equation (15)] 
and hence the nucleation and growth rates may be 
determined by equations (16)(18). The consistency of 
such results can be checked by plotting B/M,G = 
(n°/M,) against G for j = 1. This type of plot is normally 
used to represent the relative kinetics in continuous 
MSMPR crystallizers with system kinetics represented 
by equation (3). 

To illustrate the use of such techniques, exact popu- 
lation density functions of the type shown in Figure | 
were calculated by numerical solution of the population 
balance equations using given kinetics as described 
earlier. Simulated curves were obtained at intervals of 


500s. In order to model a specific experiment it was 
assumed that the crystal size distribution was measured 
with a sensing-zone particle size analyser (e.g. a Coulter 
Counter). An orifice of 560 4m diameter was taken as 
being used together with a (2)'* calibration setting based 
on a Starting size of 8 ym. 16 size channels were assumed 
to be available and these therefore covered the range of 
8-10.08 um, 10.08—12.70 wm, 12.70—-16.00 nm, etc. For 
each channel the value of the average population density 
was determined from the exact population density curve. 
Random error could be introduced into this value using 
a random number generator, the distribution of error 
being obtained using a Student’s ¢ statistical distribution 
with the total number of channels being used as degrees 
of freedom. The standard deviation of these error points 
about the exact values could be varied. For a 10% 
relative standard deviation for example, the actual error 
introduced on either side of the exact value by the 
Student’s ¢ distribution with 17 degrees of freedom 
ranged from 4 to 16%. These 17 data points were then 
taken to simulate the results of experimentally measured 
population density curves at a given time. A similar 
procedure was used to simulate data for other times. 

Kinetics deduced using equations (16)-(18) from such 
simulated Coulter Counter observations both with and 
without simulated experimental error are depicted in 
Figure 3. The straight line represents the assumed kinetic 
correlation as given by the appropriate parameters in 
Table 1. 

The results based on higher order moments, i.e. the 
growth rates evaluated by equation (18) and the 
corresponding values of n°/M,, show larger scatter than 
those based on lower order moments. There is however 
a large scatter of all these results compared to the actual 
kinetics. This was identified with error associated with 
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Figure 3. Moments anaiysis: effect of stimulated experimental error on 
estimated relative kinetics with and without compensation in tail 
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measurement of that part of the size distribution corre- 
sponding to the largest crystals in the distribution, Le. 
with tail effects. The largest crystals do not in general 
extend over the entire width of the highest-size channel. 
The average population density in this largest size 
channel is therefore incorrectly estimated unless com- 
pensation is made for this effect. Such compensation can 
be made using the simulated curves and when this is 
done very much smaller errors resulted as can be seen 
from the corresponding points in Figure 3. Such calcu- 
lations however would be possible when using real 
experimental observations. The amount of error intro- 
duced into the pseudo-experimental points has relatively 
little effect on either the parameter estimates or the 
scatter of the results with respect to the actual kinetics. 


s plane analysis 
It is often advantageous to estimate model parameters 
in the Laplace transform domain rather than the time 
domain. In the present case the experimentally deter- 
mined population density can be converted into the 
Lapiace transformed response with respect to size as 
fi(s,t)= | n(L,t)exp(—sL)dL (19) 
The transformation of the population balance equation 
can be obtained by taking the Laplace transform with 
respect to size to give 


dvi(s, t) 


+ G[sn(s, 1) —n(0,t)] =90 (20) 


di 


Although G and n(0,1) are functions of ¢ they can be 
assumed constant over a small time interval Ar and the 
parameters will then have an average value over this 
interval. Using zero initial condition with regard to the 
initial size distribution for N crystals, equation (20) 
reduces to 


dr(s, t) ie oe - 
+ Gsn(s,t) B=0 (21) 
dt 


[Transforming the derivative in 
differentials gives 


equation (21) into 


Ani (s, t) 
At 


Gsn(s,t)+B (22) 


Equation (22) can be used to determine the kinetic rates 
since a plot of Afi(s, t)/At against s A(s,t) should yield 
a straight line with slope = —G and intercept = B. 
One of the obvious advantages of using the Laplace 
domain is that the sensitivity to experimental errors in 
the determination of the experimental response is greatly 
reduced provided that a suitable value of the Laplace 
transform variable s is used. Clearly, if the value chosen 
for s is too small then the tail of the response will be 
heavily weighted whereas if it is too high then too much 
emphasis will be given to the front portion of the 
response. In either case a poor estimate of the weighted 
moments will result. Between these two limits there will 
be an optimum value of s which reduces the errors due 
to uncertainties at either end of the response and yet 
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gives weighted moments containing useful 
about the system. In general the optimun 
depends on the mean of the responses, the 


L ~ VIA 


moments involved in the parameter estimation a 
Selection 
optimum Laplace transform parameter in the analy 
crystal growth dispersion in batcl I] 


noise sensitivity along the response 


discussed previously 

In formulating the linear regression to 
and G from equation (22) the limits on the optimal vaiue 
of s must be known a prnori Several ranges ol were 
tried using the simulated Coulter Counter population 
density curves with zero error and the resulting 
estimates obtained for the case defined by the 
in Table | are illustrated in Figure 4. For each 
linear regression analysis was carried out using 
from 50 points selected at a regular interval « 
range (0,s,). The values of B and G, 
relative kinetics represented in Figure 4 
the range of s 
the value of s should be constrained by 


The results indicate that 

L, is the population average size at time 
The relative kinetics obtained from the 

Coulter Counter population density curves 

addition of ‘experimental’ 


error, in tor 


ava 
case, are presented in Figure 5. The relative 


deviation of the simulated population densit 
about the true value is used as a parametel! Again the 
level of error introduced has little effect on the relative 
kinetic estimates 

The method of s plane analysis thus 
eliminate many of the limitations associated 
method of moments and provides a simple 
accurate and seemingly reliable technique by which to 
extract parameter estimates from the experimental ob 
servations. An experimental programme was 
undertaken in order to test the procedure 


therefore 
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s plane analysis: effect of simulated experimental error 


EXPERIMENTAL WORK 

A series of batch experiments was performed in a 25 L 
agitated draft tube baffled vessel fitted with a conical 
base baffle and a propeller agitator. The vessel geometry 
was similar to that used previously'*'’. Temperature 
control within the crystallizer was achieved by pumping 
constant temperature water continuously through the 
hollow draft tube at the maximum possible rate and at 
a temperature very close to the working temperature. 
The temperature difference between the solution and the 
constant temperature water was about 0.1°C and in this 
way the crystallizer temperature in all runs was con- 
trolled to within +0.1°C. 

All experimental work discussed here was carried out 
with the potash alum-water system. In a typical run a 
hot, filtered solution of doubly recrystallized technical 
grade alum in distilled water, having a concentration 
corresponding to a saturation temperature between 33 
and 34°C, was charged into the crystallizer. The solution 
was initially maintained about 15°C above the eventual 
working temperature of 30°C and a sample for the 
determination of initial 
taken. 

Initial supersaturation was achieved by slow cooling. 
When the working temperature was attained, presized 
accurately weighed and cured seeds of uniform size 
(retained between two successive BSS sieves within the 
range 250 to 600 um) were charged into the crystallizer, 
the overall crystal seed loading being in the range 0.2 
to 20 kgm 


solution concentration was 


’ solution. The seeds were cured to prevent 
secondary nucleation by initial breeding. This was ac- 
complished by keeping the seeds in a small amount 
(50-250 mL) of solution saturated at the working tem- 
perature and contained in a round bottom flask. The 
flask was agitated gently for 2 h and the entire contents 
then charged into the crystallizer at the start of the run. 

15 mL samples of solution were taken from the crys- 
tallizer by means of a pipette into the tip of which was 
fitted a sma!l cotton plug. About 20 samples were taken 
over a period of 2h, the time interval between samples 


ranging from | min at the beginning up to a maximum 
of 30 min at the end of the run and these were sub- 
sequently used for solution concentration analysis. Small 
suspension samples of known volume (5 or 10 mL) were 
taken from the crystallizer under isokinetic conditions 
for crystal size analysis, 8 or 9 such samples being taken 
at approximately 10 min intervals. This time interval 
appeared to be satisfactory to meet the assumption of 
linearity used in the derivation of equation (22). After 
running the crystallizer for about 2 h the entire contents 
were removed and filtered, the product crystais were 
air-dried and a sieve analysis of the product carried out. 

The concentration of the solution samples was deter- 
mined using an Anton Paar density meter (Model DMA 
55) which gave an accuracy of better than +1 x 10 “kg 
hydrate/kg solution. An isothermal desupersaturation 
curve was thus constructed from the experimental read- 
ings and subsequently used to determine the magma 
density. In addition, the concentration driving force Ac 
was evaluated usng the following correlation for the 
solubility of potash alum”: 


c* = 6.0631 ” 10 1 9 584 


(23) 


where c* is the solubility (kg hydrate/kg solution) at 
temperature T(C). This equation predicts that the solu- 
bility is 0.1420 kg hydrate/kg solution at 30.0 °C. 

The transient batch population density function was 
measured using a multichannel Coulter Counter (Model 
TAII with population count accessory) fitted with a 
560 4m diameter orifice tube, measurements being made 
in the range 17—200 um. The final product size distribu- 
tion was measured with BSS sieves so as to cover the size 
range 38-2000 um. 


RESULTS AND DISCUSSION 

Size distribution data obtained from the Coulter 
Counter measurements used to calculate the 
growth and nucleation rates via the method of s plane 
analysis. A typical pair of population density curves is 
shown in Figure 6. 

In formulating the linear regression analysis in equa- 
tion (22) so as to estimate B and G the optimal range of 
s was decided by trying several ranges. In each case 


were 


linear regression analysis was carried out using data 
from 50 points chosen at a regular interval of s over the 
range (0, s;). The limit defined by s,L, = 2 was found to 
be satisfactory for almost all runs. Typical linear plots 
of equation (22) for the set of experimental population 
density curves shown in Figure 6 are given in Figure 7 
for the two cases s,<L,=1 and 2. Only 10 data points 
chosen to be equidistant over the s range are included in 
this plot. 

Values of nucleation and growth rates from all runs 
obtained using s,, = 2.0 applied to two successive pop- 
ulation density curves were used for subsequent evalu- 
ation of kinetic correlations. The nucleation and growth 
rates determined by this parameter estimation technique 
represent average values over a time interval and so all 
correspond to an average time. The time interval chosen 
between the two successive samples should be large 
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(26) 


Values of the parameters in equations (25) and (26) 
were again estimated by least squares multiple linear 
regression analysis of all the data and are reported in 
Table 4. Graphical presentation of the nucleation and 
growth rate correlations is shown in Figure 9 and 10 
respectively. 

The correlations illustrated in Figures 8-10 show 
relatively large scatter. The parameter estimates for 
equation (24) show some inconsistency with those for 
equations (25) and (26) in respect to the relative kinetic 
order. This must be attributed to uncertainties associ- 
ated with estimation of the variables and in particular 
with Ac. Further, the very high exponent on the agitator 
speed in the correlations is probably due to the 
insignificant variation of this parameter during the ex- 
perimental programme. In general the range over which 
variables have been investigated is rather small and this 
will have contributed to the uncertainties associated with 
the parameter estimates. 

Ail the kinetic orders with respect to supersaturation, 
i.e. g, b and i, are lower than those obtained by Garside 
and Jancic’’ who reported g = 1.33, b = 2.1 and i = 1.59 
for this same system using a continuous MSMPR crys- 


Parameter estimates and standard deviations in nucleation 
and growth equations [Equations (25) and (26)] 


(a) Nucleation correlation (eqn 25) 
Nucleation order 6 
Exponent of slurry density 
Exponent of stirrer speed m 
In (nucleation rate coefficient) In k 
relative standard deviation in log variable = 11.2% 


relative standard deviation in actual variable = 205% 


(b) Growth correlation (eqn 26) 

Growth order g 0.77 
Exponent of stirrer speed m + 
In (growth rate coefficient), In k 20.5 + 


716 


relative standard deviation in log variable = 4.2% 


relative standard deviation in actual variable = 85.4% 
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Figure 9. Nucleation rate correlation [Equation (25) and Table 4] 


tallizer. Nevertheless the values of nucleation and 
growth rates predicted by equations (25) and (26) are in 
general very similar to previous values. For example the 
comparison of growth rates in Figure 11 shows that the 
correlation represented by equation (26) gives similar 
growth rates to those of Garside and Jancic'’. A com- 
parison of nucleation rates is also given in Figure 11. 
Again, although orders predicted by the two methods 
are somewhat different, the actual nucleation rates calcu- 
lated for a specific set of conditions are very similar as 
can be seen by comparing values of B,,, from the batch 
data [equation (25)] and Byry. This latter value repre- 
sents the ‘effective nucleation rate’ calculated from con- 
tinuous MSMPR crystallizer size distribution mea- 
surements made down to about 35 um. Also included in 
Figure |1, for comparison, is the variation of nucleation 
rates evaluated from equations (24) and (26) as a 
function of supersaturation. The nucleation rates are 
also comparable to those determined by equation (25). 
There is no reason to suppose, however, that the present 
results, obtained from unsteady state experiments, are 
less reliable than those determined from continuous 
Steady state experiments. 

In order to demonstrate the consistency of the param- 
eter estimates and illustrate the potential effect of experi- 
mental error during the subsequent use of data, the 
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Figure 10. Growth rate correlation [Equation (26) and Table 4] 
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Figure 11. Comparison of growth and nucleation kinetics 


parameter estimates in Figure 5 corresponding to a 20% 
standard deviation in error were recorrelated by fitting 
the relative nucleation kinetic equation [equation (3)] to 
these estimates using a least squares criterion. This new 
correlation is represented by the dotted line in Figure 5 
the equation of which is 


B=5.0 x 10° M,G'® (27) 


Using this new correlation, the time evolution of the 
CSD and the desupersaturation curve were calculated; 
these are given by the dotted lines in Figures | and 2 


respectively. The difference between the two sets of 


curves is comparatively small. 

A comparison between the measured final size distri- 
bution for Run 9 and that calculated from the kinetic 
correlation in equation (24) is shown in Figure 12. The 
experimental data in this figure, which represent the size 
distribution of newly generated nuclei, illustrate the 
good agreement between the data points obtained with 
the Coulter Counter and by sieve analysis. The corre- 
sponding calculated final distribution obtained using the 
kinetic correlations [equations (24) and (26)] and the 
experimental desupersaturation is in reasonable agree- 
ment with the experimental curve. If however only the 
kinetic correlations were used the calculated maximum 
size of newly generated crystals (~ 140 um) was consid- 
erably smaller than the measured value of ~210 um 
(Figure 12). This is a consequence of a faster calculated 
desupersaturation which may be attributed to the 
difficulties in translating results based on number to their 
corresponding concentration values. Comparison be- 
tween the observed and calculated distributions illustrate 
a general feature of calculation techniques based on 
moments. Because averaging of the distribution is in- 
volved, it is frequently difficult to invert the problem and 
recover the original data. Nevertheless it has been dem- 
onstrated that the laboratory experiments employing a 
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well mixed batch crystallizer do provide valuable infor 
mation regarding crystallization kinetics 
the relative ease with which the effect of 


” 
iiustrate 


ating variables affecting growth and nucleation 
can be determined in a short time 


CONCLUSIONS 


The major emphasis in this study has been to provide 
a simple yet reliable method of extracting kinetic infor 
mation from the population density curves obtained 
during an isothermal seeded batch crystallization. The 
method based on the Laplace transforn 
found most suitable for this purpose. Using 
technique values of growth and nucleation rat 
deduced for a series of experiments and the kinet 


aomain 


1c 
parameters in conventional rate expressions determined 
Although with the limited amount of experimental work 
reported these parameter estimates differ from those 
previously reported, the kinetic rates calculated from the 
different correlations were comparable over the experi 
mental range. 


SYMBOLS USED 


specific crystal surlace area (m*/kg 
nucleation order ( 
nucleation rate (n¢ 
concentratio! ol 
hydrate/kg solutio 
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> (kg solute/kg solvent or kg Superscripts 
average or transformed quantity 
function [see equation (5)] equilibrium 
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ON THE HUMIDITY-POTENTIAL COEFFICIENT 


BY R. B. KEEY* (FELLOW) and MA KECHENG** 
* Unive ty o int ury, New Zealand and ** University of ind Technology, Chengd 


The equation used by Treybal to describe the evaporative flux \, from a moist plane surface, namely: 
N,, = KYA} 


where K, is a mass-transfer coefficient and AY is the humidity potential between the moist surface and the bulk gas, is 
examined to test its applicability. It is shown that: 


K, =~ FM..0; 


GT i 


where F is the molar mass-transfer coefficient, @,. the molar mass of the dry gas and @/ a modified humidity-potential 
coefficient defined in the text. The use of an averaged value of @{, based on the mean film value of the humidity, is suitable 
for cases in adiabatic evaporation when the bulk gas conditions change markedly, provided the wet-bulb temperature (for water 
evaporating into air) is less than 80°C. 


THE HUMIDITY-POTENTIAL 
COEFFICIENTS 

In the process of drying a moist material in the presence 

of a gas, moisture vapour is transferred from the mate- 

rial’s exposed surface to the bulk of the gas. It is FM..o(} } 
convenient in evaluating the evaporative load in indus- 

trial dryers to express the moisture-vapour concen- in which @ is the overall humidity-pot 
tration in terms of the humidity Y, which is defined as Equation (1) is ostensibly linear in 


the ratio of the mass of moisture vapour to the mass of tial (} Y,) and is a convenient expression fo 


ernt 


moisture-free gas. For the purposes of our analysis it is design calculations. The coefficient @ 

also convenient to consider the evaporative process from distortion of this linear humidity potent 

a plane surface. as the geometry of the surface does not midity rises and @, to the effect of high 

influence the driving forces for the evaporation rates. The molar mass-transfer coefficient 
The humidity profile close to a moist flat surface is to be independent of the humidity except 

shown in Figure | ical properties of the vapour influence F at | 
An expression of the steady transfer to moisture vapour concentrations 

vapour from a plane surface to a bulk-gas stream may When the humidity-potentia 

be derived from film theory (} Y,)(D + Y.)«] 


D+) and equation (5) reduces 
N,, = FM, In| (1) 
D+} N, = FMo¢,(Y, — Y3) 


One of us~ has examined an alternative form of equation Equation (6) may be compared with Treyba 
a as = a ~~ a 
(1) in which the concept of a _ humidity-potential of the mass-transfer coefficient K 
coefficient is introduced to reduce equation (1) to a more \ K.() y,) 
convenient form. 
Equation (1) can be rewritten as It thus follows that 
a 
= FM, 
In the so-called “constant” or first 
when the evaporative process 1s unhindered 


at which moisture reaches the surfaces 


bade Y,)In{1+(¥Y 


(Y and K, remains constant under these cot 
x(} Y,) 


in which the terms in the square brackets are humidity 
potential coefficients 





\injl+(Y Y,)/(D + Y,)! 
y 
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Equation (6) or (6a) is valid only when @, can be taken 
as unity, but @, Is not unity unless 
(} Y,)/(D + Y,) is small. 

We can define the humidity-potential coefficients in 
another way and extend the use of the equations like (6a) 
to a much wider range of conditions. 

We rewrite equation (1) as: 


close to 


a 
D+Y,!) 


N. = FM<( 


D 
ws + Y, In| 


D+Y,) 
(Y Y,) (la) 
(} r.3 


and define the modified humidity-potential coefficients: 
D 


= : (8) 
D+} 


(D + } 


in terms of the average boundary-layer humidity 
Y,, =XY, + Y2) (11) 


The logarithmic function Inx can be expanded into the 


Suppose 


c= (D 





then 
eh. OF, — ¥;) 


+1 (D+YF.) 


Further let 


KR =(/Y Y,)/(D + Y..). 


thus 


(15) 


(16) 


and by substituting equation (16) into equation (9), we 
evaluate #5 as: 


(in(D + YD + Y,) In(D + Y,)/(D + Y;>) 
Q>,= = 
\ (Y, — Y,)/(D + Y,,) R 


= (1+ i5R? + 7@R*+... (17) 


Equation (17) converges rapidly when R is less than and 
not close to unity. The highest possible value of R is 2 
when Y,=0 and Y,>D. The lowest possible value of R 
is 0 when Y Y,. When R < 0.6, @; is never greater 
than 3% above unity. (It can be shown that this 
corresponds to all wet-bulb temperatures below 80 C for 
the air/water vapour system). 

From the definitions of @, and #3, we have 


D+yY 
me we A 


(18) 
Since (D + Y,)/(D + Y,,) > 1, 
more from unity than @ For example, when 
Y,=0.2 and Y, =0, @, 1s 1.1459 whereas @; is 1.0065 
Particularly when R is high, @3 can still be close to unity 
even if @, is not. The variation of R with @, and @; Is 


shown in Figure 2 


and 35> 1, @, deviates 


does 





Figure 





2. Variation of R with ¢, and @ 
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THE MODIFIED HUMIDITY-POTENTIAL 
COEFFICIENTS FOR CHANGING 
BULK-GAS HUMIDITY 


In any drying process, the bulk-gas humidity Y, 
varies. Whether the modified humidity-potential 
coefficients @; (or @,) can be regarded as constant and 
taken as unity depends upon how these coefficients alter 
during the drying process. 

The greatest possible change of bulk-gas humidity 
occurs when the gas enters perfectly moisture-free 
(Y, = 0) and leaves saturated. For the air/water vapour 
system, the change of @; is less than 3.5% for wet-bulb 
temperatures up to 80°C, and the averaged value of @ 
is less than 2% under these conditions. Therefore #4 can 
be taken as unity with an error of less than 2% in most 

ractical cases, whereas @, is only within 2% of unity for 
wet-bulb temperatures less than 40 C 

Since up to 7, = 80°C @,=1, the equation for the 

rate of humidification: 


(20) 


where G is the flowrate of the absolutely dry air and S 
is the extent of the drying surface. 
On substituting for @; we find: 


dy a D 
-=FM, 
dS D +(Y, + 


=FM,| dS (21) 


unhindered adiabatic conditions, 


= constant, and thus: 


drying 


Y, ) n 


G ‘ (¥ 
— (2D + 2Y,)In— 
2D (} Y>)out 


(Y, —Y,,)=FM,S 


(22a) 
or, on introducing the log mean humidity potential: 

2 — VN; 

(Y, — Y,) 
ven ; 

(Y, 7 Y;) , 


( Y, : Y>)im - 
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we 


(22b) 


Rearrangement of equation (22b) yields an expression 
for the total moisture uptake UV 


Vi G(Y 
FM. 
D + 


x ( }y (23) 


[his means that for adiabatic unhindered drying, 
when equation (19) is valid, (that is when 7, < 80°C), 
equation (19) can be integrated exactly to yield equation 
(23) for practical use. In the integration, the coefficient 
@, (and consequently Ky, ) is not required to be constant 

Equation (23) can be written in another form. Let us 
suppose that it is possible to use a suitably-averaged 
value <@ and treat this 


the integration. Then 


to represent the changing @ 


coefficient as a constant in 


D 
where the averaged mean film humidity has the meaning 
of 
(} Sb) 
Equation (24) may be regarded as the working expres- 


sion for adiabatic unhindered drying 
also be written as 


The expression Can 


Vv G(y (24a) 


where 
(26) 


Equation (24) or (24a) does not imply that either @; or 
Ky remains fairly constant during drying. But no matter 
how large the variation of @; or Ky may be over the 
dryer, the changing ¢; or Ky can be represented by <@ 
or <K,> exactly. By using <@|> or <A, or K 
these coefficients may be treated as constants in integra- 
tion. 

An error in equation (24) or (24a) is only introduced 
by taking #5 as unity. So the two equations are 
sufficiently valid for all cases so long as 7, < 80°C 


1or @ 


Ys 
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THE RANGE OF APPLICABILITY OF 
CONSTANT MASS-TRANSFER 
COEFFICIENT Ky, 

During adiabatic unhindered drying @; may change to 
some extent. Along a given adiabatic cooling line the 

for Y, changing from Y,_ to an intermediate value 
Y, may be quite different from the <> for Y, changing 
Y, to the outlet value } 
lo express the deviation of the local value of @; from 
the standard deviation may be defined as 


|dY, 


percentage standard deviation being 


substituting @; = 2D/(2D + Y, + Y;) into equa- 
7) we obtain 


[ 


4D 


T 


[he percentage change of @; is given by: 


@D 


100 


2D 2D 
2D+Y,+ Y B 


(31) 


gas inlet temperatures up to 250°C and wet-bulb 
mperatures less than 70°C, the percentage change of @ 
7.5% and the standard deviation of @; from 
is less than 3%, when gas leaves essentially satur- 


S less than 


ited. Under these conditions @; remains fairly constant, 

i thus the mass-transfer coefficient Ky can be regarded 

1 constant and equal to <Ky»> roughly. This means 

Ky is in practice not a function of the bulk-gas 
imidity Y,, but only one of the wet-bulb humidity Y 


A SIMPLER 
AVERAGE-HUMIDITY POTENTIAL 
COEFFICIENT ¢; FOR CHANGING 

BULK-GAS HUMIDITY YF, 
It will be seen later that over a wide range of condi- 
ons a simpler average value of @; can be used for <@ 


That is: 


D 
—D+4QY,+ Y,.+ Y 


For the series in Inx, one has: 


Inx 


When 


)+(Y 


5 


(Y Y 


(33a) 


It thus follows the average film humidity < Y,,> becomes: 


= {2} 


x 


Y,+Y an fon 


and the mean humidity-potential coefficient 


D + 
" D+4Q2Y, + ¥,. + Y2_) 
Define a new averaged mean-film humidity by 
(35) 


with a _ corresponding 
coefficient: 


averaged humidity-potential 
D 
D+/Y, 


i) 


(36) 


Chem Eng Res Des, Vol. 64, March 1986 





ON THE HUMIDITY-POTENTIAL COEFFICIENT 


The restriction on the value of R’ given by equation (33) matter how high the dry-bulb temper 
is necessary to establish equation (33a), but equation can be taken as unity approximately 
(34) holds even when R’ is not very small. The value of wet-bulb temperature is less | 
R’ is greatest when the inlet humidity is zero and the vapour system 
outlet air is saturated. When the humidity-potential co 
Let the humidity ratio } Y, be r,. Then the unity, the equation of the rate 
averaged humidity-potential coefficients become to a form similar to t 
mass-transfer coefficient ncorpo 
potential coefficient @ 
linearities in the humidity 
value of Ky or @; fort 
by evaluating @; in terms 
for the humidity-potentia 
For adiabatic unhindered 
3.28% provided the wet-bull 
80°C for the air/water vapou! 
A simpier arithmetically-a' 
R humidity yields an alter 
thus Ky to give a 


accuracy Over a wide range 


with 


Thus <¢@;> and @; depend upon 7, and r, only 

In the case when r, = 0.9 and the wet-bulb tempera 
ture is not greater than 70°C, (@;/<@;>) < 1.03 should 
the air enter perfectly dry. If the inlet air is moist, then 
the ratio of humidity-potential coefficients will be closer W/S = Ky Q 
to unity. 


tions. The equation [or 


plane surface may 


where 


THE TOTAL ERROR INTRODUCED BY 
TAKING THE HUMIDITY-POTENTIAI 
COEFFICIENT #3 AS UNITY 
AND TAKING @;{ FOR <¢} 
The use of unity for @; corresponds to an implicit (averaged 
factor of (1/4) in Ky and the use of ¢; for <@{) yields 
a factor of (@{/<@{>) in Ky. The overall factor is 
(1/05)(;/<@)>). Since the factor (1/@5) is less than 
unity and (@;/<@)>) is greater than y, these two 
factors will compensate each other to some extent. The 
overall factor is closer to unity than either individual in which Y, is t 
factor. and outlet bulk-gas 
Even under intensive drying conditions the factor midity potential (} 
(1/65)(o;/<{>) is close to unity. For inlet air tem- the first or constant 
peratures up to 800°C and a temperature excess ratio saturation humidit 
(7. T..,, /(T,, — T,) of 0.8, the overall error intro- 
duced by using equation (24) and taking @; for </> is SYMBOLS USED 
less than 1.5%. The error will be even less at smaller nolar 1 ‘tio. MM 
temperature excess ratios 


DISCUSSION AND CONCLUSIONS 


Our paper has explored the use of humidity-potential 
coefficients in deriving convenient expressions for the 
rate of evaporation from a moist surface to a sur 
rounding gas. In the process design of a dryer, it may be 
necessary to integrate equation (1) or its derivative 
equation (5). We have shown that by the appropriate 
averaging of the humidity-potential coefficients it is 
possible to use a linear humidity driving force to describe 
the mean evaporation rate. 

The humidity-potential coefficient @,, which accounts 
for high mass-transfer effects, is close to unity when the 
humidity-potential (Y,— Y,) is small. An alternative 
humidity-potential coefficient @; defined by us is close to 
unity over a wider range of conditions. This coefficient 
is defined in terms of the mean film humidities. No 
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REVIEW PAPER 


MASS AND HEAT TRANSFER CHARACTERISTICS 
OF THREE PHASE SPARGED REACTORS 


By A. B. PANDIT and J. B. JOSHI* 


Department of Chemical Technology, University of Bomba 

All the published information on bed-wall mass and heat transfer coefficients in two and three phase sparged reactors has been 
analysed. The effects of superficial gas and liquid velocities, particle diameter and settling velocity, solid phase hold-up and 
column diameter on transfer coefficients have been explained. Unified correlations have been developed which hold for single 
phase pipe flow, gas-liquid bubble columns and the three phase sparged reactors. 

New data have been reported on bed wall mass transfer coefficient from 200 and 385 mm i.d. columns. The measurement 
technique was based on the dissolution of copper in acidic solutions containing potassium dichromate. Six particles of 72, 120, 
340, 500, 850 and 2000 micron average size were used. The superficial gas velocity was varied in the range of 25-300 mm 
s~'. Axial variation of mass transfer coefficient was measured. 

The particle-liquid and gas-liquid mass transfer data from three phase sparged reactors has been reviewed. It has been shown 
that the behaviour of three phase sparged reactors can be conveniently divided into four regions. In region A, the bubble size 
is preserved. In region B, bubble coalescence occurs, whereas in region C, bubble break-up occurs. In region D, the bubble 
diameter remains constant. The effects of particle size, solid loading, superficial gas and liquid velocities on mass transfer 
characteristics are quite different in different regimes. 

Specific recommendations have been made regarding the use of correlations for process design. Lacunae in the published 


information have been brought out. 


1. INTRODUCTION 


Three phase sparged reactors are gaining increasing 
importance in recent years in view of their many new 
practical applications. For instance, three phase sparged 


reactors are widely used in coal conversion processes 
(Fischer-Tropsch reaction, direct coal liquefaction), bio- 
chemical processes (production of single cell protein, 


animal cells, metabolites, production of a variety of 


chemicals using fermentation), waste water treatment 
(aerobic biological treatment, wet-air oxidation, de- 
sulphurization of coal and petroleum fractions, etc.) 
The unit processes such as catalytic hydrogenation and 
oxidation are also carried out in three phase sparged 
reactors. 

This equipment is particularly suitable when precise 
temperature control is desired. Very high values of heat 
transfer coefficient, offered by three phase sparged reac- 
tors, make it possible to control the temperature of even 
highly exothermic reactions. In addition, these units are 
simple in construction and operation and provide 
flexibility for liquid and solid phase residence times 

In all types of three phase sparged reactors, the gas 
phase moves in the form of dispersed bubbles. The 
energy required for the dispersion of bubbles, suspension 
of solid particles, mixing of liquid phase and for main- 
taining the intense liquid flow, is provided by the 
sparging of gas at the bottom. When the solid phase is 
batchwise, the three phase sparged reactors are called 
gas—liquid—solid fluidized beds. When the solid phase is 
continuous, these units are called slurry reactors. In the 
second type the liquid phase is also continuous. How- 
ever, in the first type, the liquid phase can be continuous 
or batchwise. The solid particles are either catalysts or 
undergo chemical reaction. 


The successful commercialisation of any equipment 
depends critically on the ability to scale-up. Three phase 
sparged reactors are usually difficult to scale-up mainly 
because of the complex hydrodynamic behaviour 
Ostergaard’, Shah*, Chowdhary and Ramchandran’ and 
Epstein* have presented excellent state-of-the art 
reviews. A careful examination of the published infor- 
mation reveals that empirical correlations have been 
developed for the estimation of individual design par- 
ameters. It is well-known that the particle and bubble 
sizes and their terminal velocities are the most important 
parameters which govern the individual phase hold-ups, 
suspension of solid particles, mass and heat transfer 
coefficients and mixing. There is a need to evolve a 
coherent theme to explain the performance of three 
phase sparged reactors. Recently, Pandit and Joshi° have 
presented the critical analysis of the hydrodynamic 
aspects (phase hold-ups, suspension of solid particles, 
mixing in different phases) of three phase sparged reac 
tors. The aim of the present paper is to cover mass and 
heat transfer aspects 

There is practically no published information on 
bed-wall mass transfer coefficient 
thought desirable to undertake measurements and 
present new data. A rational approach is developed to 
correlate mass and heat transfer data. Explanations have 


Therefore, it was 


been offered for the peculiar characteristics of the three 
phase sparged reactors 


2. THEORIES OF HEAT 

AND MASS TRANSFER 
A brief discussion on the theories of heat and mass 
transfer will be useful to form the basis for correlating 
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heat and mass transfer data in three phase sparged 
reactors. Initially, equations will be developed for the 
case of turbulent flow in smooth pipes. The results will 
be suitably modified for the case of three phase sparged 
reactors 

Consider axisymmetric pipe flow of an incompressible 
fluid with a fully developed velocity profile. Neglecting 
the axial transports, the equations for momentum, heat 
and mass fluxes are given by 


(2.1) 


Reynolds® postulated that, in a turbulent flow, the 
turbulent transport rates are so much greater than the 
molecular rates that the later can be neglected. Further, 
assumed that the turbulent diffusivities for 
momentum, heat and mass transfer are equal at any 
particular point in the flow 


it Was 


With these simplifications, 
Reynolds® obtained the following simple equation for 
the heat transfer coefficient 

h f 


(2.4) 
V p¢ 2 


Equation (2.4) holds when the Prandtl number is in 
the vicinity of unity. The predictions of Reynolds anal- 
ogy deviate from the experimental values as the Prandtl 
number deviates from unity. This is basically because of 
the assumptions cited above. In order to account for the 
molecular diffusion, Prandtl’ considered the existence of 
laminar sublayer. In this layer, the transport was as- 
sumed to occur mainly by the molecular diffusion and 
the contribution of eddy diffusivities was assumed to be 
zero. The thickness of the laminar sublayer was assumed 
to be constant, independent of Reynolds and Prandtl 
numbers. In the core, the Reynolds analysis was as- 
sumed to hold. Under these conditions, equation (2.4) 
takes the following form 


k.9) 


Van Karman® and Martinelli’ modified the Prandtl 
equation by considering buffer zone in between the 
laminar sublayer and the turbulent core. The transport 
in buffer layer was assumed to occur by molecular as 
well as eddy diffusivities. The universal velocity profile 
was used for the estimation of «,. A closed form solution 
was obtained by neglecting molecular diffusion in the 
turbuient core. Though, the Martinelli’s equation gives 
excellent agreement with the experimental data in the 
Prandtl number range of 0.5 to 30 and over a wide range 

Reynolds numbers, it suffers from the following 
imitations: (i) the boundaries of laminar sublayer and 
the buffer layer were assumed to be fixed independent of 
Reynolds and Prandtl numbers; (ii) the eddy diffusivities 
of momentum and heat were assumed to be equal; (iii) 
in the laminar sublayer, the transport was assumed to be 
controlled by the molecular diffusion alone. As a result 


( 
] 
i 


of these limitations, the Martinelli analogy holds over a 
very narrow range of Prandtl and Schmidt numbers 
(0.5 < Pr < 30). This range is particularly unsatisfactory 
for the estimation of mass transfer rates since the usual 
range of Schmidt numbers are well above 30 for a liquid 
phase. At this stage, it may be pointed out that the 
Chilton-Colburn™ analogy, though completely empir- 
ical, holds over a very wide range of Prandtl and 
Schmidt numbers. According to this analogy: 


(2.6) 


~(Pr) 
V pC, é 


(2.7) 


In other words, Sherwood and Nusselt numbers vary 
as the cube of Sc and Pr. This cube-root relationship 
holds over a wide range of Sc and Pr. The theoretical 
analysis of Prandtl’, van Karman*® and Martinelli’ has 
not been able to predict this cube-root relationship. This 
basically arises out of the assumption of neglecting 
turbulent transport in the laminar sublayer and as- 
suming fixed boundaries (universal velocity profile) for 
the laminar, buffer and turbulent layers irrespective of 
Reynolds number variation 

Many refinements have been suggested in the theor- 
etical analysis for explaining the experimental obser- 
vations of Sh-Sc and Nu—Pr dependencies. Notable 
contributions in this development have been made by 
Lin et al’', Deissler’-, Wasan and Wilke’*'*, Notter and 
Sleicher'’, Edwards and Smith” and Fletcher et al’’. In 
almost all these cases, it has been assumed that the eddy 
diffusivities of momentum and heat are equal. Table 2.1 
shows the correlations employed by the various in- 
vestigators for ¢; or ¢,. The corresponding boundary 
limits for these correlations are also reported in the table. 
The resulting equations for heat and mass transfer 
coefficients take asymptotic forms at high values of 
Schmidt and Prandtl numbers. These forms are shown 
in the last column. It may be pointed out that, with an 
increase in Sc and Pr, the resistance for transfer gets 
concentrated closer to the wall. This also happens with 
an increase in Reynolds number. 

Two excellent contributions in this field have been 
made by Friend and Metzner’ and Harriot and 
Hamilton’. Friend and Metzner'* maintained the form 
of Prandtl analogy [equation (2.5)]. The values of con- 
stants were varied to account for the turbulent transport 
in the laminar sublayer and the variation in thickness of 
the laminar sublayer with respect to Reynolds number. 
They proposed the following equation 


(2.8) 
1)b 


The value of constant 4 was found by fitting experi- 
mental data. When (Re ‘ih 5 x 10°: 
b = 11.8(Pr) (2.9) 
Harriot and Hamilton” studied mass transfer over a 
wide range of Re and Pr. The following correlation was 
proposed 
Sh = 0.0096 (Re)’”" (Sc)? 


10.000 < Re < 


(2.10) 


100,000; 430 < Sc < 100,000 
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Table 2.1. Wall heat and mass transfer in single phase pipe flow 


Correlation for 
Investigator 


Lin et al'’ (1953) 


0.959 


Reynolds analogy 


Deissler'~ (1955) 


Universal velocity 


profile for turbulence core 


Wasan and Wilke’ (1964) 


a = 4.16 = 
4h 15.15 x 10 


Turbulent core 


0.0009 (1 


Notter and Sleicher (1961) 


{1 + 0.0067 () 
Turbulent core 
Edwards and Smith 


Mizushina and 


Fletcher et al 


Kays” has shown that in the range of Pr > 20 


Nu = 0.0118 Re®” Pr°- 


(2.11) 


From the foregoing discussion we note the following 
points for the case of pipe flow: 


(1) Sherwood and Nusselt numbers vary as the cube 
root of Schmidt and Prandtl numbers, respectively 
)from the theoretical equations of Prandtl’, Van 
Karman*, Martinelli’, Lin et al Deissler 
Edwards and Smith” it can be seen that (Table 2.1) 
the Stanton number varies as ./f when Sc or Pr 
is greater than 50 (say). The correlation of friend 
and Metzner” also predicts the same relationship. 
Notter and Sleicher’’, Harriot and Hamilton’’ and 
Kays” have reported Sh—Re relationships. These 
can be approximated by the following form if 
suitable correlations are used for the friction 

factor: 


(2 


Sta /f/2 (2.12) 

The above relationship perhaps also holds even if Pr 
(or Sc) values are relatively low but the value of friction 
factor is high. For instance, in the case of Prandtl 
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Boundary(s) for 


the correlatior 


analogy [equation (2.5)], the value of one 
inator is negligible even if Pr is 5 provided 
factor is 15 to 25 times larger than that for sn 
flow. It will be shown later that, in the cas 
reactors, the friction factors are very h 
times) as compared to pipe flow at 
number 

From the above 


following equations 


two observat OnS We Cal 


It is very interesting to note that the result 
by surface renewal theory are also similat! 
(2.13) and (2.14) (Pinczewski and Sideman~) 


3. HYDRODYNAMICS OF THREI 
PHASE SPARGED REACTORS 
Pandit and Joshi’ have studied this aspect 
brief discussion which is relevant to this 
presented here 
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Figure 3.1 


3.1 Fractional Gas Hold-up 


Pandit and Joshi° have studied the variation of frac- 
tional gas hold-up (¢,) with respect to superficial gas 


5 


velocity. Figures 3.1 and 3.2 show typical observations. 


From Figures 3.1 and 3.2 it is evident that the graph of 
€, versus V, shows a discontinuity at a certain value of 
value of 


superficial gas velocity (point A). This 
superficial gas velocity was found to increase with an 
increase in either particle size or fractional solid hold-up. 
Pandit and Joshi’ have explained this behaviour with the 
help of visual observations. 


Effect of superficial gas velocity on fractional gas hold-up 


It was observed that, when superficial gas velocity was 
increased from zero, the fractional gas hold-up values 
compared well with that of an air-water system until 
solid particles start getting suspended (Point A in Figure 
3.1), the slope of the plot of ¢, versus V, suddenly 
reduces and further increase in V, increases ¢, mar- 
ginally (egaV¢>*°°) until all the solids are suspended 
(Point B in Figure 3.1). At this stage further increase in 
V, increases €, with a rate comparable to that of an 
air-water system. The value of V, corresponding to 
point B is the minimum value of V, at which all the 
particles are suspended and is termed as the minimum 
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superficial gas velocity for the suspension of solid par- 
ticles, Voc. 

It was also observed that with an increase in particle 
settling velocity, point A gets shifted to a higher value 
of superficial gas velocity. Similarly, with an increase in 
the solid phase concentration (é,) the flatter portion AB 
(Figure 3.1) gets extended over a larger range (point B 
gets shifted to higher values of V,. Thus, Vo, also 
increases with an increase in é). 

Visual observations suggested some clue towards this 
behaviour. When V,, was in the vicinity of point A, the 
fixed bed at the bottom of the column starts moving in 
the form of lumps and get shifted from one plane to 
another at the bottom. Under these conditions very large 
gas bubbles were observed, which reduce the fractional 
gas hold-up. Ostergaard and Theisen* and Michelson 
and Ostergaard~* have shown that the rate of bubble 
coalesence is very large when the value of V, is in the 


range where the suspension of solid particles begins 


3.2 Suspension of Solid Particles 

In order to determine the minimum superficial gas 
velocity for the suspension of particles, superficial gas 
velocity was increased from zero. The value of V, at 
which the particles do not remain on the bottom for 
more than I—2 seconds was noted as V,,.. Alternatively, 
at very large value of V,, (V,,>V@ ), all the particles are 
completely suspended. From this value, V;, was con- 
tinuously reduced to obtain V,-. The value of V 


Gi er 


obtained by these two methods agree within +5%. The 
value of V.- can also be obtained by studying the « 
versus V,, plot (point B in Figure 3.1). However, the 
second method gives a range for V, 
cannot be obtained. 

It was observed in general that V,,- increases with an 
increase in the settling velocity of a particle and also with 
an increase in the fractional solid hold-up. In fact, it was 
observed that the V,, value was dependent on the 
volume of solids per unit cross-sectional area and not on 
the absolute value of €& (V¢- was found to be indepen- 
dent of H./T ratio). 

The effect of superficial liquid velocity on Vg was also 
studied. It was observed that, with an introduction of 
continuous liquid, V,,- decreased. Pandit and Joshi’ have 
discussed all these aspects in detail. 

Figures 3.3 and 3.4 indicate the behaviour of V.- with 
respect to particle settling velocity and the fractional 


solid hold-up. 


« and a precise value 


3.3 Flow Pattern 

The liquid phase flow pattern near the bottom decides 
the minimum superficial gas velocity for the suspension 
of solid particles. Further, the bed-wall heat and mass 
transfer coefficients are governed by the liquid phase 
flow pattern near the wall. The liquid phase mixing also 
depends upon the flow field in the bulk liquid. There is 
no published information on the measurements of liquid 
velocities and turbulence intensities in three phase 
sparged reactors, Therefore, it was thought desirable to 
use the energy balance method of Joshi* which had 
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successfully predicted the liquid velocities in gas-li 
bubble columns. In the following discussion, equations 
will be derived for axial component of liquid velocity 
(V,) and the average turbulence intensity (U’) 
Consider the case of a three phase sparged reactor 
where the gas and liquid phases are continuous and the 
solid phase is batch 


The energy input rate is given 
0.) Ho) 


The amount of powel lost due to the potent 
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Similarly, the amount of power dissipated at the gas- 
liquid interface is given by the following equation: 


Es, as ; T*HpecV, (Pe Po)Z 


Also the amount of power dissipated at the particle- 
liquid interface is given by: 


E; = ; T*Hp€sVs(ps — Pc) (3.4) 


As a result, the amount of power dissipated in the liquid 
motion is given by: 


E=-E-E, -E,-E; 


Substituting equations (3.1) through (3.4) in equation 
(3.5), we get, on simplification: 


. =4! Hyg \Veg + Vi) px PLY 
(3.6) 


In the case where only the gas phase is continuous we 
have V, =0, the above equation simplifies to: 


Hence, the amount of energy dissipated in the liquid 
motion per unit mass of slurry is given by (approxi- 


mating p, Po = Pc): 


E 
(1 /4)T-Hp py 


" 
(5.5) 


Davies” suggests that the overall turbulence intensity 
is given by the following equation: 


U/" =(P._ x 1) 


(3.9) 


where ‘1° is the scale of turbulence. In the absence of any 
measurements of this parameter we select 1 equal to 
0.08 T. The basis has been explained by Joshr 


U’ =(P.. x 0.08 T) (3.9) 


Simplification of equation (3.9) gives 


( 


U’'=0.434g7 | Vo-e 


(3.10) 


Similarly Joshi” has shown that the relation between the 
turbulent shear stress and U’ can be used to calculate V, 


and V,. The resulting equations are: 


( r 
Vout IS aT | Vo ec V, 


J 


. Ps P¢ | 
é<V- , 
| De | 


and 


V,= 1.04 yer 


(3.12) 


Joshi® has derived equations for V, and V~ by an 
alternative procedure where the assumption regarding 
the turbulence scale is not necessary. It may be noted 
that the agreement between these methods is within 
12%. Equations (3.11) and (3.12) take the following 
form: 


(3.12a) 


The equations derived for V., V, and l 
most of the region in the column 


hold for 
However, at the 
bottom, the sparger design controls the flow pattern. In 
this region, the liquid phase is relatively more turbulent. 
From equations (3.10) and (3.1la) it can be seen that 
U’ =0.33 V_- in the bulk of liquid. If the turbulence is 
assumed to be isotropic the vertical and normal com- 
ponents of turbulence intensity are given by 


= ().249 ) og] 


(3.13) 


It has been shown by Pandit and Joshi that, in the 
heterogeneous regime, the particle gets suspended when 
the vertical component of turbulence intensity U; equals 
the settling velocity of a particle. Table 3.1 shows the 
results of Pandit and Joshi°. It can be seen from the table 
that the predicted values of U’ are somewhat less than 
the terminal settling veiocity of the particle. It may be 
pointed out that the predicted value of U is for the 
liquid bulk and it is likely that U; in the bottom region 
is higher than that in the bulk region. Hence, knowing 
V;, ¢g and V,, (from Pandit and Joshi) and assuming 
U, = Vs, Vgc can be obtained by solving the above cubic 
equation (3.13). 

In the case of homogeneous regime, where bulk 
turbulence in the liquid phase is nearly absent, the 
particle suspension was due to the bulk liquid circu- 
lation. Joshi*’ has given the following equation based on 


the liquid entrainment with wakes behind the rising 
bubbles: 


(3.14) 
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Table 3.1. Comparison between the predicted and experimenta 


superficial gas velocity for the suspension 


Laminar region 
é 0.0027 to 0.10 


mm $s 
Rs 


| 
2 14.9 


Intermediate region 


Turbulen 


It was found that the particle will get suspended when 
the settling velocity of the particle equals V,, . Table 3.1 
shows the results of Pandit and Joshi 


3.4 Prediction of Mixing Time 
Mixing characteristics of the liquid phase under semi 
oatch operation can be expressed in terms of ‘stirred 
tanks in series with interstage circulation model’. Each 
stirred tank is assumed to have a height equivalent to 0.8 
times the column diameter and the number of tanks in 
series depends upon the dispersion height. The following 
equation was obtained by Pandit and Joshi 
U,8, a | . oe 
= ds (3.15) 
i. 2°! S 
where U, is the interstage circulation velocity, H, is the 
dispersion height, s is the number of tanks in series. The 
constants a,, b, and c, vary depending upon the extent 
of mixing and are given by Pandit and Joshi 
Joshi~ has given the following equation for the calcu- 
lation of interstage circulation velocity 


isVs( |} (3.16) 


which is about 30% of the average circulation velocity 
Pandit and Joshi’ have shown that, over a wide range of 
Vo, 4,, Vs,. & and T, U, calculated from the above 
equation when used in tanks in a series model, explains 
the mixing time behaviour satisfactorily. 

One important point needs to be mentioned here. 
With the knowledge of mixing time, the value of U, and 
hence, V, (U,/0.3) can be calculated. Knowing V,, | 
can be calculated (with an assumption of l 0.2 V.) 
The values of U; calculated in this manner are also given 
in Table 3.1. It can be seen from this table that the values 
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of l calculate 
mixing time 


match very 


3.5 Summary 

The values of average lic I 
the turbulence intens 
balance 

it has been show1 
velocity for the 
predicted on 
Further, the liquid 
predicted on the 
velocity These tv 
and V,. for the e 


transfer coefficients 


4. BED-WALL MASS 
PRANSFER IN SPARGED 
REACTORS 


4.1 Previous Work 


Patil and Sharma” have 
reactors (bubble c 
available on 
fluidised beds (Jaga 
King”) 

Morooka et al 
coefficient (k. 
transfer cont 
0.42. 1.0 and 2 
values of k. 


rO 


correlated by the 


When Re’ > 60 
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When Re’ < 60 Table 4.1. Bed-wall mass transfer coefficients in three phase sparged 
reactor: the range of variables covered 


- 0.6 (Re’)~°° SI G V, 
mm s 


500 
2000 
(4.3a) 120 
200 
340 8—150 
500 197 
(4.3b) 2000 200 
In the absence of gas (V, = 0 and ¢, = 0) the above 
equations take the following forms: ; 
mua . ’ was backtitrated against the standard potassium dichro- 
mate solution; then 
[K,Cr,0,],., (BTV — STV) 


B\= (4.7) 
Sample volume 


When Re’ > 60 


where BTV and STV are the blank and sample titre 
values. 
= 0.6 (Re’) Superficial gas velocity was varied in the range of 10 
to 400 mm/s. Solid concentrations and sizes used were 0 
to iS% by volume and 110 to 2000 microns, respectively. 


Table 4.1 summarizes the experimental details. 
(4.5) 


Equations (4 4) and (4.5) correlate all the experimental 4.3 Discussion 
data in solid—liquid fluidized beds. 


4.3.1 Spatial variation in bed-wall mass transfer 
coefficient (A, w) 
4.2 Experimental Figures 4.1 and 4.2 show the dependence of the axial 

Experiments were conducted in 0.20 and 0.385 m i.d. distance from the bottom of the column on kg, w value. 
columns. Dissolution of copper in acidic dichromate It can be seen from these figures that the values of kg, y 
solution was used to determine the bed-wall 
(solid—liquid, k,, y) mass transfer coefficient. 

Copper pieces with known exposed area (rest of the 
area being coated with acid resistant resin) were inserted 
in the column at any time at different locations touching 
the wails. The column was operated in a semi-batch 
manner. The gas phase was continuous. The column was 
filled with predetermined quantities of dichromate solu- 
tion and the solids and air were passed at a specified 
superficial gas velocity. The loss in weight of copper 
piece over a specified time was noted (generally 900 to 
1500 sec). The solid—liquid mass transfer coefficient was 
calculated by the following equation: 


W,)/(Z,AsMet,{B]) (4.6) 





COLUMN DIAMETER = 0-2m 


(m/s) 


s 


r 
a 


r 


sre W, and W, are the initiai and final weights of the 
copper piece. As the amount of copper dissolved is very 
small, the concentration of dichromate can be assumed 
to be constant. 


BEO-WALL MASS TRANSFER COEFFICIENT, ky x10 


4 1 4 


The average dichromate concentration was deter- 0-2 0-4 0-6 0-8 

mined by volumetric analysis. A known volume of wipe haem gees a 

(10 ml) of sample was added to an excess of Mohr salt <1 pes ered oe Gee he ee ee 
(or FeSO,) solution (20 ml of approx. 0.2N). The solu- d V, 

tion was made acidic by the addition of 4N H,SO, Symbol microns és mm s 

(25 ml). The unreacted Mohr Salt was titrated against s 120 0.1 300 

standard potassium dichromate solution using N- V oe ae = 
phenylanthranilic acid as an internal indicator (1 ml); the 500 001 150 

end point being the change in colour from green to violet 500 0.01 300 

red. An equal volume of Mohr salt (or FeSO, ) solution : 500 0.04 300 





i 
2 
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COLUMN DIAMETER = 0-385m 
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BEO-WALL MASS TRANSFER COEFFICIENT, ky x10 (m/s) 
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Figure 4.2. Effect of axial distance on wall-side (bed-wall) mass 
transfer coefficient 


d 
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500 
. S00 
os 500 
[ 500 
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exhibits a maxima with respect to the axial distance 
( ~ one column diameter) from the bottom. Beyond the 
axial distance equal to twice the column diameter, the 
variation in kgw is not significant and is practically 
constant. It has been reported by Pandit and Joshi? that 
the solid phase axial dispersion coefficient in the bottom 
region (height equal to column diameter) is about 1.1 to 
1.4 times the average value in the column. As shown by 
Pandit and Joshi’, the solid phase axial dispersion 
coefficient is directly proportional to the average liquid 
circulation velocity. It has been discussed earlier that the 
ratio of turbulence intensity to the average circulation 
velocity is a constant value. It indicates that the tur- 
bulence intensity in the bottom region is more than that 
in rest of the column. This perhaps explains the higher 
values of kg, w in the bottom region. It also confirms the 
observations reported in Table 3.1 regarding the sus- 
pension of solid particles. 


4.3.2 Effect of superficial gas velocity 

Figure 4.3 shows the average value of kgyw as a 
function of superficial gas velocity. It can be seen from 
these figures that ky w is proportional to V2’. It was 
found that the exponent over V,, slightly increases (0.28) 
with an increase in the fractional solid hold-up. This 
change is because of the variations in the energy dissi- 
pation with respect to solid phase hold-up. Pandit and 
Joshi> have reported that, with an increase in the frac- 
tional solid hold-up (at the same superficial gas velocity), 
a decrease in the fractional gas hold-up occurs. This will 
increase the average liquid circulation velocity if the 
contribution of (€V;) term in equation (3.1 1a) is negli- 
gible (which is true for smaller particles). As a result, the 
amount of energy dissipated in the liquid increases 
thereby increasing V. and U’. Therefore, the dependence 
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solid—] 


(hence exponent) of kg, w on |} 

basis for the exponent and the quantit 
circulation velocity will be discussed later 
and in Section 5 


4.3.3 Effect of column diameter (7 


Two columns of 0.2 and 0.385 n 
in this study of three phase sparged reactor 
0.146, 0.2, 0.385 and 1.0m 1.d. columns 

It will be shown later that, at the same 
sumption per unit mass (P,,), the value of / 
only on the column diameter [Equation (4.7) 
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COLUMN DIAMETER , 
Figure 4.4. Effect of column diameter 
solid—liquid mass transfer coefficient 
per unit mass 
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shows the effect of column diameter on kg, w at constant to a certain value of é. Further increase in the & 
decreases bed-wall mass transfer coefficient, if superficial 
gas velocity is maintained at the same value. The extent 
of variation depends upon the fact that the fractional gas 
hold-up and the terminal rise velocity of the bubble get 
affected differently depending upon particle size, 
superficial gas velocity and fractional solid hold-up 
Figure 4.5 shows the effect of particle size (in turn Pandit and Joshi 
iI 


sett] 


P._. It can be seen that k., y varies as 7 The rationale 


behind the exponent will be discussed later 


4.3.4 Effect of particle diameter (d,) and settling velocity 
(V.) 


have discussed this behaviour. It is 
g velocity) on kg w value at the same V,, and &. It evident from equation (3.1 la) that, if due to addition of 
can be seen from the Figure that the dependence of more solids (increase in &), the extent of reduction in 
particle settling velocity or particle diameter is very 
complex. kg w is marginally affected in the lower particle 
size range (it decreases up to say d, > 500 wm). Further 





increase in particle size increases kg wy and again kg y 
decreases with still further increase in d,. It is known that 


the particle settling velocity increases with an increase in ° 


Se 





particle size. Further, Pandit and Joshi? have reported 
the effect of particle size on the bubble size, bubble rise 
velocity and the fractional gas hold-up. It is evident from 





equation (3.11a) that (though particle diameter does not 
come into picture in the equation for the average liquid 


—_—_» 


circulation velocity), the particle settling velocity and the 
fractional gas hold-up significantly affect the average 
liquid circulation velocity which in turn will affect the 
bed-wall mass transfer coefficient. The bed-wall heat 
transfer coefficient also shows similar complex behav- 


/s) 





Kew x10 (m 





iour. In general the effect of particle diameter (in turn the 
settling velocity) does depend upon the relative con- 
tribution of the terms €,V,; and e,} towards the 
average liquid circulation velocity and hence it is affected 
differently in different range of particle sizes and frac- 
tional solid hold-ups 


4.3.5 Effect of fractional solid hold-up 





A. 4. A. So Pee | 
0-02 0-04 0-06 0-1 0-2 
Figure 4.6 shows the effect of fractional solid hold-up FRACTIONAL SOLID PHASE HOLD-uP (€,) ——» 


on the bed-wall mass transfer coefficient. It can be seen Figure 4.6. Effect of fractional solid hold-up on wall-side solid—liquid 
that the bed-wall mass transfer coefficient is getting mass transfer coefficient (ks, y). Column diameter = 200 mm 
affected differently for different particle sizes depending Pacticin dinenetes 
upon the Superficial gas velocity and axial position Symbol d., (microns) 
considered. These are two factors deciding the final value . 2000 
J . 1 500 
of kg w. In the vicinity of critical superficial gas velocity oman 
‘ . - 2000 
for suspension of particles which depends upon the 500 
fractional solid hold-up, there is a marginal increase in 120 
the bed-wall mass transfer coefficient on increasing €, up 120 
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fractional gas hold-up (or increase in the case of small 
particles and lower ¢ values) is lower than the corre- 
sponding increase in the product é&V,, then the average 
liquid circulation velocity will increase, resulting in 
increase in kg w value. On the other hand if the variation 
in fractional gas hold-up is not so significant (in the case 
of large particles) but the product &V, increases and as 
a consequence V’,, V. decreases resulting in the decreases 
in ks w. For particles of certain size, over the entire range 
of ¢, values studied in this work, the changes in (¢, V\,,. ) 


and (€,V,) get compensated to maintain a steady value 
of ky W 


Under certain conditions (mostly in the presence of 


liquid flow) the terms in the bracket of equation (3.6) will 
get affected in such a way as to give maxima with respect 
to €,. This aspect is discussed in detail in Section 5 


4.4 Unified Correlation 


In the present study, the value of Sc was in the range 
of 1000. It was shown earlier in Section 3 that, when Sx 
is high, the mass transfer coefficient can be conveniently 
correlated by the following equation 

ks) \A . 
: Se (4.8) 
] 
In the case of pipe flow, Joshi~ correlated the mass 
transfer data by the following equation 


SLW 


0.06 ./f 2 / Se (4.9) 


Friction factor is given by the following equation 


f = 0.046 Re (4.10) 


Substitution of equation (4.10) in (4.9) gives 


Sh = 0.0091 Re”? Si (4.11) 


The values of cofficient and exponents are in fair 

agreement with those summarised in Section 2 
For the case of bubbie columns and three phase 
sparged reactors, it was thoughi desirable to develop 
equation similar to (4.11). Patil and Sharma” have 
investigated bed-wall mass transfer in 0.146, 0.38 and 
1.0 mi.d. gas—liquid bubble columns. The bed-wall mass 
transfer coefficient in the case of three phase sparged 
reactors has been reported in Figures 4.3-4.6. The 
experiments were performed in 0.2 and 0.385m id 
columns. Three quartz particles of 120, 500 and 2000 
microns were employed. The superficial gas velocity was 
varied in the range of 10-400 mm/s. All the experimental 
data (Sc ~ 1000) from bubble columns and three phase 
sparged reactors can be correlated by the following 

equation: 
Sh = 0.034 Re (4.12) 


where 
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Ly 
p_D, 


Sé 


Joshi“ 


' 
! 


and Joshi et al” have shown that the value « 
D, is 0.5T when bubble columns and three phase 
sparged reactors are operated in the heterogeneous 
regime. The comparison between predicted 
(4.12)]} and experimental values of heat 
coefficient for bubble columns and three phase sparged 


reactors is shown in Figures 4.7 and 4.8, respectively 


) 


For bubble columns the agreement is good with 
standard deviation of 20% and maximum deviati 
25%. In the case of three phase sparged react 
agreement is within +15% upto Reynolds 
2x 10°. Above this value of Reynolds num! 
predicted values of heat transfer coefficient are : 
30% higher than the experimental values of heat tra 
coefficient 

It can be seen from equations (4.11) and (4.12 
proportionality constant in equation (4.12) 
higher as compared to that in equation (4.11 
interesting to investigate the basis of this diffe: 


Davies has pointed out that the heat transfe 


L 


wall occurs mainly because of the normal component 


turbulence intensity (U’). He has shown that tl 


Lia Liv 


of U, remains practically constant (even though ove 
turbulence intensity varies) over the entire region 


11 


tween the centre and column wall. The follov 


tions were proposed 
proj} 


Substitution of equation (4.16) in (4.17) giv 
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It may be noted that the friction fact 
expressed in terms of U’ and V,. It was 


Section 3 that the ratio of overall turbulence 
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Figure 4.8. Comparison between experimental and predicted [equation 
(4.12)} values of wall-side mass transfer coefficient in three phase 


sparged reactors 
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average velocity is 0.36. In order to get the normal 
component U%, it is necessary to know the nature of 
turbulence. In the homogeneous regime, Handley et al” 
have shown that the axial component (U;) is about 2.5 
times higher than the normal component (U‘). The 
extent of unisotropicity decreases when the regime 
changes from homogeneous to heterogeneous (churn 
turbulent). However, there is no published information 
on the nature of turbulence in the heterogeneous regime. 
As an extreme case, the turbulence can be considered to 
be isotropic. Let us consider both the situations 
(1) When L 

intensity) = 0.3 


= U’/2.5 and since U’ (overall turbulence 
6V.. 


= 0.126 (4.19) 


(ii) When U’ 


= 0.21 (4.20) 

Substitution of equation (4.10) in (4.18) indicates that 
the value of U{/V, in the case of pipeflow is of the order 
of 0.045—-0.055 (in the range of Reynolds numbers 
obtainable in sparged contactors). From equations 
(4.19) and (4.20) it can be seen that the turbulence 
intensities in sparged contactors are 2-4 times higher 


than those in single phase pipeflow. Thus, in the case of 
sparged contactors, the bubbles and solid particles act as 
turbulence promoters and result in high values of fric- 
tion factors. Comparison of equations (4.18) with (4.19) 
and (4.20) and the use of equation (4.10) gives: 


(i) When Ul = U;/2.5 


~ 


(SF /2)sc = 2.5 (Ff /2 Dor (4.21) 


where the subscripts SC and PF refer to sparged con- 
tactor and pipeflow, respectively. 


(i) When Ul =U; 


Therefore, equation (4.12) can be written in the form of 


equation (4.9) with the help of equations (4.21) and 
(4.22) 


The value of A works out to be 0.09 when equation 
(4.21) is used, whereas A equal 0.056 when equation 
(4.22) is used. It may be pointed out that the values of 
A reported by Friend and Metzner’*, Harriot and 
Hamilton’’, Kays” and Joshi* are 0.085, 0.07, 0.078 and 
0.06, respectively. The fairly good agreement indicates 
that a unified correlation can be developed for pipe flow, 
gas-liquid bubble columns and three phase sparged 
reactors. 

The above discussion clearly brings out the im- 
portance of the measurement of flow patterns in sparged 
contactors. It will enable us to develop rational equa- 
tions for the estimation of heat and mass transfer 
coefficients. 

The effect of column diameter can be obtained from 
equation (4.12). Substitution of V,, from equation (3.12a) 
in equation (4.12) indicates that kw varies as T°* which 
confirms the experimental observation reported else- 
where 


5. BED-WALL HEAT TRANSFER IN SPARGED 
REACTORS 
5.1 Previous Work 


Joshi et al** and Deckwer*’ have reviewed and cor- 
related bed-wall heat transfer in bubble columns. 

Kolbel and co-workers*“* and QOstergaard*' have 
studied wall heat transfer in three phase sparged reac- 
tors. Recently, under wide operating conditions bed-wall 
heat transfer coefficients and correlation for the same are 
reported by QOstergaard*', Viswanathan et al®, 
Armstrong et al*’, Deckwer et al*, Kato et al*, Chiu 
and Ziegler*, Pathan*’ and Muroyama et al*. The 
details of the experimental conditions are given in Table 


- 9 0 
Analysis of the reported data indicates the following: 


(1) Bed-wall heat transfer coefficient (htc) was found to 
increase with an increase in superficial gas velocity. 
The extent of increase in htc was more, especialiy at 
low liquid velocities. 

(2) For the case of relatively smali particles (less than 
100 um) the difference between heat transfer 
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Table 5.1 


] 
Investigator m 


Kolbel et al’ 


System 


0.092 
0.192 
0.292 
0.092 (a) 
0.192 
0.292 (b) Air-machine oil-kieselghur 
(c) Air-water-sand 
0.0762 Air-water 
0.05 Air-water—quartz 
0.24 Air g 


r-water-Kieseighur 


Kolbel et al* 


Air-spindel oil-kieselghur 


Ostergaard* 
Viswanathan” et al 
Armstrong” et al 


glass beads 


water-glass beads 


144 


Deckwer et a 
Kato et al’ 


0.10 N,-paraffin Al,O 


(a) Air-water 


0.052 


0.12 


glass beads 


(b) Air-CMC tn 
(a) Air-water 
(b) Air-water 

alumina 


water-glass 


Chiu and Ziegler* 0.0508 glass beads 


cylindrica 


Pathan* 6.051 (a) Air-water 
(b) Au 


0.0956 (a) Al 


ceramic cylinder 


Muroyama et al* 


glass beads 


carbon beads 


imina Deads 


coefficient for two (gas-liquid) and __ three 
(gas—liquid—solid) phase systems is marginal. The 
difference increases with an increase in the solid phase 
hold-up. 

(3) Heat transfer coefficient initially increases and then 
either levels off or decreases with an increase in the 
superficial liquid velocity, depending upon the par- 
ticle size. 

(4) Heat transfer coefficient increases with an increase in 
the particle size upto say 3 mm, beyond which it was 
found to be independent of the particle diameter 

(5)A maxima in the heat transfer coefficient was ob- 
tained with respect to gas/liquid velocity ratio and the 
solid phase hold-up. 

(6) The heat transfer suddenly increased on introduction 


of gas in solid—liquid fluidized bed. The extent of 


jump in htc was more at lower superficial liquid 
velocities. 


5.2 Unified Correlation 

In the previous section, a unified correlation was 
developed for pipeflow, bubble columns and three phase 
sparged contactors for bed-wall mass transfer coefficient. 
It was thought desirable to develop unified correlation 
for bed-wall heat transfer as well. 

It was discussed in Section 2 that the resistance for 
heat (or mass) transfer concentrates closer and closer to 
the wall with an increase in Pr and Re. The range of 
Prandtl number covered is usually very small (<40) as 
compared to the values of Sc (always > 1000) covered. 
However, because of the presence of bubbles and par- 
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Experimental details of bed-wall heat transfer in three phas« 
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ticles the thickness (over which the 


is concentrated) is likely 
the case of 
comparable 


to be much 
pipeflow even if the 


[his is because of | 


factor in three phase sparged reactors. It 


Section 3 that the normal 


intensity in sparged reactors is 2.5 


component 
to 4.1] 
Or 
times higher 1 
reactors than the single phase pipeflow 


than that in single phase pipeflow 
friction factor is 6.25 to 16.8 


resistance to heat transfer 1s concentrated close 
wall even if Prandtl number is relatively low 
Joshi et al 


for 


have reported the following 
transfer in columns o 
analogy with pipefiow 


h,.D D 
0.096 | 


heat bubble 


' 


where, 


All the published data satisfied correlation 
a standard deviation of 15° 
All the experimenta 


data on bed-wall heat 


al’’) and three phase sparged reactors (Table 5.1) 


analysed on the similar lines to that of mass 


Therefo 


re 


.< 


Spal ged 


tne 
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Symbol d,, microns Vi,ms Reference 
3000 0.04-0.09 Armstrong et ¢ 
3000 0.060 0.04—-0.09 Armstrong et < 
1000 0 0.04-0.094 Armstrong et al* 
0.060 0.04-0.094 Armstrong et al! 
0.10 6.063 Ziegler* 
0.05 0.128 hiu and Ziegler* 
0.14 0.063 hiu and Ziegler* 
0.05 0.096 hiu and Ziegler* 
0.063 hiu and Ziegler 
0.128 hiu and Ziegler™ 
0.063 hiu and Ziegler* 
0.096 liu and Ziegler* 


0.03 


x1 





Oo; 


0.03 


EXPERIMENTAL , hy 


0.05 

0.05 

660 0.02 

= 660 | 0.02 

i J 1 i =m 3 ~ 

1-0 2-0 3-0 4-0 5-0 6-0 . $20 
PREDICTED, hy x10 keal/hr m* °C ——»> 





Comparison between experimental and predicted [equation 
P 


in bubble columns 


leS OI heat transier coemcier e colum 


m 
0.46 


1 06 C workel! 
0.099 Deckwer 
0.099 


O.UY 
1 ) HOU 


790 


Hb6U 





(Section 4.4). It is interesting to see that an exactly 


/ne of TO) 


identical equation holds for heat transfer as well 
v 
The comparison between predicted [equation (5.3}] and 


experimental value of bed-wall heat transfer coefficient 
for bubble columns and three phase sparged reactors 1s 


h.D D,} 
0.034 
\ Ll 


EXPERIMENTAL, hy x10 (kcal 


shown in Figures 5.1 and 5.2 respectively. The values of 
standard deviation are 14 and 18%, respectively 





phrenic a 4. i a 4. ; a 4 
3-0 , ve 5-0 54 
PREDICTED ,hyx10 (kcal/hr mt °C) ———» 





5.3 Discussion 
Comparison between experimental and predicted [equation 


In this section we shall try to explain the observations 
mentioned in Section 5.1 on the basis of unified cor- 
relation, only qualitatively. The detailed comparison 
oe = ail ate between the observed and the predicted [equation (5.1)] 

5000 0.04-0.09 Armstrong et alé values of htc over a wide range of parameters will be 

5000 0.060 0.04-0.09 Armstrong et al" discussed in Section 5.4 


ies of bed-wall heat transfer coefficient in three phase sparged 
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5.3.1 Effect of superficial gas/liquid velocity 

Kolbel and co-workers”, Viswanathan et al*, Ar- 
mstrong et al**, Deckwer et al*, Kato et al*, Chiu and 
Ziegler®, Pathan*’ and Muroyama et al* have observed 
that the heat transfer coefficient increases with an in- 
crease in a superficial gas velocity. The exponent over V;, 
was found to vary from 0.25 (Deckwer et al**, Kolbel 
and co-workers”) to 0.34 (Kato et al*’). It can be seen 
from equation (5.1) that the htc is proportional to the 
bracketed term (which includes V,,) with an exponent of 
0.33. When the actual values of fractional gas-hold-up 
are incorporated in terms of V,,, equation (5.2) predicts 
the proportionality of V?° which is in agreement with 
the previous work. As pointed out by most of these 
workers, the extent of increase in htc with an increase in 
V., depends upon the superficial liquid velocity, particle 
diameter and density (the settling velocity of a particle 
takes care of both these parameters) and fractional solid 
hold-up. This point is very evident from the correlation 
proposed. The htc is shown to be proportional to } 
[equation (5.2)] and the variation in V, due to all the 
parameters [according to equation (5.3)j will be reflected 
on htc 

An increase in V, at the same superficial liquid 
velocity will increase fractional gas hold-up. An increase 
in the fractional gas hold-up will change p, due to the 
change in fractional liquid hold-up. The fractional solid 
hold-up will also decrease, increasing the hindered set- 
tling velocity. All these variations will result in increasing 
the magnitudes of third, fourth (may be) and the fifth 
terms in the bracket of equation (5.2) to different extents 
Accordingly, V, also changes. For example, at very high 
superficial liquid velocities and having larger (heavier) 
particles, the contribution of 2nd, 3rd and 4th terms to 
the overall value will be so high that a little increase in 
the superficial gas velocity will affect the overall brack 
eted term marginally (marginal increase in htc at high 
liquid velocities or/and containing heavier particles) and 
vice versa (extent of increase in htc is higher at low 
superficial liquid velocities with V,,). 

The change in superficial liquid velocity will also 
follow a similar pattern. It has been shown by Pandit 
and Joshi’ that the fractional gas hold-up is marginally 
affected with changes in the superficial liquid velocity 
Assuming this to be true, increasing the superficial liquid 
velocity will either increase or decrease V, (V, might 
remain unchanged) depending upon whether the change 
in the magnitude of 


is more or less or same relative to the change in V, . For 
example, for large (heavier) particles, the second term in 
the above bracket might become so large (due to p, and 
V;), that the advantage due to increase in V, will nullify 
or even V, decreases and therefore htc also decreases 
(Kato et al™). The observations of Chiu and Ziegler® of 
the change in htc with a change in the liquid hold-up can 
also be explained by similar reasoning. 

Kato et al*® have pointed out that the introduction of 
gas in a solid—liquid fluidized bed suddenly increases the 
htc. This observation can also be explained. Joshi~ has 
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pointed out basic differences in the hydrodynamic 
haviour of solid—liquid fluidized bed 
fluidisation) and three phase fluidized bed (aggreg 


fluidisation). In particulate fluidisation (it is also tert 


(partic 


ned 
homogeneous mode of operation) the power dissipatior 
is an order of magnitude lower than that in the aggre 
gative fluidisation (heterogenous mode of operation). As 


1 


a result, the turbulence intensities in the latter are 1 


i 
higher than that in the former. Further, in parti 
fluidisation the turbulence is inhomogene 
axial component of turbulence intensity 
proximately 2.5 times) than the normal con 
the other hand, the turbulence in the 


is more homogeneous than that tn the 


' 
r 
Consequently, for a given energy dissipat 


liquid, the normal component in the tl 
bed will be higher and hence the ' 
higher than 
fluidized bed. On the 
solid—liquid fluidized bed 
sults. However, it 


coefficient will be 
introduction 
three phase 
may be emphasised 
increase in energy dissipation rate (in th 
after the introduction of 


gas depends upor 
low value of V,, the introduction of gas 
increases the liquid phase energy dissipat 
contrast, at high superficial liquid veloc 
of increase will be relatively low 

The above discussion explains the und 


for the sudden increase in htc when ; 


in a solid—liquid fluidised bed. The 


jump in htc decreases with an in 
observation is also in accordance with th 
behaviour explained above. It 

the turbulence intensit 

equation (3.10). Ir 

U’ is given by the 


The extent of 
lated on the basis of equations 
noting the nature of turbulence in these 
beds. In Section 4 the relationship betweer 
and the 


coefficient normal component 


intensity was discussed 


5.3.2 Effect of particle settling velocity 
K olbel and CO workers” 

Ziegler” and Pathan” have 
effect of particie lameter (or the 
Kolbel and co-workers observed that the 
coefficient increases by about 8% when parti 
increased from 40 to 110 um and increases 
10% for particles having size of 200 um at 
J 0.10ms 


( 


The extent of increase wa 
Kato et 


crease in htc with particle size up to 


superficial gas velocities 


which a slight decrease in htc was obser\ 
further increase in the particie size. ¢ 
observed that this increase or decrease 
increase in particle diameter is a strong 
superficial gas velocity. They observed 
superficial gas velocity of 100mms 





140 PANDIT AND JOSHI 


particle size from 0 to 1000 4m decreased htc marginally 
and further increase in particle diameter increased htc up 
to d, ~ 3000 um. Beyond this particle size htc was found 
to be a very weak function of particle diameter. Chiu and 
Ziegler also observed that, beyond a certain particle 
settling velocity, an increase in settling velocity can 
marginally decrease htc. Observations of Pathan*’ also 
support these conclusions. 

Such a complex behaviour can be explained on the 
basis of fractional gas hold-up variation with respect to 
particle diameter (Michelson and Ostergaard™ and Pan- 
dit and Joshi°). Pandit and Joshi? observed that, for 
particles upto 1000 microns (region B—see Section 7) an 
increase in particle size decreases the fractional hold-up 
as compared to two phase (gas-liquid) systems. Beyond 
which the fractional gas hold-up was again found to 
increase. Kato et al* and Michelson and Ostergaard™ 
have made similar observations. The variations in V, 
with respect to particle size (setting velocity) should be 
taken into account to explain the variation in htc. If the 
extent of increase in Vg, (settling velocity) is of less 


magnitude than the extent of decrease in ¢€,,, the value of 


V, will increase with an increase in V,. Therefore, htc 
increases up to a certain particle size. Further increase 
in d, (or V;) might increase ¢, thereby decreasing V,, or 
keeping it constant. These variations will be reflected on 
htc. As the fractional gas hold-up will also depend upon 
the superficial gas and liquid velocities and also é, the 
changeover point (increase to steady or decrease) may 
get shifted to higher or lower values of d, depending 


upon the magnitudes of these parameters. The effect of 


all these parameters will be discussed in Section 5.3.4 
while discussing the maxima obtained in htc. 


5.3.3 Effect of fractional solid hold-up 


Kolbel and co-workers” observed that, with an in- 
crease in fractional solid hold-up from 2% to 16%, htc 
increased by about 25%. Contrary to the observations 
of Kolbel et al”, Viswanathan et al*, Armstrong et al*’, 
Chiu and Ziegler*, Kato et al* and Pathan*’ observed 
maxima in heat transfer coefficient with respect to 
fractional solid hold-up. They observed that the maxima 
in heat transfer coefficient are in the range of €, of 0.21 
to 0.36 depending upon the particle diameter, superficial 
gas and liquid velocities. As Kolbel et al* have used solid 
concentrations only up to 16%, they observed uni- 
directional increase in htc. However, the nature of 
variation of htc with € (at the same V,.) indicates the 
possibility of maxima at higher é, values. Pathan‘ 
observed that, for smaller particles of 1.98mm, an 
increase in bed porosity (reduction in €,) increased the 
heat transfer coefficient. Chiu and Ziegler* observed 
that the effect of decreasing liquid velocity or increasing 
superficial gas velocity was to shift the maxima to lower 
€; values 

All these observations indicate that the three phase 
system with continuous liquid flow will show maxima at 
all particle diameters. On contrast, in absence of liquid 
flow, the maxima may or may not be obtained depending 
upon the relative contributions of 4th and Sth term in the 
bracket of equation (5.2) 

In general, for very fine particles (V;< 15mms_') 


increase with an increase in é due to the reduction in €, 
(as the contribution of «,V, is negligible due to low 
settling velocities). Beyond a certain particle size (settling 
velocity V;>15mms~' upto 100 mm s~') the reduction 
in fractional gas hold-up due to the increase in & will get 
compensated by the product ¢,V, thereby keeping V, 
and hence htc practically the same. At still higher values 
of d, (V;>100mms~'), an increase in é, affects €, 
marginally (Michelson and Ostergaard™ and Pandit and 
Joshi°). Therefore, from equation (5.2) it can be seen that 
the value of V, might increase or decrease with an 
increase in €, depending upon the particle diameter. 
Pandit” has reported similar behaviour for the bed-wall 
mass transfer coefficient. 


5.3.4 Effect of column diameter 


Equation (5.1) predicts that h, as T° whereas equa- 
tion (5.3) predicts that h, varies as T°’. It was shown in 
the previous section that the bed-wall mass transfer 
varies as T°. However, in the case of heat transfer, it 
can be seen from Table 5.1, that the range of column 
diameter covered by any investigator is too small to 
conclude the effect of column diameter. 

The effect of column diameter on heat transfer 
coefficient is interesting. One can start with the Friend 
and Metzner’’ analogy: 


St = 
12+6./f/2 (Pr —1) 
In the lower range of Prandtl number the second term 


in the denominator is negligible and we get: 


Sta (5.6) 


If the second term in the denominator is very high, we 


get: 


Sta /f (5.7) 


From equation (4.10) it can be seen that f varies as 
(Re)~°?. Therefore, when equation (5.6) holds, Nusselt 
number varies as Re”* and when equation (5.7) holds, 
Nusselt number varies as Re””’. From the definition of Re 
[equations (4.14) and (3.12a)] it varies as (column 
diameter, T'*’). Therefore, h, varies as T "ont TT 
when equations (5.6) and (5.7) hold, respectively. When 
the column diameter increases, the normal component of 
turbulence intensity increases [equation (3.10)] and the 
value of friction factor increases. As a result, the second 
term in the denominator of equation (5.5) increases and 
equation (5.7) starts dominating. Therefore, with an 
increase in column diameter (7 ), the dependence of heat 
transfer coefficient varies from T~°*” to T°? 


5.3.5 Occurrence of maxima in heat transfer coefficient 


Viswanathan et al* reported for the first time the 
occurrence of maxima in heat transfer coefficient with 
respect to €,. Later, Armstrong et al*’, Kato et al**, Chiu 
and Ziegler* and Patan*’ confirmed the above obser- 
vation over a wider range of V,, V,, é and d,. 

Chiu and Ziegler® observed that, with an increase in 
d, (cr V;), the maxima shifted to higher bed porosity (or 
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low €, or high V, ). Similarly, for a given particle size, an 
increase in V,, shifted the maxima to lower é,. The 
variation in V, will depend upon several parameters like 
V5, VL. &., the product ¢, V, and the terminal bubble rise 
velocity V,,,.. The variation in V, with these parameters 
is explained in the previous sections. The overall effect 
of all the parameters perhaps gives maxima in heat 
transfer coefficients. 

Increase in d, (or V;) will have to be compensated by 
decrease in é to maintain the same contribution of the 
4th term in the bracket or increase in V, is necessary to 
get the following bracketed term to remain constant 
( VG 7 V 
maxima to lower é& values or higher liquid velocity 
values with an increase in d, (or V;). Similarly, an 
increase in V,, will increase (€, V,,.) product. In order to 
compensate this the product («,V;) needs to be de- 
creased, which is possible only by reducing é, (assuming 


settling velocity is unaffected). This explains the shift of 


maxima to higher bed porosities or lower €, values with 
an increase in superficial gas velocity. The required shift 
in the maxima will also depend upon the physico- 
chemical properties of the slurry. 

At the same superficial gas and liquid velocities, an 
increase in é, will increase the magnitude of 2nd term 
and decrease the magnitude of 3rd and Sth term to 
different extents. The opposite variation in the terms in 
the bracket leads to a maximum value of V, which leads 
to maxima in heat transfer coefficient. 

It is also likely that the physical properties of the 
continuous phase such as viscosity (4), specific heat (C,), 
thermal conductivity (A) and density (p ) get modified in 
the presence of solid particles. According to the 


definition given by Deckwer et al*, the values of yu, p and 
k increase and C, decreases with an increase in ¢.. This 
particular behaviour of physical properties will also give 
rise to maximum hte [equations (5.1) and (5.3)]. 

It may be pointed out that, in all the studies reported 
so far, the maxima has been observed only when the 


liquid phase is continuous. This mainly because, the 
value of €; can be varied over a wide range with the help 
of continuous liquid. On the other hand, in the presence 
of only sparging, limited amount of solids can be 
suspended depending upon the solid settling velocity. As 
a result, maxima is not observed in the case of only 
sparging which confirms the data reported by Kolbel et 
al*** and Deckwer et al*. In the present study also 
(Section 4), maximum value of mass transfer coefficient 
was not obtained in the presence of only sparging. 


5.4 Comparison 


Figure 5.3A shows the comparison of the bed-wall 
heat transfer coefficients obtained by different workers 
under otherwise identical conditions. It can be seen that 
under otherwise identical conditions the heat transfer 
coefficients obtained by Kato et al* and Pathan*’ are 
about 25 to 30% higher than those obtained by 
Armstrong et al*? and Chiu and Ziegler*. Various 
correlations reported by these authors are given in 
Table 5.2. It indicates that the exponent over V, is of the 
order of 0.06 in the case of Armstrong et al*’ and Chiu 
and Ziegler® whereas Kato et al* and Pathan*’ observed 


Chem Eng Res Des, Vol. 64, March 1986 


all the quantities). This explains the shift of 


the exponent of the order of 0.26 which is close to that 
reported by Deckwer et al*. Chiu and Ziegler*® and 
Pathan“ have reported a decrease in htc with an increase 
in V, whereas the data of Armstrong et al*’ and Kato et 
al** indicate an increase in htc with an increase in 
superficial liquid velocity. The prediction of equation 
(5.2) indicates that the heat transfer coefficient can either 
increase or decrease depending upon the relative con- 
tributions of each term in the expression for V,. It can 
also be noted from equations (5.1)-(5.3) that the 
exponent over V,, will depend upon the range of V, 
and V,. 

The correlations reported by different investigators 


are given in Table 5.2. These correlations are excellent 
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Table 5.2 


Investigator 


Kolbel et al” 43.7 Re 
22.4R 


Armstrong et al° 1, = 3.393 V; ot 


Deckwer et al™ t =0.1 (Re Fr. Pr°) 


Kato et al* Nu = 0.044 (Re Pr) 


Muroyama et al* 


for the range of variables covered by the respective 
investigators. At the time of writing this review, it is felt 
that the published information is very limited. Most of 
the experiments have been performed in 50mm i.d. 
columns and few in 95 and 120mm i.d. columns. 
Armstrong et al* have used a 240mm i.d. column. 
Therefore, it was thought desirable to compare the 
predictions of various correlations with the experimental 
data of Armstrong et al. the comparison is shown in 
Figure 5.3B. 

It is desirable that extensive heat transfer studies need 
to be undertaken using at least 200 mmi.d. column. It 
will be shown in Section that the gas dispersion 
characteristics are entirely different in different ranges of 
particle sizes and solid loadings. The particle size needs 
to be varied from few microns to about 10 mm. Effect of 
solid density needs to be studied. Different correlations 
need to be developed for different regimes of operation. 

Pathan*’ has observed in 50 mm i.d. column that the 
value of htc increases with an increase in the axial 
distance from bottom. This observation needs to be 
confirmed using large diameter columns. 


Correlation 


for Re > 150 


> for Re < 150 


*420 Fr 


Correlations for bed-wall heat transfer coefficient in three phase sparged reactors 


Definitions 


h.d dVcp 
— - 


Nu 
K Ll 


d is the diameter of heating rod 


} ( dyp 


ll 


gd, 
subscript c denotes the properties 
of solid—liquid suspension 
pV id 
Re 


uw, (I €,) 


§ 1S Suriace area oO! particles 


per unit volume. For the use of 


this correlation see the origina 


relerence 


h,, and h,, are bed-wall heat 
transfer coefficients for three 
phase and two phase (solid—liquid) 


reactors, respectively 


6. PARTICLE-LIQUID MASS TRANSFER 
6.1 General 

Particle—liquid mass transfer is a complex phenomena 
as compared with bed-wall mass transfer because of the 
various flow regions surrounding the suspended particle. 
The two distinct regions are boundary layer in the front 
and the wake region at the rear of a particle. Experi- 
mentally it is very difficult to find the rate of mass 
transfer as a function of the location on the surface of 
the particle. Only in recent years holographic techniques 
are being developed which permit the point mea- 
surement of mass transfer coefficient. 

For the case of a single particle, numerous in- 
vestigations have been made for particle—liquid mass 
transfer. Recently, Sandoval-Robles et al’ have pro- 
posed the following correlations on the basis of their 
own and previously published data: 


Sh = 1.032 Re?*® Sc: 2 < Re, < 20 
Sh = 0.803 Re?*” Sc} * 


(6.1) 
(6.2) 
(6.3) 


20 < Re. < 2000 
Sh = 0.300 Re? Sc}? 2000 < Re, < 23000 
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where, 


d.V.p 
Re, =— aA. 
Hy 


and Sc, = (6.4) 


V, is the relative velocity between particle and liquid. 


Equations (6.1)-(6.3) hold when there is no turbulence 
in the liquid phase. In the case of sparged reactors, the 
liquid phase is highly turbulent. Boulos and Pei have 
reviewed the experimental and theoretical work on the 
effect of free-stream turbulence on mass and heat trans- 
fer. They have pointed out that the intensity of tur- 
bulence has a pronounced influence on the local transfer 
rate. The effect of free stream turbulence is greater over 
the boundary layer than the wake region. However, 
substantial experimental work is needed to understand 


the effect of free stream turbulence on the local rate of 


mass transfer particularly in the wake region. Sandoval- 
Robles et al’’ have measured the influence of turbulence 
on particle—liquid mass transfer. The enhancement in the 
rates of mass transfer 
turbulence intensity 
number 


found to with 
(7,,) and the particle Reynolds 


were increase 


Sh = 6.82 Re,’ 7 Se (6.5) 
The value of Sc, was not varied by Sandoval-Robles 
aa. 
Hughmark™~” have correlated particle-liquid mass 
transfer in mechanically agitated reactors fixed beds and 
solid—liquid fluidised beds. The approach was similar to 
that discussed in Sections 3, 4 and 5. It was discussed 
that the mass and heat transfer coefficients 
correlated by equations of the following form 


can be 
Se 


>. 
VC ‘ Pr 

In the case of turbine agitated vessel, liquid phase is 
highly turbulent and the drag experienced by a particle 
in an agitated vessel is much higher as compared to that 
in a stationary liquid. In the case of agitated vessel, the 
drag coefficient was correlated by the following equation 
(Hughmark™): 


(6.8) 


Re = d,Ugp,/ ky (6.9) 
where C) is the drag coefficient and Uz, is the relative 
velocity between a particle and liquid generated because 


Table 6.1 


c d 


m m 


0.14 
CaCO, and PbI 
0.10 
and 0.20 Benzoic acid 
Naphthol and 
ion exchange resin 


0.115—-0.87 mm 37 


lon exchange resin 
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of the impeller action. The overall slip velocity (0) was 
calculated using the following equation 


O07=Ui+) (6.10) 


The particle—liquid mass transfer data was successfully 


correlated by the following equations when Re < 17 


0.78 ( < | .Y, 
& 


0.66(* - | Ss. 
Q 


(6 1?) 

Hughmark 
(6.12) also hold for single particles settling in a station 
ary liquid (without free stream turbulence) if appropriate 


also observed that equations (6 11) and 


values of drag coefficient are substituted. This indicates 


that the difference in drag coefficients (in the presence 
and absence of free stream turbulence) accounts for the 
transport differences from single spheres in the presence 
and absence of free stream turbulence 

When the particle Reynolds number ts greater than 17 
equations of the form (6.11) and (6.12) could not be 
developed. The following correlation was found to hold 
(17 < Re < 270 and 13.7 < S 3200) 

k. d,Up, \ 


7 Set” | | 


3.04 
l Ul 


(6.13) 
It is known that the exponent on Sc, 1s 0.66 wher 
laminar boundary layer controls the mass transfer. The 
exponent is 0.5 when the mass transfer occurs by 

renewal type of mechanism 
equation (6.13) is 0 


The exponent 
75 which is much higher 
values for boundary layer controlled and surface 1 


\ 


The reasons for higher e 


controlled mechanisms 
are still not clear 


6.2 Particle—-Liquid Mass Transfer Coefficient in 
Phase Sparged Reactors 


Three 


Only three studies have been reported so fa 
three pha 


particle—liquid mass transfer in t 
Sasano”, Sano et 


Kawamura 
Sanger and Deckwer 


LAS. 


reactors and 
have studied this aspect 

The detail 
lable 6 


following observatior 


mentally and have proposed correlations 
pertaining to the experiments are given in 
these 
made 


investigations the 


(1) The value of particle—liquid mass transfer coefl 
(kK, ) increased with superficial gas velocit 


Summary of reported studies on solid—liquid mass tr 


J 


Sc 


1020 


1400 


Sanger and 


Deckwer™ 
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to certain value of V.. Above a V, value of about 
60mm s_' the kg, was found to be independent of 
Vv 

The value of k, did not depend upon density 
difference (p., — p,) (inferred from correlations). 
Column diameter did not have any effect on kg, . 
For large particles, k,, was found to be independent 
of d, whereas for small particles kg, varied as the 
square root of d,. Tournie et al’ have made similar 
observations in solid—liquid fluidised beds. 

For nonspherical particles, it was sufficient to define 
Sherwood number as ky, d,/ 0, 


It is relatively difficult to develop correlations which 
will take into account ail the above observations. The 
turbulence characteristics of liquid phase are not known 
and therefore correlation of the form of equation (6.5) 
cannot be developed. The other approach was discussed 
in Sections 4 and 5 and is based on drag coefficient. The 
settling velocity of a particle in three phase sparged 
reactors is different from the terminal settling velocity 
because of the following reasons: 


(i) Because of the presence of other particles in the 
liquid phase, the settling velocity is likely to be less 
because of hindering effect. 

(ii) The presence of gas can reduce or increase the liquid 

phase turbulence intensity as compared to that in 
solid—liquid fluidised beds. When V,/¢, is greater 
than V,,, then the turbulence intensity increases and 
vice versa. It is known that the settling velocity of 
a particle decreases with an increase in turbulence 
intensity. 
Because of the presence of gas, part of the solid 
passage is in the gas phase. The settling velocity in 
the gas phase is much higher than the liquid phase. 
Because of the gas sparging, intense liquid circu- 
lation is developed which is upward in the centre 
and downward near the column wall”. This liquid 
flow pattern gets superimposed on the particle set- 
tling velocity. Visual observations clearly indicate 
that the particle settles very fast near the column 
wall as compared with the central region. 


Because of the above reasons, the settling velocity of 
a particle in three phase sparged reactors cannot be 
predicted. Experimental measurements of settling veloc- 
ity are needed over a wide range of V,, T, d,, ps, p,, 
ui, and the sparger design. These measurements will give 
the estimates of drag coefficient for solid particles in 
three phase sparged reactors and these estimates of C, 
can then be used for correlating mass transfer data [for 
instance, equation of the form (6.11) can be developed]. 

Sanger and Deckwer™ used the power consumption 
per unit mass (P,,) as the correlating parameter: 


When 


(6.14) 


(6.15) 


When 


kg d, 


f 


 f, 
= 2+ 0.649 (Sc, )' | 


(6.17) 


In the above correlations, the power with respect to 
Sc, has been selected to be 1/3. In the absence of such 
a selection, the following correlations were found to 
hold: 

When 
Pd: 
(6.18) 


ks d 


= 33. Sc ( —— (6.19) 
7, y° 


When 
P.d* 


ks d, 


A 


(6.21) 


It can be seen from above correlations that the power 
with respect to Sc, is much lower than 0.33. This was 
also observed by Hughmark” in mechanically agitated 
reactors [equation (6.13)]. The above correlations, how- 
ever, cannot explain the observations (i), (ii) and (v) cited 
above namely, the independence of k,, on V,, (above a 
certain value) and on (p,—,)- Before reliable cor- 
relations can be developed, substantial experimental 
work on k,, is needed over a wide range of 7, V. 
Ps. P_, M. Sparger design and bubble diameter 


7. GAS-LIQUID MASS TRANSFER 
Gas and liquid side mass transfer coefficients and the 

effective interfacial area decide the rates of gas—liquid 
mass transfer. The most important governing parameter 
is the bubble diameter. The rise velocity of a bubble 
depends upon the bubble diameter and in turn, the rise 
velocity determines the fractional gas hold-up. The 
fractional gas hold-up together with bubble diameter 
control the effective interfacial area and for spherical 
bubbles: 

6¢ 


a d, (7.1) 
The true values of gas and liquid side mass transfer 
coefficients also are strongly dependent on the bubble 
diameter: both directly and indirectly. It was discussed 
in Section 3 that the hydrodynamic behaviour of the 
liquid phase is governed by the bubble diameter, rise 
velocity and fractional gas hold-up. 

The bubble diameter is a peculiar parameter. It is 
strongly dependent on the physical properties of the 
liquid. Even the presence of minute adventitious im- 
purity can alter the bubble diameter markedly. The other 
variables governing the bubble diameter include: 


Chem Eng Res Des, Vol. 64, March 1986 





MASS AND HEAT TRANSFER 


THREE 


PHASE SPARGED REACTORS 





BUBBLE DIAMETER 34g (mm)—> 








BUBBLE COLUMN 


Cpe 
500 , (€,) = 0-05 


$00 , (€,) = 0-03 
850 , (Es) 0-03 
650 , (€,) 0-01 
2000, (€,) 0-01 
110 5 (&,) 0-01 





a 








1 1 ——* 

50 100 150 200 
SUPERFICIAL GAS VELOCITY , Vv, (mm/s) 
Figure 7.1. Effect of superficial g 
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superficial gas velocity, sparger design and the column 
diameter. 

In the case of three phase sparged reactors, we need 
to know the effect of suspended particles on gas-liquid 
mass transfer. For a given gas-liquid system, superficial 
gas and liquid velocities, sparger design and column 
diameter, it is necessary to understand the role of solid 
particles on the bubble diameter and rise velocity. The 
effect of particle size is very complex whereas the effect 
of fractional solid hold-up is relatively less dramatic. 


7.1 Bubble Diameter 


Pandit and Joshi? have measured bubble diameter in 
200 mm i.d. three phase sparged reactor. The superficial 
gas velocity was varied in the range of 5-300 mms 
The liquid phase was batch. The values of effective 
interfacial area (a) were measured by using chemical 
methods [Doraiswamy and Sharma”’] and the bubble 
diameter (d,) was estimated by equation (7.1). From 
Figure 7.1 it can be seen that, in the absence of solids, 
d, decreases continuously with an increase in superficial 
gas velocity (V,,) which is in accordance with the 
predictions of Calderbank® and Bhavraju et al’. The 
effect of the presence of solids on bubble diameter is 
shown in Figure 7.1. At the superficial gas velocity (V;,,) 
of zero, all the solids are settled at the bottom. When V, 
is increased, the bubble diameter increases (for 500 and 
850 micron particles) till ali the solids are suspended or 
up to critical superficial gas velocity (V,-) for the 
suspension of particles. Above Vg: the bubble diameter 
decreases with an increase in V,. as in the case of bubble 
columns. When the solid loading is 1%, the value of V,, 
is low and d, decreases continuously with V,,. For 2mm 
particles, no maxima was observed the reasons for which 
will be explained later. 


ity and tractiona 


Figure 7.2 shows the effect of particle size on bubble 
diameter. From Figure 7.2 it can be seen that, when the 
particle size is increased from low value, the bubble 
diameter decreases as compared to gas-liquid system 
[he minimum bubble diameter is obtained when the size 
is about 100 microns. The bubble diameter increases 
with an increase in d, in the range 100—S00 microns. A 
maximum value of d, is reached at about 500 microns 
Above this particle size, the value of d, again decreases 
with an increase in d 

The particle sizes at which the maximum and min- 
imum bubble sizes occur depend upon the gas liquid 
system. Dhanuka and Stepanek” have measured a and 
€, using 1.98, 4.08 and 5.86 mm particles. In this range 
the bubble diameter was found with an 
increase in particle size. Ostergaard” and Michelson and 
QOstergaard~* have measured a and «, 
6mm particles 
increase d,. The above two observations 
with Figure 7.2 

[he bubble diameter depends upon solid phase hold- 
up. For fine particles (probably less than 50 microns), 
Sharma and Mashelkar”®, Mehta and Sharma®’, Joshi 
and Sharma” and Joshi” have shown tnat d, decreases 
with an increase in & upto é value of about 0.06. Above 
These 
Juvekar and Sharma 
found d, to be independent of & upto solid hold-up of 
20%. This was because of the slug flow in the 50 mm i.d 
columns 

For large particles (probably larger than 50 microns), 


to decrease 
using |, 3 and 


In this range, d, decreases with an 


are consistent 


this value of €., dy increases with an increase in & 


results are shown in Figure 


the bubble diameter increases with solid phase hold-up 
The effect of superficial liquid velocity, | can be 
identified with the fractional solid phase hold-up (é) 
Therefore, with an increase in } 
bubble size decreases 


. €. decreases and the 


In the case of very large particles 
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-6mm), the results of Ostergaard® indicate that d, is 
practically independent of superficial liquid velocity. 

Based on the foregoing discussion a map can be 
constructed to depict the effects of particle size and 
oading on bubble diameter. Such a map is shown in 
Figure 7.4. The region A covers particle size up to 
100 microns and solid hold-up up to 0.6%. Here, the 
bubble diameter decreases with an increase in both 
particle size and solid hold-up. The particles in this size 
range accumulate at the gas—liquid interface and prevent 
the coalescence and decrease the average bubble di- 
ameter. As the solid phase hold-up is increased from 
zero, more and more bubbles are covered by the solids 

1 the bubble size decreases with an increase ¢,. Once 
all the bubbles are covered, the additional solids will 
remain in the continuous phase which perhaps increase 
the apparent liquid viscosity. As a result, the bubble size 
starts increasing above a certain critical €. The critical 
value of ¢ will depend upon the particle size and the 
effective gas—liquid interfacial area. 

In the region B, the average bubble diameter increases 
vith an increase in both: particle size and solid hold-up 
It is said that the apparent liquid viscosity increases with 


the particle size and loading. This reasoning may be 
granted in the case of fine particles 

For relatively large particles, it is difficult to visualize 
the increase in viscosity. At least it is known that the 
particle liquid mass transfer coefficient does not decrease 
with an increase in d, which is against the argument that 
the apparent viscosity increase with d,. The rate of 
bubble coalescence increases with solid phase hold-up 
the reasons for which are not very clear 

Above a certain critical particle size, the bubble 
breakup occurs. Henriksen and Ostergaard ~ have postu- 
lated that the particle enters through the bubble roof and 
the break-up occurs because of Rayleigh—Tayler in- 
stability. Lee et al” visualize the bubble break-up by 
particle penetration. As a result of bubble break-up, the 
average bubble size in the region C (Figure 7.4) decreases 
with d,. However, for a given d,, d, increases with é, 
The reduction in d, can be so high that the average d, 
at d, S-10mm can be two times smaller than that in 
gas-liquid system. It will be shown later that the region 
C is energy efficient. In the region D, the bubble size is 
practically independent of d, (Kito et al”). In addition 
to the above four regions, the slug flow can also occur 
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Figure 7.4. Behavioral regions of three phase sparged reactors based 


on particle size and solid loading 
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Figure 7.5. Effect of particle size on terminal rise velocity of a bubble terminal rise velocity 
increase in bubble diamete 
the results obtained by 

if the column diameter is relatively small. Juvekar and function of superficial 

Sharma” observed the slug flow region in the 50 mm 1.d In the homogeneous 

column using lime particles upto 30% (wt) up is given by the follo 

When the liquid phase is continuous the region A’ also 
, -_ 


that in the gas—liquid system. In the region A’, d, Is where plus and minus si 


occurs. In region A, the average bubble size decreases 


with d, and € and as a result the average d, is lower than 


smaller than gas—liquid system but unlike in region A, it co-current flows, respect 
increases with ¢€. The regions B and C (up to be seen that the fractior 
2000 microns) can occur in the presence and absence of increase in | O1 
liquid flow. It is relatively difficult to suspend particles In the heterogene 
larger than 2000 microns by only sparging | 

It must be emphasised that the classification discussed aa a 
above should be considered preliminary. It has been = 
based on the availabie observations in the published where the consta 
literature. One would like to select the particle Reynolds rise velocity of 
number as abscissa because the particle settling velocity €, decreases with 
represents the effects of d, and also the density of dependence will 
difference. Many refinements in Figure 7.4 are needed on addition, the value 


the basis of direct measurement of bubble sizes. At size and loading. As 


present, very few studies are available on the bubble size diameter will change « 
measurement (for instance, Massimilla et al”, Rigby upon the values of 


et al”, Henriksen and Ostergaard” and De lasa et al”) of Michelson 
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Figure 7.6. Fractional gas hold-up in three phase sparged 
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particles. it was shown in the previous section that the 
bubble diameter (and hence V,,) decreases when the 
particle size increases from | to 6mm. Further, Darton 
and Harrison*', El-temtamy and Epstein’? and Pandit 
and Joshi? have shown that, for same d,, the value of 
J decreases with an increase in d, and &. The 

with 
From equations (7.2) and (7.3) it can 
will increase with d, 


combined effect is the enhanced reduction in J 
an increase 1n d., 


be seen that «¢, 


7.3 Effective Interfacial Area 
With a decrease in average bubble diameter (d,) the 
fractional gas hold-up (¢,) increases. The decrease in d, 
and the accompanied increase in ¢, gives enhanced 
increase in the values of effective interfacial area. It was 
discussed in Section 7.1 that the effects of d,, V.. V,; and 
€; on dy are different in different regions. As a result, the 
effective interfacial area will have different relationships 

with d,, Vg, V, and ¢, in different regions 


Region A 


Sharma and Mashelkar” showed for the first time that 


small amounts of fine particles (even only 0.3% by wt.) 
can enhance the effective interfacial area by a factor 
more than two. These results have been confirmed by 
Mehta and Sharma” and Joshi and Sharma” in mechan- 
ically agitated contactors and horizontal sparged con- 
tactors, respectively. However, above a solid loading of 
about 0.6% (wt) maximum value of a occurred and the 
further increase in solid loading decreased the effective 
interfacial area. Above a solid loading of 3% (wt) 
Juvekar and Sharma” have shown that the value of a 
remains practically constant up to solid loading of 20% 
(wt). It may be pointed out that the range of variables 
covered by Juvekar and Sharma” does not fall in region 
4. Recently, Quicker et al’’ have investigated the effect 
of solid loading on a. The particle size was in the range 
of 0-20 microns. The solid loading was more than 0.6% 
and the study falls in region B. They have shown that the 
value of a is same as the two phase bubble column upto 
4.6% carbon, 10% Kieselguhr and 1% aluminium oxide. 
The solid loading was not varied in the range of 0-0.7% 
so that the effect of solid loading in region A was not 
observed 

In the region A, the effects of particle size and solid 
loading have not been studied systematically. As a result, 
a correlation cannot be developed for a in this region. 


Region B 

This region covers the particle size range of 100—1000 
microns at all solid loading and 0-100 microns above a 
solid loading of 0.6%. the average bubble diameter 
decreases with an increase in particle size and solid 
loading. (It was emphasised earlier that the range cited 
above is on the basis of published information and it is 
wished that many refinements will appear in the future 
work). For | mm diameter glass beads, Ostergaard® has 
reported the following correlation for a 


a = 29 9 | (7.4) 


~ AND JOSHI 


and for bubble columns (in the absence of particles) 


a = 102.4 V;"" (7.5) 


The range of superficial gas and liquid velocities was 
same in both the (43<V.<124mms"', 
15<V,<46mms_'. The average solid hold-up was 
45% (vol.) in the above range. 

Quicker et al”' varied the particle size in the range of 
0-20 microns and the solid loading 0—30% (wt). For 
activated carbon and Kieselguhr the following equation 
has been suggested: 


CaSes 


3341'S" as (7.6) 


whereas for aluminium oxide particles: 
a=2.06 x 10° VG? ua 


whereas j.. is the apparent viscosity of solid suspension. 
It can be seen that the powers over /., are widely 
different and the authors have pointed out that the 
apparent viscosity is not a good correlating parameter 
Godbole et al® investigated a in 0.305 m i.d. column 
using 300 micron polystyrene particles. At a solid hold- 
up of 0.23 (vol.) the value of a decreased by 15% as 
compared with two phase bubble column. Pandit” has 
studied a in a 200 mm i.d. column. Quartz particles of 
110, 210, 340 and 500 microns were employed. Experi- 
ments were carried out in the absence of liquid flow. The 
solid loading was varied in the range of 0—-25% (wt). The 
critical superficial gas velocity for suspension of solid 
particles of i110, 210, 340 and 500 microns are 12.5, 50, 
76 and 104mms respectively. Above the critical 
superficial gas velocities, it has been discussed earlier 
that, the variation of gas hold-up is similar to gas—liquid 
bubble columns. The values of effective interfacial area 
were also found to vary as V¢ in the absence and 
presence (above V,,) of solid particles. Further, the 
reduction in a (as compared with two phase system) was 
substantial at low solid loading and the extent of reduc- 
tion decreased with an increase in particle loading. For 
instance, the reduction in a was 25% when the solid 
loading was 5% (vol.) and the reduction was 32% when 
the solid loading was 10%. On the basis of data of 
Pandit’, the following correlation can be developed (up 
to €, of 0.05): 
(d Joris 

—= (7.8) 

(d Joy 


Between 5 and 10% (vol.) solid loading 


(a GLs 
(7.9) 
(4 Joy 


For the data reported by Ostergaard”’ where the average 
€< 1S about 0.45 to 0.5 


(da \GLs 


(7.10) 
(d Joy 


where, the numerator and denominator represent the 
values of effective interfacial area in three and two phase 
sparged reactors, respectively. However, the reduction in 
a in the presence of fine particles (0-20 microns) reported 
by Quicker et al’' cannot be correlated by equations (7.8) 
and (7.9). In this case, the reduction was found to be 
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substantial as compared with that predicted by equation reactors. In the latter reactor with particles greate 

(7.8) and (7.9). 3mm, the gas bubbles are small as compare: 
An another extreme, for fine particles Juvekar and bubble columns. As a result, the gas hold-up 

Sharma” found a to be independent of solid loading. phase reactors is higher than that in the 

This was because of the slug flow behaviour in the system and it increases with particle diameter 

50 mm i.d. column. In general, the role of fine particles has shown that, for 6 mm particles, all the inp 

in region A as well as in region B is not quantitatively because of sparging is dissipated at the gas-—lig 

clear. It also appears that the nature of fine solid solid—liquid interfaces and the hydrodynamic beha\ 

particles also plays an important role (Sharma and changes from heterogeneous to homogene: 

Mashelkar” and Quicker et al’'). The characteristic features of homogeneous regi! 
It is again emphasised that the upper limit of region clude low extent of liquid phase mixing, low 

B is still uncertain. However, there are reasons to believe bed-wall heat transfer coefficient and 

that minimum a occurs at about | mm particle size when function of V, as compared to the 

the particle density is 2600 kgm °. The critical particle regime. In the case of large particles a 

size will increase with a decrease in particle density as compared to } in the heterogene 


i ARIS 


Region C 7.4 Liquid—Side Mass Transfer Coefficient 
In the region C, bubble break-up occurs. Lee et al The liquid—side mass 
have given the following criterion for bubble break-up product of effective interfacial area 
liquid—side mass transfer coefficient (/ 


of a in three phase sparged reactors was discus 


Lila 


} 


The values of v, have been reported elsewhere. The k, a, we need to understand the dependence 
critical particle size for which the break-up begins is in d,.é;, ps, Tand H onk, . He 
the range of 0.8 to 1.5mm when pg is 2600 kg m dramatically different 
Lee and Worthington”, Ostergaard® and Dhanuka 
and Stepanek™ have investigated effective interfacial ; 
area in three phase sparged reactors. Fukushima” has Region A 
developed correlations for bubble diameter and a on the This regio 


CE 


previous section. Therefore, for getting the bel 


re aiSO tne V 


dependences 


l LU 


basis of data reported by Lee and Worthington™. The 0—100 microns and tl 
following equation was obtained values of k 


are dra 


ds who cannot adsorb the gas componer 


1 = 0.386, Re; Re and active (those 
a, 


where, 


adsorb) 
Figures 7.2 and 7.3 it can be seen 
diameter decreases with an increase in t 
and the particle size 
decrease in bubble 
of k,. In the case o 
tional mode of tran 
Re. =-- transfer to occur by 
HG case, elements of 

Equation (7.12) predicts that the average bubble di- interface, stay for 
ameter increases with an increase in particle diameter During the stay 
This prediction is contrary to the observations of mass transfer occurs und 
Ostergaard® and Dhanuka and Stepanek”. Ostergaard' active particles are also | 
has shown that the value of a increases 2-3 fold when surface renewal mechanism 


+ | 


the particle size is increased from 3 to 6mm. Similar come to the interface and 
observations have been reported by Dhanuka and solute gas is desor! 
Stepanek”. The minimum value of a occurs during the very high capacity 
transition of region B and C (1-2 mm). The minimum than the solubility in the liquid phase) 
value of a is 2 to 3 times lower than the gas-liquid make substantial contribution to t! 
system. Ostergaard” has shown that, in the case of 3 mm at very low loading. This role 
particles, a is practically the same as that in gas-liquid shown for the first time by ¢ 
bubble columns. Therefore, on the basis of the Sharma™. These authors measured 
investigations of Ostergaard®” and Dhanuka and sulfide system. It can be seen from 
Stepanek™, the following relationship may be useful for value of k, increases three fold 
particles larger than 3 mm. activated carbon was only 0.1 

(a ots ‘ is not expected to be more than 100' 
15) experiments of Alper et al 

been shown for the case of oxidation 

where d, is in mm. However, there is one difierence value of a was maintained constant in the pr 
between GL bubble columns and GLS three phase absence of particles 


(a No 
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iding on liquid-side mass transfer 


[he active particles have an even larger role than 
enhancing the rate of physical mass transfer. Pal et al” 
have shown that the catalyst particles, smaller than the 
diffusion film thickness can enhance the specific rate of 
absorption substantially over that in the presence of 
coarser particles, even when the reaction is sufficiently 
fast to occur in the film in the absence of catalyst 
particles. This has been illustrated with a study of the 
kinetics of absorption of oxygen in aqueous solutions of 
sodium sulfide. Fine activated carbon particles (average 


~ 


particle size 1.7 and 4.33 microns; 0.01 to 2% w/w 
loading) were used as a catalyst. Some experiments were 
also conducted with coarse carbon particles (average 
particle size 85 microns and particle size > 20 microns). 
Under certain conditions, in the absence of activated 
carbon, the absorption is accompanied by fast pseudo 
first order reaction in the film. When the particle size was 
less than the diffusion film thickness, the specific rate of 
absorption increased by a factor of 2 to 14. When the 
particle size was larger than the diffusion film, no 
enhancement in the rate was noticed. 

Sharma” has pointed out that the fine particles can be 
advantageously employed for improving the selectivity. 
Catalytic hydrogenation, catalytic oxidation, reduction 
of ammonium nitrate to hydroxylamine and Fischer- 
lropsch synthesis for olefins are some of the examples 
where substantial benefits can be obtained using fine, 
catalyst particles 

When the particles are smaller than the diffusion film 
thickness and are also reacting, Ramchandran and 
Sharma” have shown that the specific rate of absorption 
in the presence of fine reacting particles can be consid- 
erably higher than that in the absence of solids. This has 
been experimentally proved by Sada et al” and 


Uchida el al” 


Region B 

[his region covers the particle size range of 100-1000 
microns Juvekar and Sharma”, Kato et al”, Zaidi et al’”’, 
Deckwer et al™ and Sada et al”” have investigated k, a 
in three phase sparged reactors operated in Region B. 
Joosten et al” and Miyachi et al’ used similar particle 
size range in mechanically agitated contactors. The 
details pertaining to experiments are given in Table 7.1. 


Except for the results of Sada et al”, all the in- 
vestigators have shown that the value of 4, is practically 
constant with respect to solid loading up to a certain 
limit. Juvekar and Sharma™ and Joosten et al'”’ have 
shown that the value k, does not change up to a solid 
loading of 20% (wt) and above this loading k,a de- 
creases. Kato et al” observed in 122mm 1.d. column 
that, at low V., the values of ¢,, a and k, a diminished 
with an increase in the particle size and loading. (The 
range of particle size and solid loading used in this work 
are given in Table 7.1). With an increase of V,, the 
values of ¢€,, a@ and k,a became independent of the 
particle diameter, the solid loading and the type of gas 
distributor. In the case of 2!4 mm 1i.d. column, the values 
of €,, aand k, a were found to be independent of particle 
size and loading. From these results of Kato et al” one 
can see that there is a strong effect of column diameter 
in the range 122-214mm. Pandit and Joshi’ used 200 
and 385 mm i.d. columns and did not notice the effect of 
column diameter under otherwise same conditions of 
V.,. d,, €& and the gas distributor. However, as discussed 
elsewhere, Pandit and Joshi? did observe the effects of d, 
and é in both the columns. It may be noted that the 
vaiue of k, was found to be independent of d,, &, gas 
distributor and column diameter. This is a useful obser- 
vation for region B. This conclusion can be coupled with 
the behaviour of a to get estimates of k, a in region B. 

Only in the investigation of Sada et al” the value of 
k, decreased by 50° 


o when the solid loading of fine 
particles (magnesium and calcium hydroxide) was 20% 
(wt). This discrepancy may be attributed to the sparger 
design. Sada et al” used a sintered sparger whereas the 
other investigators used a perforated sparger. 

Zaidi et al” investigated k,a at high temperature 
(256-300 C) and pressure (900 kPa) by carrying out 
Fischer-Tropsch reaction in a 41.4mm 1.d. column. 
Catalyst particles of | micron size supported on alumina 
(5 microns) were used. The solid loading was 10.4 and 
14.3% (wt). The value of k, has been shown to be 
practically independent of V,. This result has been 


confirmed by Deckwer et al” 


Region C 
Adlington and 
Suchozebrski 
murty et al , Leo and Worthington”, Ostergaard' 
Gay et al’ and Wu et al”, Dhanuka and Stepanek”, 
Alvarez-Cuenca et al have investigated k, a in this 
The experimental observations may be sum- 
marised as follows 


Thomson Ostergaard and 


Ostergaard and Fosbel Dakshina- 


region 


(i) In the region C, the particle size lies in the range 
of 1-8 mm. Ostergaard® and Dhanuka and Stepanek™ 
have shown that the values of k, a, for 1-2 mm particles 
are 2-3 times lower than those in gas-liquid bubble 
columns. Further, the values of k, a are comparable in 
the presence and absence of particles when the particle 
size is in the range of 3-4 mm. When the particle size is 
greater than 6mm, k,a in three phase sparged reactors 
are 2-3 times larger than those in bubble columns. The 
variation of k, with respect to particle size is shown in 
Figure 7.8A. 
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(ii) Ostergaard and Suchozebrski'”’, Ostergaard and 
Fosbol'” and Ostergaard® have measured k,a in 150 
and 216mm i.d. columns. Ostergaard® has reported 
three correlations for the three particles: 


Bubble columns 43 .<124mms 
| mm particles 15 < 46mm s 
3 mm particles 43 < V, < 128mms 

43<V,<73mms 
6 mm particles 47 .<127mms 
68 ,<97 mms 


Bubble columns: k, 0.27 V, 


| mm particles: k, 0.043 Ve" 


3 mm particles: k, 0.615 V, 5 


( 


6 mm particles: k, a = 0.425 Ve’ (7.19) 


It can be seen that k, a depends upon V, only in the 
case of 3 mm particles. The power on V,, varies substan- 
tially with a change in particle size. 

(111) Dakshinamurty et al used 56 mm 1.d. column 
and employed 1.06 and 3.1 mm size sand, 3.35, 6.02 and 
6.84 mm glass beads, 6.37 mm porcelein beads, 2.93 mm 
iron shot and 2.13 mm lead shot. The values of k, a have 
been correlated by the following equation 


k, ad: d.V. p [a V, 


Ly G 


> 2000 
2000 


This investigation has covered a wide range of particle 
size and solid density. However, the liquid viscosity, 
liquid density and surface tension were not varied 
though these properties appear in the correlation. Equa- 
tion (7.20) suggests that the value of k,a varies as d. 
(Vs, varies as ,/d, in the turbulent regime). This 
relation overpredicts the effect of d, when compared 
with the results of Ostergaard and co-workers and of 
Dhanuka and Stepanek”. Further, the power on V¢ is 
0.7 irrespective of particle size and density 

(iv) Fukushima® correlated the results of Lee and 
Worthington™ by the following equation 
k,a ‘d-(€.+ 6 ) 

1.4 x 10°(Re, ) 


¢ 


G 


where. 


Re, 


Re, = 


(7.25) 
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Dakshinamurty et.al 
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LIQUID SIDE MASS TRANSFER COEFFICIENT, 


——— 


Equation (7.23) suggests that A 
which is contrary to the observations of a 
investigators (see Figure 7.8(A)). The cor 


predicts nominal effect of V, (through ¢,) 


the strong effect of d./T ratio. These diff 


~ 


because equation (7.23) covers limited data 


and Worthington™ used only 6 mm part 
this investigation, a very strong effect of 
observed (discussed later) 

(v) Dhanuka and Stepanek” used 
and 1.98, 4.08 and 5.86 mm glass balloti 


St) mn 


J ] ‘ ‘ 1] 
of k, a were correlated by the following 


‘ 


the gas flow rate was constant with resy 


For 1.98 mm particles 


0.195) x 10 
mm particles 
(2.52 + 0.041) x 10 


where V. and V, are in cms 

In this investigation, A, a varies 
case of 1.98 mm 
Stepanek™ 


coefficient (A, ) increases with 


partic ies 


observed that 


particles, decreases with |} 
particles and is independent of V, ir 
particles. This observation needs re-exan 
particular, the values of a and k, a need t 


using large diameter columns (say, 150 and 
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under otherwise similar hydrodynamic conditions. For 

this purpose, the techniques suggested by Juvekar and 

Sharma” and Dhanuka and Stepanek™ may be used 

Substantial amount of experimental investigation is 

needed by systematically changing d, and using large 

columns. With the present status, the correlations of 

Dhanuka and Stepanek” are recommended — 
Figure 7-8A shows the effect of d, on ka. It appears ; 

that the values of k,a reported by Dakshinamurty et . 

al'>'"’, @stergaard and Fosbel'* and Dhanuka and 

Stepanek” are almost comparable. It can be seen from 

Figure 7.8(A) that the value of k, a will level off with 

respect to d, in the range of 6-10 mm. However, this 

needs to be confirmed. The effect of particle settling 

velocity on k, a is shown in Figure 7.8(B) 


variation i 
there is a 
expansiol 


abdsorplul 


7.5 Axial Variation of Mass Transfer Coefficient 

QOstergaard and Suchozebrski'’, Ostergaard and 
Fosbel'’ and Lee and Worthington™ have measured 
axial variation of mass transfer coefficient. Substantial 
variation (up to a factor of 4) in the value of k, a has 
been shown with respect to bed height. This is probably 
because the extent of dispersion in gas and liquid phases 
was not taken into account 

Alvarez-Cuenca et al divided the column into two 
regions. The sparger region and the bulk region. The 
values of k, a were found to be high in the sparger region 
as compared to that in the bulk region. In Section 4, it 
was shown that the bed wall mass transfer coefficient is 
about 40% higher in the sparger region (height to 
diameter ratio (H,,/T) in the range of | to 3 depending 
upon the sparger design) as compared with k, a value in 
the bulk region. Therefore, when H,,/T ratio is relatively 
high, the value of k, a will be independent of the column 
height. However, it may be noted that a substantial 
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Region B has received fairly good attention except 
that the role of sparger design is still unknown. Further, 
the existence of homogeneous and heterogeneous re- 
gimes have not been recognised and attempts have been 
made to develop single correlations for both the regimes. 
In region B, d, increases in the presence of solid particles 
whereas in region C, bubble break-up occurs in the 
presence of solid particles. The mechanisms of bubble 
growth and break-up needs to be investigated. 

The published information in the case of region C 


suffers from a lot of scatter. For instance, the values of 


a reported by Ostergaard® and Dhanuka and Stepanek™ 
are shown in Figure 
10. In region C, the column operates in the homoge- 
neous regime when the particle size is larger than 4mm. 
below this particle size, the column operates in 
the homogeneous regime. This transition needs to be 
understood. 

It must be pointed out that the transitions amongst 
regions A, B, C strongly depend upon the liquid phase 
physical properties. There is practically no information 
available in the published literature regarding the mass 
transfer characteristics of non-aqueous systems. The 
transition will also depend upon the ionic strength and 


the nature of ions in the case of aqueous solutions of 


l¢ 
SallS 


Ostergaard” and Dhanuka and Stepanek” have 
pointed out that the values of a and k,a can be 
optimized with respect to energy input. The energy input 
rate is given by the following equation 


J ) Py gH, 


(7.29) 


37 4 


(/.30) 


In the case of 1 mm particles, the values of a and k, a 
are 2 to 3 times lower than those obtained in gas-liquid 
bubble columns at the same V,, and V,. On the other 
hand, in the case of 6mm particles, the values of a and 
k, a are 2 to 3 times higher than those in bubble columns 
Therefore, very high values of a and k, a can be achieved 
using large particles without spending excessive energies. 
This benefit can be advantageously realised in the case 
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> interfacial area reported in the published 


7.9. The difference is by a factor of 


of continuous co-current operations. Biological fluid- 
ized beds can be conveniently operated using larger 
particles. 

The values of k, and a can be substantially increased 
by the addition of smail quantities of fine active par- 
ticles. It may be noted that the energy required for 
suspending fine particles is practically negligible. 


8. CONCLUSIONS 
(1) Procedures have been developed for the estimation of 
liquid phase turbulence intensity (( 
age liquid phase velocity (V,) in 


) and the aver- 
gas-liquid bubble 


4 
columns and three phase sparged reactors. It has 


been shown that the particles become suspended 
when the axial component of turbulence intensity 
equals the settling velocity of a particle. The liquid 
phase mixing time data have also been explained. 
A unified approach has been developed for the 
correlation of bed-wall mass and heat transfer 
coefficients. A unique correlation has been developed 
which holds for single phase pipe flow, bubble col- 
umns and three phase sparged reactors. For the case 
of bed-wall mass transfer 


where, V,, is the average axial liquid velocity and 
is given by equation (5.2) in the case of sparged 
reactors 

The correlations for ky y and h, developed in this 
work successfully explain the effects of column 
diameter, superficial gas and liquid velocities, frac- 
tional phase hold-ups, particle diameter and the solid 
loading 

For particle—liquid mass transfer coefficient the cor- 
relations proposed by Sanger and Deckwer” are 
recommended 

The gas phase dispersion characteristics strongly 
depend upon the particle diameter and solid loading 
A map has been constructed and four regions have 
deen identified according to the effects of particle size 
and loading on bubble diameter. In region A, the 
bubble diameter decreases with an increase in both d 
and ¢,. In region B, the bubble diameter increases 
with an increase in both d, and ¢. In region C, the 
bubble diameter again decreases with d, and in 
region D, the bubble diameter is independent of d,. 
The mass transfer characteristics are entirely 
different in these four regions and specific reeommen- 
dations have been made for the estimation of 
effective interfacial area and liquid side mass transfer 
coefficient 


9. SUGGESTIONS FOR FURTHER WORK 


(i) In the present work it has been shown that the 


liquid phase turbulence intensity is a unique parameter 
which explains the suspension of solid particles, bed-wall 
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mass and heat transfer coefficients and particle—liquid 
mass transfer coefficient. It is also likely that the 
turbulence characteristics will also explain the bubble 
dispersion characteristics. Therefore, for further under- 
standing of the behaviour of three phase sparged reac- 
tors, it is desired that the liquid phase flow pattern and 
turbulence characteristics be measured. At present, the 
most sophisticated technique, Laser-Doppler Anem- 
ometry, is also not fully developed enough to undertake 
these measurements in three phase sparged reactors 

(ii) Because of the difficulty in measuring the tur 
bulence characteristics, it will be useful if the mea 
surements of particle settling velocity are undertaken 
over a wide range of column diameter, superficial gas 
and liquid velocities, fractional gas hold-up and the 
sparger design. The effect of liquid phase physical prop 
erties should also be studied 

(iii) In the present work, the bed-wall mass transfer 


oie) 


coefficient was measured upto é value of 10% (22% by 
weight). The liquid phase was stationary in this study 
and much higher solid loading is possible if the liquid 
phase is continuous. The bed-wall mass transfer mea 
surements need to be undertaken under these conditions 

(iv) Except the work of Armstrong et al the range of 
coiumn diameter covered in heat transfer measurements 
is very small. There are some discrepancies in the 
reported measurements and these cannot be resolved 
unless heat transfer measurements are made in ¢ 
diameter larger than 200 mm. It is likely that the 
and heat transfer characteristics are entirely different 
different regions described in Section 7. A 
atic study covering a wide range of V,., } 
€;, Should be undertaken and correlations be de 
for different regimes 

(v) The published information on particle—liquid 1 
transfer coefficient is far from complete. Most of the 
published work was carried out in region B. The values 
of ks, need to be obtained in regions A and (¢ 
(Figure 7.4) and over a wide range of superfici 


1 Pas ¢ 


il 
liquid velocities and using at least 200 mm 1.d. col 
diameter. 

(vi) It has been shown that the behaviour of 


phase sparged reactors is entirely different in different 
regions. Refinements are needed in Figure 7.4. Perhaps 


the x-co-ordinate should be the particle settling velocity 


or Re,. The direct measurements of bubble diameter in 
different regions are required for the precise deter 
mination of boundaries between different regions 

(vii) The reasons for bubble size preservation in region 
A, bubble coalescence in region B and bubble break-up 
in region C need to be understood 

(viii) The published measurements of bubble diameter, 
effective interfacial area and liquid side mass transfer 
coefficient are insufficient particularly for regions A and 
C. First of all larger columns need to be employed and 
d, and é, should be varied systematically. The effect of 
physical properties on a and k, a need to be investigated 
in all the four regions. There is practically no published 
information on gas side mass transfer coefficient in three 
phase sparged reactors. 

(ix) The values of effective gas—liquid interfacial area 
(a) are very attractive when the particle size is larger 
than 4mm (p, = 2500 kg m °). The values of a are likely 
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EDITORIAL 


“Synthesis” in this context involves the fundamental 
activity of defining engineering design problems. The 
word “synthesis” has been applied, originally to chemi- 
cal process design to imply a systematic approach to the 
problem of defining the flowsheet. Latterly it has been 
applied to yet wider problems, involving the systematic 
search for ‘effect chemicals’ and for alternative pro- 
duction routes from simple feedstocks to end products 

These problems all share certain characteristics. First 
and foremost, they are very open-ended. Secondly synthe- 
sis problems are mathematically highly combinatorial 
Hence, to make any progress it is necessary to investigate 
and exploit their special physical characteristics. 

Recognition of these main problem characteristics 
came early in the history of synthesis research, following 
the pioneering work of Rudd et al. at the University 
of Wisconsin in the late 1960’s. Discussing synthesis of 
process flowsheets, he defined subsystems whose distin- 
guishing feature is their overall function. The subsystem 
approach has both strengths and weaknesses, the chief 
weakness being the requirement for fully defined inputs 
and outputs. However, the great strength of the 
approach is that it allows definition of manageable 
problems. 

Superficially, the easiest of Rudd’s subsystem prob- 
lems was the “heat exchanger network”. Simply stated, 
it requires the definition of a system of interchangers, 
heaters and coolers that will perform the flowsheet 
heating and cooling duties at minimum total cost 
Most of the early solution attempts foundered on the 
combinatorial ‘rock’. 

The breakthrough came in the late 1970's with the 
work of Linnhoff et al. who demonstrated that it is 
possible to set performance targets against which to 
measure any particular solution. These targets are intrin- 
sic to the problem, and are set through thermodynamic 
analysis of the problem data. Early application of the 
ideas within ICI showed spectacular energy savings, and 
it became clear to the industry that “ 
synthesis” 

Under the twin stimuli of a new philosophy (‘‘target- 
ing’) and the demonstration of industrial relevance, 
synthesis research in general took off. The targeting 
philosophy was successfully applied to other problem 
areas, for example Townsend et al. in combined heat 
and power systems; Westerberg, Stephanopoulos, and 
Hindmarsh and others in separation systems; Morar! 
et al. in control systems; and Stephanopoulos et al. 1 
chemical reaction pathways. 

Alternative approaches to process synthesis also 


there’s money in 
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received a boost at this time 
et al. and Douglas et al. looked at complete process 
flowsheets, avoiding the inherent limitations of the 
subsystems idea. Significant progress was possible by 
adopting a hierarchical methodology pioneered by 
Douglas et al. It allows reduction of the problem to 
manageable proportions and at the same time gives the 
design engineer a thorough grasp of the key 
variable interactions within the flowsheet 

Both represented in this issue of 
Chemical Engineering Research and Design. In the 
first paper, Stephanopoulos and Townsend examine the 
application of synthesis concepts in process develop- 
ment. In particular, they show how the search for new 
chemical routes and for new ‘effect chemicals’ can be 
guided by targeting procedures. True to the ‘targeting’ 
philosophy, they show that these problems have an 
inherent structure based on physical properties. They 
also show that the new technology of knowledge-based 
expert systems has an exciting role to play, in this 
instance in the synthesis of biochemical pathways 

In the next three papers, Rossiter and Douglas 
examine synthesis of solids processes by the hierarchical 
approach. This represents the first known attempt 
at defining a synthesis procedure for such systems 
An important element is understanding the effect on 
total process cost of the key variables of median particie 
size and crystalliser temperature 

The fifth paper, by Kotjabasakis and Linnhoff, 
presents a procedure for the synthesis of flexible heat 
exchanger networks. A fundamental premise ts that it is 
invalid to design networks to handle a pre-specified 
degree of flexibility. Rather, using a simple technique 
based on the passive response of networks, they explore 
the tradeoff between flexibility and total cost. This allows 
the engineer to screen his networks at an early stage for 
those designs which are most cost-effective overall 

In the final paper, Kotas presents his review of the use 
of the energy (thermodynamic availability) analysis of 
chemical plant. The use of generalised Second Law 
concepts has long been advocated as a means of under- 
standing process interactions and thus improving on 
base case designs. The techniques themselves, the 
difficulties and successes, are reviewed with particular 
reference to industrial relevance. They are also set into 
the context of the other energy-based process synthesis 
techniques 


For example, Motard 


design 


‘schools’ are 


D. W. Townsend 
Subject Editor 


Synthesis Concepts and Energy Management 





SYNTHESIS IN PROCESS DEVELOPMENT 


By G. STEPHANOPOULOS* and D. W. TOWNSEND (MEMBER)** 


r ’ 
*De partmeni 


»f Chemical Engineering, Massachusetts Institute of Technology, U.S.A., **ICI, Petrochemicals and Plastics Division, Wilton 


Synthesis issues at the process development stage generate large combinatorial problems whose solution has a profound effect 
on the feasibility and optimality of the resulting processing schemes. This paper deals with the formulation of various such 
synthesis problems, examines their principal characteristics and how they scope the solution procedures. In particular, the paper 
addresses the following issues and methodologies: (1) How topologicai characteristics of the search space define patterns which 
can be exploited for the systematic generation of attractive chemical production schemes. (2) What characteristics define 
targeting procedures and evolutionary syntheses for the design of molecules with desired physical properties. (3) How 
knowledge-based expert systems can be designed for the design of molecules and the synthesis of feasible and attractive 


biochemical pathways. 


INTRODUCTION 


During the last decade energy and material shortages in 


the chemical processing industries have triggered a new 


awareness that casts a serious doubt on the efficiency of 


the existing production structure. The most poignant 
examples come from the area of bulk organic chemicals 
and petrochemicals. The traditional production schemes 
have entered an era of relatively low rates of return and 
need drastic revitalization (if possible), implying the 
development of new production routes (and/or new 
products) with higher profitability, and drastic restruc- 
turing of the ‘production networks’ 

Furthermore, in recent years the economy has experi- 
enced an explosion in the production of specialty and 
fine chemicals. A large number of chemical products 
with highly specialized functions have entered the mar- 
ket. The importance of such commodities is con- 
tinuously growing along with their number. At the same 
time new specialty chemicals replace earlier ones, with 
similar service function, while new needs and new oppor- 
tunities are continuously identified 

As a result of the above realizations research and 
development departments of various enterprises spend 
significant effort in the synthesis, analysis and evaluation 


of alternative processing schemes. But, the number of 


potential alternative reaction schemes, separation meth- 


ods, solvents (for extractive separations or for enhancing 


reaction rates), catalysts, etc. is usually very large. 
Hence, ad hoc empirical, or hit-and-miss synthesis pro- 
cedures normally employed are hardly satisfactory; they 
can render the most promising alternatives, ‘invisible’ to 
process developers. Thus, systematic synthesis pro- 
cedures in process development are badly needed and are 
presenting the New Frontier in process synthesis 

With the recent advances in genetic engineering and 
biotechnology. biochemical processes offer a new gener- 
ation of alternate production schemes. Although the 
production of commodity chemicals (specialty, fine, etc.) 
through biochemical means is still at a very early stage, 
its progress depends on systematic procedures for the 
identification of the most promising production routes 
or potential products. Random screening of a large 
number of microorganisms. in the hope that one of them 
possesses the biochemical pathway leading to the desire 


product, has been proven only moderately successful. 
Furthermore, there is no reason to believe that the 
biochemical pathway corresponding to the selected mi- 
croorganism is even close to the ‘optimal’ in terms of 
overall economic conversion efficiency based on ener- 
getics, mass, or rates of reactions. Finally, questions 
related to the most promising genetic modifications of 
existing microorganisms, for commercial production of 
specialties, do involve critical ‘downstream’ processing 
issues in addition to those of biological feasibility and 
robustness. It seems, therefore, quite reasonable that 
growth in biotechnology will depend heavily on system- 
atic selection of microorganisms, substrates, genetic 
, all of which imply the need 
for rational synthetic approaches to biochemical process 
development. 


modifications, solvents, etc 


Historically, the so-called ‘process synthesis’ has been 
primarily concerned with putting the process flowsheet 
together, given the set of chemical reactions and after a 
basic processing scheme has been identified during the 
stage of process development. The designer is aiming at 
the selection of the process flowsheet’s structure (type of 
units, how they are interconnected), as well as operating 
conditions and design which optimize a 
specific economic objective. Additional functional re- 
quirements include: process flexibility resilience, safety, 
etc. Significant research progress 


variables. 


has led to im- 
portant practical advances in the synthesis of energy 
Management systems” distillation sequences*”'” and 
preliminary designs of complete plants Continuing 
research offers high promise in cracking the backbone of 
complete plants’ synthesis in the systematic and rational 
manner. 

On the other hand, synthesis at the process devel- 
opment stage has been very resistant to systematic 
procedures and is probably the most difficult area to 
achieve fruitful results.* In this paper. we examine the 
nature of synthesis problems, associated with the: (a) 
selection of promising reaction routes for the production 
of desired chemicals, (b) identification of feasible and 
‘optimal’ biochemical production routes, (c) design of 
molecules with desired physical properties (solvents, 
refrigerant mixtures). Furthermore, we will discuss the 
results of an ongoing research program in the above 
three areas, as well as the future prospects. 
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Finally, we will comment on the available alternative 
technologies for approaching synthesis issues at the 
process development stage. In particular, we will exam- 
ine; (i) The potential for new physical and/or chemical 
insights that could guide the selection of the appropriate 
chemicals for reactions, solvents, catalysts, refrigerants, 
etc. (ii) The promise and limitations of knowledge-based 
computer sytems and pattern recognition techniques in 
resolving synthesis issues at the process development 
Stage. 


SYNTHESIS ISSUES AT THE PROCESS 
DEVELOPMENT STAGE 

Umeda,’ in a very articulate manner, identified five 
stages where process synthesis is carried out; process 
development, process planning, basic process design, 
detailed process design, and process improvements 
Stage. Since the synthesis work proceeds along the 
sequence of these stages, the results in one impose 
constraints on the feasible solutions of the subsequent 
Stages. It is thus clear that decisions made at the process 
development stage have a very profound effect on the 
economics and operability of the resulting process. This 
simple fact has had two serious corollaries: first, the 
conservatism with which designers have approached 
process development, and second the lack of large 


quantum step improvements in the theory or practice of 


process development. “For given specifications of prod- 
ucts or raw materials, the problem of process devel- 
opment is to establish feasible or hopefully optimal 
process concepts.” Synthesis is primarily concerned 
with the: 


discovery of plausible and attractive reaction 
schemes, 

selection of separation methods and 

allocation of species to produce initial processing 


schemes 


The “discovery” of plausible reaction schemes involves 


a series of considerations like: availability and cost of 


raw materials; equilibrium conversion yields; kinetics; 
competing by-products; major hazards like toxicity, 
flammability, etc. of involved chemicals; downstream 
processing cost (primarily separations); business and site 
integration environment. These in turn determine the 
needs for operating conditions, solvents to enhance 
kinetic rates, catalysts, etc. In particular, the terms which 
define the processing characteristics of a plant and the 
associated cost, resulting from a given reaction path, as 
well as the principal features which determine them are: 


raw materials costs (cost/mole, stoichiometry, yield, 
selectivity), 

equipment cost (kinetics, yields vs selectivity, oper- 
ating conditions, difficulty of separations, other 
factors like corrosion), 

safety cost (properties of species involved, operating 
conditions, side reactions, etc.), 

reliability cost (knowledge of reactions, separations, 
etc.), 

flexibility cost (range of operation). 


The principal features of the above terms depend on 
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certain fundamental quantities which constitute the 
space of interest. Thus, 


cost/mole (type of chemicals, stoichiometry) 

yield (stoichiometry, equilibrium conversion, by 
products), 

operating conditions (7, p), 

utilities (7, p, heat of reaction, type of chemicals for 
the difficulty of resulting separations), 

equipment cost (7, p, kinetics, yield, difficulty of 
separations, etc.) 


It is clear, therefore, that the space of interest is: AG 
(standard Gibbs free energy change for the reaction; it 
accounts for equilibrium conversion and likely by- 
products); AH, (heat of reactions); x (stoichiometry); 7, 
p (temperature, pressure); cost of chemicals; kinetics 
Although the space of interest may be easily defined, the 
search through this space for the best reaction scheme is 
confounded by two aspects; the lack of targets and the 
multiobjective nature of the overall problem 

The multiobjective nature of the problem stems from 
the fact that economics, although the overriding objec- 
tive, cannot satisfactorily handle operability and safety 
issues. One could assume constraints that would elimi 
nate inoperable or unsafe alternatives, but such con- 
straints are hard to define and are subiect to continuous 
modifications. For example, the toxicity of certain chem- 


icals may result from their interaction with other specific 


chemicals. Nevertheless, the transformation of the multi- 
objective problem to a series of constrained ones is the 
only approach that can render feasible process devel- 
opments and meaningful trade-offs (production cost vs 
safety levels) 

A search through the space of interest, [AG, , AH,, «, 
T, p, cost of chemicals, kinetics] can in principle be 
guided by general targets. For example select reaction 
routes leading to: a range of AG, values, T and p values 
not far from ambient conditions, etc. Although such 
targets can be easily generated and rules which guide the 
selection of chemicals and mechanistic reactions routes 
can be formulated (see next section), they 
conflicting 
through the imaginative solution of a series of associated 
problems in process development. Thus, a certain prod- 
uction route may involve inexpensive chemicals with 


are ofien 


These conflicts can only be reconciled 


satisfactory conversion yields at temperature and pres 
sure close to the ambient, but has very low kinetic rate 
The conflict can be erased through the design of appro- 
priate solvents and/or catalysts which speed up the 
reactions. If the conflict is with competing by-products, 
a highly selective catalyst would resolve it 

The design of effective catalysts and/or solvents to 
enhance reaction rates and selectivity on the desired 
products, is still very much of an art. Despite significant 
advances in the understanding of surface chemistry and 
intermolecular interactions, the synthesis of the best 


solvent molecules and catalysts is guided by heuristic 
rules. One could argue that “the existing knowledge ts 
used inefficiently” and this is due to the following two 


reasons 


(a) Often the existing knowledge cannot be 
lated for synthesis purposes 
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The analytical results have been progressing 
through a discontinuous path of ad hoc discov- 
eries, not focusing on key aspects identified by 
synthetic procedures. 


Recent advances in both areas are more synthetic in 
nature and address explicitly the above two weaknesses. 

Once the reaction paths with the associated solvents 
and/or catalysts have been selected and all chemical 
species present have been identified, the separations’ 
problem can be formulated. The selection of separations 
for the reactor feed preparation, products’ separation 
and purification, and waste treatment, is a very critical 
step during process development. Furthermore, the se- 
lection of the appropriate separations is not a sequential 


problem. The conversion in a reactor, or separation of 


components from streams intermediate to the reactor 
configuration, may affect drastically the allowable sepa- 
ration technique. Every alternative separation method 
exploits the differences in some physical property of the 
components in the mixture. Thus, tables with physical 
properties of all species involved constitute the starting 
point, and engineering heuristics provide the guidance 
for the selection of the best separation methods. Ration- 
al selection procedures have been employed and they are 
based either on specific scientific insights, or on efficient 
search techniques. 

Among the many alternative separation techniques, 
those involving a mass separating agent are quite wide- 
spread (extraction, extractive or azeotropic distillation, 
etc.). Here the issue is not only to select extraction 
against crystallization or other separation but also to 
identify the extractive solvent. The selection of such 
mass-separating agents has been based, almost entirely, 
on heuristics despite significant advances in under- 
standing and efficiently computing liquid-liquid-vapor 
equilibria. A special class of mass-separating agents 


allows for reaction-based separations. The selection of 


the best “reactive” mass-separating agents is also a 
matter of experience and intuition, and quite resistant to 
explicit quantitative treatment 

Development of biochemical processes involves 
different problems, as well as different emphases on the 
process development issues discussed above for con- 
ventional chemical production routes. First and fore- 
most difference is the enzymatic catalysis of the reactions 
in a given pathway. The high catalytic specificity of the 
enzymatic reactions provides a tremendous asset in 
facilitating the search for feasible routes. The second 
difference comes from the requirement that the proposed 
reaction pathway should constitute part of a micro- 
organisms’ metabolic cycle. This requirement also points 
out a very important dimension of the biochemical 
process development, i.e. the need of identifying plaus- 
ible microorganisms for the intended production, or the 
need of genetic modifications so that various micro- 
organisms can accommodate the production of specific 
chemicals. 

in biochemical production the emphasis is placed on 
the identification of the appropriate microorganism(s) 
and substrates, and the selection of the best methods for 
product separation and purification. Very little emphasis 
is given On energy management or complete plant inte- 


gration. Nevertheless, both of the main issues are still 
solved through a combination of experience, intuition 
and extensive experimental work. This is an area whose 
future promise and growth depends very heavily on 
imaginative solutions at the process development stage. 
In a subsequent section we will discuss the details of our 
current work related to the selection of the best biochem- 
ical processing routes. 

The discussion so far has indicated that most of the 
process development related synthesis issues are nor- 
mally addressed and resolved through empirical, un- 
systematic procedures, which draw minimally from the 
wealth of existing knowledge and contribute little in 
focusing on the critical research and development issues. 
This phenomenon has a simple explanation: It is due to 
the high complexity of the problems, their resistance to 
efficient quantitative treatment for the lack of general 
useful insights or targeting procedures. To compensate 
for these weaknesses, one needs to proceed along two 
complementary directions: 


(a) Generate new physical or chemical insights that 

would guide the process developers to eliminate 
large sets of unattractive alternatives and estab- 
lish achievable targets for the process under 
development. 
Systematize the wealth of existing knowledge and 
use it rationally to synthesize promising alterna- 
tives of reaction routes, solvents, catalysts, bio- 
chemical pathways, etc 


The generation of new insights will come primarily from 
a reformulation of conventional problems. The system- 
atization in the use of existing knowledge can be en- 
hanced by the fast growing technology of ‘knowledge- 
based expert systems’ 


TOPOLOGY OF THE SEARCH SPACE AND 
RECOGNITION OF RESULTING PATTERNS: 
THE PRELIMINARY SYNTHESIS OF 
CHEMICAL PRODUCTION ROUTES 


The basic idea that we want to discuss in this section 
is the following: “The search space of alternative solu- 
tions should not be viewed as lacking structure and 
inherent properties of general value.” The opposite 
would render a problem which can be solved only by an 
efficient numerical search technique. Although one can 
use several examples to demonstrate the existence of 
structure in the search space, we chose to concentrate on 
the synthesis of chemical production routes, which is 
within the scope of process development. Most of the 
results in the subsequent discussion are drawn from 
earlier works***’°® and will be described without details 
and the proofs of various properties. We will simply 
concentrate on the underlying principles as these pertain 
to the topology of the search space, and reveal patterns 
which can systematize the synthesis procedures 

The value of the standard Gibbs free-energy change, 
AG, , provides a measure of the expected equilibrium 
conversion for a chemical reaction."’ ” The values of 
AG, is a function of the (i) type of chemicals involved 
in the reaction, (ii) stoichiometry of the reaction and (iii) 
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temperature. For any given reaction 


v.G 3 v.G, (1) 


products 


where; v, is the stoichiometry of chemical k and G,, is 
the standard free energy of formation of chemical k, 
given by 

G;, = A, + BT. (2) 
Parameters A 


. 


and B, are functions of the type of 


groups, molecule k is composed of. In particular, 


A= 5 A. and B.=Y 8B (3) 
where A, and B, i=1,2,...,n are the corresponding 
contributions of the n groups which compose molecule 
k, and their values can be found in tables. Furthermore, 
the atom balances for a particular reaction yield 


(4) 


where; 

¢ is the N x M atomic matrix (N atoms, M chemicals) 
v is the M x 1 vector of stoichiometric coefficients. 

An exhaustive enumeration of all possible chemical 
reactions defeats the purpose of this work. Therefore, for 
the generation of ever improving reaction schemes, one 
would like to uncover those characteristics in the AG, vs 
T space which allow the generation of only feasible and 
improving chemical production alternatives. 

Equations (1) through (4) relate AG, to temperature 
with two classes of parameters present; stoichiometric 
coefficients, type of groups that reactants and products 
are composed of. Changes in these parameters can 
generate all possible reaction schemes, and as it can be 
shown “'>'® the values of AG, and T follow very regular 
and exactly described patterns as the stoichiometry or 
the chemicals involved in the reaction change. The 
identification of such regular patterns allow one to 
predict: 


(a) Whether a change in stoichiometry of the overall 
reaction will improve conversion yields to the 
desired chemical or not 

(b) What chemical reactants, if introduced in the 
reaction scheme, will improve the conversion 

yields of the desired product, and what reactants 
will reduce it. 
Whether a specific undesired by-product will be 
favored over the main desired product, in equl- 
librium conversion terms. Such general results 
define the topology of the search space of alterna- 
tive chemical reactions, and allow the designer to 
generate only attractive alternatives for further 
consideration 


Let us look at these patterns more closely and discuss 
their nature and applicability 
Criteria for Algebraic Consistency 
Let the M-th chemical be a desired product with 


stoichiometric coefficient vy, = +1. Then, equation (4) 
yields: 


(Em —1 £m) 
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(Eu —1 Ym —1) ” (4a) 


where ¢y_ ,and 3 
N x (M—1)] and vector of stoichiometric coefficients 


corresponding to the M 


are the atomic matrix [dimensions 


| chemicals. From equation 
(4a) we can easily develop the following straightforward 
criteria of algebraic 


consistency for any chemical 


reactions 


Case (a): If ry = rank (€4) Ary ). the 


system is inconsistent and the postulated reaction is not 

feasible 
Case (b) 

reaction 
Case (c); If ry ay <M 


tude (theoretically infinite) of 


If ry = Py { there exists a unique 


» exists a multi- 


ble reactions 


In the case (a) the postulated reacting system is rejected 
while in cases (b) and (c) the reactions are retained for 
evaluation 


Topology of Reactions with Zero Degrees of Freedom 


Such systems correspond to the case (b) above, where 


we have unique reactions. To simplify 


resentauion 


(but without loss of 


generality) we will consider a 


4 chemicals (A.B. 


3 different element 


VA + VpB + ve 


reacting system of M 
ol N 


P) composed 


base chemicals product 


where P is the desired product with +1 stoichiometric 


coefficient. Then one can pose the following questions 


Question 1: What is the 
1, B, or C on 
product P? 

Ove stion 2: What ar 


significant conversion yields) competing 


changing chemicals 


the equilibriu 


e the most likely by-products (with 
directly with the 
primary, desired product P? 

Since the overall stoichi- 
ometry, the AG, vs. 7 is a unique line. As we change 


reaction has unique 


base chemicals, or the desired product the AG, vs. T line 
thus implying different equilibrium 
Let us now examine the topological 


changes position, 
yields patterns 
resulting from changing base chemicals or desired prod- 
ucts in reaction (5) 

Change base chemicals: As we change base chemical A 
(see reaction 5), we have different AG, vs. TJ lines. If A 
is replaced by members of the same homologous series 
(olefins, n-alcohols, etc.), the resulting AG, vs. T lines 
have a common point (Figure la), and as we move to 
members of the homologous series with larger and larger 
carbon number, the AG. vs. T lines have a common 
point (Figure la). Consequently, a large class of poss- 
ible chemical reactions, all of which produce the same 
chemical but use different base chemical A, can be 
represented by a bounded cone (see Figure la). Such 
simplified representation could lead to a very simple 
screening of the infeasible reaction schemes. Thus, all the 
reactions of the class represented by Cone | of Figure Ib 
is infeasible and can be rejected. On the contrary, some 
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(c) 
Figure l 


of reactions. (c) The geometric locus of the common points P,, P, 


reactions of the class represented by Cone 2 (Figure 1b) 
are feasible, as well as all of the reactions characterized 
by Cone 3 (Figure 1b) 

Furthermore, assume that base chemical A is replaced 
by the members of two different homologous series. Let 
Cones | and 2 (Figure Ic) represent the two different 
classes of resulting chemical reactions. Then one can 
show”’® that the common points P, and P, define a 
geometric locus of common points. Thus, if base chem- 
ical A were to be replaced by the members of a third 
homologous series, the resulting AG; vs. T lines would 
have a common point which lies on the straight line 
defined by P,P, (see Cone 3 in Figure Ic). 

Similar properties are valid if one were to replace base 
chemical B or C by the members of homologous series. 
The only difference is that the geometric loci of common 
points resulting from changing B and C do not neces- 
sarily coincide with that corresponding to changes in A 
(Figure 2). Figure 2 also indicates how one can ten- 
tatively decide what base chemical to change. It is clear 


that replacement of chemical A produces classes of 


Geometric Locus 
of Common Points 


| | | } _ or oe. 
(a) The bounding cone for a class of chemical reactions. (b) The location of the cone reveals the thermodynamic { 


, etc 








(C) 


Figure 2. The geometric loci (Lines A, B, and C) indicate the resulting 
thermodynamic feasibility, when chemicals A, B, and C are replaced 
by other chemicals 
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systems mo presentational simplicit 
sume M chemicé rs compose 


D 


Ihe primary desired 
coefficient + 1 
tinguished 

ical’. The degree ol} 


stoichiometric coefficie 








y tree 
Y bi 





Any of the base chemi 
Figure 3. Tentative eval - f how con itive are me entia of the trial chemical 
by-product Thus the distinctio1 
only for convenience 
arise for reacting 
chemical reactions which are also infeasible. On the are 
contrary, replacement of B provides partial feasibility 
while replacement of C offers the potential of complete 
feasibility of the resulting classes of chemical reactions 
Consequently, patterns as those described in Figures | 
and 2 allow simple and early screening of the infeasible 
reactions and indicate what base chemicals to change 


Question | 
(stoichiometric 
version vield Ol 
Ou sfion 
chemical on 
product? 
Question 3: What 


Significant conversio 


and by what homologous members, in order to ensure 


thermodynamic feasibility of the ensuing reactions 
Change desired product: By changing the desired product 
in reaction (5), while keeping the same base chemicals, 


we want to examine the equilibrium yield of potential Changing the degree of freedom: A 
by-products. A similar set of properties arises as product freedom g to take any value. Diffe 


primary desired pr 


P is replaced by the members of homologous series of result, since the stoi 
chemicals. In particular, the value of 

resulting from 

(Figure 4a). Let 

Changing the trial dhensteats 


replaced by ‘ther chemic: 


If P is replaced by the members of a homologous 
series, the AG, vs. T lines of the resuiting overall 
chemical reactions have a common point 

All the AG, vs. T lines in (1) above are bounded 


within a cone common points lie o1 


: a Straight line (Figut 
The common points of (i), above, corresponding : 


defined by the startir 
to different homologous series, lie on the same 3 

} be specific Case arises W 
geometric locus which is a vertical line in the 


the same homolog 
(AG, ,T) space (1.¢ 1 constant) C 


common points 

Figure 3 shows how one could use the above three carbon number of 
properties to test whether reaction (5) will have serious and with prespec 
by-product competition in terms of equilibrium yields and higher memb 
Thus, the by-products resulting from the class of reac- common intersecti 
tions represented by Cone 2 (Figure 3) will dominate the point (bound), (see 
primary desired product in terms of equilibrium con- reap the desired product: 
version. The opposite is true with the by-products by other chemicals, in orde 
resulting from the reactions represented by Cone 3 the ensuing by-products 
(Figure 3) above (where the tria 

The procedure described above has been coded into a proved.” The onl 
computer program called SEARR (Synthesis and locus of the CP c 
Evaluation of Reaction Routes) line at constant 7 
Synthesis procedure: Consider 
for reaction (6). Let the correspondit 
point be given by point S 
Such systems correspond to reactions with D by a member of the homologous set 


Lit Ll 


Topology of Reactions with One-Degree of Freedom 


. yield feasible reactions s; conclusion 
™ = lu M—2 ; 

reached by computing the accumulatior 
which implies that one stoichiometric coefficient can take BH, in Figure Sa) of all CP common point 


arbitrary values, thus yielding a multitude of reacting ing to the members of the homologous s¢ 
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Figure 4. Topological characteristics of reactions with one degree of freedom. (a) Common point of AG, vs. T (lines f 


The geometric locus ef the common points. (c) The ran 


contrary, if D is replaced by members of the homologous 
series H, and H, (with corresponding bounds BH, and 
BH, in Figure 5a), one can have reactions with accept- 
able equilibrium yields. In the particular case of Figure 
5a, homologous series H, offers more opportunities for 
feasible reactions. This simple synthesis strategy has also 
been coded in the computer program SEARR. 

Trial chemical can be any of the base chemicals A, B. 
or C in reaction (6). The resulting geometric loci have 
different directions (Figure 5b) which could yield initial 
information as to what chemical should be replaced in 
reaction (6) in order to lead to reaction schemes with 
improved equilibrium yields. From Figure 5b it is easy 


AG? 


kcal/mol 





Geometric 


of 
CP Points 





ae a a a fae | 


BH; 


Figure 5. The use of the geometric 
with best promise for improvements 


CPs for 


omologous Series 2 


9 Various Values ol q (b) 


ge of common points when chemical varies within homologous series 


to conclude that changing chemicals A or B will not yield 
any improvements 


Evolution of the SEARR Computer-Aided System 

The present version of the SEARR system is based on 
equilibrium considerations alone and covers overall non- 
mechanistic reactions, mechanistic pathways, and clus- 
ters of closed cycle chemical reactions. In particular it 
includes: 


A bank of thermodynamic data for G; , AH; and C,. 
Procedures to handle the topological invariances of 








a — - — - 4-5 


Geometric Loci 
of CP Common 
Points When- 
Changing D~ 
Changing B- 
Changing A- 


(b) 


loci of common points. (a) Identify attractive candidate chemicals. (b) Identify the base chemical to change 
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overall, non-mechanistic reactions in terms of equi- 

librium conversions. 

Matrix representation of chemicals (raw materials, 

intermediates, products). 

Matrix representration of mechanistic reaction path- 

ways. 

It is designed to be composed of two parts; (a) 
the numerical and (b) the logical. The numerical part 
handles: 


the bank of thermodynamic data for a very large 
number of chemical compounds; 


group contribution algorithms for the estimation of 


thermodynamic data for an extended set of chem- 
icals; 

group contribution algorithms for the order-of- 
magnitude estimation of kinetic rates for a large 
number of classes of chemical reactions, 

the algebraic procedures which generate the reac- 
tion matrices for open or closed-cycle, mechanistic 
reaction pathways; 

the computation of structural and stoichiometric 
invariances for alternative reaction pathways in the 
AG, vs. T space. 


The logical part, coded in LISP, draws from the 
numerical data, derived above, in order to 


translate the topological invariances of alternative 
pathways into logical “‘rules’’, which will be used for 
search and screening; 

do the same with the stoichiometric invariances; 
generate “rules” for the selection of the appropriate 
chemicals, drawn from the patterns exhibited by the 
changing regions of “reachable” compositions; and 
develop a unified structure of “logical inferences” 
with the above as the “synthesis rules” 


The interface of the two parts has required special 
attention and implied the design of a data base manage- 
ment system so as to 


permit simple and fast locating of data, sorting and 
filing; 

uniformly handle synthesis strategies, logical rules 
or procedures, and data, 

allow for data-driven logical programming 


TARGETING, CONSTRAINTS AND 

EVOLUTIONARY SYNTHESIS: 

THE DESIGN OF MOLECULES 
The notion of targeting was initially introduced by 
Linnhoff “'°' for the synthesis of energy management 
systems. The whole idea is based on the premise that one 
can establish a priori certain quantifiable measures that 
the optimum system, which is being synthesized, should 
satisfy. Thus, knowing a priori the minimum required 
external utilities, or the minimum necessary heat transfer 
area, One can evaluate immediately a network of heat 
exchangers. Similar targets have been developed for the 
synthesis of heat integrated distillation columns,* re- 
silient heat exchanger networks” and flowsheets®, etc. 
Availability of targets provides the focal point, but the 
efficiency of many synthetic procedures depends on the 
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availability of (i) constraints which limit the search space 
and (ii) specific rules which guide the evolutionary 
synthesis towards the targets. The synthesis of heat 
exchanger and power networks is a typical example 
which possesses both constraints (pinch point; location 
of heat engines or heat pumps with respect to pinch) and 
specific evolutionary rules (loop breaking 
ing; utilities reallocation, etc.) 

The development of specific targets, constraints and 


loading shift 


evolutionary rules depends on the characteristics of the 


specific problem. Let us see how these can be generated 
for the particular problems of synthesizing 
with desired physical properties and designit 


molecules for extractive separations 


Molecules with Desired Properties 
Traditionally, applied thermodynamic ar 
been directed towards the development of effi 
niques for the evaluation of physical propert 
the structure of chemical compounds, | 


physical property = f(structure of 
The needs of process development dictat 


of solving the inverse problem, i.e 
structure of molecule = { 


Determination of target: Work in 
has shown that many physical properties ar 
and can be represented by two or three funda 
‘factors’. Joback has shown that nine physical proper 
thes; OG; T., P.. V.. Ale. Hee, I 
of atoms, can be represented by linear combinati 
three ‘factors’, which take on 
chemical compound, 1.e 


Pag 
where: 


P isthe n 
properties; 


| vector ol the desired \ 


{ 


F is a 3 x 1 vector of the principal factor 
and 


zis an n x 3 matrix of constant coefficient 


Solving for F we may encounter one of 


three cases: n < 3,n = 3 or n> 3. The first « 
infinity of solutions, the second case correspond 
unique solution, while the third case provides 
squares solution of the principal ‘fé 
erase multiplicity of solutions, cases with n - 
handled with one or two principal ‘factors 
dently of the particular case, inversion of equ 
yields the values of the principal factors the 
molecule should have 
F,, F,, and F,, the inverse solution of equation 
the target point 

Evolutionary synthesis and constraints: The synthesis 
approach is evolutionary in nature and employs a group 
contribution based technique to compute the values of 


In a three dimensional 


the three factors from the corresponding values of the 


i tia 
individual groups. A list of over 300 groups has been 
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-OH(Ph) 


-OH (Al) at 








-1.0 > F 


Figure 6. A partial list of groups with their vector contributions in the space of F, and F, factors 


constructed with the values of the three for each group. 
Figure 6 shows a partial list of the available groups with 
their vector contributions in the space of two principal 


open bonds and are used to alter the molecules’ 
physical property without removing its feasibility. 
Branchers; e.g. 


factors, F, and F,. These groups allow the modelling of 
very complex molecuies and are divided into three CH. ae 
categories: 

Terminators ; e.g. —I, —Cl, —CN, etc. These are 
used to close open bonds and terminate the 
extension of a molecule. 

Extenders; e.g. —O—, S- -~CH,—, etc. 
which do not reduce or increase the number of 


etc. which are employed to increase the number 
of terminators which can be added to a molecule. 


The synthesis procedure evolves a molecule in the 
space of the three factors, aiming at the target point, by 





1.0} 
Fo 0.0} C-C-€-c-c-c-c 
-1.0F 


-2.0r 





“5.0F 





Figure 7. Evolutionary design of molecules towards desired “targets.” 
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inserting or deleting groups from the molecule under 
construction. A series of constraints limits the space of 
search. Such constraints are: (i) The direction of 
(F,, F,,F,;) vector for a particular group. If the vector 
is not ‘aiming’ towards the target, the corresponding 
group is neglected. (ii) Toxicity, flammability, corro- 
sivity, etc. implied by the presence of certain groups. (111) 
Stability of the evolving molecule prohibits the presence 
of certain groups. (iv) Chemical reactivity of the evolving 
molecule with other specified chemicals. Thus, if the 
molecule to be designed is to be contacted with an 
Organic acid, eliminate group OH to avoid 
esterification. 

Figure 7 shows two different targets in the space of 
two principal factors F, and F,, corresponding to two 
molecules with different desired properties. In the same 
figure we have also developed the sequence of evo- 
lutionary steps leading to molecules close to the desired 
target values. Notice that in the case of Target A, one 
of the synthesized molecules has achieved the desired 
target value, while the other one is fairly close 


Design of Solvents 

The design of solvent molecules for extractive sepa- 
rations proceeds in two distinct phases. During Phase | 
we attempt to exploit existing knowledge relevant to the 
problem at hand. Thus, a series of rules based on 
semi-empirical thermodynamic considerations, as well as 
empirical heuristics, attempt to limit the space of search 
The selection of rules is driven by the nature of chemicals 
contained in the mixture, e.g. organic, inorganic, ali- 
phatic, aromatic, polar, non-polar, with hydrogen bond- 
ing, etc. The search during Phase | attempts to screen 
out the grossly inappropriate alternative, leaving the 
finer search for Phase 2 

In Pnase 2 the synthetic procedure is more rigorous 
and evolutionary in nature. It employs the notion of 


ACETATE ~ 





Figure 9. Designing solvents for the extraction of acetic acid from water 
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Figure 8. The g 


identifying the 


targeting, uses constraints to limit the search, and the 
synthesis of the solvent molecule proceeds with specific 
evolutionary rules scope of the 
present selection 

Considering the suitability of solvent for 


Thus, it falls within the 


extractive separation we need to take into account 
following three basic characteristics of the solvent: (a 
Partition coefficient of the chemical component to be 


extracted by the solvent. (b) Selectivity of the solvent for 


the particular component to be extracted. (c) Capacity of 
trade-off 


analysis among the above three characteristics as well as 


the solvent. The final choice is the result of a 
toxicological effects and difficulties associated with sol- 
vent recovery 

Determine targets: Suppose that solvent 
extract component B which 1s in solut 
Lo, Baird and Hanson~ have show 
coefficient of B and the selectivity 
component 8B) are 
mations 


" . ? 
IsSCU LO 


guid / 


given by the 


partition coefficient of B 


M,a[(0.,,—0 


terature 
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selectivity of S for B 
; ay (11) 
>) + (6,3 —0,°) 


where 0,, and 6,, are the polar and hydrogen bonding 
contributions to the value of the solubility parameter 6 


of chemical k. Recall that the solubility parameter 6 of 


a component is given by 


6° _ 63 a 6? >; 0; 


Pp 


where 0, is the contribution of the dispersive forces.~ 
Also 65° and 6,° refer to the solvent. Figure 8 indicates 
the geometric implications of equations (10) and (11) in 
the space of 6, and 6, values. Thus: (i) The larger the 
distance of component A from solvent S, the higher the 
selectivity S for B. (ii) The closer the points B and S, the 
higher the partition coefficient of B between S and A. 
Consequently, the best solvents 


lie on the line joining B and A and 
are closer to B than A. 


These two requirements define the target region for the 
desired solvent. 

Evolutionary synthesis and constraints: Having 
identified the target region, the synthesis procedure 
starts from a given point (specific solvent) in the (0,, 0, ) 
space and evolves towards the target region. The evo- 
lution is aided by group-contribution based arguments. 
Small,”” Hoy* and Brench” showed that the overall 
solubility parameter 6, as well as its components indi- 
cating the contribution of polar (6,), hydrogen bonding 
(d,) and dispersive (6,) forces can be estimated on a 
group additive basis. Tables with lists of group con- 
tributions can be found**’’ and the Handbook of Solvent 
Extraction® is an excellent source. 


5, (relative) 





The vector contribution procedure that we described 
above for the evolutionary design of molecules with 
desired physical properties can also be used to determine 
the structure(s) of the solvent molecule(s} with desired 
properties. Figure 9 indicates a sequence of evolutionary 
steps for the synthesis of solvent molecules for the 
extraction of acetic acid (component B) from an aque- 
ous solution (water—component A), while Figure 10 
shows the vector contributions of a limited list of groups. 

Implicit in the above discussion are two basic assump- 
tions: First, molar volume differences do not have a 
significant effect. Second, a two phase system is present. 
Current work is addressing both of these issues with the 
following objectives: (a) Develop ‘rules’ which would 
indicate when molecular size differences among the 
molecules involved become important and how current 
choices of solvents can be evolved to better alternatives. 
(b) Identify ‘rules’ which will determine classes of sol- 
vents. as well as bounded regions in the (0,, 0,) space, 
which guarantee the existence of a two phase system. 


KNOWLEDGE-BASED SYSTEM: THE 
SYNTHESIS OF BIOCHEMICAL PRODUCTION 
PATHWAYS 


Unlike the direction adopted for the selection of 
promising production routes through conventional reac- 
tions, the object here is to design and develop an “Expert 
System”, which can guide the systematic generation and 
evaluation of alternative biochemical pathways for the 
commercial production of specialty organic chemicals. 
Such a system provides the designer with a computer aid 
to resolve the following two problems which also define 
the two segments of the knowledge-based system: (a) 
Identify the most promising sequences of enzyme cata- 





5, (relative ) 


Figure 10. A partial list of groups with their vector contributions in the (6,, 5,) space 
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lyzed reactions for the synthesis of desired chemicals, 
considering such factors as: efficiency in mass and energy 
utilization, rates of production and number of inter- 
mediates. (b) Establish the biological feasibility of the 
selected production routes by: testing hypotheses of cell 
mechanisms, identifying controlling steps and deter- 
mining the need for specific genetic modifications 


The Synthesis Segment of the Expert System 
For the synthesis of alternative pathways we have 
employed the ‘retrosynthetic’ approach. Starting from 
the desired chemical we generate all intermediate precur- 
sors, which can be generated by enzyme catalyzed 
reactions. The precursors are generated through the 
chemical specificity of 2500 known enzymes which imply 
(a) bond oriented, (b) group oriented or (c) long-range 
biochemical transformations. Thus, only enzymatically 
feasible routes are generated. Each enzymatic activity is 
characterized by expected conversion rates on various 
classes of substrates as well as anticipated equilibrium 
yields. Special attention has been given to the grouping 
of enzymes which effect long-range transformations like 

the formation of aromatic rings from open chains 


The Feasibility Segment of the Expert System 
Any enzymatically generated 
above is not necessarily a feasible biochemical route. It 


cataiyzed pathway 
should be part of a microorganism’s metabolic cycle 
This part of the expert system uses feasibility tests that 
screen out infeasible aiternatives. The screening proceeds 
in two levels: First, previous experience with various 
microorganisms is exploited to determine whether a 
requested transformation is known to proceed with the 
assistance of specific genera. For example, it is known 
that the oxidation of methanol to formaldehyde can be 
achieved by Methylococcus, Methylosinus, Pseudomonas, 
Candida, Hansenula, Saccharomyces, Xanthobacter, etc 
At the second level, a symbolic constrained model of 
bacterial cells attempts to identify ‘conflicts’ or ‘resolu- 
tion of conflicts’ thus establishing feasibility or not 

While the first level of screening uses systematically 
large data sets based on existing knowledge, at the 
second level of screening the approach is more complex 
and employs. (a) extensive structural description of 
cellular metabolism; (b) ‘rules’ pertaining to the mass of 
the cells, the initiation of DNA replication, cell division, 
etc; (c) effects of environmental conditions on cell 
growth; (d) constraints among the variables involved in 
given steps of the metabolic pathway and (e) precon- 
ditions under which these constraints hold. Since the 
constrained model is quite crucial in establishing fea- 
sibility of a given pathway, a few more words are in 
order. 

Any attempt to develop structured models for biolog- 
ical cells will very soon lead to the inescapable fact that 
even for the simplest ones there are more than 3000 
different types of molecules” interacting with each other 
in an intricate spatial and functional relationship. All 
previous modelling efforts have been oriented toward the 
development of quantitative models of reduced dimen- 
sionality.*’*' The cell model used within the scope of the 
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expert system uses a symbolic representation of the 
molecular interactions and constraints and is aiming 
at the propagation of 
hypotheses 


constraints under various 


Acquisition of Knowledge 
The knowledge incorporated in the expert system is 
either scientific in origin or heuristic in nature 
involves 


I he first 


A large number of well-known biochemical pro- 
cesses 
A large number of well-known intermediate meta 
bolic cycles 
citric acid cycle 
metabolism of fatty acids 
synthesis of amino acids 
metabolism of complex lipids 
metabolism within the one-carbon 


ro i 


| etc 


Grouping of the intermediate metabolic trans 
Such 


activities 


formations according to their functions 
grouping defines the network of cellular 
and includes 


synthesis of nucleotides 

DNA replication 

synthesis of mRNA, tRNA, rRNA 
synthesis of proteins 
production of energy 
NADH,) 

synthesis of cell wall precursors 


(ATP, ADP; NADPH, 


Various structures of control mechanisms for 
lating enzyme activity* 


Characteristics of a large number of known com 


mercial microorganisms, in terms above 
elements 
Symbolic constraints determining 

conversion rates (e.g., substrate enzyme 
substrate complex, or enzyme-substrate complex 
to product) 
the functional type of conversion rates, etc 


Preconditions under which the constraints hold 


the initial concentration of enzyme is larger than 


the initial concentration of the substrate 

the inhibition of enzyme synthesis starts when the 
corresponding amino acid is formed faster than 
needed for protein synthesis 

analogous preconditions on enzyme repression 


etc 


The second class contains heuristic knowledge drawn 
from past experience and experimental evidence. Such 
knowledge aims at facilitating and speeding up the 
analysis of the search by defining 


“The most likely microorganisms to be compatible 
with a selected pathway for the production of 
desired chemicals.” 


“Rules,” usually stated as hypotheses, on 


initiating DNA replication 


cell division, etc 
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Assumptions concerning the preferred functional 
type Oi Various rates. eg.. 


cell growth 

constant-rate procession of the replication fork 
from the chromosome origin to the chromosome 
terminus 

the rate of amino acid production from glucose 
is proportional to the product of glucose, ATP, 
and enzyme, etc. 


“Rules” for aggregating transformation steps into 


macro-steps, so that the designer avoids details of 


no immediate interest. 


Representation of Knowledge 

The wide variety of items composing the knowledge 
base has required a very careful design of the symbolic 
representation of knowledge, be it: a sequence of trans- 
formations; complete processes; a constraint; precon- 
ditions on a constraint; hypothesis; functional type of a 
conversion ‘rate’; ‘rules’, etc. Currently, the system uses 
the following formats which attempt to capture the most 
pertinent symbolic representation for each group of 
data 
(a) Forward chaining. Use to encode knowledge with 
well-defined structure, representing: (i) various inter- 
mediate metabolic cycles: (ii) complete biochemical pro- 
cesses; (ili) various structures of control mechanisms 
which are used to regulate enzymatic activity, inhibition 
and repression; (iv) characteristics of known micro- 
organisms; (v) the network of cellular activities and (vi) 
the propagation of symbolic constraints (not the con- 
straints themselves). 
(b) Production rules. The production rule format is used 
to represent knowledge on: 


The best grouping of intermediate metabolic trans- 
formations according to their function 
Symbolic constraints 

Preconditions imposed on constraints 
‘Rules’ which are used to aggregate 
sequences of steps into macro-steps 
What is likely to be the best microorganism 
Hypotheses on initiation DNA replication, cell 
division, etc 

Assumptions on the preferred functional type of 
rates 


detailed 


(c) Symbolic constraints, manipulation and propagation. 
Handling the constraints (rates, preconditions, etc.) in a 
different way from the conventional models has been a 
major challenge in the design of the proposed Expert 
System. Also, an efficient technique to manipulate and 
propagate the constraints is indispensable for the 
effective utilization of the Expert System. 

Generalizing the familiar notion of numerical con- 
straint satisfaction, symbolic constraint satisfaction is 
concerned with assigning values to variables in such a 
way as to satisfy a given set of symbolic relations. Thus, 
we use two facilities for handling the constraints: 


The first provides the means for manipulating the 
constraints in such a way that a constraint among 


N variables can be automatically invoked whenever 
the values of N — | of them are known. This facility 
needs development. 

The second is represented by MACSYMA and is 
used to determine the symbolic propagation and 
numerical testing of the constraints 


(d) Hierarchic decomposition. The size of the knowledge- 
base is very large and expands continuously. Further- 
more, all items composing the data base are not related 
to each other with equal weight. It is therefore both 
natural to the description of our knowledge-base and 
dictated by practical considerations that we develop an 
efficient hierarchic decomposition of the: (i) knowledge- 
base, and (ii) inference engine which is used for reason- 
ing. 

There are different ways that one can proceed at this 
point. The following levels of hierarchy seemed to be 
best suited in our case and constitutes the framework of 
our implementation 


First level. Grouping metabolic steps into macro-steps. 

Second level. Grouping macro-steps into intermediate 
metabolic pathways. 

Third level. Grouping intermediate metabolic path- 
ways into processes 


Such a decomposition, in addition to its natural appeal, 
has certain corollary advantages. In particular: (a) It 
allows a parallel grouping of the constraints, since these 
are usually defined for steps, macro-steps, intermediate 
metabolic pathways, etc. (b) Inconsistencies between a 
sequence of desired reaction steps and the metabolism of 
a microorganism are likely to be spotted very quickly, 
before the search has proceeded. (c) The heuristic rules 
can also be grouped along the lines of the three-level 
decomposition, thus reducing the space of search. (d) 
Allows a modular construction and expansion of the 
Expert System. 


Simplified examples 

Let us illustrate the synthesis procedure on two 
simplified examples. Suppose that the target molecule is 
phenylalanine. The restrosynthetic approach identifies a 
series of enzymes which imply certain precursor mole- 
cules. For example (see Figure 11): Acid decarboxylases 
lead to precursor P,; D- or L-amino acid oxidases 
generate precursor P,; a series of enzymes leads to a 
reductive formation of the aromatic ring (through shiki- 
mic acid) or its replacement (through sequences of 
hydrolysis-condensation); hydroxylases generate precur- 
sor P,, etc. On the other hand, existing knowledge can 
be used efficiently to reduce the space of search and 
identify feasible alternatives. Suppose that we want to 
synthesize oligopeptides from a potentially useful raw 
material like methanol. Figure 12 indicates several well- 
known long-range routes which could be used. For each 
overall transformation there exists one or more known 
genera which render the transformation feasible. We 
have already mentioned several microorganisms for the 
“oxidation” of methanol to formaldehyde. Similarly, the 
assimilation of formaldehyde to form Krebs cycle and 
other intermediates is depicted by reactions B,, B, and 
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SYNTHESIS IN PROCESS DEVELOPMENT 
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Figure 11. Some of the potential precursors during the synthesis of phenylalanine 


B,. Specific assimilation (dissimilation) pathways of 
formaldehyde are also known to occur differently by 
different microorganisms. These pathways include the 
Ribulose Monophosphate pathway, B, (e.g., Pseudo- 
monas, Methylophilus, Methylococcus, etc.), the Xylulose 
Monophosphate pathway, B, (e.g., Candida, Hansenula, 


METHANOL 


| 
A 


FORMALDEHYDE 


KREB CYCLE AND OTHER INTERMEDIATES 


SHIKIMATE 
PATHWAY 


Ci2 ig 


PHE TRY 


AMINO ACID 
POOL 


ys 
ij 


INDIVIDUAL AMINO 
ACIDS 


Di-, Tri-, and Oligo-Peptides 


Figure 12. Schematic pathways for the biosynthesis of peptides from 
methanol 
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etc.). The higher carbon intermediates can then go 
through a variety of biosynthetic routes to different 
amino acids. For example, reaction « 
shikimate pathway, 


(Figure 12), the 
IS Operative for organisms such as 
Corneybacterium and Breribacterium for biosynthesis of 
aromatic amino acids such as Tyrosine, Phenylalanine, 
and Trypotophan. The pathways for other amino acids 
can similarly be identified and are depicted by reactions 
c,;. Finally, the non-ribosomal biosynthesis of peptides 
can be scoped with several microorganisms 
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Stochastic Modelling and Control 
M. H. A. Davis and R. B. Vinter 
Chapman and Hall, 1985 

pp. 386, £20 


The introduction of digital computers into control has 
opened up the possibility of being able to undertake 
more sophisticated and effective control strategies. 
Central to this is the need to provide a coherent descrip- 
tion of the system which can be used for formulating a 
control policy. The theme of the book is concerned with 
modelling of systems based on input-output (often called 
black box) description and the applications of this in the 
sampled data control of dynamic processes. It does not 
consider models based on attempts to formulate the 
equations representing the basic physico-chemical pro- 
cesses. Essentialiy, it deals with the theoretical back- 
ground to the subject and the intention is to provide a 
unified treatment of the subject. This is certainly a very 
useful objective, since a coherent description is not 
readily available. A particular advantage is that the 
material covered represents a more or less self-contained 
reference source with good background sections on 
probability and linear systems theory, filtering and 
estimation and treatment of the so-called ARMA 
(autoregressive moving average) models. Based on this, 
there is an extended account of systems identification 


REVIEWS 


leading to a state space formulation of the quadratic cost 
regulator and the separation principle for optimal 
control of linear systems. A final chapter develops 
the concept of the minimum variance and self-tuning 
controller. 

Being a theoretical account of the subject the 
mathematical treatment is rigorous and formal, with 
appendices providing some of the necessary theorems for 
understanding the text. It is confined to linear systems 
and there is no significant discussion or examples of 
practical problems or how the theory is translated to 
operating plants. Since these aspects were not intended 
to be covered, this is not so much a criticism as an 
indication of how it complements other facets of the 
problem of implementing control. Intended, within its 
terms of reference, this is a good book. 

For chemical engineers it represents a specialist area 
and would be used by those interested in developing 
advanced multivariable control systems. The insight it 
gives to the theoretical framework of understanding the 
overall problems is very valuable and represents an 
important part of tool-kit of the specialist process 
control engineer, at a very reasonable cost. 


C. McGreavy 
Book reviews continue on page 211 
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DESIGN AND OPTIMISATION OF SOLIDS 
PROCESSES 


Part 1—A Hierarchical Decision Procedure for 
Process Synthesis of Solids Systems 


By A. P. ROSSITER* (GRADUATE) and J. M. 


*ICI ple. 


DOUGLAS** 


New Science Group, Runcorn, ** University of Massachusetts, USA 


In this first part in a three part series of papers, a new procedure for synthesizing process flowsheets and base-case designs 
for solids systems is presented. The procedure is evolutionary in nature and proceeds through a hierarchy of decision levels, 
where more detail is progressively added to the flowsheet. Heuristics and selection procedures are used to identify appropriate 
unit operation types and flowsheet structures, and interactions between flowsheet elements are explored. Process alternatives 
are generated where heuristics and selection procedures identify more than one potentially viable process option. The procedure 
emphasises the economic implications of the decisions that are made, generating more refined economic analyses at each 


decision level. 


In the second paper in this series a novel procedure is presented for optimising solids flowsheets of fixed structure. The method 
is illustrated by a specific case study in the third paper of the series. 


INTRODUCTION 

Within the growing literature of “Process Synthesis” 
little attention has been given to the design of processes 
for producing solid products, in comparison to the 
extensive work on heat integration and vapour-liquid 
processes. As a large percentage of the output of the 
chemical industry is in solid form (roughly 40% in ICT) 
this omission is serious 

Amongst the crystaliisauon and solid-liquid separ- 
ation communities, in contrast, there has been growing 
interest in the interactions between the various stages 
(especially crystallisation, filtration/centrifugation and 
drying) in processes for generating solid products 
However, prior to the present work, no systematic 
procedure seems to have been proposed for the devel- 
opment or optimisation of solid liquid flowsheets, al- 
though attention has been given to the cost implications; 
of some unit operation selections 
Trowbridge and Bradley 

In a recent paper®, Douglas proposes a hierarchical 
approach to flowsheet development. This relates 
specifically to continuous vapour-liquid processes. The 
procedure presented in the present paper, which is 
closely related to that proposed by Douglas”, has been 
developed from research carried out on the design of a 
range of solids-producing processes, mostly within ICI. 
Inputs from numerous experienced engineers and vari- 
ous literature sources have also been used to provide the 
various elements within the hierarchical procedure pro- 
posed for the design of this type of flowsheet. 

The procedure described in this paper is intended for 
the development of appropriate solids flowsheet struc- 
tures (i.e. unit operation selections and interconnections 
of these unit operations amongst themselves and with 


for example, by 


the environment). Within these structures a number of 


optimisation problems can arise; and a novel approach 


to the analysis of these problems 


parts of this series of papers 


Purpose of Research 


The primary goal of this research was to develop an 


efficient systematic method for constructing flowsheets 
Chis could be 
used both to streamline process design in industry and 
to provide an improved conceptual framework for the 
teaching of process design 


for processes generating solid products 


In working towards this objective design and selection 
procedures and heuristics relating to a number 
tinct unit operations—notably 
liquid separation and drying—were brought 
within a coherent framework. The ‘sysiems overview’ 
provided by the framework yields new insights into the 


oO] dis- 
crystallisation, solid- 


together 


interactions between the various unit operations within 
processes of this type, which in turn yield new heuristics 
and point the way to the design of more efficient plants 


The Significance of ‘Solids’ 
The fact that a ‘solid’ product is required introduces 
a number of elements into the design problem that are 
The most obvious of 
these relate to the product specification where the size 


absent in vapour-liquid processes 


(or, more accurately, size distribution) is generally added 
to the purity specifications common with vapour or 
liquid products, although in some cases particle size may 
be an optimisation variable’. Particle shape or habit may 
also be important, as this can have a significant impact 
on the bulk properties of the product. The need to avoid 
unnecessary breakage of particles often dictates the 
selection of equipment in processes of this type’. The 
most common means of generating the required particle 
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characteristics is by crystallisation from solution (taken 
here to include precipitation). The present work concen- 
trates on this approach, but other techniques such as 
agglomeration, prilling or granulation are used (often in 
conjunction with crystallisation) to tailor the product to 
the required shape and/or size distribution. These possi- 
bilities, amongst others, are discussed by Waldie’. Alter- 
natively size reduction processes, such as milling, may 
have to be used 

There are some notable differences between the design 
of solid-liquid processes and that of vapour-liquid sys- 
tems. The most obvious relate to the unit operations that 
are used for the different types of process. For example, 
separations in solid-liquid systems are commonly 
achieved by filtration or centrifugation, rather than by 
distillation or extraction, as they might be in vapour- 
liquid systems. Moreover, the nature of design problems 
that are encountered tend to be somewhat different as 
the design variables within solid-liquid systems seem to 
be more likely to be determined by constraints of various 
types than is the case for vapour-liquid systems (see Refs 
7 and 8) 


Scope 
The procedure described in this paper represents a 
systematic method, believed to be the first of its kind, for 
constructing flowsheets for ‘solids systems’. However in 
its present form it is subject to several limitations, the 
most notable being 


The procedure is limited to systems for generating 
dry solid products from solid and/or liquid feeds. 
Gas/liquid/solid reactions are not specifically con- 
sidered, although much of the procedure is relevant 
to these systems. 

‘Peripheral’ equipment, such as conveyors and stor- 
age facilities, and agglomeration and size reduction 
equipment (e.g. tabletting and milling) are not 
considered, although in practice these often con- 
tribute significantly to the cost of ‘solids’ plants. 
Crystallisation, solid-liquid separation and drying 
are treated as separate unit operations within the 
flowsheet structure. Equipment which combines 
two or more of these stages (e.g. drying filters and 
spray dryers) are not specifically considered. These 


units can sometimes bring down the capital cost of 


a plant by reducing the number of main plant items: 
and often the resulting product (especially from 
spray dryers) has unique and sometimes desirable 


properties. However, the overall operating cost of 
‘combined units’ is usually greater than that of 


separate units. 

Most of the plants studied in developing the pro- 
cedure are moderate to high tonnage continuous 
inorganic processes. The procedure reflects this 
bias; but nevertheless it remains broadly applicable 
to many organic and lower tonnage systems. 


PROCESS SYNTHESIS: THE 
HIERARCHICAL APPROACH 
The synthesis of solids-generating processes can be 
decomposed into a hierarchy of decisions similar to that 


proposed by Douglas® for vapour-liquid processes. 
However, the hierarchy proposed here, along with the 
input information required to design the process, differs 
somewhat from that given in®, due to the distinctive 
character of the processes considered: 


Level 1: Batch vs Continuous 

Level 2: Input-Output Structure of Flowsheet 

Leve/ 3: Recycle Structure and Crystalliser Consid- 
erations (including Reaction if any) 

Level 4: Separation System Specification 

Level 5: Product Drying 

Level 6: Energy Systems 


The primary goal of the procedure is to generate a 
reasonable ‘base-case’ design which can be used for a 
preliminary economic evaluation of the process. This 
can subsequently be optimised and/or compared with 
any process alternatives that are identified. The complete 
process is always considered at each decision level, but 
additional fine structure is added to the flowsheet at each 
stage. Established heuristics and equipment selection 
procedures are used together with new process synthesis 
insights to guide each flowsheet decision. Where the 
available information indicates that more than one 
option could be viable, process alternatives are gener- 
ated for subsequent evaluation 

Each decision level terminates with an economic 
analysis, yielding the ‘economic potential’ of the process 
at that level. This is armed primarily at ensuring that 
uneconomic processes or options are discarded quickly, 
thus minimising abortive effort 

The synthesis procedure for continuous solid-liquid 
systems IS described in detail below 


INPUT INFORMATION 


The initial input information required to develop a 
process flowsheet and base-case design for a solid-liquid 


system is 


A PRODUCTS 

(1) Desired production rate and product purity 

(2) Desired particle size characteristics and bulk 
properties (there may be a range of acceptable 
characteristics and properties) 

(3) Price of product, or price vs product purity and 
characteristics. 

(4) Value of byproducts, if any 


RAW MATERIALS 
(1) Composition and 
materials. 


physical state of all raw 


(2) Prices of all raw materials streams, or price vs 
purity. 


C CONSTRAINTS 
Constraints vary from process to process, but typically 
include: 
(1) Product temperature constraints due to thermal 
instability. 
(2) Crystalliser slurry density limitations, due to a 
decline in product quality or poor flow properties 
at high solids concentrations. 
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D SOLIDS-GENERATION 
(1) Available methods for generating solid product 
of desired characteristics. 
(2) Solubility data for feeds, products and possible 
impurities. 
(3) Reaction stoichiometry (if any) and selectivity 
data. 
E PLANT AND SITE DATA 
(1) Cost of utilities—fuel, 
water, refrigeration, etc 


steam levels, cooling 


(2) Waste disposal facilities and costs. 


The above information, which is generally obtained 
through the expenditure of a significant amount of 
commercial and laboratory effort, allows a preliminary 
overall process structure to be developed. Additional 
data, generally based on further experimental work, are 
required for the selection and specification of individual 
unit operations within that structure. 
ments are below 
decision hierarchy levels 


These require- 


discussed under the appropriate 


LEVEL I: 
BATCH vs CONTINUOUS 
Batch processes, being time-dependent, tend to have 
structures that are very different to those of continuous 
plants. The procedure in its current form, in common 
with that proposed in Reference 6, relates specifically to 
continuous processes 


LEVEL 2: 
INPUT-OUTPUT STRUCTURE 
Raw material costs are typically in the range of 35 to 
85% of total processing costs'’. Consequently our initial 
attention is focused on the design variables that might 
affect these stream costs. The decisions made at this level 
for a typical continuous solid-liquid process are 


(1) Should we purify the raw material streams before 
processing, or process the feed impurities? 

(2) Is a purge required? 

(3) How many product streams are required? 


Heuristics for Feed Impurities 

Unwanted solid impurities should be removed from 
predominantly liquid feedstocks prior to any crys- 
tallisation of the desired product. Thus, for example, in 
plants in which crude minerals are dissolved to provide 
a liquid feed the dissolver is commonly followed by a 
settling tank or some other means of removing solid 
residues. 

Heuristics do not seem to exist for soluble impurities, 
and the choice between removing soluble impurities and 
passing them through the process have to be made on 
grounds of practicality and cost. Those impurities that 
would crystallise together with the desired product at 
unacceptably high levels must clearly be removed. This 
typically involves reactive precipitation processes. On 
the other hand, where the crystallisation conditions can 
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be controlled to prevent impurities from solidifying with 
the desired product it is often more economical not to 


remove the impurities before the crystallisation stage 
Brine purification for the Ammonia Soda Process and 
for evaporative crystallisation of common salt offer good 


examples of both options: Calcium and magnesium 


impurities are often removed from the crude brine 
whereas other impurities (such as sulphates) are gener- 
ally not removed, and either appear in the fina 


iv 


or are controlled by purging from the systen 


L 


Purge Heuristics 
The amount of purging required some 
extent on the class of crystalliser used in 


process (a 
Level 3 decision). Thus, although a prelimina 


I 


y estimate 
of the purge rate is made at Level 2, this may be subject 
to revision at the next level 

One example of purging has been cited in the pre 
ceding sub-section. In general, purging is necessary if the 
quantity of impurities entering the process or produced 
in the process would cause the product to be outside its 
specifications, either in terms of purity (allowing for 
occluded and surface impurities as well as crystallised 


impurities) or, in the case of habit-modifying impurities, 


in terms of particle size or shape. The purge rate should 
then be fixed at the minimum value whicl 

impurity build-up within the system reaching < 

would cause an unacceptable product to c1 

may, for example correspond to the solubili 

impurity within the 
significant experimental effort may be needed 1 

the appropriate purge rate; but in general a well-defined 
value can be identified 


crystalliser(s). In 


An additional reason for purging in many solid-liquid 
é é | 


processes is the liquid balance: Especially in cases where 


non-evaporative crystallisation methods are used, it may 


be necessary to purge a liquid stream from the process 
to remove some of the liquid entering the process in the 
feeds, or created by reactions within the process 

If ‘salting out’ is used for crystallisation (see Level 
most or even all of the liquid residue may have 
purged to prevent build-up of salt within the 


process 


Number of Product Streams 


Solid-liquid systems of ideration 


generally produce only one ‘valuable’ dry product 


the type under cons 
How 
ever, in some plants different grades of product are made 
by separating size fractions within the product; agglom- 
eration or size reduction of the product: or by running 
parallel streams or side-streams with different character- 
istics within the same plant. A well-known ‘multi 
product of this type is refined sodium bicarbonate. For 
our present purposes, however, we focus only on the 
streams 
system. 
In addition to the ‘valuable’ product 
streams would also normally leave the process 


leaving the crystallisation-separation-drying 


the following 


Evaporated solvent (from product drying, and also from 


the crystalliser if some form if evaporative crystallisation 


is adopted) 





178 ROSSITER AND DOUGLAS 


Liquid Purge (if any) 
scribed above 

Solid Wastes (if any) 
ation 


Composition determined as de- 


Assume dry for Level 2 evalu- 
Review later (Level 4) 


Uncrystallised product or unreacted feed materials will 
generally be separated from the solid product at the 
solid-liquid separation stage, 
purge losses) 

If the solvent is a valuable or environmentally harmful 
material this would also be recovered and recycled. 
However, if the solvent is water (by far the most 
common situation with inorganic products, and also 
with many types of organic products) any evaporated 
solvent would normally be removed from the system. 


and recycled (excluding 


Overall Material Balance and Level 2 Economic Potential 

The overall material balance (or input-output dia- 
gram) following the Level 2 decisions would typically 
appear as shown in Figure | 


me. cee Purge (liquid 


| 
i. 





———> Product (solid 
-—@ Waste (solid or slurry 


p—® Evaporated water 
vapour or condensed 











Figure 1. Input-output structure of flowsheet 
On the basis of the input-output structure we can 
evaluate the “Level 2 Economic Potential”, EP,, for the 
process. This may be defined as 


EP, = Product Value—Raw Material Cost 
— Disposal Cost for Purge and Waste. 


This provides an upper bound on the potential value 
of the process. At subsequent stages in the design 
hierarchy additional terms will be added, incorporating 
the capital and operating costs of the various elements 
of the process. These will allow refinements to be made 
to the economic potential, allowing a realistic view to be 
taken on the viability of the potential process through- 
out the task of process development. 


LEVEL 3: RECYCLE STRUCTURE 
AND CRYSTALLISER 
CONSIDERATIONS (INCLUDING 
REACTION, IF ANY) 

The overall flowsheet structure and stream flows are 
largely dictated by the type of crystallisation used. For 
this reason the recycle structure and crystalliser selection 
are considered together at this level. 

The decisions made at Level 3 are: 


(1} What type of crystalliser should be used? 

(2) Should the product-forming reaction (if any) take 
place within the crystalliser, or separately? 

(3) How many crystalliser effects or stages are re- 
quired? 
How many recycle streams are required, where, 
and at what recycle rates? 


Heuristics for Selection of Crystalliser Type 

Numerous articles and books have been published 
describing the different types of crystallisation equip- 
ment available (for example, Reference 11). Much less 
appears to have been written on the selection of crys- 
tallisers for specific duties; although some guidelines 
have recently appeared in print'~’’. However, the em- 
phasis in these publications is primarily on ‘design 
configuration’ (e.g. Mixed Suspension Mixed Product 
Removal— MSMPR’—crystallisers versus various types 
of ‘classifying’ crystallisers), rather than the more funda- 
mental issue of specifying the means to be adopted for 
generating supersaturation and hence crystallising the 
solid product. However, Bamforth’ does address this 
wider problem, which can have a significant impact on 
the overall structure of solid-liquid flowsheets; and much 
of the discussion below is based on Bamforth’s” and 
Scrutton’s'> work 

Five main types of crystallisation (or precipitation) are 
commonly considered for the type of process we are 
considering: 


(1) Evaporative Crystallisation: Heat input drives off 
solvent. 
(2) Cooling Crystallisation 


(a) Flash Cooling: Temperature reduction ob- 
tained by vaporisation of some solvent. Crys- 
tallisation due predominantly to temperature- 
solubility effects, but also 
evaporative concentration 

(b) External Cooling: heat removal 
exchangers, normally refrigerated 

(c) Internai (Direct Contact) Refrigeration: Re- 
frigerant mixed with crystalliser contents. 


partly due to 


using heat 


(3) Salting Out: Multicomponent equilibria exploited 
to precipitate desired product by dissolving salt. 

(4) Reaction: Chemical formation of product with 
low solubility in reaction conditions 

(S) ‘Melt’ Crystallisation: Water of crystallisation is 
used to achieve a phase separation 


Combinations of different types of crystallisation are 
not unusual within an overail process (e.g. reaction 
cooling, reaction/evaporation or evaporation/cooling). 

The morphology and size distribution of the product 
of a crystallisation process is strongly influenced by the 
type of crystalliser chosen, and also by its ‘design 
configuration’. For example, both the shape and size 
distribution of particles of a given compound formed 
from the same feed material in a ‘growth-type’ evap- 
orative crystalliser and an ‘“MSMPR-type’ evaporative 
crystalliser can be very different. In any solids-generating 
process the ability to produce the solid in the required 
form is generally the overriding consideration in select- 
ing the type of crystalliser but a number of other factors 
must also be considered if an acceptable product can be 
formed in more than one class of crystalliser. The most 
notable are: 


i. Temperature-solubility relationship 

The solubility of common salt in water is very 
insensitive to temperature over a wide range of tem- 
peratures. This clearly makes cooling crystallisation 
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an unattractive option, and it is not surprising that 
this compound has been crystallised by man through 
the evaporation of brine for several millenia 
Compounds with steep normal solubility curves, on 
the other hand, are good candidates for cooling 
crystallisation (e.g. sodium acetate and copper sul- 
phate). 

Scaling or Fouling of Equipment 

This can be a particular problem with ‘external 
cooling’ systems where the coolers are often subject 
to severe scaling or blockages. Flash cooling is gener- 
ally preferred in such cases. However, flash cooling is 
generally unsuitable for salts with high boiling point 
elevations, or solutions containing large quantities of 
non-condensible gases 

Mutual Solubility Characteristics 

‘Salting Out’ depends on the addition of some sub- 
stance to the system which reduces the solubility 
of the solute in the solvent. Commercial processes 
include the use of sodium chloride to salt out 
ammonium chloride, and alcohol to salt out pure 
aluminium sulphate from an aqueous solution 
Processes of this type are only viable where suitable 
mutual solubility characteristics can be identified, and 
the salting out additive is sufficiently cheap to make 
the process competitive 

Stoichiometr) 

Crystallisation by reaction depends on the ability to 
produce the desired compound by reacting available 
feed materials in solution, and then achieving super- 
saturation. Production of ammonium sulphate from 
ammonia and sulphuric acid in the presence of water 
is a well-known example of this 

Levels ef Hydration 

‘Melt crystallisation’ involves heating a hydrated salt 
above the transition point of a lower hydrate or 
anhydrous form. The hydrated crystals melt in the 
water of crystallisation, yielding a slurry of the lower 
hydrate or anhydrous salt in a saturated salt solution. 
Additional material may be recovered from the 
solution by evaporation 

This process is limited to salts which exhibit multiple 
hydration levels (e.g. Na,SO,, Na,CO,, MgSQO,), 
and is sometimes used as a product 
purification 

Process Interactions 


Stage in 


This factor has not received much attention pre- 
viously in the open literature. Where it is not possible 
to make a clear choice of crystalliser type on the basis 
of the criteria described in | through 5 above, process 
alternatives are generated. These can only be properly 
evaluated by developing the recycle and purge struc- 
tures appropriate to each of the potential crystallisers 
(see below) and quantifying their economic potential. 


Heuristics for Reaction Location 


In general it is advantageous to combine any reaction 
processes required to produce a solid product with the 


crystallisation process. This reduces the number of 


equipment items that are required for the process (and 
so reduces the capital cost) and in some cases also 
reduces operating costs. Moreover, the solubility of the 
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reaction product is sometimes so low that in practice 
there is no chance of separating the reaction and precip- 
itation stages 

However, there are circumstances where the reaction 


and product crystallisation processes have to be sep- 


arated. These generally arise where the reaction yields 
impurities that would be unacceptable in the product or 
would interfere with the crystallisation stage and have to 
be removed before the desired product IS crystallised If 
the impurities are insoluble under the reaction con- 
ditions, or can subsequently be made insoluble while the 
desired product remains in solution, conventional solid- 
liquid or vapour-liquid separation methods can be used 
to remove them (see Reference 14 for an example of 
this). If the impurities cannot be separated in this way 
alternative means of purification have to be investigated 
(e.g. extraction processes) 

The need to separate the reaction and crystallisation 
Stages may also arise if the temperature required for the 
reaction to take place satisfactorily differs markedly 
from that required to crystallise the product in the 
desired form 


Number of Crystalliser Effects or Stages 
Production of high tonnage products by evaporative 


; 


crystallisation is commonly carried out in multi-effect 


systems, where the vapour from the higher temperature 
units is used to drive lower temperature effects. Vacuum 
salt production is probably the best known example of 
this 

In cooling crystallisation, multi-stage processes are 
sometimes employed. These involve the progressive cool- 
ing of the solution or slurry to lower and lower tem- 
peratures 
cooling water, while later stages might use refrigerants at 
different temperatures 

Both multi-effect and 
reduced operating costs at the expense of increased 
complexity and capital costs 


heuristics for deciding when such systems should be 


The first stage of cooling might typically use 


multi-stage systems achieve 


There are no clear-cut 


adopted, or how many effects or stages should be used 
These decisions can only be made by considering the 
overall economics of the various options. Similar consid- 
erations apply to the use of vapour recompression as a 
means of reducing heating costs in evaporative crys- 
tallisers 


Recycle Streams 

Figure 2 shows a generalised recycle structure for a 
solid-liquid system incorporating an evaporative crys- 
talliser with feed(s) going directly to the crystalliser 
Figure 3 shows the type of recycle structure that might 
be expected with a cooling crystailiser preceded by 
Between them, Figure 2 and 
Figure 3 illustrate most of the common features of 


a reactor or dissolver 


recycle structures for solid-liquid processes 

In both flowsheets the slurry from the crystalliser is 
separated into a solid cake and a liquid stream by some 
form of solid-liquid separation. The solids are dried and 
there may be a recycle of “off specification” 
(shown only in Figure 2) 


dry material 
The liquid stream for both 
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generalised flowsheets is split to provide both a recycle 
and a purge stream, and structures of this type are 
indeed common for both classes of systems. The recycles 
in the evaporative system return to the crystalliser, but 
in the cooling system the liquid recycle returns to a point 
upstream of the crystalliser where a feed material is 
dissolved or reacted. 

However, as previously noted under Level 2 decisions, 
there are some circumstances where the purge is not 
required. Moreover, situations can arise where the re- 
cycle is not appropriate. If the concentration of soluble 
impurities is such that, after a single pass of the crys- 
talliser, the impurities approach their solubility limit at 
the crystalliser temperature, the introduction of a recycle 
would clearly lead to the solidification of some of the 
impurities. Depending on the product specifications this 
may be unacceptable, and in such cases there would be 
no recycle. Most “salting out” processes are also of the 
‘once through’ type, as the recycling of dissolved salt is 
generally undesirable. 

In the general case where a liquid recycle is required, 


the recycle rate can normally be fixed, in the case of 


evaporative systems, by a study of the crystallisation 
regime. As noted in Reference 7, operating crystallisers 


at high slurry densities tends to reduce the cost both of 


the crystalliser and of the separation system. However, 
product quality tends to decline rapidly (with poor 
crystal habit, high levels of occluded liquor and substan- 
tial crystal attrition) if the slurry density rises too high. 
The “optimum” crystalliser slurry density (My. kg 
solids m~° slurry) is therefore the highest that can be 


achieved without unacceptable loss of product quality. 
Once the crystalliser slurry density has been defined in 
this manner, the relative amounts of liquid and solid 
material leaving the crystalliser are known; and the 
absolute amount of liquid, L (kg sec ') can be calculated 
from the required solids production rate, S (kg sec '), if 
no solids losses are assumed and the liquid in the moist 
cake is neglected, by the equation 


L=S-¢,(1 Ms f5)/Mg.. 


/, is the liquid density (kg m °) and /, is the solid density 
(kgm~~). This liquid flow is then divided between the 
purge flow P (evaluated at Level 2) and the recycle R, 
so that: 


R=L -P. 


With cooling crystallisation the slurry density (and 
hence recycle rate) may sometimes be dictated in a 
similar manner to that for evaporative crystallisation as 
described above. However, in general the attainable 
slurry density in such systems is a function of the 
temperature of the crystalliser and the concentration of 
the liquid stream entering the crystalliser, and unless 
both of these parameters are governed by constraints an 
optimisation analysis is required to evaluate the ‘best’ 
value for the slurry density and recycle rate. The general 
procedure described in Reference 7 can be adapted to 
carry out this optimisation. 

The generalised recycle structure of Figure 2 shows a 
recycle of ‘off-specification’ solids. These are usually 
oversize or undersize particles, and depending on the 
value of the product, the cost and environmental impact 
of disposal and the cost of recycling, these materials may 
either be recycled (to a crystalliser or dissolver) or 
dumped, as shown in Figure 3. Oversize materials must 
clearly be either broken up or dissolved for recycles of 
this type to work; and care must be taken with the 
recycle of fine solids to a crystalliser as this can affect the 
particle size distribution of the crystalliser product. For 
this reason some form of ‘fines destruction’ system may 
be needed, not only for the recycle of dry fines to a 
crystalliser but also to eliminate fine solids in liquid 
recycles 

Solids recycles are less common than liquid recycles, 
and generally have much less significance in the overall 
process design. 


Level 3 Economic Potential 

Unlike vapour-liquid systems (see Reference 6) solid- 
liquid systems are not generally dominated by recycle 
costs. This is because the costs of pumping liquids and 
slurries are generally much smaller than the compression 
costs associated with major vapour recycles. Thus the 
only major costs to be incorporated into the economic 
potential of the process at Level 3 are the annualised 
capital cost of the crystalliser, and its operating costs (i.e. 
utility heating and/or cooling, and/or salt for salting 
out). Thus we obtain 


EP, = EP, — Annualised Crystalliser Capital Cost 
— Crystalliser Operating Cost. 
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LEVEL 4: SEPARATION SYSTEM 
SPECIFICATION 
It may be necessary to specify several different solid- 
liquid separations within a single process. These perform 
different functions, and the Level 4 decisions lead to the 
specification of the necessary systems. These are 


(1) Primary Product Separation 
(2) Solids Recovery Systems 
(3) Waste Solid Separation 


Occasionally liquid-liquid separations are also 
quired within a process—for example, when an ‘exotic’ 
wash liquid is used and then has to be recovered 
Distillation would normally be used to effect such sep- 
arations, which are not considered further in the present 
work. 


re- 


There is a wide range of solid-liquid separation equip- 
ment available, and numerous selection procedures have 
been proposed. Purchas'® describes several of these, as 
well as presenting his own procedure. This uses a limited 
amount of data on the required duty (scale, 
batch/continuous, objeciive), together with settling and 
filtration characteristics of the product (obtained by 
simple experimental tests) to draw up a short list of 
perhaps two or three possible equipment types for any 
given application. Further work (possibly with 
potential equipment suppliers) is then generally required 
for a detailed comparison of ‘front-runners’ 

Procedures of this type can be used to evaluate the 
options for all of the solid-liquid separations within the 
overall process. However, there are several caveats to 
consider, notably 


test 


(a) None of the selection charts is entirely compre- 
hensive, and the range of options will increase 
as technologies progress 

(b) In many cases the ‘correct’ choice 1 

nation of two unit Operations—e 

prethickening hydrocyclone 


settler), followed by a centrifuge 


Ss a combi 
OI 


(by 


more 


oO 
T 
\ 


Or gravi 


The separation system must not be considered 
n isolation from the rest of the flowsheet. This 
fact is highlighted for a specific example in 
Reference 5 and discussed more generally be- 
low 


Primary Product Separation 
Fiowsheet interactions are particularly important in 
the specification of the primary product separation 
system, as this forms a major component in the liquid 
recycle structure as well as feeding the product forward 
to the dryer. The major interactions are noted below 


Cake moisture content: Impacts on dryer costs (see 
level 5). 

Wash requirements (if 
and/or evaporation costs. 
Temperature changes of product and mother liquor 
across separation system: Impacts on dryer costs 
(see Level 5). Can also melt product in cryogenic 
processes, and influence liquor heating or cooling 
costs. 


any): Can affect purge 


Crystal breakage: Can increase waste or recycle of 
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‘off-specification’ product and reduce ettective me- 
dian particle size (see Reference 4) 
Solids content of filtrate: Impacts on solids recovery 


system (see below) 


Solids Recovery System 


The need (or otherwise) for a solids recovery system 


depends largely on the efficiency of the primary solid- 


liquid separation system. Where the mother 


liquor leav 


ing the primary system contains significant amounts of 


preduct solids there may be an incentive (based on 


for recovery. The 


involve hydrocyclot 


OI operabil 


ly 
Ly 


materials efficiency ity) 


recovery system would usua 


les OT 


gravity settlers which return a slurry to the primary 


solid-liquid separation system. Factors to cons 


vUll \ 


assessing solids recovery needs are given below 


Destination of Mother Liquor 


Purging of liquor involves a prod 
additional materials costs and a need to 


entire plant to handle higher material flo 


i 


uct loss and hence 


the 
ng ol 


lead 


iprate’ 
Recyc 
solids-laden liquor avoids 1 
to operability problems, eithe 
and/or lines, or (particularly 
a crystalliser) changes in 
moval (or fines destructi 


11 


the mother liquor is recycled. Allowance for 


of recycled material must be made in siz 


and costing all associate 
factors should be 


Potential’ for solid 


Low ation of Solids ~- Re 


As already implied above, it desirable to 


be 
recover solids from either purge or recycle streams, or 
ilso be 


both (or neither) 
more 


Cases W 


. 5A bawid . a ae 
Stages oO! solid-liquid separation 


settler + pusher centrifuge), and only 
duces a liquid stream 
which 


should identify the 


solids-recover \ 
pest location 
system and lead to a1 


appropriate rating 


Figure 4 shows 3 possible positions (: 


solids recovery system 
Position (a) represent in which tl 


are recovered, either 


they a c 
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because a sclids-free effluent is required. In this case the 
solids in the recycle stream are not expected to cause 
blockages or to affect the solids-generation process 
adversely, so there is no solids recovery on this stream. 
Position (b) represents the situation where only the 
recycle stream requires cleaning. Here the cost associated 
with the solids lost in the purge is low, but recycled solids 
could cause blockages or particle size control problems. 
Position (c) shows a solids recovery system ‘cleaning’ 
both the purge and the recycle stream, thus minimising 
the solids loss in the purge and the operational and size 
control problems associated with recycled solids. This 
situation is the one most commonly encountered 


Waste Solid Separation 

Removal of solid wastes inevitably involves the loss of 
some potentially valuable material in the associated 
liquid phase. These losses are clearly reduced by maxi- 
mising the concentration of the solids in the waste 
stream, and may in some cases be further reduced by 
washing. (Washing may also be required for environ- 
mental reasons, e.g. if the liquid phase contains toxic 
materials which would introduce a disposal problem) 

Where the waste solids flow is small this stream is 
commonly taken as a slurry from a ‘simple’ solid-liquid 
separator such as a gravity thickener or hydrocyclone. 
However, where the value of the liquor lost in the slurry 
is high (typicaily where the waste solids flow is high or 
the value of the product is high) centrifugation or 
filtration may be appropriate. The choice of system will 
normally be made on economic grounds—4.e. by trading 


off the incremental separation costs against the value of 


the recovered liquor. Similarly, the decision whether 
or not to wash a filter cake would normally be made 
by comparing the economic benefit (improved raw 
materials efficiency) with the costs (wash liquor and 
associated equipment; plus additional costs due to 
ingress of the wash liquor into the overall process.) 

If environmental factors arise these override the 
economic analysis discussed above in determining the 
nature of the waste solids separation. 


Level 4 Economic Potential 


In addition to the capital and operating costs directly 
associated with the separation systems in the process, 
allowance can now also be made for the liquor lost with 
any solid waste stream. If this liquor loss is substantial 
(not usually true), it may be necessary to uprate the 
crystalliser and primary separation system to handle the 
increased flow. Similarly, if the product and/or the solid 
waste require washing, the associated capital and oper- 
ating costs are now incorporated into the economic 


potential. Thus the Level 4 economic potential is given 
by: 


EP, = EP, — Separation System Operating Costs 
Separation System Annualised Capital 
Costs 
Liquor Loss Cost 

— Wash Operating Costs 

— Wash Annualised Capital Cost. 


LEVEL 5: PRODUCT DRYING 
The key Level 5 decisions relate to the specification of 
the dryer. This involves the identification of the most 
appropriate type of dryer and rating it for its duty. 


Selection Procedure 
Several dryer classification systems and selection pro- 
cedures have been suggested, of which those proposed by 
Nonhebel and Moss"’ are amongst the best known. In 
Chapter 3 of their book, Nonhebel and Moss propose 
classifications of dryer types based on 


Method of Operation 
Physical Form of Feed 
Scale of Operation 
Special Features 


These classifications allow a short list of perhaps two 
or three dryer types to be drawn up with little or no 
experimental work. On the basis of such a short-list, we 
can proceed with our initial purpose of preliminary 
economic analysis, generating process alternatives if 
necessary to compare two or more apparently attractive 
drying options. Preliminary sizing of the short-listed 
equipment can be carried out on the basis of published 
data (e.g. Reference 17) or, better, by consultation with 
potential suppliers; and hence initial estimates of capital 
and operating costs can be made 

Although the above procedure is suitable for initial 
economic evaluations, it must be emphasised that 
additional test work (including pilot or even full-scale 
trials) are generally needed for final dryer specifications 
(see Chapter 4 of Reference 17). This is partly due to the 
difficulty of scaling up many types of dryers, and partly 
due to the sensitivity of many product properties (e.g. 
hardness and dustiness) to the drying method adopted. 


Process Interactions 

Process interactions generally have much less impact 
on dryer selection than they do on, for example, the 
selection of crystalliser or primary solid-liquid separ- 
ation systems. The dryer lies outside the major (liquid) 
recycle in the process (see Figure 2 and Figure 3); and 
the final product is often taken directly from the dryer 
to bagging or storage. The specifications of the units 
downstream of the dryer are normally insensitive to the 
design of the dryer, provided that the required product 
dryness specification is met. However, in some cases the 
temperature of the product going to bagging or storage 
may be important (e.g. due to temperature limitations of 
the bags); and it may be necessary to include a product 
cooler with a dryer that would yield a hot product. 

Where comparisons are made between dryers known 
to generate differing quantities of lumps or ‘knottings’ in 
the product through agglomeration process, or different 
quantities of fines by attrition, allowance should be 
made for the cost of dumping (i.e. separation and 
disposal costs plus wasted materials plus any necessary 
equipment uprating) or recycling off-specification solids. 
However, as previously noted, these costs are rarely 
significant and can often be ignored. A more common 
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situation is for specific types of dryer known to produce 
lumpy or dusty output to be eliminated at the selection 
Stage due to the product being unacceptable. 

The key interaction in most dryer selections is that 
with the solid-liquid separation systems. The rating of 
the drying system depends critically on the wetness (and 
sometimes the temperature) of the cake fed to it; and 
there can be a significant trade-off between the costs of 
thermal drying and mechanical separation (see Refer- 
ences 7 and 8). The condition of the cake from the 
separation system may also influence the choice of dryer 
type for a specific application. 


Level 5 Economic Potential 


Normally the only additional costs to be added at 
Level 5 are the capital and operating costs of the dryer 
(including ancillaries such as dust collection equipment, 
heaters and fans). Thus the Level 5 economic potential 
is given by: 


EP; = EP,— Annualised Dryer Capital Cost 


Dryer Operating Cost 


Where dumping or recycle of off-specification solids is 
significant, the associated costs (as discussed above) 
should also be included in the Level 5 economic poten- 
tial. 


LEVEL 6: ENERGY SYSTEMS 
The general principles of heat exchanger network 


design'*'’*? and heat and power integration”' apply 


equally well to ‘solids systems’ as to vapour-liquid 
processes. 


The major heat sources and sinks in solids processes 
are usually associated with the crystallisation and drying 
stages. However, heat recovery irom some streams (e.g. 
saturated liquids or dusty dryer off-gases) can be difficult 
and may involve the use of expensive equipment (e.g. 
scraped surface heat exchangers for use with fouling 
liquids). Such problems often restrict the level of heat 
integration that is economically viable. 

As in the case of vapour-liquid processes® an iterative 
optimisation analysis may be required to develop the 
‘best’ heat exchanger network, as the existing techniques 
are based on the assumption of fixed flowsheet and fixed 
process flows; whereas in practice at the design stage 
many of the flows can be varied and different process 
topologies are possibie. 


CONCLUSIONS 

The procedure presented above should lead to a 
‘reasonable’ process flowsheet, which can be used as a 
base-case design, and a preliminary view on the econ- 
omic attractiveness of the process. The base-case design 
is subject to optimisation, and can be readily compared 
with process alternatives that are also generated by the 
procedure. 

Several new design heuristics and insights into the 
interactions within ‘solids systems’ have also been dis- 
cussed. 
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NOMENCLATURE 


Economic Potential for Level 
i Decisions 

Liquid Flow from Crystalliser 
Crystalliser Slurry Density kg solids m 
Liquid Purge Rate kg sec 
Recycle Liquid Rate kg 

Solids Production Rate kg 

Liquid Density kg 

Solid Density ken 


Kg Sec 
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DESIGN AND OPTIMISATION OF SOLIDS 
PROCESSES 


Part 2—Optimisation of Crystalliser, Centrifuge 
and Dryer Systems 


By A. P. ROSSITER* (GRADUATE) and J. M. DOUGLAS** 


*ICI plc, New Science Group, Runcorn, ** University of Massachusetts, USA 


In Part 1 of this series of papers a hierarchical procedure for the synthesis of solids processes was described. This provides 
a systematic method for developing appropriate structures and equipment selections for solids systems. 

In the present paper (Part 2 of the series) a procedure is proposed for optimising the design of a continuous evaporative 
crystallising system producing a dry product. The procedure focuses on the influence of median particle size on the capital 
and operating costs of the process. However, it also leads to general conclusions about the influence of other design 
variables—especially crystalliser temperature—on process economics. Theoretical and empirical results from the science and 
technology of crystallisation, solid-liquid separation and drying are employed, along with appropriate cost models and short-cut 
design methods of a type common in ‘process synthesis’ studies. 

The procedure centres on a ‘decomposition’ of the process into manageable sub-systems, namely the crystalliser and the 
downstream processing units. The trade-off that exists between the costs associated with the crystalliser, rising with increasing 
crystal size, and those associated with separation and drying, which decrease as particle size increases, are highlighted. A 
“notional optimum” median crystal size can be identified, where the total system costs are minimised, although in practice 
this may not be achievable due to constraints within the system. 


In Part 3 of this series of papers a case study is presented (NaCI crystallisation) to illustrate the application of the procedure 
to a commercial process. 


INTRODUCTION SCOPE 


In Part | of this series of papers,’ Rossiter and Douglas The procedure described in this paper provides a 
propose a hierarchical approach to flowsheet devel- framework fer analysing and optimising the design 
opment for solids processes. The present paper tackles a parameters—especially median particle size—for a plant 
distinct but related aspect of the synthesis of solid-liquid of the general type illustrated schematically in Figure 1. 
processes, namely the optimisation of design variables The process generates solids from a solution in an 
within a given solid-liquid flowsheet. An analysis of this evaporative crystalliser, separates the solids and mother 
type is appropriate during the preliminary design of a liquor in a hydrocyclone/pusher centrifuge system, and 
process, when process alternatives may have to be dries the solids in a fluid bed dryer. In practice the 
compared and screened economically, or when it is procedure can be extended to analyse processes using 
necessary to determine the ‘best’ conditions as the basis different unit operations. 
for equipment trials and/or detailed final designs. Figure | represents a flowsheet which is far simpler 
Typically there may be ten or twenty optimisation than those for most commercial processes, or which may 
variables within a process flowsheet, but these are not all form part of a much larger process. However, the results 
of equal importance. Fisher et al- found the three generated by analysing this very simple system can be 
dominant variables in a specific vapour-liquid system to extended to provide a meaningful analysis of practical 
be: reaction temperature, conversion per pass and recy- systems 


This is illustrated with reference to a specific 
cle composition. 


example (continuous sodium chloride crystallization) in 
In processes which generate solids the median size, reference 3 

particle size distribution and particle shape may also be 
optimisation variables. In many cases these parameters 
are fixed by market requirements. However, for new 
products, or for materials which are used only as 
intermediates, the designer may have the freedom to 
specify ‘optimum’ values for some or all of these param- 
eters 














This paper focuses on the optimisation of median size. 
However, the procedure adopted recognises the ‘multi- 
variable’ nature of the optimisation problem and pro- 
vides insights into the optimisation of other design 
parameters, especially temperature and slurry density. 


Figure |. Schematic flowsheet for a typical solids plant 
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UNIT MODELS AND SYSTEM 
DECOMPOSITION 


In order to evaluate the impact of the process vari- 
ables on the system economics, simplified cost corre- 
lations are derived for the various process units. These 
incorporate elements of established design equations and 
empirical results, together with economic data, to evalu- 
ate both capital and operating cost variations. Combina- 
tion of the unit models provides a cost model for the 
entire process, which can be optimised. 

Analysis of systems of this type is often simplified if 
essentially independent sub-systems can be identified 
within the process. This allows the problem to be 
‘decomposed’ into manageable sections, which can be 
substantially optimised independently of the other 
sections. 

In the present example, the centrifuge and fluid bed 
drver form such a ‘sub-system’, and a combined ‘centri- 
fuge plus dryer’ cost model is derived. The crystalliser 
forms a ‘sub-system’ on its own, and the crystallisation 
model is discussed below in some detail, as a number of 
conclusions of relevance to the entire process arise in this 
analysis. 

The hydrocyclone prethickening system shown in 
Figure | is omitted in this analysis, despite the fact that 
a significant part of the solid/liquid separation costs are 
associated with this unit. The justification for this omis- 
sion is the fact that in general the major costs of a 
hydrocyclone system are associated with piping and 
slurry pumping costs, which are substantially indepen- 
dent of particle size. As the problem under consideration 
is one of optimisation, only those costs which vary 
significantly with particle size need to be considered 


COST COMPONENTS 
The only costs included in the analysis, as noted 
above, are those which vary with particle size. There are 
two basic types of costs 


Installed costs of main plant items 
as the ‘capital cost’ 

Utility costs (heat, cooling and electrical power). The 
total provides the ‘operating cost’ 


The total is taken 


These may be combined to give a ‘total annual cost’ 
(TAC), an overall economic indicator for the process, 
where: 


TAC = Operating Cost + (Capital Cost) 
(annualisation factor) 


The ‘annualisation factor’ (otherwise known as the 
‘Capital Charge Factor’ or “CCF’) takes account of 
factors such as interest rates, rates of inflation, taxation 
and plant maintenance 


CRYSTALLISER MODEL 


Two elements are considered within the crystalliser 
model. First, “MSMPR theory’ is used to estimate the 
suspension volume required to produce a product with 
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a given median size. Secondly, the constraint imposed on 
the size of an evaporative crystalliser by 


trainment in the vapour stream i 


] ‘ 1 
‘ trate 
i IS UValIUAaLCK 


liquid en 


Application of MSMPR Theory 
[he ‘Mixed Suspension Mixed Product Re 
(MSMPR) crystalliser model* provides a usef 


is ACI U 


moval 
starting 
point for analysing crystallisation systems. Although 
rather idealised, it 
model for many industrial and laboratory 


forms ;¢ inageable 


iisers 


It is used in the present section, in combination with a 


kinetic expression and a hydrodynamic correlation, to 
model the trends and trade-offs 


associated with the 
crystalliser system 

A useful formulation for crystallisation 
lating nucleation rate (B ) 
power input (¢) and 


written 


to growth 
B AK. ¢ 


stant, A 

concentration; although the natu 

has not been quantified for many 
Combining the above expre 


MSMPR theory gives 


where / 
time (or residence t 


and p, is the solids density 


Crystalliser Cost Correlations 
To analyse the relatio 


talliser size ; 


M., has a constant 
This should be the 
acceptable product 

Strictly 


must be held constant 


k. is constant 


¢ has the minimum value cc 
To a first approximation this 1 
constant. (See discussion below 
h, i, j, k, and p, are al 


Volume V is 


propor 


Thus equation (2 
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tionality constant in this relationship can be obtained 
from literature sources,’ but are better derived from a 
consideration of “base case” crystalliser designs, as 
discussed in reference 3. This proportionality, together 
with equation (3), provides a means of relating the 
median size L., to the required crystalliser volume V and 
hence to the capital cost of the installation. 

[wo distinct operating costs are associated with the 
crystalliser. By far the larger, generally, is that assocaited 
with the evaporative heat load. However, as this is 
essentially independent of particle size it can be omitted 
in any optimisation of Le. 

The other major operating cost is due to the power 
required to circulate the slurry. This is proportional to 
the specific power input ¢ and to the crystalliser volume 
V. Assuming ¢€ is constant, this reduces to a simple 
proportionality to V. Appropriate values for ¢ are given 


in reference 5 


Crystalliser Costs: Discussion 
Equations (2) and (3) allow us to draw some tentative 
conclusions about how the crystalliser cost may be 
minimised. Various practical constraints also exist, how- 
ever, and these must be considered together with the 
implications of equations (2) and (3) to yield the gener- 
alisations below: 


(a) Crystalliser volume is minimised by operating at 
the maximum practical slurry density, My. A 
limitation on the maximum practical slurry density 
is generally imposed by the formation of crystals 
of poor habit, often with occluded mother liquor, 
when the solids concentration becomes too high 
Crystal attrition can also be a serious problem at 
excessively high M,, values, generating fine par- 
ticles. 

To minimise crystalliser volume, specific power 
input should be minimised. This has the added 
advantage of minimising the power costs associ- 
ated with the system. In practice a lower limit to 
power input is imposed by the need to ensure good 
mixing, particle suspension and uniform tem- 
peratures. 

Crystalliser volume is extremely sensitive to the 
desired median particle size, L... The precise na- 
ture of the relationship depends on the value of the 
empirical constant / 


Entrainment Limitation 
For the specific case of an evaporative crystalliser it is 
also important to consider the effect that entrainment of 
crystalliser liquor in the vapour leaving the crystalliser 
can have on equipment design. A number of entrainment 
correlations have been proposed,”’ all taking the general 
form 


(4) 


where v is the vapour velocity at the ‘entrainment limit’ 
(ie where entrainment of crystalliser liquor becomes 
serious), p, and p, are the liquid and vapour densities, 
respectively; and K, is an empirical constant. 


The evaporation rate Q, is related to the cross- 
sectional area A of the crystalliser by: 


@) =vp,A (>) 


Hence, noting that p, >p,, we obtain: 


(6) 


To determine the significance of equation (6) we must 
note that p; is nearly constant and p, is essentially equal 
to the density of vapour in equilibrium with the liquid 
in the crystalliser. As the saturated vapour pressure rises 
rapidly with increasing temperature, p, also rises with 
increasing temperature. If it is assumed that the 
height:diameter (H/D) ratio of the evaporative crys- 
talliser is fixed (commonly true in many commercial 
crystalliser designs), then it follows that: 


For a given evaporation rate Q the cross-sectional 
area A required in an evaporative crystalliser is 
minimised by maximising the operating pressure and 
temperature. This also minimises the volume neces- 
sary for the crystalliser, and hence (normally) its 
cost. 

Since the median particle size (L.) produced in an 
MSMPR crystalliser is a function of crystalliser 
volume, the ‘entrainment limit constraint’ imposes 
a minimum on the value of L. at any given tem- 
perature. (This assumes that the other crystalliser 
parameters, M,, , H/D, Q and ¢, are held constant). 

Incorporating a demister in the crystalliser effectively 
increases K,, and so reduces both the minimum 
allowable crystalliser volume and L 
temperature 


at any given 


The ‘entrainment limit’ can constrain the optimisation 
not only of the crystalliser, but also that of the solids- 
processing system as a whole. In such cases,’ the ‘prac- 
tical optimum’ particle size for the system as a whole is 
the value of L.. corresponding to the ‘entrainment limit’: 
and there is an economic incentive to reduce this value 
of Ly» by using a demister and/or changing the crys- 
talliser geometry 


PUSHER CENTRIFUGE/FLUID BED 
DRYER COMBINATIONS 

As already noted, the centrifuge and dryer are con- 
veniently treated together as a ‘sub-system’ within the 
total process we are considering. As a first step in this 
analysis the feed condtions (ie rate, temperature, particle 
size, composition) are assumed fixed. This allows us to 
establish preliminary criteria for a ‘minimum total cost’ 
separation and drying sub-system. The analysis is then 
adapted to explore the effect of varying the particle size. 
Modifications are also possible to assess the effect of 
varying other parameters, such as feed temperature, but 
these are not discussed in the present work. 

The specific system under consideration consists of a 
pusher centrifuge and a fluid bed dryer and the basic 
process objective is to separate the required solids from 
a slurry and obtain a dry product. This is achieved by 
mechanically producing a moist cake from the slurry in 
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Feasible system, corresponding to discrete 
centrifuge size 

> Feasible system, corresponding to minimum 
discrete centrifuge size 
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Centrifuge cake moisture kg water/kg dry solids 


the centrifuge, and removing the residual moisture from 
the cake thermally in the dryer 

Both the capital and operating costs of the fluid bed 
dryer clearly rise as the moisture content in the cake 
increases. Conversely, the costs associated with the 
centrifuge decrease with increasing cake moisture con- 
tent. A trade-off therefore exists between the costs 
associated with the two units, and the ‘optimum combi- 
nation’ corresponds to the minimum total annual cost 

Unlike the MSMPR crystalliser described above, the 
centrifuge-dryer sub-system is not amenable to detailed 
mathematical analysis. However, empirical data and 
correlations can be used to explore the trade-off between 
these units and identify the ‘optimum’ combination 


(assuming fixed feed conditions) as described below 


Optimum Pusher Centrifuge/Fluid Bed 
Dryer Combination: Feed Conditions Fixed 

The objective is to specify a pusher centrifuge and 
fluid bed dryer combination of minimum total annu- 
alised cost (TAC) to produce product ol specified dry- 
ness from a slurry feed of fixed composition and rate, 
and a fixed particle size distribution 

The procedure adopted may be 
follows: 


summarised as 


(1) Determine a design for a centrifuge to separate a 
cake of known moisture content from the feed 
Slurry 
Obtain a design for a dryer capable of drying the 
cake obtained from | 
Obtain installed costs and operating costs for the 
centrifuge and dryer in | and 2. Hence derive a 
system TAC. 

Repeat | to 3 for a range of feasible centrifuge- 


dryer combinations. Hence obtain a range of 


TAC values for different combinations. These 
may be plotted, for example, against the moisture 
content of the cake leaving the centrifuge (Figure 
. 
z). 
If each of the modified centrifuge and dryer designs 
required rigorous specification the amount of work 
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involved in step 4 above would be 
practice, for the purpose of a study of 
sufficient to obtain accurate designs and 
ufacturers’ quotations), normally based 
for a single ‘base case’ combination of cent 
dryer. Correlations can then be use to quantif 
to the design and cost of the units as different 
tions are considered 

In the present study, 
proved much the 
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centrate, crystal breakage, or wash requirements. 
These can be a strong function of centrifuge size 
and throughput, as well as particle size. 

In some cases (eg Case III on Figure/2) the total 
cost is minimised by utilising the smallest possible 
centrifuge consistent with the need to handle the 
required mass of solids—ie the optimum corre 
sponds to a constraint defined by the solids- 
handling limit of the centrifuge 

in other cases the optimum corresponds to a 
centrifuge size greater than the minimum required, 
and can be identified by an extremum in the TAC 
curve. 

Irrespective of whether (d) or (e) above applies, the 
region of the optimum is moderately “‘flat’—ie the 
total annualised cost is insensitive to moderate 
changes in the system design in the region of the 
optimum, and for each system there are at least 
two feasible centrifuge selections which lead to 
systems with TAC’s which differ by only a few 
percentage points. 


From this analysis it is clear that specifying dryers and 
centrifuges independently of one another, without con- 
sidering the overall economic implications of the selec- 
tions made, is likely to lead to sub-optimal systems. 
However, the ‘flatness’ of the optimum region (see (f) 
above) is a fortunate result, because it suggests that 
provided that the centrifuge selected is ‘close’ to the 
optimum choice (in practice, it could be one discrete size 
above or below the optimum) the penalty in the overall 
system TAC is generally small or even negligible. This 
conclusion is very important when the analysis is ex- 
tended to allow for changes in particle size, and it 
provides the justification for combining the centrifuge 
and dryer in a sub-system when the process is ‘decom- 
posed’ 


Influence of Particle Size on Pusher Centrifuge/ 
Fluid Bed Dryer Costs 

For a given centrifuge operating at fixed throughput, 
changes in the feed particle size will alter the perme- 
ability and the moisture content of the discharged cake. 
Empirical correlations for these effects are available for 
some materials,” and the use of such correlations in 
evaluating changes in centrifuge/dryer sub-system costs 
is illustrated below 


Particle Size Variation: Fffect on Centrifuge 
Cake Moisture Content 
Suppose the median particle size in the feed changes, 
all other things being held constant. An einpirical cor- 
relation, based on experiments with coal, indicates that 


_[ 9 
We KG) 


where 


W, = free moisture (%) 
theoretical surface area, m* kg 
centrifugal acceleration, gravities 
= average particle size, um 


K,, b = empirical constants 


For particle sizes > 75 um, it was found that 4 = 0.235. 
Also, for a fixed shape factor and an MSMPR-type size 
distribution O, oc 1/d,, and d,, « Ley. If a constant cen- 
trifuge speed is also assumed (ie G, = constant), then: 


W, oc 1/,/ Ls 


NV 


This expression is used to correlate free moisture vari- 
ation with particle size for a given machine, assuming 
that the value of W, is known for a “Base Case” value 


or ba. 


Particle Size Variation: Effect on Sub-System Costs 

The changes in centrifuge/dryer sub-system costs that 
arise due to variation of the median crystal size can now 
be analysed if the following assumption is made: 


“Provided the change in median particle size is not 
excessive the optimum pusher centrifuge selection based 
on the initial median particle size will remain optimal (or 
only marginally sub-optimal) at the new median particle 
size”. 


This assumption can be justified on the basis of the 
observed ‘flatness’ of the TAC curve for centrifuge-dryer 
systems, and the reasoning is illustrated in Figure 3. This 
shows schematically the likely effect on the TAC curve 
for a system of this type when the particle size changes. 
Curve I represents the situation with the larger particle 
size and the points shown correspond to discrete feasible 
centrifuge selections. Lowering the particle size (Curve 
II) raises the moisture content of the cake leaving any 
centrifuge, and so increases the drying costs and hence 
also the total annualised cost. Curve II is therefore 
displaced upwards and to the right relative to Curve I. 
Moreover the precise location and shape of the ‘opti- 
mum region’ changes. In the particular instance shown 


Large particle 
size 


TAC kf/yr 








Centrifuge cake moisture: kg water/kg dry solids 


Figure 3. Variation of TAC curves for pusher centrifuge/fluid bed 
dryer systems with particle size 
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in Figure 3 the centrifuge P2 is ‘optimal’ on Curve I, but 
Curve II the minimum achievable TAC corresponds to 
centrifuge P1. 

However, because of the ‘flatness’ of Curve II in the 
‘optimum region’ the TAC corresponding to centrifuge 
P2 is only slightly than the minimum 
achievable—-ie P2 is only marginally sub-optimal. This 
suggests that the influence of particle size on the cost of 
a pusher centrifuge/fluid bed dryer combination can be 
estimated, for moderate changes in particle size, 
assuming a fixed size and cost for the centrifuge 


greater 


by 
The size 
and cost of the dryer is then determined by the moisture 
content of the cake leaving the centrifuge 


OPTIMISATION PROCEDURE FOR 
TOTAL PROCESS 

The preceding sections of this paper have focused on 
individual unit operations and the convenient ‘problem 
decomposition’ that arises when the centrifuge and the 
dryer are treated as a sub-system. These various elements 
can now be drawn together into an OVERALL PRO- 
CEDURE for analysing and optimising the total pro- 
cess. This procedure is illustrated (specifically for opti- 
misation with respect te particle size) in Figure 4 

Using the individual unit operation cost models (de- 
rived from appropriate ‘base case’ designs and suitable 
cost correlations) and the specific principles noted above 
for pusher centrifuge/fluid bed dryer sub-systems, a cost 
model for the whole process can be derived. The impact 
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process alternatives (using different unit oper- 
ations) to be compared. 

The analysis in this paper, whilst it recognises the 
multi-dimensional character of the optimisation 
problem, leans heavily on cost models with only 
one design variable, namely median particle size. 
Future developments should incorporate more 
generai, multivariable cost models with appropri- 
ate multivariable optimisation procedures. 


NOMENCLATURE 


Crystalliser Cross-Sectional Area m 
Crystallisation nucleation rate #m-s 
Crystalliser Diameter m 
Average Particle Size um 
Crystallisation growth rate ms 
Centrifugal Acceleration Gravities 
Crystalliser Height m 
Empirical constants (see equation (1), 
equation (3) and equation (7)) 

Nucleation rate constant 

Crystal volume shape factor 

Proportionality constant (see equation 

(4)) 

Proportionality constant (see equation 

(7)) 

Median particle size 

Slurry density 

Theoretical Surface Area 

Evaporation rate 

Crystalliser suspension volume 

Vapour velocity 

Free Moisture 

Specific power input to crystalliser 

Liquid density 

Solid density 

Vapour density 

Crystalliser draw-down time 
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DESIGN AND OPTIMISATION OF SOLIDS 
PROCESSES 


Part 3—Optimisation of a Crystalline Salt Plant 
Using a Novel Procedure 


By A. P. ROSSITER (GRADUATE) 


IcI ple, New Science Group Runcorn, Cheshire 


In Part 2 of this series of papers a procedure was proposed for optimising the design of continuous evaporative crystallisation 
systems producing dry products. The procedure is based on a system decomposition, and focuses on the trade-off that exist 
between crystalliser costs, which increase as particle size increases, and ‘downstream processing’ costs, which decrease as 
particle size increases. Practical constraints often limit the scope for optimisation. 

In the present paper (Part 3 of the series), the procedure is illustrated by a case study, based on a commercial process for 
producing dry crystalline common salt from brine. 


INTRODUCTION: 
THE PROPOSED PROCEDURE 
Figure | (from reference 1) illustrates the procedure 
which is proposed for optimising a_ crystalliser- 


centrifuge-dryer system with respect to median particle flowsheet structure shown in Figure 2 is 
size. 


SCOPE 
In the present work the procedure is 
specific example of continuous dry sodiu 


production from brine at a product rate of 36 


The procedure starts from a “Base Case’ design, in 
which a preliminary estimate for an appropriate median 
particle size (L..) is assumed, and equipment designs and 
costs are established on the basis of the assumed 1 
value. Cost models for the various equipment items are 
then assembled, incorporating the ‘Base Case’ capital 
and operating costs and appropriate correlations. These 
are used to evaluate the variation of the various elements 
of process cost (and hence also total process cost) as a 
chosen design parameter (in this case, particle size) is 
altered. 

The analysis is greatly simplified by dividing the 
process into two ‘sub-systems’—the first consisting of 
the crystalliser itself and the second combining the 
centrifuge and the dryer. This ‘decomposition’ is justified 
in reference 1. 

The procedure incorporates a ‘review’ stage following 
the initial optimisation analysis. This is to ensure that 
the design and cost models which were derived at the 
‘Base Case’ conditions remain valid in the region of the 
‘notional optimum’; and also to identify any constraints 
which may become active before the ‘notional optimum’ 
can be achieved. 

Although the procedure described above focuses on 
optimisation with respect to particle size, the analysis 
can also lead to useful conclusions regarding opti- 
misation with respect to other variables, most notably 
temperature. In many cases this parameter (and others, 
such as crystalliser slurry density) may in effect be 
optimised by identifying constraints which limit their 


. Figure 1. Procedure for optimising crystalh 
values in the system. 


tem particie size 
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tions and simplifications are made for 


preliminary analysis of the process: 


f t evaporative crystalliser is used 
talliser geometry is fixed 
No demister in the crystalliser 
[he crystalliser is of MSMPR type 
\ hydrocyclone bank and a pusher centrifuge are 
used for sclid—liquid separation 
The product is dried in a fluid bed dryer 
Attrition of particles downstream of the crystalliser 
is neglected 
No washing is required on the centrifuge 


here ) 
There is n¢ 


significant solids loss in the centrate 


liquid purge from the system. 


sequences ol relaxing these assumptions are 


1 after the preliminary analysis 


OPTIMISATION OF L,, 
IN SALT PROCESS 


llary of the system decomposition mentioned 

the cost of the solid—liquid separation 
system (hydrocyclone bank plus pusher centrifuge) can 
be assumed to be independent of particle size—provided 
the variation in median particle size is not excessive. This 
fact, which is justified in detail in reference 1, leads to a 
considerable simplification of the optimisation problem 


in the present 


example. Only those costs associated with 
the crystalliser and the dryer vary with particle size, and 
therefore only these costs need to be incorporated in the 
optimisation analysis 

The individual cost models for the sodium chloride 
case study~ ° ““°* are summarised in the Appendix. These 
are all very simpie mathematical expressions (e.g. the 
capital cost of a fluid bed dryer of cross sectional area 
‘a’ is given by: Cost = 175a”’); and together they pro- 
vide the overall cost model which is used to optimise the 


process 


Two facts should be noted in considering the design 
of the crystalliser 


First, the volume of the crystalliser is a strong function 
of the required median particle size, increasing rapidly as 
particle size increases. Moreover, volume is generally 
minimised by maximising the crystalliser slurry density, 
although the extent to which this is possible is limited by 
the formation of poor quality product, with occluded 
mother liquor and high fines contents, at excessively high 
slurry densities 

Secondly, the cross-sectional area of an evaporative 
crystalliser is often constrained by the need to avoid 


excessive entrainment of liquid in the vapour leaving the 
boiling slurry°®. This ‘entrainment limit’ is a function 
of both velocity and vapour density (and hence tem- 
perature); and it implies that there is a minimum allow- 
able cross-sectional area for any given evaporation rate 
at any specified temperature. Moreover, since the height- 
diameter (H/D) ratio for many commercial crystalliser 
designs is fixed’, the ‘entrainment limit’ imposes a min- 
imum volume on a crystalliser with a given evaporative 
duty. If the crystalliser temperature is increased, the 
allowable evaporation rate per unit cross-sectional area 
increases, and the minimum allowable cross-sectional 
area (and hence also volume) for any given evaporation 
rate is reduced. In the present siudy the entrainment 
correlation® has been used, and a ‘typical’ value of 
H/D =1.7:1 has been assumed’. 


The implications of the L..-volume relationship and 
the entrainment limit on the design of the salt crystalliser 
are analysed quantitatively in Reference |. An 
‘MSMPR’ (Mixed Suspension Mixed Product Removal!) 
crystalliser model is assumed. Data*”’ are used to apply 
general results to the NaCl/water system 


RESULTS OF L,, OPTIMISATION 
IN SALT PROCESS 

The results obtained on applying the procedure to the 
example system are illustrated in Figure 3 in which 
the TAC (Total Annualised Cost) of the process is 
plotted against median particle size (L.»). The costs 
included in Figure 3 are the capital and power costs of 
the evaporative crystalliser, and the total costs of the 
fluid bed dryer. Costs associated with the hydrocyclones 
and centrifuge are omitted, as are the heating and 
cooling costs associated with the crystalliser, as these do 
not vary with particle size—i.e. it is only the ‘variable’ 
components of capital and operating cost that are 
included in the analysis 

Figure 3 also incorporates the results of “entrainment 
limit’ analysis for this system. This provides a relation- 
ship between crystalliser temperature and the value of 
Ls below which excessive entrainment would render 
crystalliser performance unsatisfactory, and thus divides 
the space into ‘feasible’ and ‘infeasible’ regions. A 
temperature range of 50 C to 130°C is considered. 

Several features of Figure 3 are worthy of note: 


(a) The TAC vs ZL. curve relates strictly to one 
crystallisation temperature only, 100 “C. Factors 
which may be temperature dependent are dis- 
cussed later. 

The TAC vs Ly curve passes through a shallow 
optimum at a value of L.. around 250 um. 

The ‘entrainment limit’ becomes active at a value 
of L.. around 650 um at 50 °C, falling to 420 um 
at a temperature of 130 °C. The notional ‘opti- 
mum’ of the TAC curve, at 250 ym, corresponds 
to a much smaller value of L., and therefore 
cannot be achieved in practice at temperatures 
within the range considered. The incentive for 
reducing L. from 650 um to 250 um is about 
k£550/yr. 
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Figure 3. TAC vs median particle size and entrainment temperature 


(d) The ‘practical optimum median particle size’ for various (discrete) pressures 
this system, in the temperature range considered, steams being more expensive 
is the median particle size corresponding to the be a step change in hot utilit 
‘entrainment limit’ at the crystalliser temperature. sition between different 
From Figure 3 it is apparent that the TAC is needed to raise the cryst 
minimised by maximising the temperature. This some limiting value 
Statement requires some expansion, and is dis- The areas (and hence costs) 
cussed further below. condenser for the crystalliser depend 
The predicted ‘practical’ L.. values derived in this peratures of the steam and the cooling 
analysis agree well with those obtained in commer- on the crystalliser temperature 
cial practice’ and quoted in the open literature The practical ‘optimum crystalliser 
In this particular example the ‘practical optimum’ will normally be found as rysti 
value of Ls» is close to the values used in the ‘base perature approaches the condensing tem] 
case’ unit designs, and no revision of the cost one of the available steam levels. Raisit 


iv 


correlations is required. perature further would then in 


VOILVE 


higher grade steam (and hence a step 


As already noted, item (d) above is worthy of further 


utility costs) or using a much larger 
comment: : 


hence paying a large capital cost penalty 
First, it highlights the fact that ‘single variable’ opti- Other parameters, such as ' 
misation does not necessarily lead to optimal process design code and/or materials of — 
design. The multi-variable nature of the problem must also be temperature dependent. Like 
be recognised if the ‘practical minimum’ TAC is to be costs, they will normally change in discret 
found. This remains true whether or not any constraint introducing cost discontinuities, which n 
(such as the ‘entrainment limit’) is active. locate ‘practical optima 
Secondly, the comment that the crystalliser tem- 
perature should be maximised requires some qualifi- 
cation. The analysis assumes that the cost of evaporation = some systems the intrinsic prope 
is independent of crystalliser temperature. In practice desired product may impose constraint 
this is not strictly true. because: crystallisation temperature. For example 
F hydrates of sodium carbonate (e.g ydrate 
The enthalpy of the vapour leaving the crystalliser monohydrate) are stable in different temper 
rises with increasing temperature, and so influences ranges. If one of these phases is the desired p1 
the required heat load. However, this effect is fairly the chosen crystallisation temperature must 
small (less than 2% increase from 100 °C to 130 °C). within the appropriate range 
The cost of heat is temperature dependent. On most Centrifuge cake moisture contents are generall 
‘heat-and-power’ sites this dependence appears in reduced by raising the slurry temperature, di 


It should also be noted that 


LUC 


the different costs associated with steam supplied at primarily to reduced viscosity and increased evapo 
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ration. Consequently drying costs will fall as tem- 
perature rises, reinforcing the incentive to maximise 
the crystallisation temperature. 

The nucleation rate constant, k,, may either in- 
crease or decrease with temperature’. If this de- 
pendence is significant it could change the Ly- 
temperature relationship at the entrainment limit, 
which could in turn influence the optimisation 
results 


RELAXING THE ASSUMPTIONS 


In specifying the scope of this study a number of 


simplifying assumptions were made. The implications 
of these are now examined briefly in the light of the 
preliminary findings: 


Multiple Effect Evaporative MSMPR Crystalliser 
For a ‘parallel feed’ multiple effect system, it 1s 
apparent from Figure 3 that there should be a 
different ‘optimum’ value for Ly for each effect, 
determined by the entrainment limit corresponding 
to the effect temperature. 

In ‘series’ arrangements of the effects (i.e. “forward 
feed’ and ‘backward feed’) the median particle size 
increases as the slurry flows progressively through 
the effects, and Figure 3 does not strictly apply. 
However, the ‘optimum’ would still be expected to 
occur as the entrainment limit is reached in each 
effect 


Crystalliser Geometry Flexible 

Reducing the H/D ratio for the crystalliser increases 
its cross-sectional area for any given vessel volume. 
It follows that the entrainment limit will be encoun- 
tered at smaller crystalliser volumes (and hence 
smaller values of L..) as the value of H /D decreases. 
In view of the large incentive already identified on 
the basis of Figure 3 for lowering the value of L, 
at the entrainment limit this trend is clearly desir- 
able. 

However, changing the crystalliser’s geometry 
may alter its hydrodynamic performance, and could 
therefore change the specific power input required 
to suspend the particles and mix the crystalliser 
contents satisfactorily. Moreover, the cost of fabri- 
cating and installing the crystalliser will to some 
extent depend on its geometry. Further analysis, 
taking account of these facts, would therefore be 
required to quantify the incentives for changing the 
crystalliser H/D ratio. 


Demister in Crystalliser 

Incorporating a demister in the crystalliser increases 
the effective ‘entrainment velocity’. This shifts the 
‘entrainment limit’ in a manner similar to reducing 
the H/D ratio, and could therefore significantly 
improve the ‘practical optimum’ TAC. 


Crystalliser Type not MSMPR 

Solid—Liquid Separation not by Hydrocyclone/ 
Pusher Centrifuge 

Drying not by Fluid Bed Dryer 

In principle any alternative unit operations could be 
considered in an analysis of this type, provided that 


suitable design and cost correlations can be ob- 
tained and/or derived. Total cost models can then 
be assembled for systems using different crystalliser- 
separator-dryer combinations, allowing a com- 
parison of the economics of various flowsheet op- 
tions. 


Attrition of Particles Downstream of Crystalliser 
Cannot Be Neglected 

Significant attrition of particles between the crys- 
talliser and the centrifuge would not invalidate the 
analysis, provided that the extent of the size reduc- 
tion and its effect on centrifuge cake moisture could 
be quantified. 

Any size reduction following the crystalliser will 
lead to a difference between the ‘crystalliser L.’, 
and the ‘dried product Ly, and would also 
influence the crystal size distribution and shape in 
the product 


Washing is Required on the Centrifuge 

If washing is required, the centrifuge cake moisture 
content will rise’’. Provided the washed cake mois- 
ture content and wash liquor requirements can be 
correlated with particle size, the analysis can pro- 
ceed. However, it should be noted that in a system 
of this type, in which the centrate (mother liquor) 
from the centrifuge is recycled to the crystalliser, 
washing will increase the evaporative load in the 
crystalliser. This factor should be included in the 
analysis, especially if wash water rate is a strong 
function of particle size 


Solids Loss in the Centrate is Significant 

As the mother liquor is recycled there is no overall 
materials loss from the system if solids are carried 
over in the centrate. However, returning large num- 
bers of particles to the crystalliser is likely to upset 
its crystal size distribution, reducing the median 
size. Moreover, in some cases solids carryover can 
cause blockages in pipes and tanks. For both these 
reasons it may be necessary to install a solids 
recovery system (e.g. secondary hydrocyclone bank) 
and/or a ‘fines destruction system’. 

The extent of solids carryover in the centrate is 
likely to be sensitive to particle size. In some cases, 
however—especially where a simple secondary hy- 
drocyclone system is all that is needed—the cost 
of solving the problem may not be strongly affected 
by Lio. 


A Liquid Purge from the System is Required 

If a purge is required, which might be the case if the 
feed contains impurities which tend to build up, 
then the ‘L., optimisation analysis’ is only affected 
if the value of the material purged is itself a function 
of Li. If a relationship of this type can be estab- 
lished then ‘purge cost’ should be included in the 
TAC of the process for the purpose of locating the 
optimum L,.. 

Note that purge cost will also be a function of 
temperature, because of its enthalpy content, the 
variation of solubility with temperature and (poss- 
ibly) because the necessary purge rate may also be 
a function of temperature. 


Chem Eng Res Des, Vol. 64, May 1986 





DESIGN AND OPTIMISATION 


CONCLUSIONS 

(a) A novel procedure for optimising the design of 
continuous processes for producing dry solid pro- 
ducts by crystallisation has been applied to a specific 
example, the production of crystalline common salt 
from brine. The results of the analysis are compatible 
with commercial experience, indicating that the pro- 
cedure is likely to be of practical value in future 
design work. 
In the example the ‘practical optima’ for the design 
parameters are found to correspond to constraints or 
cost discontinuities. Thus: 


(i) The practical optimum median particle size is 
determined by a system constraint—the ‘entrain- 
ment limit’ in the crystalliser—which imposes a 
lower bound on the feasible median particle size 
at any given crystalliser temperature 

(ii) The crystalliser temperature (assuming a single 
crystalliser) should be maximised subject to the 
constraints and cost discontinuities imposed by 
the temperatures of the available heat sources, 
possible materials of construction and the intrin- 
sic properties of the brine/salt system. The crys- 
talliser slurry density should also be maximised, 
subject to product quality constraints 


(c) The findings of the study (which is based on a 
much-simplified process flowsheet and numerous 
simplifying assumptions) can be extended to prac- 
tical processes 


APPENDIX 
Cost Data for NaCl Case Study 
Utility Costs 
The following costs have been assumed: 
Dryer: 
Heat Cost 
Thermal efficiency 


£3/GJ supplied 
= 66% 


Crystalliser and Centrifuge 
Power Cost = £30/MW hr 

These costs are indicative only, and do not necessarily 
represent the price structure at any particular location. 
Costs are annualised assuming 8000 operating hours 
year. 
Capital Costs 

The following MPI costs and installation factors have 
been used: 
Crystalliser: 

In Reference 1, the following relationship was derived 
between crystalliser slurry volume V and median size L.: 


V = KL 


Using data from Ref. 8, the value of n for the 
NaCl/water system is found to be 5: 


ie. V=KLy 
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Reference 2 provides size and cost data for a crystalliser 
to provide 36Te/hr of product at a median size of 
650 zm. Installation factors’ together with appropriate 
exchange rates and inflation factors, convert this to a 
1985 installed cost of k£1896 

It is assumed’ that this cost will vary as (volume)””° as 
the crystalliser volume is varied. Together with the 
volume —L 
capital cost to be related to the required median crystal 
size 


relationship, this allows the crystalliser 


Centrifuge 


MPI costs* together with installation factors’ and 
appropriate inflation factors indicate that the 1985 in 


stalled pusher centrifuge cost may be approximated by 
Cost = 173d 


ge diameter in 


where d is the pusher centrifu 
cost 18 in £ 
Drver 

The same data sources vield the correlati 


Cost i7Sa 


where the cost <¢ -d drver 
the bed area in m 
annualised 


The capital costs 
alisation factor of | 
Utility Requirements 

References 2 and 4 provide correlations for 
requirements of the crystalliser and centrifug 
ively. The heat load on the dryer is « 
from the evaporative duty and the 


NOMENCLATURE 


1 Dry 


Crystalliser 

Empirical constants (see Appendix) 
Median particle 

Crystalliser suspensior 
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SENSITIVITY TABLES FOR THE DESIGN 
OF FLEXIBLE PROCESSES (1)}—HOW MUCH 
CONTINGENCY IN HEAT EXCHANGER 
NETWORKS IS COST-EFFECTIVE? 


E. KOTJABASAKIS (STUDENT) and B. LINNHOFE 


Department of Chemical Engineering UMIST, Manche 


Flexibility is often addressed in the design of overall processes as if it was an afterthought. A base case design is derived and 
optimised. Then, other cases are specified and “contingency” is added to the previously optimised design. The paper takes issu 
with this approach. It is obvious that the base case optimisation is likely to be invalidated by subsequent addition of contingency 
Contingency ought to be an integral part of optimisation. Also, the advance specification of flexibility represents an implied 
demand for capital at a stage in design where little is known about the cost effectiveness of such capital. It could be cheaper 
overall not to fulfill the initial flexibility specifications or indeed to exceed them. Following this premise, a procedure is 
introduced for the design of flexible heat exchanger networks. The procedure is aimed at establishing the trade-off between 
energy, capital, and flexibility. Simple “Sensitivity Tables” are developed which allow the designer to decide where contingency 
for flexibility is cheapest and when the marginal cost effectiveness of such contingency ceases to be worth-whil 


INTRODUCTION by-step and one to den 


Processes have to be flexible because of turndown re- nest. Both examples bear o 
quirements, seasonal variations, catalyst deactivation, | 5¢ made relative to tradit 
changes in feedstock and product specifications, etc 
Good flexibility has significant cost implications. Fur- 
thermore over the past ten years or so, rising energy DESIGN OF FLEXIBLE PROCESSES 
costs have created an incentive for better energy THE-STATE-OF-THE-ART 
efficiency. Partly as a result, there has been a trend 
towards more highly integrated processes. This in turn 
has fostered concern that operability and flexibility will 
suffer. The paper will show that integrated processes do 
not need to give flexibility problems. Rather, they can 
offer opportunities 

The paper is the first of a series introducing a meth- 
odology for flexible process design based on simple 
‘Sensitivity Tables’. In this first paper a technique is 
presented for the design of flexible heat exchanger 
networks. The methods are easy to apply and possess a 
non-mathematical transparency which makes them intel- 
ligible. They show the engineer which exchangers in his 
process govern flexibility, and what the limits and sensi- 
tivities are. They allow the engineer to depart from 
specified flexibility levels and to thoroughly address two 
issues: 


Industrial Practice 
There is a lack of syst 
optimum design of flexibl 
undertaken for the optim 
lished the optimum, conti 
operability under conditi 


be guaranteed 


Case Can 
must almost certainl\ 
there is no simple way 
from optimality. The 
pends on the time an 


Which design will give flexibility most cheaply? 
and 
How much flexibility is cost-effective? 


The latter question is quite separate and important 
Designs can be too flexible from an overall cost point of 
view. The cheapest design overall is that with appropri- 
ately adjusted trade-offs in three dimensions: flexibility, 
capital, and energy—see Figure 1. 

The paper restricts itself to process temperature con- 
trol via the heat exchanger network. Two detailed 
examples are given, one to explain the procedure step- 


Figure 
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is uncommon for a large number of cases to be studied 
in detail. Rather, possible ‘bottlenecks’ are eliminated by 


inspection and overdesign factors. ‘Blind’ application of 


experience factors, even in blanket fashion, is not un- 


common. The final scheme obtained is usually of 


significantly higher capital cost than the original base 
case optimum 


Academic Research 

To date, academic research on flexible process design 
has focused mainly on heat exchanger networks. This is 
probably because overall processes are considered too 
complex (mass transfer, chemical reaction, etc). Also, 
with most chemical processes, temperature control is a 
major factor determining overall process operability. 
Thus the study of flexible heat exchanger networks can 
yield valuabie results at less than the full complexity. 

By and large, the problem has been approached in two 
ways. The first is to merely analyse networks to ascertain 
whether they are flexible. The second is to design 
networks which rigorously offer a requisite degree of 
flexibility. 

Perhaps the most intriguing early work is a largely 
unrecognised study by Hohmann’ of a network’s per- 
formance under specified deviations. This work intro- 
duced several interesting concepts. Simple tables were 
used to analyse the response of network temperatures to 
input changes. However, there are two shortcomings. 
Firstly, the work is only concerned with analysing the 
network response. No attempt is made to identify poss- 
ible design changes to correct unwanted responses. Sec- 
ondly, the approach is applicable only to certain types 
of networks, mainly networks without ‘locps’. Given 
that most practical networks have loops and that loops 
are important for operability, it is clear that this re- 
striction limits the application of the approach. 

More recently, work by Morari, et = al.-°’, 
Grossman”*®, Stephanopoulos’ and others®”'’ has ad- 
dressed the design of operable networks. Usually, the 
objective is to find networks which are ‘rigorously’ 
flexible. One of the criteria used, for example, is that 
network operation should be guaranteed throughout all 
ranges and combinations of deviations with minimum 
energy requirements*. This is a challenging objective. 
However, an implicit assumption is that flexibility 
should be achieved ‘at any price’ and this cannot be the 
correct approach—compare Figure |. The designs ob- 
tained will be flexible but will tend to feature excessive 
capital cost 


Objectives of this Work 

Study of the state-of-the-art has highlighted both the 
dangers and the opportunities for the development of a 
practically applicable technique. The restriction to heat 
exchanger networks instead of processes could be fruit- 
ful. However, there seems to be a definite need to avoid 
the use of rigidly defined deviations (ranges and/or 
combinations). A different approach is required. The 
design philosophy should not be that the process be 
rigorously operable for pre-specified deviations. Rather. 
the designer should be able to vary the degree and cost 
of flexibility as his design evolves. 


SIMPLE EXAMPLE 

A very simple example is used solely to illustrate the 
approach proposed in this paper. An existing network is 
to be retrofitted to allow an alternative mode of oper- 
ation for approximately 3 monihs/year. Figure 2 shows 
the network before retrofit in Linnhoff's grid diagram" 
(base case operation). The streams run from supply 
temperatures (7S) to target temperatures (77) with 
given heat capacity flowrates (CP). The base case stream 
data (Case A) is given in Table l(a). The alternative 
mode of operation, for which flexibility is required (Case 
B), is given in Table 1(b). Due to process requirements 
it is undesirable for target temperatures to alter from 
their base case values. The cost data both for new capital 
to be installed and for the utilities is given in Table 2. 

The objective is to maintain all target temperatures for 
Case B while minimising the ‘Total Additional Cost’: 
Total 


Additional 
Cost 


Annualized Cost 
of Capital for 
retrofit 


Annual Cost of 
Energy after retrofit 
(Case A + B) 


[ Annual Cost of 
Energy before retrofit 
(Case A) 





Table |. Stream r the simple example 
Stream TT CP 
No m, (KW, ¢ 


30.0 
45.0 
40 0 


60.0 


4 140 


(a) Base Case (Case A) 
(b) Alternative operating case (Case B) for 3 
months; year 
However, sensitivities and trends are to be explored 
too. First, the chosen design should not only be viable 
for 3 months/year of Case B operation but also for 


cD 
Ga 











140 


™ 





[1600] = Heat Duty 


Figure 2. The network before retrofit (Case A) 
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Table 2. Cost Data 


Cost of Heat Transfer Area 
Installed cost (£): 20,000 + 300 {A)°”” 
A: area of exchanger in m* 
Life time of equipment: 3 years 
Assumption: 
If F;>0.8 1-2 unit 
If F;<0.8 1-1 unit 
Cost of Utilities 
—High Pressure Steam (HP): 600 psig, 254°C 
Cost, 6 £/tonne: 12.75 £/Mw hr 
—Low Pressure Steam (LP): 40 psig, 140°C 
Cost: 2 £/tonne, 3.38 £/Mw hr 
Cooling waier: inlet temperature: 20°C 
outlet temperature: 40°C 
Cost: 0.38 £/Mw hr 
Annual Operating t'me: 8000 hrs, year 
Heat Transfer Film Coefficients 
—Process streams: 0.2 kw/m*¢ 
Steam: 6.0 kw/m*°C 
Cooling water: 2.0 kw/m-°¢ 


2 months/year and for 4 months/year. Second the mar- 
ginal cost of maintaining target temperatures should be 
explored. “What would be the savings if we could 
tolerate slight deviations from set design values?” 


Design by Inspection 

Utility exchangers (i.e. heaters and coolers) are easily 
manipulated in their heat duties through adjustment of 
steam and cooling water flowrates. Thus, the use of 
utility exchangers for the manipulation of temperatures 
would normally be the preferred choice where possible. 
In our example, three of the four target temperatures can 
be maintained in this way. These are 77), T7,, and TT,,. 
By contrast, 77; cannot be dealt with in this fashion. 

An ‘obvious’ idea to maintain 77, would be through 
a new heater on stream no. 3. However, the objective 
of this first example is to illustrate our approach of 
placing contingency in existing exchangers, so we will try 


and maintain 77, through the over- or underdesign of 


existing exchangers in the network. (As it happens, the 
solution finally adopted will indeed be cheaper than a 
new heater would be.) 

The task of identifying which exchanger should hold 
the contingency, and how much, is usually somewhat 
involved. To start, we need full and proper network 
simulations to determine the change in 77, for Case B 
operation assuming that the areas in all exchangers 
remain unchanged. Generally, such simulations are com- 
plex and tedious to set up. For the example, this has been 
done. TT, was found to decrease by 9.8°C: 


TT, = —9.8°C (by simulation) 


Where 77, is the change in TT,, or the ‘passive response’ 
of the network, with 77,, TT, and TT, controlled by 
utilities as shown in Figure 3. T7, is to be maintained 
closer to 180°C than this, so the task is now to identify 
a suitable exchanger for modification. 

Perhaps the most obvious solution would be to install 
extra area on exchanger no. 3. An increase in installed 
area here would result in an increased heat duty and 
subsequently in a higher outlet temperature 77; Under 
normal base conditions, the exchanger would simply be 
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by-passed, resulting in a reduction of the ‘effective’ (UA) 
back to base case requirements 
O 


(UA )ctective = = <(UA) (2) 
AT. Fy 
For this paper, we will use the 


the effective (UA) 


symbol (I to describe 


To evaluate the cost involved in exchanger oversizing 
we need to quantify the increase in the installed area of 
exchanger no. 3. The result of the necessary calculations 
is shown in Figure 4. An increase of 193% in (UA,) will 
allow TT; to attain its design value of 77 180°C for 
Case B operation. The Total Additional Cost 
equation (1) will be 152,000 £/yr 

This may seem expensive and another candidate ex 
changer may be selected. The next option to examine 
would probably be exchanger no. 4 (the only 
exchanger on stream no. 3). Another full simulation 
would be performed. The results would show it 
possible to use exchanger no. 4. Even with infinite 
surface area, exchanger no. 4 cannot ‘lift’ 77, sufficiently 
to reach 180° under Case B operation 

Thus the designer may settle on exchanger no. 3 


eA i 


Ideally, he should repeat the evaluation for all candidate 


Lv 


as per 


other 


Is nol 


modifications. However, this is usually considered tox 
time-consuming and the solution based on exchanger nx 


3 would probably be regarded as reasonable and unlikely 
to be improved upon 


ra —— | 





Figure 3. The 








Figure 4. Solution by inspection. Total Additiona 
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FORMULATING FLEXIBILITY AS A 
‘CONTROL’ TASK 

Generally, new modes of operation can be described 
as deviations from base case. The deviations involve 
changes in supply temperatures and/or heat capacity 
flowrates Why not express these changes as base case 
‘disturbances’? Then. a ‘disturbance’ does not have to 
represent a short-term deviation in the conventional 
sense of control theory. Rather, it can represent a 
long-term change of process operating conditions. Like- 
wise, it will be unacceptable in flexibility studies for 
certain parameters to alter from their design values. 
These parameters are called ‘controlled’ 

The convention which we have adopted is to denote 
disturbances A\ and controlled parameters A\. With this 
convention and from Tables l(a) and 1(b) we can 
therefore summarise for our example 


Stream no A, TS, = — 30°C 
Stream no. 3 A, TS, = 20 ¢ 
Stream no i, CP, + 20% 


Stream no \ TT 
Stream no A TT: 
Stream no. 3 A T7 
Stream no m Die 


Now, we have to answer two questions 


*s affect a 4 


Will any of the A A? 
If yes, what is the magnitude of the effect and how can 


we best eliminate it? 


It is essential that we can answer these questions in a 
simple, fast and straight-forward manner. Much faster 
and more straight-forward than is usually possible by 
simulation. To answer the first question we use the 
concept of ‘downstream paths’ 
we use ‘Sensitivity Tables’ 


below 


To answer the second, 
Both ideas are explained 


DOWNSTREAM PATHS 


In Figure 5, the example network is shown with the 
disturbances arising from Case B operation marked A\. 
The target temperatures are marked A 

An unbroken connection between any two points in 
the grid diagram is a ‘path’ For example, there are two 
paths between A, on stream no. 3 and A on stream no. 
1, see Figure 5. It seems obvious that a disturbance can 
affect a controlled variable only if they are physically 
linked. The links between A\ and A in Figure 5 are the 
twe paths. However, while propagation of A along Path 
1 will influence A, propagation along Path 2 will not. 
Part of Path 2 is against the flow of stream 2, Le. 
‘upstream’. This leads us to a simple but very effective 
and perfectly general observation: a disturbance can 
propagate to a controlled variable only if there is a path 
between them and if the path is completely “‘down- 
stream’ that al/ four TT’s 
would be affected by the A\’s arising from Case B 
operation 


It follows, see Figure 5, 
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Figure 6. All four heat exchangers are candidates for 


maintain 77 


modification to 


Now let us consider modifications of exchangers to 
maintain a required A\. A modification, i.e. a change in 
an exchanger’s effective (UA), can be considered a 
‘disturbance’ too. It follows that exchangers are candi- 
dates for contingency as long as they have a downstream 
path into A. This, in turn, means that al/ four 
exchangers would be candidates to maintain 77;, see 
Figure 6. 


Connected Downstream Paths 


Note that a candidate exchanger does not need to be 
situated directly between a A, anda A. Exchangers no. 
2 and no. 4 for example, could both be used to counter- 
act the effect of the A in TS, on the A 77,. Neither 
exchanger lies on the direct path from A\ to A but both 
exchangers have downstream paths which effectively 
‘connect’ into the original downstream path from A\ to 
A. 

Note also that if corrective action is taken in this way 
it may appear that the downstream path concept is 
invalidated. For example, changes in exchanger no. 2 
would result in changes in 77, and it could thus be 
agreed that there is a cause-effect relationship between a 
Ay in TS, and a A in TT, in the absence of a down- 
stream path. Several researchers have put this argument 
to the authors in private correspondence after publica- 
tion of *’. The answer is simple. The change in TT, does 
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not arise from changes in 7S, but via a downstream 
path, from changes in exchanger no. 2. Thus, it will only 
arise once that the designer implements modifications. It 
is not part of the network’s response to the original A\ 
but it is part of the network’s response to the designer’s 
modifications and it is accounted for as part of the 
downstream effects of these modifications, see below. 


‘SENSITIVITY TABLES’ 

An approach is now introduced which enables the 
engineer to answer the second question i.e. evaluate the 
magnitude of changes in the network and devise schemes 
to eliminate them. In other words, the Passive Response 
of the network is determined and Design Changes are 
then identified which will eliminate an unwanted passive 
response. This distinction is convenient and has been 
introduced, almost intuitively, by several previous 
researchers Paterson et al.’°, have used the dis- 
tinction deliberately and have demonstrated its advan- 
tages. 

For numerical results, ‘Sensitivity Tables’ are used. 
The tabies are based on well-known heat transfer equa- 
tions and on the simple insight that, for any network, 
there are as many unknown network temperatures as 
there are equations linking them (see Appendix) 

In basic concept, the ‘Sensitivity Tables’ are similar to 
the tables used by Hohmann! for temperature analysis in 
loop-free networks. However, the concept has been 
Table 3. The “T(TS) Sensitivity Table 


correlation between changes in stream 


temperatures (7'S,) and the resulting change 


network temperatures (7.) 


T(TS) Sensitivity Table 
TS TS 


747 > 
0.444 1) 444 


0.09] 0.293 
0.039 0.126 
0.0 0.333 
0.0 0.086 
0.0 0.034 


0.0 0.278 


0.068 
0.556 
0.182 


0) 308 0.434 


i i tie | te | eee | Rite | ite | ite | ite |) 


0.0 0.500 0.500 


6.3233 0.333 (). 333 


0.077 0.0 77 


~~, 


Example of use: If 7S 
then, 7,<7S 


222 
(0.333) » 


Table 4. The 
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taken further. There are several ‘Sensitivity 
just for passive response but also for « 


Tables’ not 
lien changes 
Also, tables can be generated for any network structure, 
with or without loops 

Tables 3, 4 and 5 show the Sensitivity Tabl 
simple example. The 
corresponds to Figure 7 

One single table, 


temperature n 
Note that 77, is labelle 
Table 3, 
correlations between changes in all supply 
and the response in all network tem 
equations (A — |) and (A 
temperatures, Table 3 represents an exact correlation 
It is vaiid for any combination of changes over any 
range, in supply temperature variations 
Table 4, a 7(CP) Sensitit Table, does 1 
the overall network but for stream no. 4 on 
correlates changes in the CP of 
network temperature responses. To « 
equations (A 


numbde 


is sufficient 


1) and (A 2) are 
spect to CP’s, the table shows correlatior 
range of setpoints. Equivalent tables could be 
for the other three streams in the net 
been done as they are not needed 
objectives of the example 

Tables 5(a—d), the 7(UA) Sen 
one exchanger each. These 
the effective (UA) of an exchanger 
perature responses 
T{UA) 


changes Once again, these t 


tables 


As will become apy 
tables are used ‘backwards 
ables show co 
a wide range of set-points 
tions (A — 1) and (A — 2) 
(UA)’s 

Sensitivity Tables are 
prior to design. The only 
case stream data and (b) 
generated, the tables will | 
naive fashion imaginable 
under total disregard of 


effects. The ensuing 


Network response from the tables 


Let us go back to I 


of simulation. 77, 1s 


or 1 I 


T(CP) Sensitivity Table” for stream no. 4 gives the correlation betwee 


(CP,) and the resulting changes in network temperatur 


T(CP) Sensitivity 


20% 10% 


00 20.04 


5.02 11.82 


Example of use: If CP, = 10% then, 
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Table for stream No. 4 


0% + 10° 


0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
U.U0 





00 00 00 00 00 00 00 


00 00 00 00 00 00 00 
00 00 00 00 00 00 00 
cll O11 8°6 16 78 Cl S'tZ 
00 00 00 00 00 00 00 
00 00 00 00 00 00 00 
00 00 00 00 00 00 00 
00 00 00 00 00 00 00 
¢9 ¢9 9°¢ vs LY i : rel 
£Sl Lvl tl 1 O11 96 gle 
00 00 00 00 00 00 00 


BRA RR RR RR 


— 
~ 


%OST + %00T + 0081 + %O0rl + %0TI + 0001 + “OS + %08 
€ “ON JosuRyoxs Joy a[qey Aianisuag (V¥)J 


t 


(2)¢ 2190] 


hs i “So a ql 


Ol 
tv 


SY 


Chem Eng Res Des, Vol. 64, May 1986 


x 


97 
O01 
I 07 
t LY 


7 


%OST + O71 4 % 001 + %0T 
7 “ON Josuvyoxo 10J aIqey AWANISUdg (VW )T 


C 


(Q)s 9190] 


ee 
(Ly 
© 
= 
Z. 
Z 
—_ 
~~ 
=) 
3s 
iF 2) 
<Z 
< 
NY 
< 
joa) 
< 
~ 
Co 
od 
v7 


x 


~~ i me oe Ge « 
he Ria hie Re ke 


9 
RPC 0 
%OTI + "001 + “oO oO t %0¢ + 
| ‘ON Jasuryoxs Joy ajqey AAnISUIg (Ph Q)T 
(e)¢ ajqv] 


jy voy) 


('7) saunyesoduis) yomjou 
sajqey AAISUaS (f UL (P(e) “SS Agr] 


}[NSou 94} PUP (1) JABURYOXO JRBOY USAIS BE JO ( ps)) Ul SABUBYDS UDIMJOq | 





SENSITIVITY TABLES FOR THE DESIGN OF FLEXIBLE PROCESSES 


z 
- 
) 
ob 
io) 
x 
] 
VY 

= 
s 

— 
> 
~ 
a 
= 

D 
a 
QZ 
PY 
_ 
~ 
~ 


Chem Eng Res Des, Vol. 64, May 1986 


Let us now use 
change in 77 
the effect of each dist 


Thus. we write 
TT, =T, 


where 7,.<TS 


and, with equatio1 
TT 


The error bet 
than 3%. This is 
count the apparent nai 
of some of the disturbar 
below, ignored non-li 
secret lies in the make 
non-linear equations and 
speaking, not be used over an 
they be added as 
each individual entry 
(the equations have 
volved becomes small 
in reference 16 


ive 


Design Changes from the 
Tables 5(a)-(d) represent th 
Our approach is now 


T. 10.1°¢ 


that is, to identify ch 
on 7, cancels out the 
lished 

From Table 5(a) we 


(UA,) = 


Tables 
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(0.63) (UA,) 


+ 10.1°C 
Note that this is manifest as a decrease in (UA,) not an 
increase 


How is it that contingency is obtained through a 


reduction in (UA,)? Consider Figure 8. If the (UA) of 


exchanger no. | decreases then the hot inlet temperature 
to exchanger no. 3 increases and the heat duty in 
exchanger no will rise without any modification to 
exchanger no. 3 itself. Table 5(a) has this discussion, as 
it were, ‘built in’, 
involved 


alongside the numerical sensitivities 


Does the result mean that a solution based on ex- 
changer no. | is bound to be cheaper than the ‘obvious’ 
solution shown in Figure 4? Not necessarily. 

A reduction of (UA,) also means higher heat duties in 
the heater on stream no. 4 and the cooler on stream no. 
| (downstream paths!) with consequent increases in both 
energy and capital costs there. Let us wait for the 
complete evaluation below 

Turning to the next candidate exchanger, we establish 
with Table 5(b) that, even if the (UA,) was to approach 
zero (i.e. the exchanger no. 2 was completely by-passed), 
we could not achieve the necessary leverage on 7, 

Again, we are able to interpret this result concep- 
tually; exchanger no. 4 has very low driving forces and 
any correction initiated in exchanger no. 2 would be 
dampened significantly in exchanger no. 4 before reach- 
ing 77,. Once more, the 7(UA) Sensitivity Tables have 
this discussion “built in’, alongside the numerical sensi- 
tivities involved 

Table 5(c) reveals that. for exchanger no. 3 an increase 
in (UA) of 150% would achieve our purpose 


A,>= +10.1°C 


and Table 5(d) reveals that even with very large (UA) 
increases in exchanger no. 4, the necessary leverage on 
T, cannot be obtained. This is 1n line with our previous 
result obtained through simulation 





| results in an increase of 77 


COSTING THE ALTERNATIVES 

At this stage, we have identified two possible candi- 
date exchanger design modifications. The first is an 
increase of 150% in the effective (UA) of exchanger no. 
3. This implies additional installed area on exchanger no. 
3 and ‘downstream path’ effects on the cooler on stream 
no. |. The second is a decrease of 37% in the effective 
(UA) of exchanger no. |. This implies a by-pass on 
exchanger no. | and ‘downstream path’ effects on the 
cooler on stream no. | and the heater on stream no. 4. 

To evaluate the overall cost implications of either 
modification we need to establish the ‘disturbed’ inlet 
temperatures to the utility exchangers, 7,, T; and 7, (see 
Figure 7). Note that these will change as a result of both 
the suggested (UA) modifications as well as the original 
disturbances. The overall effect is easily evaluated with 
the Sensitivity Tables. 

By way of example, let us evaluate the heater inlet 
temperature, 7\), for the case of by-passing exchanger 
no. l. 

We write 
Tip = Ty)<UA 

+4. 7, 
and obtain 


from Table } 94°C 
from Table 3: T\)<TS 10.0°C 
from Table 3: 7,,<7S,>) =0°C 
(no downstream paths!) 
and from Table 4: T,,<¢ Pe 
so that 


94°C 


The other utility exchanger inlet temperatures are ob- 
tained with equal ease. Then, routine energy balances 
around utility exchangers are used to establish new heat 
duties and temperature profiles and from these we obtain 
the “Total Additional Costs’ as per equation (1): 


by-pass exchanger no. | 


oversize exchanger no. 3 


ee ——__+— 


Total Additional Cost 
87,200 £/yr 


Total Additional Cost: 
138,000 £/yr 

The cost of performing the ‘obvious’ modification is 

58% more expensive than that of the perhaps ‘less 

obvious’ action. 

Before finally deciding which is the best retrofit we 
must recall that part of our objectives is to investigate 
the cost penalties if Case B operation was applicable for 
longer or shorter periods than three months. It is easy 
to construct a graph such as Figure 9 from the informa- 
tion generated by the tables. The graph shows that the 
option of by-passing exchanger no. | is cheaper for Case 
B operation of up to eleven months per year. Further- 
more the graph shows that the Total Additional Cost of 
by-passing exchanger no. | decreases rapidly as the 
period of operation is reduced. Implications for practical 
operation may therefore be drawn. For periods close to 
three months the option of placing a by-pass on heat 
exchanger no. | is safely more attractive than that of 
oversizing heat exchanger no. 3. 
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4 Total 
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exchanger nc 


Figure 9. The erec 





Figure 10. The cheapest solution. Total Additional Cost: 80,000 £/y1 

The chosen option is therefore placing a by-pass 
around exchanger no. |. Detailed calculations are now 
performed to establish accurate results. The final design 
is shown in Figure 10. For base case operation the 
by-pass would be closed. For Case B operation the 
by-pass would be opened and the utility duties adjusted 


SENSITIVITY TABLES VS SIMULATION 

To assess the errors involved in using the Sensitivity 
Tables, both modifications were evaluated using full 
simulation and identical costing. There is a 9% error for 
the chosen design (80,000 £/yr by simulation) and a 9% 
error for the more expensive solution (152,000 £/yr by 
simulation). These errors are to be tolerated in the 
context of what the Sensitivity Tables are for: the rapid 
and easy screening of al/ possibilities—not just the 
apparently obvious ones. Admittedly, errors of approx- 
imately 10% may affect comparisons. However, the 
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tables are used to rough-screen alternatives whose 
difference in ‘Total Additional Cost’ would typically 


exceed 50% or more! Larger differences st 


ire often 


observed in practice lables 


The role of the Sensit 
is to make sure the cheapest overall 
recognised early a rough screen. In this conte 
extreme liberties taken with non-linearities 
right approach. The chosen option will stil 
simulated for accurate final sizing 

To appreciate fully the value of 
asa designer’s tool, let us compare 
simulation vs tables—one last time 
repeated use of complex compute 
evaluation. The Sensitivity 
once-off use of simple software 
Thereafter, all opti 

It may appear 
problems could soon bec 
so. While it is true that problems 
objectives will require some t 
be used to quickly discar 
Che approach is definitely 
situations. A 
sionality’ is given 

It is obviously possible 


calculations such as implied in equa 
UMIST Ho 
want to miss Out the step where ti 


the tables for 


Good and bad sensi 


and this is done at 


; } } 
ent. The engineer begir 
in his network go 
tables ‘talk’ 


HOW MUCH FLEXIBILITY IS COST 
EFFECTIVE? 

As discussed 
between energy 
every process, see Fig 
be non-optimal to design 
some occasions, good design 
cheaper to obtain than expected 
optimum design will offer more flexil 
specified. On other 
backing-off from the 

For our example, 
not keep the target tet 


OCCASIONS 


1 
Original 


we have assumed s« 
simple and quick 
investigate this. The results are 


key observations can be made 


The relative cost-effectiveness of altert 
options depends on the degree of flexibilit 
For example, exchanger no. 2 woul 
candidate than exchanger no. 4 for minor 
of 77,. For larger correct 


The marginal cost of flexibility 
stant. It may be near-constant 
exchangers within 

exchanger no. | 

asymptotic 
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The Total Additional Cost versus flexibility requirements 


These observations and the numerical information 
now available, allow the engineer to finally address the 
question: “How much flexibility is cost-effective?” For 
example, the cost savings which would result from 
specifying T7, at 178°, 176°, 174°, etc., instead of 180 
for the new operating case are immediately transparent. 
Moreover, the designer can readily establish whether 
such changes in specification will affect his choice of ‘best 
option’. Finally, in more complex networks, he may find 
it profitable to consider ‘combined actions’; he may 
decide to change the (UA) of two exchangers rather than 
one to avoid problems with exchanger size limitations 
and poor marginal cost sensitivities. This is demon- 
strated in the case study which follows. 


CASE STUDY 

A more complex application will now be described to 
demonstrate the use of the tables in earnest. The results 
will be compared with those obtained by conventional 
procedures. The example is documented to the extent 
that all calculations are defined. It relates to a case study 
supplied by a member company of the UMIST Process 
Integration Research Consortium. 

The existing process is shown in Figure 12. It involves 
two reactors and two flash separations. Both reactors are 
exothermic and temperature control is achieved with 
integral jacket cooling circuits as well as feed stream 
temperature control. 

The plant was built more than ten years ago and its 
Capacity was determined by the market demand at that 
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HP steam 
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Figure The existing process flowsheet 


time. However, the reactors were sized ‘for growth’ and 
a recent market survey has indicated that product sales 
could be increased following the seasonal demand curve 
shown in Figure 13. Potential benefits from the value 


SS AS OUD 
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month 


Figure 13. Product demand curve varies over the year 
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added of product vs. feeds are as follows: 


From 100% to 115% capacity: 

530 £/month for every 1% increase 
From 115% to 135% capacity: 

445 £/month for every 1% increase 


Thus, a successful debottleneck giving 35% extra 
throughput would be worth 127,800 £/year taking into 
account the seasonal demand curve 

The task is to identify a retrofit project which wiil 
materialise the benefits from value added. Subject to 
a ceiling on investment (approximately £400,000) the 
objective is to maximise “profit” as per equation (6): 


. Annual benefit 
Profit |=] . 
from increased sales 


L 


r 


| Total Additional Cost 
as per equation (1) 


Figure 14 shows the heat exchanger network in the 
grid diagram. The heat capacity flowrates shown relate 
to 100% capacity. All stream supply temperatures are 
marked A\ to indicate uniform increases in all flowrates. 
All target temperatures are marked A. That is, reactor 
as well as flash inlet temperatures are maintained. Fur- 
ther assumptions for simplicity are constant film transfer 
coefficients and ‘balanced’ exchanger sizes at the outset: 
the exchangers are limiting at 100% capacity, the reac 
tors and separators are not. These assumptions would 
not be necessary'’. They merely expedite documentation 
and discussion of the example in the present context. The 
cost data used is again that of Table 2. 

A conventional engineering approach to this problem 
would be to investigate the capital cost necessary for 
exchanger increases for 115%, 125% and 135% capac- 
ity. The marginal capital cost for these cases would be 
different and so would be the marginal benefit due to 
seasonal demand and to capacity—dependent sales 
price. Three designs were costed assuming ‘homo- 
geneous’ overdesign on all exchangers. The profit to be 
obtained as per equation (6) is shown as a function of 
capacity in Figure 15 (Curve A). Clearly, the results are 
disappointing. Nevertheless, exchanger sizes for max- 
imum profit (11,000 £/yr at 115% capacity) are docu- 
mented in Table 6 (Scheme A). 

Use of the Sensitivity Tables at this stage reveals that 
uniform overdesign is not an optimum strategy. Rather, 
exchanger no. 2 should be kept unchanged and heater 
no. 2 should be increased more than in proportion with 
the capacity increase, see Scheme B in Table 6. 


Table 6. Exchanger siz 


Total area installed (EF 
Base 
Case Scheme 
Heater no. | 74 
Heater no. 2 65 
Cooler 
Exchanger no 
Exchanger no. 2 
Exchanger no. 3 
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Figure 14. Base Case 


Figure 15. Profit versus increased throughp 


es for maximum profit 


xisting and new) in m 


{ Scheme B Scheme 


85 
9? 
1137 
298 
79) 
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It may come as a surprise that, with a uniform increase 
in all flowrates, the recommended strategy is not a 
proportionally equal increase in all exchanger sizes. With 
detailed study, two reasons transpire. First, the marginal 
value of additional capacity changes with seasonal de- 
mand. Cases which occur less frequently tend to be 
accommodated more cheaply through utilities than 
through investment. Second, the marginal cost 
effectiveness of new surface area in a retrofit across a 
balanced existing design is not equal to that of the 
original design. The Sensitivity Tables have these effects 
‘built in’ alongside the corresponding numerical sensi- 
tivities 

The profit for Scheme B is shown in Figure 15 as a 
function of capacity (Curve B). Once more maximum 
profit is obtained for a retrofit for 115% capacity but 
profit is doubled at 22,000 £/yr. Regardless, we should 
most definitely not stop here 

Once we debottleneck a process, we should also 
address its up-to-dateness in terms of energy efficiency. 
Using Pinch Technology’*’, an ‘energy revamp’ Is easily 
identified with the placement of a new exchanger be- 
tween streams no. 2 and no. 3. The new exchanger is 
shown as exchanger no. 3 in Figure 16. It is sized to 
minimise payback for 100% capacity. Investment is 
£105,000 and annual energy savings are 74,000 £/yr. 
Payback is 1.4 years 

Starting from Figure 16, let us once more contrast the 
two approaches, uniform overdesign and use of the 
Sensitivity Tables. 

Scheme C in Table 6 and Curve C in Figure 15 
represent the results obtained by uniform overdesign. 
Once more, the optimum capacity would be 115%, but 
the profit is now 83,000 £/yr. Roughly one-fourth of this 
profit would be due to flexibility gains. The remainder 
would be due to better energy efficiency. 

Finally, use of the Sensitivity Tables results once again 
in a radically different solution. The tables highlight 
that, once that exchanger no. 3 is installed, sensitivites 
throughout the network are different and the optimum 
Strategy would now be to 


not change exchanger no. 2 


instal! exchanger no. 3 larger than required by energy 
efficiency alone 


install significant additional surface area on exchanger 
no. | 














Figure 16. Network Retrofitted for Energy for minimum payback (1.4 
years) for 100% throughput 


This extremely non-uniform investment strategy is 
recorded as Scheme D in Table 6. Within the accuracy 
of our approach, it is assessed to give a significant 
increase in profit once again: 106,000 £/yr at 125% 
capacity, see Curve D in Figure 15. Almost one-half of 
overall profit can now be associated with flexibility 
gains. Detailed simulation of this final solution reveals 
an error in maximum profit of less than 5%, see dotted 
curve in Figure 15. 


INTEGRATED PROCESSES AND FLEXIBILITY 

The above case study has been fully documented 
elsewhere’ and only the most salient points have been 
discussed here. However, the information given should 
suffice for the reader to verify results and to attempt his 
own solution. More importantly, the information given 
should suffice to draw two conclusions. The first is that 
Sensitivity Tables do work in practice. The second 
conclusion is that integrated processes do not need to be 
inflexible. The structure in Figure 16 closely approaches, 
after retrofit, the optimum grass-root design by Pinch 
technology principles for energy efficiency. It is more 
highly integrated than the base case. At the same time, 
it offers better opportunity than the base case to achieve 
flexibility cheaply. 


FURTHER USE OF SENSITIVITY TABLES 

It would be difficult in one paper to discuss fully the 
range of possibie uses to which the designer can put the 
Sensitivity Tables. Also, the tables possess a number of 
interesting theoretical features understanding of which 
facilitates their use. More material will be presented in 
the near future'’**’. Below, a brief mention is made of 
four of the more important possibilities 


Variable CP’s and Film Transfer Coefficients 

An obvious question is: “What about non-linear 
enthalpy relationships, condensing curves, etc?” The 
tables presented in this paper are based on the assump- 
tion of non-temperature dependent CP’s. With some 
additional effort, tables can be derived for temperature 
dependent CP’s. At the same time, changes in film 
transfer coefficients can be considered“ 
improve the practical 
significantly. 


Both extensions 


usefulness of the tables 


Fouling 

Fouling tends to present an important aspect of 
operability and flexibility in heat exchanger networks. 
Evidently, changes in (UA) can be used to express 
fouling variations as much as area changes. Thus, the 
tables are ideally suited to discuss the effect of fouling on 
network performance and to decide on appropriate 
design changes" 


Network Changes 

In this paper, only one change of network structure 
was discussed and this was identified from an energy- 
view point. Evidently, changes in structure should where 
appropriate be identified from a flexibility-view point. 
The Sensitivity Tables have a strong contribution to 
make in this context, too. An extension of the 7(TS) 
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Table, namely a 7(7) Table—to include all network 
temperatures—is used to find the most appropriate 
locations for new exchangers. Aliso, candidates for dele- 
tion are easily identified”’. 


Process Changes 

As mentioned previously, network design changes can 
be interpreted as “‘disturbances’’, tailor-made to cancel 
out the original disturbances A. A legitimate alternative 


pala 


to network design changes is often the introduction of 


tailor-made new disturbances A\, arising from process 
parameter changes. Process temperatures and flowrates 
are chosen such that flexibility is achieved without 
network design change. Significant cost savings are 
sometimes achieved. Sensitivity Tables lend themselves 
ideally to the task of identifying suitable process 
changes. Thus, they help bring together the task of flexible 
network design with that of flexible process design 


COMPARISON WITH PREVIOUS WORK 


The approach proposed in this paper to the problem 
of ‘design for flexibility’ is different from most previous 
work known to the authors both in procedure and in 
objective. Notably, the proposed approach does not 
involve: 


Complex mathematical optimisation 
Rigorous solution for specified leveis of flexibility 


Instead, it offers: 


Simplicity and speed 
Insight and feel 
User-guided solution for the three-way trade-off 


Due to the role of the user, the solutions obtained cannot 
be guaranteed to be rigorously ‘best’. This would appear 
to be irrelevant. It must be preferable to find the 
second-best solution taking account of the three-way 
trade-off rather than finding the best solution for the 
wrong flexibility 


SIGNIFICANCE 

As mentioned in the INTRODUCTION there is a 
wide-spread belief that integration must cause oper- 
ability problems. This is no doubt true 
specified non-expertly. 

Integration and operability are certainly linked. How- 
ever, this presents as many opportunities to the expert as 
it presents difficulties to the non-expert. 

A thorough understanding of what is possible in 
integration cannot but lay open the opportunity for 
design changes for enhanced operability at little or no 
sacrifice. Downstream paths and the Sensitivity Tables 
are used in this way. 

It appears that both current industrial practice and 
most of the academic research often starts with the 
premise that flexibility is expensive but must be paid for. 
There is a clear call for integrating not only our pro- 
cesses but also our approach in design to energy cost, 
capital cost, and flexibility. The incentives are 
significant. Practical cases are reported elsewhere of 
reduced energy costs, reduced capital costs, and im- 


if integration is 
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TRADE-OFF 
SURFACE 


ys 
2 ENERGY 


proved flexibility* 
means of a ‘surface 1 


This is expressed SY! 
n space’ in Figure 17 
Tables are a tool to approach and explore tl 
Starting from a non-optimal 
three dimensions simultaneously 
get something for nothing. However 
to improve on past mistakes 


APPENDIX 


Single Exchanger Calculations 


Figure Al shows a single 
balance equations 


and the design equation 
OQ = UA (AT, y,) 

can be transformed into 
(1— RB)T,+(B 
R(| — RB)T,+(B 


1)RT,+(R 
1)\R7T,+(R 


where 
yy 
~ CP, 
B =exp|(UA/CP.)(R — 1)] 


J 
Equations (A-1) and (A-2) are linear with respect to 
temperatures but they are non-linear with respect to heat 
capacity flowrates. They are also non-linear with respect 
to (UA). 

If we assume that CP,,, CP... (UA) and any two out 
of the four temperatures 7,, 7,, 7;, 7, are known, it is 


always possible to solve the system of equations (A-1) 
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Figure Al. A single heat exchanger 
and (A-2) without iteration to find the missing two 
temperatures. 

These equations are well known and have been men- 
tioned in several previous research reports’. 


Network Calculations 

Figure A2 shows a simple network with two heat 
exchangers, B and E. A disturbance is expected on 
stream no. 1, i.e. 7, increase by 7,. Downstream paths 
will result in changes of all network temperatures except 
stream supply temperatures. The task is to calculate new 
values of 7,, T,, T;, and 7, assuming that all exchanger 
(UA)’s and all CP’s remain unchanged. 

There are two known temperatures for exchanger B 
(7, and 7,). Thus, we can calculate T, and 7,. There- 
after, 7, and 7, are known for exchanger E. Thus we can 
calculate 7, and T,. 

This serves as an example of the approach used in 
previous research''*. Basically, the calculations for a 
single exchanger are repeated, exchanger by exchanger, 
through the network. 

Figure A3 shows another simple network. Different to 
that from Figure A2, it has a loop. Thus we have an 
additional unit but no increase in the number of stream 
supply temperatures. 

Again, a disturbance is expected on stream no. | and 
downstream paths will result in changes of all tem- 
peratures except stream supply temperatures. However, 
different from the last example, every heat exchanger in 
the network now has more than two unknown tem- 
peratures. This makes it difficult to apply equations 














ea” 


Figure A2. A simple network 





Tg 
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Figure A3 A simple network with loop 


(A-1) and (A-2) in the same manner as before. Iterations 
become necessary. 

Why not consider the overall network as a simulta- 
neous system? We have six unknown temperatures (i.e. 
T,, T;, T;, T>, Ts, T,) and six equations (two per 
exchanger). Thus we can solve the equations simulta- 
neously for all temperatures without iteration. This 
holds true for any feasible network structure" 


Generating Sensitivity Tables 

For any base case set of conditions we can solve the 
overall system of equations. Next, we can marginally 
vary one variable at a time, namely any 7S, or CP. or 
(UA), and re-solve. This yields the sensitivity factors in 
our tables" 

Given that the equations are linear with respect to 
temperatures, we only need to perform these calculations 
once for changes in 7S,. For changes in CP’s and 
(UA)’s, because of non-linearities, we need to cover 
ranges of variation in each CP; or (UA),. This is done by 
considering new hypothetical base cases. Each new ‘base 
case’ yields results which are valid away from the 
original base case. Note that all tables are generated 
prior to flexibility studies. The only input data required 
is (a) the base case stream data and (b) the network 
structure. 


SYMBOLS USED 


4 Heat exchanger area 

CP. Heat capacity flowrate of a cold stream 

CP, Heat capacity flowrate of a hot stream 

CP. Heat capacity flowrate of stream no. i 

F, Log mean temperature correction factor 

Q Exchanger heat load 

T Network temperature no. i 

TS Supply temperature of stream no. i 

TT, Target temperature of stream no. i 

l Overall heat transfer coefficient (kw/m*°C) 
AT, Log mean temperature difference C) 
Abbreviations 

A disturbance 


A controlled variable 


REFERENCES 


Hohmann, E. C., 1971, PhD Thesis 
California, USA) 
Marselle, E. F., Morari, M. and Rudd, D. Ff 


~~) 


37(2): 259 


(University of Southern 
, 1982, Chem Eng Sci, 


Saboo, A. K. and Morari, M., 1984, Chem Eng Sci, 39(3): 579 

Townsend, D. W. and Morari, M., 1984, AJChE National Meeting, 

San Francisco, California, USA 

Grossman, I. E. and Floudas, C., 1985, paper no. 51, Process 

Systems Engineering Conference, PSE °85 1 Chem E Symposium 

Series No. 92 619 

Swaney, R. E. and Grossman, I. E., 1985, AJChE J, 31(4): 621 

Stephanopoulos, G., 1985, AJChE Spring Meeting, Session 88, 

Heuston, March 24-25 

Beautyman, A. C. and Cornish, A. R. H., 1984, First U.K 

National Heat Transfer Conference, 1ChemE Symp. Ser No. 86 Vol 

1: 547 

Parkinson, A. R., Liebman, J. S., Pedersen, C. O. and Templeman, 

A. B., 1982, AIChE Symposium Series, No. 214, Vol. 78: 85 

Halemane, K. P. and Grossman, I. E., 1983, AIChE J, 29: 425 
11. Linnhoff, B. and Smith, R., 1985, paper No. 24f, AIChE Spring 

Meeting, Houston, March 24—25 


Chem Eng Res Des, Vol. 64, May 1986 





SENSITIVITY TABLES FOR THE DESIGN OF 


Linnhoff, B., 1979, PhD Thesis (University of Leeds, England.) 
Linnhoff, B. and Kotjabasakis, E., 1984, First U.K. National Heat 
Transfer Conference, | Chem E Symp Ser No. 86, Vol. 1: 599 
Asbjornsen, O. A. and Haug, M., 1985, paper No. 16, Process 
Systems Engineering Conference, PSE85 I Chem E Symposium 
Series No. 92, 197 

Fryer, P. J., Paterson, W. R. and Slater, N. K. E., 1985, un 
published manuscript (University of Cambridge) 

Kotjabasakis, E., 1986, forthcoming PhD Thesis (UMIST, En 
gland.) 

Computer program “BYPASS”, 1985, Process Integration Re 
search Consortium, UMIST, England 

Linnhoff, B., et al., 1982, A User Guide on Process Integration fo 
the Efficient Use of Energy (I1ChemE, England.) 

Tjoe, T. N. and Linnhoff, B., paper to appear in Chem Engg. (Apri 
1986.) 

Linnhoff, B. and Kotjabasakis, E., paper to be submitted 

Cost Reductions on an Oil Refinery, 1986 (Shell (UK) Ltd. i 


Book reviews continued from page 174 


Hydrocyclones 
L. Svarovsky 

Holt Technolo 
pp. 188, £13.5 


y) 
Ves 


g 
8) 


This book by Dr. Svarovsky of Bradford University is 
the first on the subject in the English language since 
Bradley's classic book of 1965 and provides a useful 
update on hydrocyclone technology over the last twenty 
years 

In the introductory chapter, the author explains how 
the book has been put together and lists the main 
advantages and disadvantages of the hydrocyclone. The 
first four chapters deal with the more theoretical aspects 
of cyclone design and operation and comprise 


* Elements of particle-fluid interaction at low concen- 
trations and the behaviour of suspensions, paying partic- 
ular attention to the problems of hindered settling 
* Separation efficiency, both for the solid and liquid 
phases, including seven worked examples 
* The motions of solids and liquids within the hydro- 
cyclone, supplemented with diagrams and references to 
original work on the subject 
* Theories of separation, covering equilibrium orbit, 
residence time, crowding and turbulent two-phase flow 
theories, concluding with a comparison between the 
various theories 

The following five chapters dea! with the more prac- 
tical aspects of hydrocyclone installation, operation and 
selection, namely 
* Types of hydrocyclones available, starting with the 
“standard” cyclone and its variations, covering also 
wide angle, air-sparged and liquid/liquid cyclones. Ad- 
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tions, economics and safety, cove 
thickeners, clarifiers, classifiers, for 
washing, liquid/liquid or 
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London 


After a brief review of the historical development of the Second Law analysis, exergy and exergy related concepts are defined 
and discussed. The concept of irreversibility is then introduced and its calculation from either an exergy balance or the 
Guoy-Stodola relation is explained. The techniques and tools used in the Exergy Method including thermoeconomics are then 
outlined. In the second part of this paper a review of applications of the Exergy Method to cryogenic engineering, distillation 
processes, chemical processes and process synthesis is presented. 


INTRODUCTION 


The subject of this review paper, the Exergy Method, is 
a method of thermodynamic analysis in which the basis 
of evaluation of thermodynamic losses follows from 
both the First and the Second Law rather than just from 
the First Law of Thermodynamics. Because of this it 
belongs to the category of thermodynamic analyses 
known under the name of Second Law analyses. An- 
other name which has been applied to it is Availability 
Analysis. 

Since as is well known, the Second Law governs the 
limits of convertibility between various forms of energy, 


its use is indispensable for the assessment of grades of 


energy as well as the degradation of energy which takes 
place in all real processes. 

The purpose of this paper is to introduce briefly 
concepts and techniques of the Exergy Method and to 
review some of the more important contributions which 
have been made to this subject area. 


BRIEF HISTORICAL OUTLINE 


The birth of the Second Law Analysis may be said to 
correspond to the first attempts at assessment of various 
energy forms according to their convertibility to useful 
work, These attempts were directly connected with the 
beginnings of the formulation of the Second Law of 
Thermodynamics and thus initially were mainly of 
theoretical interest. The practical applications of the 
concept of ‘usable energy’ to closed systems was demon- 
strated by Gouy' in 1889 who also showed that the loss 
of ‘usable energy’ in a given process is equal to the 
product of the temperature of the environment and the 
sum of the entropy changes of all the bodies par- 
ticipating in the process. In 1898 Stodola*, apparently 
quite independently, developed the same concepts for 
the more important, as far as engineering processes are 


concerned, steady flow processes. The development of 


these concepts in the following years was slow until the 
1930’s when interest in their practical applications was 
stimulated by industrial growth and new technological 
developments. Two papers published by Bosnjakovic** 
in 1939 mark a new era in the development of the Second 
Law Analysis. These papers made some important con- 


tributions toward the formulation of new criteria of 
performance and techniques of evaluation of the ther- 
modynamic perfection of processes. The progress in this 
work was interrupted by World War II but was renewed 
again in the early 1950’s with new vigour. Some of the 
developments which took place during this decade are of 
particular relevance to the application of exergy in 
Chemical Engineering. The first known example of 
application of the Second Law Analysis to chemical 
processes was published in 1951 by Rant? in which he 
used the entropy method to analyse the process of the 
production of soda (Na,CO,). A few years later, 
Denbigh® extended the techniques of the Availability 
Analysis to the analysis of ammonia oxidation process 
and calculated a form of Second Law efficiency for it. 

Another important development which should be 
mentioned was the formulation by Szargut’ of the theory 
of reference substances for the evaluation of standard 
chemical exergy of substances. This decade also saw the 
introduction by Rant* of the word ‘exergy’. This term 
has now gained almost general international acceptance, 
replacing a confusing variety of terms such as avail- 
ability, usable energy, work capability and others. 

The 1950’s mark a sharp increase in the number of 
papers published on various aspects of the second Law 
Analysis, which for that decade alone was more than 
three times greater than for the whole of the preceding 
period. This trend continues unabated with the total 
number of papers published to date coming up to 700. 
Among the factors which may account for the more 
recent surge in the number of publications particularly 
in North America is without doubt the increase in the 
cost of fuels 


REVIEW OF THE BASIC CONCEPTS 
The concept of exergy 

Exergy may be defined as the maximum work poten- 
tial of a system or of a particular form of energy in 
relation to the environment. Or putting it in another 
way, exergy 1S a measure, expressed in terms of work of 
the capacity of a given form of energy to cause change. 
As follows from the first definition the environment 
plays a most important part in the Exergy Method. The 
conceptual environment, is an idealization of the real 
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environment, its main characteristic being a perfect state 
of equilibrium i.e. absence of any gradients or differences 
involving pressure, temperature, chemical potential, 
kinetic energy and potential energy. The conceptual 
environment is usually assumed to be so large that its 
parameters (pressure, temperature, composition) are 
unaffected by its interaction with any man made system 
Because of its size the environment constitutes a natural 
reference medium with respect to which the exergy of 
different systems is evaluated. When evaluating the 
exergy of a stream of matter the environment is treated 
as a reservoir of zero grade thermal energy and common 
environmental substances which can be drawn upon 
freely. The common environmental substances are in 
equilibrium with each other and are said to be in the 
dead state. 

The Exergy Method can be applied to both closed 
systems and open systems. Since a large majority of the 
more important industrial systems are of open type, 
operating most of the time under steady-state conditions 
we shall confine this discussion to the control region 
method of analysis. Accordingly, the energy transfers 
across the control surface for which we have to deter- 
mine the corresponding exergy transfers using the above 
definition, are 


(i) Energy transfer, through work interaction 

(ii) Energy transfer through heat interaction 

(iii) Energy transfer associated with streams of matter 
entering or leaving the control region 


Since, as follows from the above definition, work is 
used as a measure of the exergy associated with a given 
form of energy transfer, the first form of energy transfer 
listed above is easiest to deal with. In the case of systems 
operating under steady conditions, the quantity of inter- 
est is the exergy flow rate EF“ associated with a given 
work transfer rate, or shaft power, W,. The relationship 
between these two quantities is clearly 


EY = W. (1) 


Because of the identity between E* and W,, it is usual 
to use the latter symbol for both of them 

The exergy associated with a given heat transfer rate, 
Q, is called thermal exergy flow, and is denoted by the 
symbol E®. According to the definition the relationship 
between these two quantities is given by 


E°2 = Q(1 — T,/T) (2) 


where, 7 is the temperature at the control surface at 
which the heat transfer occurs, and 7, is the temperature 
of the environment 

To determine the exergy flow rate, E, associated with 
a stream of matter crossing the control surface we must 
resort to the use of ideal devices such as reversible 
expanders and compressors, semipermeable membranes 
etc. in order to reduce reversibly the stream from its 


original state to (at the control surface) to a state of 


equilibrium with the environment. A diagrammatic rep- 
resentation of this type of arrangement is shown in 
Figure |. The power output obtainable from this device 


+ In the sign convention adopted, the work done by the system and 
the heating done on the system are taken as positive quantities 
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is equal to the exergy flow rate of th 

calculation of E involves much more compl 
erations than in the case of E® and E°. Some 
these considerations will be discussed at sot 


below 


Exergy balance and irreversibility rate 
The exergy balance is one of the basic 
Exergy Method. Figure 2 shows the exergy fi 
E,. and E, crossing the control surfac 
processes taking place within the control 
reversible, the total exergy inflow will be 
total exergy outflow e. there will be no lo: 
However, if the process under consideration | 
then it must be, to some degree, irreversible 
conditions a proportion of the inflow exergy 
and hence the exergy outflow will be smal 
inflow by this amount. Thus, with referenc 


we can write 
(En + E2) —(W.+1 y= 


where / is the rate of loss of exergy or the 
rate of the process. Since we have defined 
the exergy of the various forms of 
transferred across the control surface 
may be looked upon as a definition of the 


rate of the process. The exergy balance 


obtained by combining the steady flow energ 


with the expression for 


Irreversibility Rate 


The principal area of application of the ¢ 


is in the calculation of the irreversibility rate « 
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component open sy stem 


The irreversibility rate is a generally applicable measure 
of thermodynamic imperfection of the process. De- 
pending on how the control surface is drawn. It can be 
calculated for a single component, a group of com- 
ponents or the whole plant. Since J obeys the additive 
law we can write, with reference to Figure 3 


=> i (4) 


where /, is the irreversibility rate of a system consisting 
of N components and /, that of the i-th component. 


Irreversibility rate provides means of identification of 


the plant components which cause the greatest con- 
tribution to plant inefficiency. The cause of irreversibility 
is the fact that if a process is to proceed at a finite rate, 
it must utilise finite driving (generalized) forces. The 
driving forces of particular interest in chemical en- 
gineering processes are temperature differences, pressure 
difference and differences in chemical potential. For a 
given size of equipment, the bigger the driving poten- 
tials, (and hence the bigger the irreversibility rate), the 
greater is the process rate. The process rate can also be 
increased by increasing the size of the equipment and, 
hence in general its cost, without the need to increase 
irreversibility. This trade-off between the cost of irre- 
versibility rate and the cost of equipment forms the basis 


of the technique of thermoeconomic optimization of 


plant components which will be described below. As 
follows from the above discussion and from the exergy 
balance (equation (3)), in any productive process (i.e. 


one in which there is an output expressible in terms of 


exergy) the irreversibility rate is that part of the exergy 
input which must be consumed in the process to make 
it proceed at the required rate. Thus, as will be noted, 
it is exergy and not energy which is consumed in a 
process. 

It is possible to calculate that proportion of the total 
irreversibility of a plant or a component which is 
intrinsic to the processs, i.e. that part which cannot be 
reduced owing to limits imposed by physical, tech- 
nological, economic and other constraints. Thus one can 
present the irreversibility rate in two parts, the intrinsic 
part and the avoidable part, i.e 

fy ae ae (5) 


The importance of identifying the intrinsic and the 
unavoidable parts of irreversibility was first put forward 


by Denbigh® in his work on chemical processes. This 
concept has been subsequently generalised and devel- 
oped by Linnhoff and his co-workers'’ '* who have also 
been largely responsible for the popularisation of these 
concepts. 

As an alternative to the calculation of the irre- 
versibility rate of a process from the exergy balance, we 
can use the Gouy-Stodola relation’ 


i=T,1 (6) 
where 


T, = environmental temperature 
IT = entropy production rate in the control region. 


he choice of one of the other relation for calculating 
i depends on the type of data available and the kind of 
process under consideration. The Gouy-Stodola relation 
will be found generaliy simpler to apply to physical 
processes. In chemical reactions and in processes in- 
volving exchange of substances with the environment the 
exergy balance may be found more convenient particu- 
larly if tables of standard chemical exergy of substances 
are available. 


Exergy of a Stream of Matter 

The determination of the exergy of a steady stream of 
matter is based on the following definition: The exergy 
of a steady stream of matter is equal to the maximum 
amount of work obtainable when the stream is brought 
from its initial state to the state of thermal mechanical 
and chemical equilibrium with the environment by 
means of processes during which the stream may interact 
thermally and chemicaliy only with the environment. 
Clearly, for maximum work these interactions and all 
the processes must take place reversibly. 

The exergy of a stream of matter may be divided into 
four basic components. This can be written, per mole of 
the substance, as follows 


(7) 


molar kinetic exergy 

molar potential exergy 

molar physical exergy 
€;—molar chemical exergy 


The first two components of exergy, é;, and ¢,,., are 
associated with forms of energy which are stored in an 
ordered manner and are fully convertible into other 
forms of energy'*. Thus, in the case of an ordered stream 
of matter, the kinetic exergy of the stream is equal to its 
kinetic energy when the velocity of the stream is 
reckoned with respect to the surface of the Earth. 
Similarly potential exergy of the stream is equal to its 
potential energy reckoned with respect to the sea level. 

The forms of energy associated with the physical and 
the chemical components of exergy are stored in a 
manner which involves an element of disorder. Thus, the 
determination of these two components of exergy in- 
volves very much more complex considerations than that 
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Figure 4. An ideal model for determining the physical and the chemical components of molar exergy 


(with €, 


of the previous two, since in this case we have to invoke 
the Second Law and also we have to bring into the 
considerations the environment as a reference medium. 

The general principles underlying the evaluation of the 
exergy of a substance in steady flow and its decom- 
position into the physical component. ¢,,, and the chem- 
ical component é, will be discussed with reference to 
Figure 4. In the ideal device illustrated the stream is 
brought from its initial state to the state of unrestricted 
equilibrium with the environment using fully (i.e. inter- 
nally and externally) reversible processes so that the 
work obtainable is the maximum. The whole process 
takes place in three modules. The work output derived 
from Module X is equal to the physical component of 
exergy. €,,, whilst the combined output from Modules Y 
and Z is equa! to the chemical component « 


Module X. In Module X all the processes are physical in 
character. The change of state of the stream is from the 
initial state, state 1, to the environmental state, the state 
defined by the environmental pressure, P,, and tem- 
perature, 7,. As can be easily shown'’*'® the work 
obtainable for any combination of fully reversible pro- 
cesses between these two states is given by 


[((W revli = (hy — hy) ; (8) 


Module Y. Within this module the substance undergoes 
a reversible chemical reaction with some environmental 
substances called here co-reactants, to form products 
which are also environmental substances. The purpose 
of this reaction is to modify the original substance in the 
stream so that it can be brought subsequently into a state 
of chemical equilibrium with the substances of which the 
conceptual environment is made up. If, for example, the 
substance under consideration is methane the reaction is 


CH, + 20, + CO, + 2H,O 


co-reactant products 


i.e. in this reaction oxygen is the co-reactant whilst 
carbon dioxide and water substance are the products. All 
the three substances are common environmental sub- 
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0 and ¢ 0) 


stances which co-exist in the environment in ; 
equilibrium. They are delivered to this mo 
removed from it at the environmental pressure P 
temperature 7,. The function of this module can be 
fulfilled by such idealised devices as the van't Hofl 
equilibrium box or a reversible fuel cell with, in either 
case, the necessary compressors and expanders. The 
reversible work delivered by the module can be 
to be equal to the difference between the chemical 
potential of the reactants and the products, which is 
equal in turn to the Gibbs function of the reaction. Thus, 


snown 


per mole of the substance under consideration we 


nave 


((Weev |e 


JOR 


where Ag, is the molar Gibbs function of the 

n, and n, are the numbers of moles and pp, and 

the chemical potentials of the co-reactants and product 
respectively necessary for the stoichiometric rez 
with | mole of the substance under considerat 


chemical potential pu 


Module Z. The purpose of this module is to bring 
reversibly an isothermal change of concentration of the 
environmental 


adoul 


substances which are either delivered 
from the environment to Module Y or vice versa 
Module Z consists of a number of cells equal to the 
number of environmental substances involved in the 
reaction. For the purpose of illustration only two cells, 
one for a co-reactant and one for a product are shown 
in Figure 4 

Each cell is equipped with semipermeable membranes 
to enable the required substance to be separated from 
the environmental mixture. The calculation of the re 
versible work associated with the changes of 


tration of the substances passing 


concen 
through the 
involves, in general, complex calculations, particularly 
in the case of non-gaseous environmental substances 
Reversible isothermal work is given by the change in the 
chemical potential of the substance, hence we can ex- 
press the total work required by the cells handling the 
co-reactants as 


COelus 


[(W revlo yin é yn (4, 
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selected standard values of enthalpy of devaluation and chemical 


exergy of chemical elements and substances’** 


-lement 


Enthalpy of devaluation 


Reference 
substance 
A1.S1O a 
Sillimanite 
CQO,, g 
CaCO., s 


caicite 


(12) 


the molar chemical 

ft and the products respectively. 

net work delivered by Modules Y and Z com- 

bined is equal, according to the definition, to the chem- 
ical exergy of the substance. This can be written as 


(14) 


In the case when the stream under consideration is a 


mixture, the molar chemical exergy is given by 
(15) 
is the mole 


fraction of the i-th constituent é,, is its molar chemical 
exergy and 7, the activity coefficient 


her > he wer ] Y An 
where R is the universal gas constant, x 


Standard Chemical Exergy 
will be seen from 


uires information regarding the chemical potential 


of the common environmental sub- 
DASS 


[ through the cells of Module Z. To 
simplify these calculations it was found convenient to 
substances, one for each 
from among the various possible 
environmental substances, chemical 
containing the question. These 
were then allocated standard concentrations 
which correspond to the average values in their sphere 


SU ILL L 
hem 
cnemica 
common 


potential 


a number of reference 
| element, 
of low 
element in 


sudstances 


of incidence i.e. on the Earth’s surface, the atmosphere 


or in the oceans 


Using these values, and appropriate 


values of P are marked with 
marked 


ng standard values are 


equation (13) the calculation of 


Chemical exergy 
Standard 
enthaipy of 


devaluation 


kJ/kmol 


Standard 
chemical 
Reference 


substance 


exergy 
kJ/kmol 


927 800 A1.S10.. s R87 890 


CO.. ¢g 410 820 
Ca | 400 


400 
930 


JOU 


activity coefficients, the standard values of the chemical 
exergy of the reference substances and of the chemical 
element are then calculated. The standard environmental 
state for which the values of chemical exergy have been 
computed is the same as the standard state which is used 
for quoting thermochemical data i.e. T” = 298.15 K and 
P® = 1.0132 bart. 

This work was first done by Szargut and his co- 
workers’ who originally selected reference substances 
from the atmosphere and the _ Earth’s crust. 
Subsequently’ this system of reference substances was 
modified by dropping mosi of the reference substances 
from the Earth’s crust and replacing these by ionic 
reference substances from the The resulting 
values of standard chemical exergy of the elements were 
only marginally different from those calculated from 
reference substances in the solid state. This confirmed 
the assumption implicit in this work that the Earth’s 
crust and the oceans as well as the atmosphere are in a 
state of equilibrium 

Table 1 gives by way of an example the standard 
chemical exergies of a few chemical elements and the 


oceans 


corresponding reference substances. Using these exergy 
values and the appropriate value of the Gibbs function 
of formation the standard molar chemica! exergy ¢”, of 
any chemical compound can be calculated, from the 
following equation” 


é" = Ag; +5 née (16) 


where Ag? is the standard Gibbs function of formation. 
é, is the standard molar chemical exergy oi the i-th 
element making up the compound and 1, is the corre- 
sponding number of moles per mole of the compound. 

In addition to the table of standard chemical exergy 
of chemical elements these values have also been com- 
puted and tabulated for a variety of organic and inor- 
ganic chemical compounds'*'’. The use of such tables 
can be found to greatly facilitate and speed up the 
calculation of exergy balances for chemical processes. 


Chemical Exergy of Industrial Fuels 
Solid and liquid industrial fuels are solutions of 
numerous chemical compounds of, usually, unknown 
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nature. This makes the calculation of their chemical 
exergy from equation (13) or (16) very difficult. To 
overcome this problem, Szargut and Styrylska'’’ deter- 
mined the correlations which exists between chemical 
exergy and the net calorific value, (NCV), for pure 
organic substances. They assumed in their work that the 
ratio 


¢ 


~ (NCV) 


@ 


(17) 


for solid and liquid industrial fuels is the same as for 
pure chemical substances having the same atomic ratios 
of their constituent elements. After computing values of 
for numerous pure dry organic substances correlations 
expressing the dependence of @ on the atomic ratios 
H/C, O/C, N/C and in some cases S/C were worked out 
A correction is made for the moisture content of solid 
industrial fuels’. 

When the processes taking place within the control 
region are purely physical, the chemical exergy of the 
streams entering and leaving the control region is the 
same and therefore will cancel out in the exergy balance. 
Under these conditions only the physical components of 
exergy need to be taken into consideration. However, 
outside this special area the use of some form of chemica! 
exergy is essential. In particular this applies when 


(i) the processes under consideration include chemical 
reactions, 

(1) the processes taking place within the control 
region include exchange of substances with the environ- 
ment. 


‘Relative’ Chemical Exergy 

The form of chemical exergy based on a system of 
reference substances selected from among common en- 
vironmental substances as described above is of general 
utility and can be used in both the cases listed above 
However, in the case of a chemical process without the 
exchange of substances with the environment the use of 
chemical exergy based on environmental substances is 
not essential. For such cases an alternative form of 
chemical exergy, which may be called relative chemical 
exergy proposed by Sussman” may be used. If we 


consider equation (16) as the basis of evaluation of 


chemical exergy, it will be realised that in the case of an 
open system operating under steady flow conditions the 
part of the chemical exergy contributed by the second 
term on the RHS of (16) will be the same for the streams 
entering and leaving the control region and hence will 
cancel out in an exergy balance. Thus for any processes 
for which the states of the streams at the control surface 
are known, a ‘relative’ form of chemical exergy can be 
used which is equal to the negative value of the Gibbs 
function of formation of the substance under consid- 
eration. As will be realised, the reference substances in 
this case are the chemical elements in the environmental 
state (P,, T)). However, when the open system under 
consideration involves exchange of substances with the 
environment, the substances exchanged must be referred 
to some suitable reference substances in the environ- 
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ment, and thus under these circumstances t 
‘absolute’ form of chemical exergy will 


convenient. Furthermore, this form of ¢ 


does not possess the physical significanc 
usually be attached to the absolute val 
exergy 
To overcome the difficulty 
necessary for the 
Linnhoff and his c 
pressions for entropy and 
unit” which make use of ent 
of the energy analysis of 


change of a stream he gives 


which ts specifically a 
Fora process OF a px 
and P 


const 


Although the derivation 
assumption that 
small, and hence the accuracy 


nique is adequate for most 


const 


In the case of a process inv 
or separation ol components 
priate terms which account 
these phenomena have to be 
balance 


Reference States for Chemical Exergy 
he values « 

lated by Szargut and his co-' 

system of reference substance 


As stated above, t 


of the concentrations at which 
natural environment. Such ; 
ence substances and the resulting 
exergies of substances may be found ' 
the calculation of exergy 
chemical processes 


y balances for 
There are, however, cit 
where the use of the standard reference substan« 
be inappropriate For example in the case ol 
desalination plant, zero exergy value is allo 
water which under these circumstance 

upon as the reference substance for 
thorough discussion of the theory 
applicable to exergy analysis will be 

23 and 24 


Enthalpy of Devaluation 

In the case of processes which include chemica 
tions it is convenient to take account of chemica 
by including it in the enthalpy of each substan 


volved in the reactions. For this purpose the 


may, as in the case of exergy, be divided into the physica 


and the chemical components. In the form of cl 
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enthalpy proposed by Szargut'’ common environmental 
substances of low chemical potential are used as refer- 
ence substances. In this respect it is similar to chemical 
exergy although the substances selected are limited to 
those from the atmosphere and the Earth’s crust (sub- 
stances from the oceans are not used). The name given 
to this form of chemical enthalpy is enthalpy of deval- 
uation and the symbol /, is used for its specific value. In 
the special case of fuels, enthalpy of devaluation is 
identical to the calorific value. Thus, as follows from the 
above description the specific enthalpy of a substance 
may be written in the following form 


k= hialti 14(T, (20) 


where /,,, is the physical component of enthalpy. The 
standard values of molar enthalpy of devaluation. h,, for 
the most common chemical elements and chemical com- 
pounds are available in tabular form’. Using these 
values the steady flow energy equation for a chemically 
reacting open system can be written as follows (with the 
kinetic and potential energy terms neglected). 


O-CaSak 


k 


yin hr yn h, (21) 


+ ying hy, , 


where the subscripts j and k refer to the incoming and 
the outgoing streams respectively 

The use of enthalpy of devaluation is based on the 
same philosophy as that of chemical exergy, namely that 
in any balance (energy or exergy) all the terms (except 
irreversibility rate) refer to states on the control surface 
rather than to the processes taking place inside it. In the 
“across the unit” approach an energy or exergy balance 
has a mixture of terms, those which refer to states at the 
control surface as well as those which refer to the process 


i.e. enthalpy of the reaction and the Gibbs function of 


the reaction. The similiarity of the concept of enthalpy 
of devaluation with chemical exergy makes the use of the 
two in chemical process calculations most convenient. 


Some selected standard values of both enthalpy of 


devaluation and the corresponding reference substances 
of the chemical elements listed are given in Table 1. 


STUDY OBJECTIVES 


In a competitive free market economy the primary 
objective aimed for in plant design will, more often than 
not, be the lowest manufacturing cost of the product. 
Additional requirements may include safety, process 
flexibility, controllability, protection of the environment 
etc. The attainment of this primary objective is de- 
pendent on the success of the plant designer in his efforts 
to achieve an optimal synthesis of the production sys- 
tem. The main elements of the process of optimal 
synthesis are: 


(1) synthesis of an optimal system structure i.e. an 
optimal arrangement of appropriate components 
in the system, and 

(2) assessment of economically justified costs of the 
plant components 


The first element is usually the more difficult of the 
two. There are no formal techniques of general applica- 


bility for determining an optimal system structure. The 
only systematic techniques of synthesis of thermal sys- 
tems which have been successfully developed up to now 
are special techniques for specific areas of application. 
One of these areas of application is the synthesis of heat 
exchanger networks which, since it is a well-defined, 
close-ended problem, can be dealt with in a systematic 
way **. Of more open-ended type in the problem of 
synthesis of distillation systems” ™*' and integration of 
heat and power networks** for which specific tech- 
niques are available. For most other types of systems, 
the synthesis of optimal system structure still amounts to 
a succession of alternating steps of analysis and syn- 
thesis. Consequently, in this type of approach the avail- 
ability of effective techniques of system analysis and 
evaluation is most important. These techniques have two 
roles to play in the overall process. One of these roles is 
to help in the learning process. The study of simple and 
complex systems with the object of revealing their per- 
formance characteristics under different operating con- 
ditions leads to an accumulation of knowledge which 
can be subsequently applied in the design process. The 
techniques which have been developed as part of the 
exergy method can be particularly useful in this context. 
The information of interest is easily quantifiable in terms 
of the concepts of exergy. Irreversibility rate and per- 
formance indicators derived from them. A number of 
studies'’’ of this type have been carried out for simple 
systems such as heat exchangers, expanders, com- 
pressors, throttling devices as well as for complex sys- 
tems e.g. air liquefaction plants. The other role of 
analysis is to assess the performance of the plant 
configuration arrived at a particular stage of the process 
of system synthesis and to provide pointers for possible 
improvements in the next step of this process. Thus plant 
analysis, through its two-fold role, is an essential element 
of an evolutionary process of system synthesis 

Another aspect of study objectives which ought to be 
clarified is the question of how the overall control 
surface should be drawn for a thermal or chemical plant. 
Most of these plants interact with the environment by 
rejecting heat to it and exchanging substances with it. 
The irreversibilities associated with these interactions 
should be reflected in the value of the efficiency calcu- 
lated for the plant. Clearly, plants which reject high 
grade heat to the environment should suffer a reduction 
in the overall efficiency commensurate with the energy 
degradation resulting from it. The same applies to 
chemical plants which reject the environment sub. 
stances with high chemical potential. To take these 
effects into account, the control surface of the plant must 
be extended to include parts of the environment in which 
degradation of energy and substances takes place. In the 
latter case the loss of exergy can be easily calculated if 
chemical exergy values evaluated with reference to com- 
mon environmental substance of low chemical potential 
are used. 


EXERGY TOOLS AND TECHNIQUES 
Criteria of Performance 


The concept of exergy affords means of formulating 
new criteria of performance which offer some advan- 
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tages over the traditional ones. Several workers in this 
area, among them BoSnjakovic’’ and Fratzscher™* have 
proposed some general criteria of performance based on 
the concept of exergy. Also Szargut and Petela’’ defined 
exergy-based efficiencies applicable to particular plants. 
Rational efficiency’ is a criterion of performance which 
can be formulated for any steadily operating thermal 
plant or plant component for which the output is 
expressible in terms of exergy. Unless the process under 
consideration is purely dissipative (i.e. it has no exergy 
output) the exergy balance for it can be put in the 
following form. 


> AZour = VAEw — 1 (22) 


where LAEp, 1 is the sum of all exergy transfers making 
up the desired output, LAE, is the sum of all exergy 
transfers making up the necessary input, and / is the 
irreversibility rate associated with the process under 
consideration. Defining the rational efficiencyt, w, as a 
ratio of exergy output to exergy input and dividing (22) 
by LAE, we get 


— YAE ou 
~ le 


_ 
(25) 


Thus, as shown in (23), the use of the exergy balance 
yields an alternative expression for w 
Second Law 


Since from the 


i>0 (24) 
and also since 

YAEL our > 0 (25) 
the range of values of w lies within the following limits 

O0<yv<l (26) 


By introducing / = /,,,,,,.,. into the second of the two 
expressions for w given by (23) we obtain the maximum 
practica! value of w corresponding to the set of physical, 
technological and economic constraints, applicable to 
the plant under consideration. 

Note that not all forms of efficiency formulated as a 
ratio of two exergy values or exergy changes will satisfy 
the inequality given by (26). In this respect rational 
efficiency occupies a special position among the different 
possible forms of exergetic efficiencies” and, perhaps, 
has not been accorded the adjective ‘rational’ un- 
deservedly. When dealing with a multi-component plant 
the total irreversibility in the form given by (4) can be 
used. This leads to 


The difference (1 — y) is clearly that fraction of the input 
which is lost through irreversibility and is known as 
efficiency defect, 6. As can be seen from the RHS of (27) 


+ Rational efficiency is a particular form of exergetic efficiency 
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it is made up of contributions from the different com 
ponents of the plant. If the contribution 

component 1s expressed as 


Y) 


The RHS of equation (29) shows in dimensionless form 
how the exergy input to the plant (unity) is split 
the useful output, represented by w, and the | 

is dissipated in the different plant components given by 
0.’s. This information can be represented in graphic form 


as a pie diagram or, as a Grassmann diagram 


Grassmann Diagram 


A list of component irreversibilities may provide 
suitable means of examining the performance of a sim 
plant 


consisting of a number of components, the 


However, in the case of more com 
advantage in presenting the information pictorial 
way. A very useful diagram for the pictorial repre 

ation of exergy 
Grassmann diagram 


flows and losses is known ; the 
This diagram may be considered as 
an adaptation of the Sankey diagram which is used to 
represent energy transfers within a plant. Figure 7 is an 
example of this form of pictorial presentation of the 
results of exergy analysis The width of the band 

measure of the magnitude of the exergy flow at 

entry or the exit of a particular sub-region. Each 

region is represented as a rectangular box and the reduc 
tion in the width of the band, shown dotted, is 
measure of the exergy loss, or irreversibility rate 
given sub-region. In more complex plants the 
mann diagram can be particularly valuable sin 


shows not only exergy losses but 
exergy 


streams and recirculation of exerg 
shows graphically how the original input 
dissipated in the successive stages of energ 


formation in the plant 


The diagram can be presented 
or dimensionless form. In th 
exergy and irreversibility rate 
of power, say, kW 


Exergy Based Property Diagrams 
diagrams 
devised for use in the analysis of processes by 
method. One which is particularly useful for tl 


A number of exergy property 


of power cycles, refrigeration cycles and cry 
cesses is the exergy—enthalpy diagram. The 
shown in Figure 5, is typical in its form o 
such as water, substance, ammonia and a 
fluorinated refrigerants. By drawing the cycle 
process under analysis on such a chart a 
different quantities such as exergy chan 
change and irreversibility can be read off di 

the processes analysed on such charts are 
type the exergy coordinate plotted is usually 
exergy or exergy with an arbitrary reference level 
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r a refrigeration cycle 


following type 
r h Ts + ¢ (30) 


where C is an arbitrary constant. Some examples of such 
diagrams and their method of application are given by 
Glaser”, Brodyanskii and Ishkin*® and Auracher’’. The 
¢—h diagram can be also found useful for demonstrating 
the thermodynamic principles of cycles and processes 
including those involving ideal gases 

An exergy-concentration chart for a binary mixture 
consisting of O, and N, in the molar ratio of 0.21 to 0.79 
has been constructed by Brodyanskii”*. This type of 
chart can be used for reading off directly the minimum 
work of separation for products of different degree of 
purity. Although this appears to be the only example of 
an exergy-concentration chart, similar charts could be 
easily constructed for other binary mixtures given the 
necessary data 

Heat transfer processes in which the main source of 
irreversibility is heat transfer over a finite temperature 
difference can be conveniently analysed by means of a 
dimensionless exergetic temperature—enthalpy diagram. 
Dimensionless exergetic temperature, t, is the name 
given to the Carnot efficiency based on the temperature 
of the environment (see equation (2)), i.e 


t=1-T7,/7 (31) 


An example of application of this type of diagram to 
the regenerative heat exchanger of a Linde air lique- 
faction plant is shown in Figure 6. The difference 
between the two cross-hatched area shows the effect of 
the introduction of auxiliary refrigeration on the irre- 
versibility of the heat exchange process” 


Exergy Based Preperty Tables 
The availability of tables of standard values of 
chemical exergy and enthalpy of devaluation can be of 
great help in chemical process calculations. 
lo facilitate the calculation of the physical component 
of exergy of ideal gases it can be expressed as a sum of 
two components, the isobaric component, ¢*', and the 


isothermal component, ¢*", ice. 


~AP __ + 
é — 


where 


The thermodynamic function ¢. has been called the 
mean molar isobaric exergy capacity. Two forms of mean 
molar isobaric heat capacities may be defined one for 
enthalpy and the other for entropy evaluation. They are 
respectively 


(35) 


~ In(T/T,) J; 


where ¢, is the molar isobaric specific heat capacity. 
Using a polynominal expression for ¢, both ¢3 and ¢° can 
be evaluated’. Hence ¢¢ can be calculated from 


in (7 /T,) 


(36) 
ii I 


Values of ¢3,¢3 and ¢{ have been tabulated’? for a 
number of common gases over a range of temperatures 
with 7, = 298 K. 

By using tables of h%, ¢°, ¢° and & energy and exergy 
balances for physical and chemical processes can be 
carried out speedily 


Coefficient of Structural Bonds 

Irreversibility rate provides means of assessment of 
the thermodynamic performance of individual plant 
components as well as that of the whole plant. This 
makes it possible not only to compare the exergy losses 
of the different plant components under static conditions 
but also to investigate their relative changes as a result 
of a change in a selected plant parameter. These relative 
changes can be conveniently expressed in the form of the 
coefficient of structural bonds or CSB for short. The CSB 
is defined by the following relation 


where 


/,—1rreversibility rate of the whole plant 
/,—irreversibility rate of the k-th plant component 
x—plant parameter which is varied 

If the exergy output rate of the plant under analysis is 
fixed and the exergy input is of only one type and of 
invariable quality (e.g. fuel or electricity) a reduction in 
the plant irreversibility rate, A/;, leads to an equal 
reduction in the plant exergy input rate, AE£),, 1.e. 

Al, = AEw (38) 


Hence, for a finite change in the parameter x,, equation 
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(37) may be put in the following form 


AE,x = 6,,Al, (39) 
This equation shows clearly the effect of changes in local 
irreversibility rates on the exergy input to the plant. As 
values of o, ; are different for different plant components, 
equation (39) may be said to demonstrate the thermo- 
dynamic non-equivalence of exergy and exergy losses 

It is instructive to examine the significance of the 
following possible ranges of values of o, 


(i) In the case when 


&:.> 1 


k 


(40) 


the reduction in the input to the system (saving in 


primary exergy) is greater than the reduction in the 
irreversibility of the element under consideration 
(k-th element). Clearly in this case, the change in x 
affects favourably not only the k-th element but 
also, owing to the existence of bonds between them, 
other elements. When this situation exists it is 
particularly advantageous to optimise the k-th 
element because of its potentially 
impact on the overall plant efficiency 


favourable 


In the case when 


6.,< I (41) 


the reduction in the input to the system is less than 
the reduction in the irreversibility of the k-th 
element. Clearly, here a reduction in the irre- 
versibility rate in the k-th element is accompanied 
by increases in the irreversibility rates in other 
elements of the plant. This range of values of 
o,, demonstrates an unfavourable structure of the 
system. 


As a special case we have 
(42) 


which means that the improvement in the per- 
formance of the k-th element is counterbalanced by 
an equal reduction in performance of other ele- 
ments (as measured by /) so that there is no effect 
on the overall plant efficiency. This case demon- 
strates a rigid structure of the system which does 
not permit the benefits of a local improvement in 
performance to be passed on to the plant as a 
whole. 

It is possible to have 


a ae (43) 


which would indicate that the parameter x, affects 
other elements more strongly than it affects the k-th 
element and in the opposite sense, i.e. when the 
irreversibility rate in the k-th element decreases, it 
increases in other plant elements by a 
amount. This clearly demonstrates a 
favourable system structure. 

Among the four cases discussed above only Case 
(i) represents a really favourable system structure. 
The other three cases represent, to different degree, 
unfavorable system structures which, subject to 
economic and other constraints, should be changed 


greater 
very un- 
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sible through the use of local unit costs of exergy flows 
entering and leaving the elements under consideration. 
This method will be called the autonomous method. 

The structural method of thermoeconomic optimization. 
The applicability of this method is restricted to plants 
with exergy input of one type, (e.g. fuel oil or electricity 
etc.). More than one form of exergy input is admissible 
only if their relative exergy flow rates remain the same 
so that a single unit cost can be attached to the input 
exergy. In order to optimise the cost of one of the 
components it is assumed that there is one parameter, x;,, 
which can influence its performance and, in most cases, 
also indirectly affect the performance of the whole plant. 
Any variation in the parameter x; will also, in general, 
cause changes in the irreversibility rates of other plant 
elements and also may necessitate changes in their 
capital costs. Taking the plant output to be fixed the 
objective function is the annual operating cost which can 
be expressed as follows 


C1(X) = top Cin Eqn (%) + a Y Ci(x) +6 
where 


period of operation per year 

unit cost of input exergy to the system 

capital recovery factor, which when multiplied 
by the total investment gives the annual re- 
payment necessary to pay back the investment 
after a specified period. 

capital cost of the /-th element of the system 
consisting of n elements. 

the part of the annual cost which is not affected 
by the optimization. 


The optimum condition corresponds to 
C(x) > min 


and is given 


él, 


where 


i.e. subscript /’ marks any of the plant components 
except the one which is the subject of the optimization 
procedure. Equation (47) defines the capital cost 
coefficient. 

Equation (46) defines the unit cost of irreversibility 
in the k-th plant element, and may be said to demon- 
Strate the thermoeconomic non-equivalence of irre- 
versibilities occurring in the differing plant components. 


What this means is that although the unit cost of 


primary exergy supplied to the whole system is fixed at 
the value determined by external economic factors, the 
unit cost of compensation for the loss of exergy (irre- 
versibility) will vary from component to component. 
This thermoeconomic indicator takes into account the 
thermodynamic non-equivalence of irreversibilities 
through o, ,, whilst the capital investment (the economic) 
contribution to this indicator comes from the term 
containing €,,. This coefficient gives a measure of the 
changes in the capital costs of the elements (other than 
the A-th element) resulting from the change in the 
irreversibility rate in the k-th element. For some ele- 
ments of a plant the contribution to the value of this 
coefficient may be very small. This may lead to a 
situation when second term on the RHS of (46) may be 
neglected leading to a substantial saving in calculations. 
In an illustrative example of thermoeconomic opti- 
mization of a heat exchanger in a back-pressure CHP 
plant it was shown’ that the term involving €,, ac- 
counted only for about 12% of the value of €; 

The structural method has not been as yet adapted to 
the optimization of multi-component plants. Con- 
sequently it will require some more development work 
before it can compete with existing computer package 
programs which have been designed for this purpose. 

The autonomous method of thermoeconomic opti- 
mization. In this approach the system is decomposed into 
a number of suitably selected sub-systems or zones. The 
technique is based on the assumption that the balance 
between the capital cost rate and the expenditure rate 
necessary to compensate for process irreversibility can 
be applied to each zone in the same way as to the whole 
plant i.e. the zone is treated as if it was an autonomous 
system. The general cost equation for an autonomous 
zone x can be expressed in the following form. 


(Ec) = ¥ (Ec) + Z, 


IN x 
where 


E;—is the exergy flux rate of the i-th stream 
c‘—is the corresponding unit cost of exergy, and 
Z,—s the capital expenditure rate for Zone x 


Since, owing to irreversibility of all real processes, the 
total exergy output for a zone is always less than the 
exergy input and because of the additional cost Z, 
involved in the process the unit cost of exergy tends to 
increase in the direction of its flow. 

The key to the success of this method lies in the 
determination of the proper values of unit costs of 
exergy for the exergy fluxes crossing the zone boundary. 
Where there is only one exergy input and one exergy 
Output stream coy; can be easily determined provided 
cjx and the other parameters in equation (48) are known. 
In such a case the unit cost of exergy at a point of a zone 
boundary can be obtained by following the path of 
exergy flow from the input point to the plant where the 
unit cost will be generally known from commercial 
considerations. Where there is more than one input or 
output exergy stream involved in the zone under consid- 
eration additional information or assumptions are re- 
quired. 
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Ei-Sayed and Evans* demonstrated mathematically 
the basic elements of this technique, namely the decom- 
position of a system into autonomous zones and the 
method of determination of the unit costs of exergy 
fluxes, on a simpie system consisting of three elements in 
series. The autonomous method has been applied to a 
number of technical problems. Among these we have the 
optimization of a vapour compression desalination 
plant”, costing of the heating and the power output of 
a CHP plant” and maintenance and operating decisions 
concerning defective feed heaters in a steam power 
plant”. 

The autonomous method is quite time consuming and 
for its successful application requires a high level of 
expertise, so that in its present state of development it is 
unlikely to find many followers particularly in its appli- 
cation to cost optimization of multi-component plants 


REVIEW OF EXAMPLES OF 
APPLICATION 
1. Cryogenic Processes 

The application of the Exergy Method to low tem- 
perature processes can be particularly fruitful since in 
this area of application the overall plant efficiency is 
particularly sensitive to component efficiencies. As can 
be shown by means of the Exergy Method" the mean 
temperature difference in heat exchange must decrease 
with decreasing operating temperature if a particular 
value of the rational efficiency of the heat exchanger is 
to be maintained. It has also been shown that the 
irreversibility rate associated with the operation of ex- 
panders and compressors of a given isentropic efficiency 
increases with decreasing temperature. One of the ear- 
liest examples of application of the Second Law analysis 
is due to Kapitsa*~ who analysed the individual processes 
of an air liquefaction plant and found that the throttling 
process accounted for an inordinately high proportion of 
total plant irreversibility. This led him to the replace- 
ment of the throttling valve with an expander. 

Papers by Gardner and Smith’ and Benedict and 
Gyftopoulos™ represent early yet effective examples of 
analysis of air liquefaction plants. In fact the latter of the 
two papers is based on an unpublished lecture given at 
MIT in 1949. The analysis of the plants consisted of 
calculation of both intrinsic and actual irreversibilities of 
the plant components. In both papers simple forms of 
thermoeconomic optimization of the main heat ex- 
changers were carried out by trading off ‘lost work’ 
against the capital cost of these components. 

In an interesting study Brodyanskii and Ishkin” ana- 
lyse the distribution of irreversibilities in both the simple 
Linde plant and in one with auxiliary refrigeration. 
Particularly effective is the use of the t-AH diagram (see 
Figure 6) which shows the two-fold effect of auxiliary 
refrigeration on the reduction in the irreversibility of the 
heat exchange process. This is due to the reduction both 
in the mean temperature difference and in the mass flow 
rate of fresh air necessary for given output of liquefied 
air. The latter factor leads to the reduction in the 
irreversibility rate of other plant components. Thus, this 
study is particularly successful in highiighting the struc- 
tural bonds between the plant components 
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2. Distillation processes 


The publications involving the 
concepts to the analysis 
mainly into t 


analysis of the whole distillation plant 


object of determining the principal fact 

tributing to the overall plant irreversibilit) 

analysis of the processes taking place 

tillation column with the ai 

thermodynamically more efficient desig 
In the first category are two publications 
faction plant namely those by Gardner and 
Benedict and Gyftopoulos” which were re 
above in connection with cryogenic processes 
analysis was carried out on an oil distillatior 
Michalek 

The work corresponding to this second categ 

been dealt with at some length in references 15 and 5 
The paper by Fitzmorris and Mah” is also largely 
concerned with the thermodynamic performance of dis 
tillation columns. In this paper the authors discussed in 


} 


terms of exergy the losses which occur in a distillation 
column and proposed four different forms of thermo- 
dynamic, Second Law efficiencies. | sing these tools they 
calculated component irreversibilities and efficiencies for 
the column and the systems as a whole for 
ventional distillation process, vapour compressio! 
cess and secondary reflux and vaporisation (SR 
cess. By varying in turn the reflux ratio and the 
of stages they demonstrated the effect of th 
parameters on the irreversibilities and the eff 
Linnhoff and Smith” concerned about the 
modynamic efficiency of distillation columns 
ergy analysis to the problem. In order to select th 
suitable criterion for the assessment of 
of a distillation column they consider the 
drawbacks of various alternative forms 
efficiencies. Then they examine the behaviour 
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efficiencies using a computer package simulating dis- 
tillation over a range of practical applications. They 
conclude that an assessment of the variable scope for 
improvement in the efficiency of the distillation column 
should be made with reference to an “ideal distillation” 
process i.e. one in which (for binary feed) the process is 
arranged to take place reversibly. 

The efficiency of distillation process is also the subject 
of a paper by Fonyo and Rev”. Their main contribution 
in this paper to this subject is a detailed analysis and 
identification of losses expressed in terms of entropy 
production inside and outside the column. The authors 
then give a comprehensive list of energy saving policies 
aiming to reduce the different types of irreversibilities. 
Drawing on their own theoretical studies and practical 
experience they recommend the use of interboilers and 
intercondensers as well as energy integration concepts as 
the most effective energy conservation methods. 


3. Chemical processes 


The steep rise in the cost of fuels which has taken place 


in the last decade has led to a search for ways of 


upgrading and modifying fuels in an efficient manner to 
fit in with the pattern of demand in the national econo- 
mies of different countries. Many authors have accord- 


ingly turned to the Second Law analysis for means of 


improving the performance of the production plants 

In an effort to pinpoint the causes of plant inefficiency 
Singh et al.°’ have calculated the irreversibilities of the 
various constituent processes making up the HYGAS 
process of producing substitute natural gas from bitu- 
minous coal. They found that the largest irreversibilities 
were associated with three major chemical conversion 
process steps, namely pre-treatment, gasification and 
combustion for steam generation. A similar type of plant 
was analysed by the Exergy Method by Tsatsaronis et 
al.°*. However, in this case the plant was a pilot plant for 
the hydrogasification of coal with the aid of thermal 
energy delivered by a HTGR nuclear plant. From the 
results of the analysis the authors produced some recom- 
mendation for improving the plant performance. 

Kapner and Lannus” analysed a catalytic reforming 
process for upgrading low octane petroleum containing 
significant quantities of aromatic hydrocarbons. The 
object of this analysis was to compare the theoretical 
minimum irreversibility of the process with that calcu- 
lated for the actual process. From this analysis the 
authors have concluded that there is a substantial poten- 
tial for improvement in the performance of the plant, 
and identified areas where plant modification or long 
term research were required. 

As a result of the general energy conservation drive of 
the recent years the efficiency of production of a number 
of basic chemicals was assessed using the Exergy 
Method. Riekert calculated the irreversibilities associ- 
ated with various stages of production of ammonia from 
natural gas and nitric acid from ammonia™ using values 
of chemical exergy based on reference substances present 
in the atmosphere. In a later publication® Riekert 
analysed by similar techniques the processes of methanol 
from naphtha and natural gas and the subsequent 


S 


production of formaldehyde from methanol. In all cases 


Riekert represented the flows and losses of exergy with 
the aid of Grassmann diagrams. 

Cremer analysed” a synthesis-gas plant and an ammo- 
nia plant operating in series by calculating the entropy 
rates from the various streams entering and leaving plant 
components. From these values he calculated entropy 
production and hence using the Gouy-Stodola relation 
[see equation (6)] the irreversibility rate for each plant 
component. This technique, however, does not give 
absolute values of exergy of the streams entering or 
leaving the plant and consequently it is not possible to 
evaluate external irreversibilities such as that due to 
discharge of waste products into the environment. This 
technique also does not provide the necessary quantities 
for the evaluation of the rational efficiency of the 
process. 

The technique of chemical plant analysis described in 
reference 15 does not suffer from these drawbacks. It 
provides a systematic approach to the calculation of 
quantities necessary for the application energy and 
exergy balances to the plant and the sub-regions into 
which it may be divided. Figure 7(a) shows a simplified 
diagram of plant for the production of sulphuric acid 
which uses the sulphur-burning contact method. The 
results of the calculations are presented in the form of 
the Grassmann diagram in Figure 7(b). Because of the 
exothermic nature of the process substantial quantities 
of process steam are produced. The integration of the 
two parallel processes of the production of H,SO, and 
steam makes the overall rational efficiency relatively 
high. From Figure 7(b) we have wW,, = (Ej, + Ex) 
E.= 0.211 + 0.261 = 0.472. Since some of the sub- 
regions, namely the sulphur burner, the economiser and 
the absorption system, show appreciable irreversibilities, 
further improvement in the performance of the plant 
through better integration of the two processes is 
possible. 

The relatively large consumption of fossil fuels in 
metallurgical plants has provided an incentive for a 
search for fuel economies. One of the earliest but also 
one of the most comprehensive analyses was carried out 
by Szargut et al.°’ on a complete steel production plant. 
The plant analysed consisted of a coking plant, CHP 
plant, sinter plant, blast furnace, open hearth furnace, 
rolling mill and a number of auxiliary installations. A 
more recent contribution to this subject area is due to 
Morris et al.”*. The initial part of this paper is devoted 
to an outline of the theory on which determination of 
chemical exergy is based and to the actual calculation of 
the values of chemical exergy for a number of elements, 
compounds and complex substances such as coke, slag 
and sinter, which are of interest in the process under 
consideration. The plant analysed included all the major 
components, namely the sinter plant, acid plan, blast 
furnace and refinery. For all these components irreversi- 
bility rates were calculated. The results of this analysis 
were discussed and recommendations for improving the 
plant performance were made. 

A number of the papers reviewed above give accounts 
of the type of plant analysis which consists basically of 
calculation of irreversibiiities of plant components. This 
approach can have in some cases a useful function by 
alerting the design engineer to the need for improving 
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the thermodynamic efficiency of the components with 
the largest avoidable irreversibilities. Also, given the 
necessary degree of understanding of the nature of these 
irreversibilities and their causes, the information ob- 
tained from the analysis can serve as a basis for a step 
towards a more efficient process. However, in many 
cases substantial improvements in performance are only 
possible through a thorough rearrangement of the sys- 
tem structure. To do this successfully a systematic 
approach to process synthesis is needed. 


4. Process Synthesis 

Although the analysis of thermal systems by the 
Exergy Method may be said to have reached now an 
advanced state of development, the use of exergy con- 
cepts and techniques in process synthesis is still in its 
infancy. The principal types of approaches to process 
synthesis which have been so far developed have been 
briefly reviewed above under “Study Objectives”. Also 


the importance of analysis in the evolutionary type of 


process synthesis has been emphasised. We shall now 
review some of the published work covering this subject 
area 

One of the earliest attempts to systematize evo- 
lutionary process synthesis in its general form is due to 
King et al.°’. The plant selected for this experimental 
technique was methane liquefaction plant. Starting with 
the simplest plant arrangement a procedure of alterna- 
ting processes of analysis, and local improvements was 
put into effect. As a rule the component selected for 
improvement was either one with the highest irre- 
versibility or if this was not feasible, with the second 
highest irreversibility. The procedure adopted was 
probably the best available considering the state of the 
art of exergy analysis at the time of publication of this 
paper. However, as is well understood now, the key to 
the reduction in the irreversibility of one plant com- 
ponent is often to be found in another component. The 


procedure selected worked reasonably well in the case of 


the chosen plant, but, as the authors have pointed out, 
the final form of the plant had some undesirable features 
which arose owing to some inherent defects in the 
technique 

A case study presented in a paper by Townsend’ is an 
example of the basic type of process synthesis which has 
been described earlier under “Study Objectives”. This 
paper is one of the first publications to apply to a 
practical process development problem the ideas and 
the approach pioneered by Linnhoff and his co- 
workers . The success of this type of approach 
is heavily dependent on the experience and inventive 
skills of the designer which in turn are enhanced and 
assisted by a sound knowledge of exergy concepts and 
proficiency in the handling of exergy techniques. The 
case study concerns an existing refrigeration plant to 
which this type of process analysis and development was 
applied with a view to improving its energy efficiency 
with a minimum of capital and downtime cost. The 


author takes care to explain in the paper the nature of 


process irreversibilities in the different plant components 


fact is not exploited quantitatively in this technique 


and discusses the network interactions inherent in the 
system. 

The techniques of process synthesis proposed by 
Umeda et al.” and Naka et al.*' are designed for specific 
types of plants, namely distillation plants. The technique 
described in the first of the two papers is restricted to 
plants with one heat source and one heat sink. The 
principal tool used was the t-AH diagram on which the 
composite cooling and heating curves were assembled. 
The area between the two curves in these coordinates 
gives the irreversibility of the process (see Figure 6)t. To 
reduce this irreversibility the curves are shifted and 
pinch-points are located. These are subsequently elimi- 
nated by either changing the column pressure or the 
temperature of a segment of the composite line (without 
pressure change). The latter change is brought about by 
increasing the plant complexity through the introduction 
of interboilers and/or intercondensers. The irreversibility 
of the plant decreases monotonically with each repeated 
set of operations. Economic and operability criteria are 
finally applied. The main advantage of this technique is 
its simplicity and ease of application 

The technique described in the other paper, Naka et 
al.*', is designed to cope with a rather more complex 
problem of a multicomponent distillation systems with 
heat integration, involving multiple heat sources and 
heat sinks with fixed loads (from other processes) as well 
as process utilities. The synthesis problem is equivalent 
to the problem of how to minimise the exergy con- 
sumption of the process utilities by maximising energy 
recovery between condensers and reboilers. Heat inte- 
gration arising from sensible heat was neglected. To 
make heat recovery possible suitable operating pressures 
had to be selected for the different columns. Because of 
the large number of pressure combinations a tree search- 
ing method was employed. The physical meanings of the 
computing processes were visually represented in the 
t-AH coordinates. This work represents a successful 
attempt to use the advantages offered by the exergy 
concepts to solve a fairly complex problem of process 
synthesis. 

Papers by Grant and Anozie” and Parker’! are repre- 
sentative of a new kind of approach to process analysis 
and process synthesis which appears to be gaining 
ground among chemical plant designers. The authors of 
both papers look upon the exergy method as a very 
useful tool particularly when dealing with new processes. 
They recommend that exergy analysis should be incor- 
porated into process simulation programs together with 
energy and mass balances. The use of exergy criteria was 
considered useful in such simulation techniques for 
studying the effect of changes in operating conditions on 
the thermodynamic efficiency of the process. Some initial 
Steps to put such a scheme into effect have been taken 
by the authors of the first of the two papers. Furthe1 
studies including sensitivity analysis and optimisation of 
operating conditions were to be implemented in the 
second stage of the investigation. One of the main 
difficulties which has been stressed in both papers is 
lack of entropy data. The authors proposed various 
approximate techniques to deal with this problem. 

Chiu” discusses at some length different exergy tech- 
niques which can be applied to improve the efficiency of 
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cryogenic plants. These included an empirical trial and optimised one of the ‘ctive functions 
error approach in conjunction with exergy analysis of the others as inequality constraints. This wor 
the plant, an analytical optimisation process and what he tially a study into the feasibility of optimising t 
calls “iterative and comparative exergy analysis’, which using different techniques and different con 
basically consists of exergy analysis of the process objectives. One of the studies was to be n 
alongside other processes fulfilling similar function. The above American study by incorporating 
comparative approach which may be said to constitute tives. However, Balli found 
a form of process synthesis leads to generation of ideas sufficiently reliable data and consequently 
for improving process efficiency. Chiu reviews several don this approach in favour of using p1 
papers which describe the application of these tech- requirement as the object 
niques. He also recommends the use of exergy-enthalpy Stephanopoulos 
property diagrams and various forms of exergetic eral question of the 
efficiencies as effective tools which can aid exergy in the synthesis of 
analysis in cryogenic engineering discuss the idea of t 
A paper by Trepp” provides a good example of how in the search space 
the study of performance of simple components under in the systematic 
different operating conditions can help in the design of tion schemes. Am 
complex systems. The particular system to which he be used for 
applies this approach is a refrigeration system for tem- is mentioned owing 
peratures below 25 K. He uses the results of an earlier expected equilibriun 1 
study on low temperature heat exchange which shows Although exergy concepts as 
that for optimum performance the temperature paper, Gibbs function, of re 
difference between streams must be a certain function of 


v 


regarded (as follows fr 

the local operating temperature. Another element in the above) as a forn 

design is Trepp’s own study of exergy losses in expansion purpose of 

processes as function of the number of Stages Of expan- exchange of 

sion and gas inlet temperature. Using this information In a search 

Trepp synthesizes an efficient multi-expander, hydrogen synthesis a 

refrigerator non-exergy 
The following three papers reviewed here, in which the lems. The 

authors consider optimisation of whole petrochemical 


techniques know! 
nology These C 


As is well known, there is a multiplicity of technological Linnhofi 
paths available for arriving at a given product from basic 


industries, represent a new departure in exergy analysis 


and Flower at 
sequently developed further with 

raw materials. In the production processes of the petro workers at ICI and UMIST. Pinc 

chemical industry the outputs of the different plants may developed for use in the followit 

be used as final products or as raw materials for other 

subsystems. This interaction makes it necessary to study 

whole industrial sectors since optimisation of individual 


(1) Heat exchan 


| 

5 nihatin 
production units will not necessarily result in optimum \¢) Distillati 

5 


» . »of na 
performance of the whole system. Stephanopoulos et (3) Heat and 


al.”*”° apply multiobjective analysis to the petrochemical 
industry of the USA. In the first of the two papers 
dealing with this subject the authors use the following 
two objective functions 


terminology, rules 

concept on whicl 

of closest temperat 

(i) maximisation of the ideal reversible exergy change or “the pinch”. The 
associated with the production process. these techniques aim 

} 


(ii) minimization of the actual exergy requirement with energy degradati 
temperature difference 
In the second paper they bring in an additional concept. However 
objective namely minimization of feedstock consump- for the hot and c 
tion. In the overall optimization procedure an optimum problem of minimisatio1 
structure is determined for each objective. However, one of energy recovery 
since these cannot be satisfied in full at the same time, these techniques are designe 
a whole set of compromised structures is put forward in of application they ten 
which all the objectives are considered simultaneously general technique and therefore 
From these a designer can choose one which he finds there is little doubt that 
most appropriate, giving, as necessary, preference to applied mechanically, without a 
selected objectives and some creative flexibility on behalf 
Similar work to those reviewed above was done by background of Second Law 
Balli’® for the European petrochemical industry. In his providing the necessary understanding 
particular approach to multiobjective modelling, Ba!li underlying the basic rules 
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CONCLUSIONS 

As will be seen from the above review, the exergy 
method has reached now a stage of development of its 
techniques of analysis when practically any type of 
chemical process can be analysed without difficulty. 
Useful forms of efficiency and other performance indi- 
cators based on exergy concepts are available for evalu- 
ating the performance of both unit processes as well as 
whole plants. Chart, tables and short-cut techniques 
have been developed to facilitate the calculations. 

The situation with regard to application of exergy 
concepts to process synthesis is less satisfactory although 
some of the more recent papers on this subject give 
grounds for optimism for the future of the exergy 
method in this area of application. Some useful tech- 
niques of process synthesis for specific areas of applica- 
tion have been developed in parallel with similar non- 
exergy techniques (e.g. pinch technology). 

A further example of a new, interesting development 
is the use of exergy concepts in multiobjective opti- 
mization of process routes in macroeconomic systems. 
The area of application which is not served well by any 
of the existing techniques of process synthesis are cryo- 
genic systems and other systems in which irreversibility 
due to heat transfer over a finite temperature difference 
is not the dominant form of irreversibility. The way 
forward in this area may be the heuristic approach to 
evolutionary process synthesis as examplified by the 
experimental technique produced by King et al.”’. The 
use of coefficients of structural bonds may prove useful 
in this context, although much more work is required 
before we learn how to apply them in a systematic way. 

There are some successful examples of thermo- 
economic optimization of components in plants of 
moderate complexity. However these techniques require 
further development work before they can be considered 
suitable for application to large multicomponent sys- 
tems. In the case of the structural method of thermo- 
economic optimization, the graph theoretic approach 
to the calculation of CSB’s should help to make the 
optimization of large systems more systematic 

The usefulness of charts such as exergy-enthalpy and 
exergy-concentration charts has been pointed out above. 
Although these charts are available for a number of 
fluids there is a need for further development work to 
include among these more of the important working 
fluids 

Finally, the question of nomenclature for exergy 
analysis must be mentioned. At the present time there is 
a lack of uniformity in the use of names and symbols in 
this subject area, particularly in English language publi- 
cations. This is, without doubt, a significant factor in the 
resistance to the use of the Exergy Method as well as to 
its more widespread teaching. Steps have now been 
taken to remedy this situation. A working party has been 
set up by the Exergy Group? to prepare, in cunsultation 
with leading workers in this subject area from a number 
of different countries, a proposal for what hopefully will 
be a generally acceptable nomenclature 
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1. Papers published in the Journal will be original con- 
tributions to chemical engineering knowledge, not previously 
published. In particular, the Editorial Board encourages the 
submission of papers which show how the results of research 
may be used in chemical engineering design. Such implications 
for design should be brought out clearly in the paper and its 
summary 

Accounts of research work of an experimental or theoretical 
nature which throw new light on established principles, which 
identify problems not yet solved, or indicate practical areas to 
which research effort may usefully be applied are also invited 
Reports from industry and from research establishments are 
particularly welcome 

Papers may also deal with new developments of plant or 
processes if these developments are related to underlying 
principles and can be given quantitative expression 


2. Authors need not be members of the Institution. Papers 


must be in English and should normally be of 2500 to 5000 
words, including Appendices. Figures should also be included 
in this count, each being estimated as equivalent to 250 words 


3. The Editorial Board will, however, also welcome Shorter 
Communications (less than 2500 words) for consideration for 
publication; these would describe, for example, novel research 
techniques, new analyses of previous work, or interesting 
aspects ol work still in progress 


4. The Journal also publishes a limited number of longer 
Review Papers, which are critical assessments of previously 
published work in a selected area of chemical engineering. In 
conformity with editorial policy, Reviews should show how the 
results of research can be used in the design of plant and 
equipment 

Most Reviews are specially commissioned by the Editorial 
Board, but authors are also invited to offer Reviews for 
consideration for publication. In view of the substantial effort 
required, authors are advised to communicate with the Editor 
before embarking on a Review 

5. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards all! 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper is acceptable or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. The final decision on publication is taken 
by the Editor in light of this advice 


Manuscript Requirements 

1. The text should be typewritten, using one side of the 
paper only, double-spaced and with adequate margins to allow 
for revision and copy preparation marks. A summary, pre- 
ceding the text, should briefly describe the essential original 
contents of the paper. At the end of the summary, please add 
up to 6 keywords describing the paper 


2. Mathematical expressions can sometimes be more easily 


interpreted by the printer if carefully written by hand. Where 
many equations appear, a list of symbols used should be 
inserted at the end of the paper, before the references. SI units 
should always be used; the negative index notation is preferred 
to the oblique stroke 


3. References are listed in the order in which they are first 
cited in the text, where they are indicated by superscript 
numbers. They should give in order: Authors’ surnames and 
initials, Year, Title of book or journal, Volume, Issue, Page 
numbers , followed by name and town of publisher in the case 
of a book 


4. Tables, drawings and photographs should be on separate 
sheets at the end of the manuscript and not interspersed in the 
text. Tabulated data should not duplicate values detailed in the 
text or on graphs. Drawings submitted should be clear and 
complete and preferably in a form suitable for direct re- 
production. Photographs should be restricted to the minimum 
necessary 

5. Where limitations of space preclude publication of de- 
tailed results, mathematical derivations, etc, authors are in- 
vited to include in their paper a statement that this information 
is available from them on application. Authors may make an 
appropriate charge for supplying items requested in this way. 
Such material should be supplied with the paper when submit- 
ted to the Editor 
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Chemical Engineering Research and Design, Institution of 
Chemical Engineers, 165-171 Railway Rugby, 
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3. A proof will be sent to the nominated author, to be 
checked for possible typographical errors. Other alterations 
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Special Topic Issue—Chemical Reaction Engineering 


Chemical reaction engineering deals with the control of 
chemical conversions on a technical scale and ultimately 
leads to appropriate and successful chemical reactor 
design. Less than 30 years ago, the Chemical Reaction 
Engineering Syllabus of the 12th Meeting of the Euro- 
pean Federation of Chemical Engineering considered it 
to be a new branch of science which was still in the 
development stage, but an integral part of chemical 
engineering (Chem Eng Sci, Volume 8 (1/2), 1958). In the 
intervening years, this subject has blossomed. There are 
a wealth of text books, the technical literature abounds 
with articles and all undergraduate courses include many 
hours of lectures on the subjects 

Successful chemical reactor design and operation is a 
culmination of many factors, such as flow phenomena, 
mass and heat transfer, catalysis and reaction kinetics. In 
the first instance it is necessary to understand each of 
these factors separately. Yet this knowledge in itself is 
insufficient. The development of chemical conversions 
on a technical scale can only be understood from the 
relation and interaction between the above mentioned 
factors, and the associated costs 

This first special topic Chemical Reaction 
Engineering— includes a set of papers covering a wide 
spectrum of current activities and especially experi- 
mental investigations coupled with theoretical com- 
parisons. Often the experimental side of chemical 
reaction engineering has been sadly lacking. The 
mathematical modelling of chemical reaction engin- 
eering has played the most prominent role since the mid 
60’s and this is not surprising when one considers the 
difficulties involved in experimental work and the analy- 
sis of experimental results. However, the time is ripe to 
experimentally investigate the outcome of the multitude 
of theoretical findings and certainly to move away 
from the hypothetical reactions often employed in the 
theoretical investigations. 

Professor P. V. Danckwerts, late of Cambridge 
University, contributed to many areas of chemical engin- 
eering and references to his work in chemical reaction 
engineering are to be found in most textbooks and 
literature articles. Thus it is fitting to have the inaugural 
memorial P. V. Danckwerts lecture given by Professor 
Neal R. Amundson at the Royal Society on 12th May 
of this year as the first paper of this special topic issue. 


issue 
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Suffice to say that the lecture itself is a review of the « 
work in chemical reaction engineering at 
University by Denbigh and Danckwerts 

The cost factor involved in chemical reaction engin- 
eering cannot be viewed in isolation of the overall 
process primarily due to the downstream separation 
costs and often the costs of recycling expensive reactants 
The second paper considers the economic characteristics 
of different reaction schemes in petrochemical plants and 
how individual cost elements influence the optimisation 
of design conditions. It is pleasing to publish papers 
from industry and especially from the ICI New Science 
Group at Runcorn 

The effects of dynamics are always present 
plants and can drastically affect the operation 
reactor. The next two papers consider important 
sulphuric acid and styrene monomer 
In the first, the start up of a laboratory 


indus 
trial reactions 
production 
reactor 1s investigated, and in the second, the transient 
operation of the reactor is carried out. In both cases, the 
experimental results are compared with mathem 
models using literature cited kinetics 

The next three papers deal with specific 
schemes. In the first there is the electrolytic redu 
oxalic acid to glyoxylic acid and the problen 
of the electrode surface. In the second, the 
investigation of the alkylation of benzene wit 
using aluminium chloride as a catalyst 
Finally, an analytical solution to the diffusio1 
equations for the sulphonation of calcined 
particles is developed in the third paper 

To conclude this first special topic issue, there 
short communication which presents a model to quan 
tify the effect of partial liquid evaporation on the 
performance of trickle-bed reactors. This agai 
industrially based investigation 

The set of papers in this issue cover a wide spectrum 
of chemical reaction engineering applications and partic 
ular types of reactor configurations. It is hoped that this 
trend of experimentation coupled with 
modelling will be continued and that future issues will 
attract papers that deal with this approach 

P. J. Heggs 

Chemical Reaction 


Engineering 


mathematical 


Subject Editor 
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P. V. DANCKWERTS—HIS RESEARCH CAREER 
AND ITS SIGNIFICANCE? 


By N. R. AMUNDSON 


Department »f Chemical Engineering an 


PROLOGUE 


The period between 1945 and 1985 will probably be 
considered by future scholars of the history of tech- 
nology as a special period in the field of chemical 
engineering. Prior to W.W. II, while there was a petro- 
leum industry, it can best be characterized as one in 
which the primary Dis- 
tillation was king, followed by solvent extraction to 
improve the quality of lubricating oils. There was ad- 
sorption to improve color, solvent dewaxing, and a little 
chemical treating with sulfuric and alkali and 
doctor sweetening of gasoline fractions. In 1939 there 
were almost no catalytic processes, and no refinery to my 
knowledge produced chemical products save for some 
pure low molecular weight hydrocarbons. The chemical 
industry was Germanic in character and produced the 
needed low molecular weight organic compounds and 
the common inorganic compounds, acids and _ bases, 
fertilizers, etc. by fairly routine Germanic chemistry. At 
that time most of the aromatic compounds came from 
coal by-products. There were almost no synthetic fibres 
For example, in 1940 only eight million pounds of nylon 
were made. Polymers of other kinds were known, but 
production was aimost nil 

Following W.W. II there was released a tremendous 
pent-up demand for consumer products. The petro- 
chemical industry sprang up almost overnight, the poly- 
mer industry, primed for the demand for a wide variety 
of products, exploded, and chemical companies had a 
field day for they could sell everything that they could 
make. The academic scene began to prosper. The release 
of many, who during the war had been involved in 
defence related industries, the entrance of many chem- 
ists, physicists and mathematicians into chemical en- 
gineering, and the challenge of exciting problems gave 
academic chemical engineering a shot in the arm that 
lasted for almost forty years. 

The chemical industry changed abruptly, and the 
continuous process, catalysis, polymerization, and reac- 
tor engineering became central to our research. It was 
interesting and challenging and was delightful for it was 
the birth and the greening of small molecule organic 


role was that of separations 


acid 


+ This paper was presented as the P. V. Danckwerts Inaugural 
Memorial lecture on 12 May 1986. It is the first of a series of annual 
lectures sponsored by Pergamon Press and Chemical Engineering 
Science in association with The Institution of Chemical Engineers 
The paper is to appear on Chemical Engineering Science for August 
1986. The Institution of Chemical Engineers acknowledges the per 
mission of the copyright holder, Pergamon Press, to publish this paper 
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M Whermat Un 


The Gull 
produced from natural gas a host of products, and 


chemical engineering coast in_ the 
of these plants was a chemical engineer’s dream come 
true. Reactor replaced 


central research area. Some exceedingly strong academ 


engineering separations as 


iclans emerged during this period. To name a few there 
were Hougen, Watson, Lewis, Denbigh, Aris, W 

Bird, Pigford, Marshall, Drickhamer 
Danckwerts, Rowe, Wicke, Levich 

tering, and Someone in the f 
document the great chemical engineering advances of 
that period 


Davidson 


many more uture 
There were many interesting academic de 
velopments, and the industrial complex profited greatly 


We will return to 


that later, for our purpose here is not 


by the new breed of chemical engineer 
to discuss that 
interesting history in detail but to show the g ! 

that a prominent academician, Peter V. Danckwerts, | 
and to put this perspective for the 
although this will be done sketchily. From my viewpoint 
I think the period under discussion produced a more 
than aliquot share of extremely able chaps 


into proper 


In particular, in reaction kinetics, applied catalysis 


t 
and reaction engineering extraordinarily good 


rninges 


were done. At the industrial level many new processes 
were introduced but these 
with any particular individual 


Concurrent with these developments the journals 


] 
in general are 


to report on research went through a substantial change 
Chemical Engineering Science was initiated by Dr. Ros 
ne places 
research 
journal of the American Institute of Chemical Engineers 
which ultimately produced the A./.Ch.E. Journal to 
augment the less than satisfactory Chemical Engineering 
The American Chemical Society split its Jndu 
trial and Engineering Chemistr) The 
Fundamentals, Process Development and Design and 
Product Development. The Canadian Journal of Chemi 
Engineering became a viable entity as did The ¢ 
Engineering 


baud, and I remember the consternation in sot 
for that was the title planned for the new 


Progress 
into three parts 


Journal, and Chemical’ Ens 
Communications 

Chemical Engineering Science, Genie Chemique, Vol 
1, No. 1, appeared in 1951 with an almost completely 
European Editorial and Advisory Board. It is 


interesting that the first paper in the first 


rather 
issue was by J 
Cathala, and it was his hope that it would give European 
chemical engineers an outlet for their work. He was also 
somewhat concerned that chemical engineering was not 
recognized at that time in Europe although there are “‘a 


Institution of Chemical Engineers 
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great number of technologists who contribute every day 
to the success of the chemical industry, and are in fact 
behaving as Chemical Engineers.” The names of 
Danckwerts and Amundson soon appeared on the cover 
as editors and a little later I became essentially the 
American editor handling a substantial portion of all of 
the manuscripts, and all of those from the U.S.A. 
Chemical Engineering Science became the journal in 
which to publish. While Professor Danckwerts was 
executive editor, he on occasion would chide me in a 
short terse note that I was accepting too many mathe- 
matical papers. It had some effect, but, in fact, the ones 
that were presented to me were mainly of that kind. The 
success of C.E.S. was one of the very good things that 
happened, and because of its quality it helped to improve 
some of those journals five thousand miles away. 


THE DANCKWERTS ERA 

In the fall of 1954 I became a Fulbright Scholar and 
Guggenheim Fellow at the Shell Department of Chem- 
ical Engineering at Cambridge. Danckwerts left Cam- 
bridge that fall and I was assigned to his office. We had 
almost no contact since he was off to Harwell, and I did 
not see him for the rest of that year. My year on Tennis 
Court Road was a very pleasant one, for Fox, Sellers, 
Denbigh, Davidson, Armstrong, and Gray made it an 
intellectual delight. My only cause for concern was that 
Mr. T. Bacon was running his six hundred pound per 
square inch KOH-H,-O, fuel cell just outside my door. 
He was such a gentle man, however, that I had great 
confidence since he stood beside it most of the time. 

As pointed out in Jnsights into Chemical Engineering 
(1.C.E.)', the collected works of Danckwerts, his work in 
general falls into five areas and with a few miscellaneous 
ones, in all totalling about fifty, although there are some 
others in foreign language journals. His output was not 
prodigious by today’s standards, but it is apparent that 


his desire or compulsion to publish for the sake of 


publishing was not over-riding. /.C.E. divides these 
papers into five categories, and what is most valuable are 
Danckwerts’ own assessments of what he had done. We 
are not often asked what we think of some of our own 
publications, and his candid remarks are very refreshing 
as would be expected. We will in this review draw heavily 
on /.C.E. and the task would have been much more 
difficult without it. I had known more or less 
superficially about Danckwerts’ work, but, since I was a 
mathematical formalist, and he was an ideas person, our 
research paths did not often cross. I must say that some 
of the things which I discovered during the past couple 
of months have been eye-openers and indicate that I 
should have been more attentive 


THE MATHEMATICAL PERIOD 

Danckwerts mentioned on several occasions that he 
had passed through Oxford and well beyond without 
having been exposed to serious mathematics. In fact he 
said that while he was a chemistry student at Oxford, 
chemistry was an essentially literary subject, not includ- 
ing much on physics or mathematics. It is apparent that 
when he enrolled at M.I.T. in the fall of 1946 that he was 


in for a minor shock which he obviously handled 
flawlessly. In the fall of 1948 he became a lecturer at 
Cambridge in the newly formed Shell Department of 
Chemical Engineering, and it is evident that he instituted 
a program to correct his earlier neglect of mathematics. 
He plunged into the modelling of reaction and diffusion, 
and I think it must be said, that he must have been a very 
rapid learner for these were almost the first papers in 
which problems of this nature were attacked. They may 
seem commonplace now but I suggest that in 1949 they 
must have been considered avant-garde. This is not to 
say that no one was doing mathematics, but the field of 
reaction and diffusion—exploited by many 25 years 
later—was undiscovered yet. The first in this series? was 
on one dimensional diffusion with reaction, first order in 
one case and second order in the other with some 
restrictions. It was interesting since he computed the 
appropriate absorption rates and some limiting cases 
and was not content with the simpie exhibition of the 
solution. The second paper’ was a valuable contribution 
since it treated the moving boundary problem between 
two phases. This is a problem which requires more than 
a little mathematical gymnastics since the problem is 
non-linear. Danckwerts solved a variety of problems in 
which the two domains are of semi-infinite extent so that 
the error function is the natural form for the solutions. 
Finite domains produce substantially more difficult 
manipulations and to my knowledge are not explicitly 
done anywhere. 

The third paper* discusses diffusion and reaction in 
various geometries as well as in drops falling through a 
second fluid. The latter is a difficult problem which he 
handled with cunning engineering insight since the circu- 
latory motion inside the drop must be taken into consid- 
eration. As stated earlier, these papers and some others 
in the same vein were really before their time and showed 
that Danckwerts was an innovative thinker. 


RESIDENCE TIMES 

Danckwerts’ interest in residence time distributions 
began in the early nineteen-fifties, and the key paper was 
published in the second volume of C.E.S. in 1953° and 
was called “Continuous Flow Systems” with the subtitle 
“Distribution of Residence Times.”’ This paper, which is 
generally conceded to be the first with this idea, is most 
widely referred to, and as Turner~ has said, let loose a 
flood (perhaps even a torrent) of papers in chemical 
engineering journals. We should, because of its 
significance, trace the ideas involved. 

Suppose a vessel has volume V and input and output 
flows of v. Suppose for the case without reaction that at 
time 6 = 0 the concentration of some species A abruptly 
changes in the feed stream to « from zero and remains 
there. Then depending upon the geometry of the vessel 
and the flow pattern within it, the output concentration 
behaves in different ways. Let the fraction of A in the 
outlet as a function @ be called F(@). The function F(@) 
is plotted in Figure | for various simple geometries. In 
(a) plug flow is depicted and when v@/V = 1 there will 
be a sudden step—no A before and full A after. If there 
is some longitudinal dispersion and, since diffusion (at 
least mathematically) is infinitely fast, the step in (a) 
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becomes smeared out to a sigmoidal shape. For perfect 
mixing some A appears immediately in the outlet but full 
A will not appear there for infinite time as shown in (c) 
Figure 1(d), according to P.V.D. illustrates what would 
happen if there were dead volumes in the system so that 
some fluid becomes trapped in eddies and spends more 
time than it should in the vessel. It is pointed out that 
the F diagram is easy to obtain from tracer experiments, 
and its shape should give a great deal of information 
about the behavior of the fluid in the vessel. 

We are concerned here with the age of a molecule or 
particle in the vessel. If the particie has been there for 
time @, then its age is 6. We let /(@)d@ be the fraction of 
material in the vessel having ages between 6 and 6 + dé 
and call E(@)d@ the fraction of material leaving the 
vessel having ages between 6 and @ + dé. / is called the 
internal age distribution and E the exit age distribution 


a 


7 J 
F(6) = | E(t)dt and 1—F(@)=—IJ(@) 


From the latter we easily see that 
fe. F ” ‘ 
I(x) dt =; | (1 —F(x)] de 


. 


E(t) dt =1 

since the first integral represents all of the material in the 
vessel and the second integral represents all of the 
material leaving at any time. The second integral above 
represents the area between the curve F(@) vs. v#/V and 
the line F(#) = 1 and is unity, so that the whole shaded 
area in Figure 2 has unit area. If therefore the area under 
the curve in Figure 2 is called A, then above it is | — A, 
and the segment of area marked B must also have 
area A. 

The average age of particles in the vessel must be given 
by 


| 0E(0) de 


0 
. 


which is 


o dF } 
0 dé = OdF = 
dé Jo 1 


. 


But from Figure 2 the latter integral is clearly one so the 
average age is always V’/v. The average age in the system 
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§1(0) dé 


on integration by 
Now these ideas can be used in a ' 
one defines the hold back H as 
l 


H F(6) dé 
J 


. 


then H is a measure of the deviation from piston flow 


t 
Clearly a piston flow in a tube with no dispersion 


I 
zero hold back. For a completely mixed stirred pot 
F(@)=1—e”™"," and it 


CU } 
value of H in a reactor means that less of tl 


has 


H is « A high 


follows that 


olume 1s 


being effective than the nominal volume 
] 


CRU 


Another very useful concept is the segregation. Sup 


pose one considers a perfectly mixed stirred pot and a 


non-perfectly mixed one. Then by suitabie experiments 
one can 


F(@) | é 


same diagram in Figure 3. The degree of depar 


determine F(6) for the 
for the former. These are plotte 
real system from the well-mixed system is cleat 
mined by the size of the areas A, + A,. Sit 
between each curve and the line F(@) 
follows that A 1, and a measure of the 
may be taken as A,. If the intersection point 
the area can be easily computed. Danckwerts sh 


to use this idea in some other situations. T] 
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a very useful idea for diagrammatic purposes in reactors 
and has become a routine diagnostic tool for reactions 
with suspicious behavior 

One can compute residence time distributions for 
many common geometries and flow patterns and 
Danckwerts does this for flow in pipes in laminar flow 
and for flow in packed beds. These two simple and short 
discussions in that paper have led to an enormous 
literature, and we will discuss the packed bed case 
briefly. 

Consider a fixed bed packed with suitable packing and 
the flow through it. If one assumes the flow is uniform 
and that there is a Fickian mechanism superimposed on 
this uniform flow, it is not a difficult problem to obtain 
the F(@) as 


vb /V 


l 
F(@) == , \ 
he D | 


“* V Lu 


where u is the average interstitial velocity, V is the void 
volume, and D is the dispersion coefficient and v the 
volumetric flow rate. If we define 


2F(@) 


erfz = | 


then 


a 


“’y Lu 


Now Danckwerts makes a very important statement 
here. If the diffusion hypothesis is valid, the left hand 
side for a fixed length and flow rate should be a constant 
(u is the interstitial velocity). P.V.D. describes an experi- 
ment with water flowing through a bed of Raschig rings 
and essentially compares the calculated curve with the 
experimental results and concludes in this case that 
D/Lu =0.013 which gives remarkable agreement be- 
tween observed and calculated results. Now in these 
experiments L = 150cm and the packing diameter is 
about 4.8 cm = d. Writing 

D D-d 


— — (1.013 
Lu dLu 


then 
L 150 
= — (0.013) = (0.013) = 0.406 

du d 4.8 
The du/D is the Peclet number which in this case is about 
2.4. Now to my knowledge this is the first instance in 
which the Peclet number for axial dispersion is shown to 
be about 2. Five years later Wilhelm and McHenry” 
published an exhaustive study on fixed bed axial dis- 
persion using a variety of fluids, and packing, and 
Reynolds’ numbers and showed that the asymptotic 
value of the Peclet number is about 2.4. They reference 
Danckwerts’ paper but only in a passing way, and it is 
clear, at least by hindsight, that the clue and more was 
there for the picking. Axial dispersion and the constancy 
of the Peclet number have been examined and re- 
examined since that time but not a great deal has been 
added to our knowledge. 

In this same paper the boundary conditions at the fore 
and aft ends of a packed tubular reactor are “derived”. 
I put derived in quotes since it is apparent that P.V.D. 
did not really believe that his idea was a very deep one. 
His reasoning goes essentially as follows. At the front 
end 


uc “ic 


since this merely says that the flux into the front must 
be equal to the flux leaving at x = 0+, clearly satis- 
factory provided there is no diffusion in the x upstream 
direction at x = Q; at x 
uc(/ )| 


if there is no diffusion downstream from x =/+. Fora 
simple reaction with c standing for reactant, it follows 
that if Cc/Ox,_ were positive then c would of necessity 
have to pass through a minimum in the reactor 
certainly impossible. On the other hand, if @c/@x,_ were 
negative then c(/+)>c(/—) which is intuitively un- 
acceptable. Thus at x = /—, €c/éx = 0. It is not possible 
to estimate how many papers have been written justi- 
fying or invalidating these boundary conditions under 
various situations 

On page 217 of Insights into Chemical Engineering 
P.V.D. states that this paper “is my most influential 
contribution to chemical engineering,” and it is my belief 
that this is certainly true since it incorporates the first 
ideas about residence time distributions, boundary con- 
ditions for packed bed reactors, and axial dispersion or 
mixing in high Reynolds’ number flows in packed beds. 
Few go back to original references when writing papers 
and I wonder how many can duplicate the simple 
reasoning used in this paper. P.V.D. said that this paper 
‘has now reached the status of being a primary reference 
which is seldom cited.” He also said that the boundary 
conditions idea “gave rise to a lengthy and almost 
metaphysical discussion in the literature although | 
thought that I had fully justified them in this first 
publication.” It is interesting, I think, that in retrospect 
he realized the importance of what he had done and his 
comments, coming from someone else, might have been 
interpreted as immodesty. 
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This paper was followed by several others on the same 
general topic. He had always wanted to determine 
residence time distribution on large industrial reactors 
and did so on a fluidized bed regenerator’. He states with 
some sadness the he was not allowed to do so on a blast 
furnace but was assuaged by the idea that the blast 
furnace probably would not survive for long anyway 


GAS-LIQUID REACTIONS 

The third area in which Danckwerts had major impact 
was that in absorption with simultaneous chemical 
reaction, and these papers followed on directly from the 
earlier mathematical solutions. It would be interesting to 
know whether the mathematical ideas were father to the 
later experimental work, or whether because of the long 
time lag between initiation of an experimental program 
and experimental results, the mathematics was only a 
prelude to what he considered the more serious experi- 
mental work. In his 1970 book on Gas-Liquid Reactions 
the first chapter includes an extensive list of gas-liquid 
absorption processes so that there was never any ques- 
tion in his mind about the importance of the problem to 
the chemical industry. In fact, the list is much longer 
than I had imagined it could be 

Lightning can strike more than once in the same place 
and the paper “Significance of Liquid-Film Coefficients 
in Gas Absorption’”’ certainly opened up a Pandora’s 
Box with respect to mass transfer. I would like to 
editorialize here a little at some risk. Chemical engineers, 
at least at an earlier time, accepted the idea of lumped 
constant systems with a little too much zeal. Certainly 
for heat exchangers with relatively thin walls, high 
thermal conductivity, and highly turbulent flows lump- 
ing the heat transfer resistance is an eminently reason- 
able idea. Similar problems exist for mass transfer, say 
in the dissolution of solids. However, the lumping of 
resistances continued unabated to cases in which it was 
not reasonable. Danckwerts clearly and correctly ques- 
tioned the two-film theory for absorption—or for any 
problem in which there was transfer between two agi- 
tated fluid phases. In his words “it seems doubtful, 
however, whether the conventional picture (liquid film 
controlling in mass transfer during absorption of gas 
into an agitated fluid) bears very close relationship to the 
actual mechanism of absorption. The conditions re- 
quired to maintain a stagnant film at the free surface of 
an agitated liquid appear to be lacking and it seems more 
probable that turbulence extends to the surface and that 
there is no laminar boundary layer.” The situation could 
not be stated more clearly and it is a wonder (by 
hindsight) that someone hadn’t really analyzed the prob- 
lem from this viewpoint or some other one much earlier 
My own view is that clear analytical thinking on en- 
gineering problems did not much exist before 1945. 

Higbie (1935) had considered the penetration theory 
but the treatment was weakened by the fact that he 


assumed that all changes of fluid had the same time of 


contact at the surface. Turbulence is not like that, and 
Danckwerts generalized Higbie’s penetration theory to 
his surface renewal theory which allowed for a whole 
spectrum of time of contact from zero to infinity. This 
was a theoretical paper and showed for straight absorp- 
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tion that the rate of absorption was R =(c* —c"°)./Ds 
where s is the mean rate of production of new surface 
and therefore k, = ./ Ds. This theory varies substantially 
from the film theory in that the mass transfer coefficient 
for the latter depends upon D and not ,/D. This would 
seem easy to settle but settled it did not become. The 
distribution of surface ages is shown to be of 

se, and it was Danckwerts’ hope that one could show 
that this was indeed true for 


absorption 11 
Id 


situations, and the turnover rate u 


4 


be pred 
some ways. The last sentence of this paper sho 
was prepared to lose that battle, but even if he | 
still probably a better theory than the stagnant 
hypothesis. In the development of this theory 
hoped that “small scale measurements of 
sorption rates into stagnant liquids 
knowledge of the physico-chemical factors 
be used to predict 
columns.” 

With this theory Danckwerts now 


experimental determination of its validity 


> ' 
es I 


absorption rate 


the hope of being able to predict the avi 
columns. The first two papers were with K 
and in the first it was concluded that th 
Whitman’s, Higbie’s, and Danckwerts 

tially the same behavior, certainly at 

disappointment 
P.V.D. says that the predictions for in 


| 


In his discussion in 
ical reaction and second order finite 
only the same if the diffusivites of 
liquid and the dissolved gas are the sam 

In the second paper with Kennedy 
experiments, probably the first, were perf 
now famous rotating drum but it was found 
to assign surface renewal rate 
facial area of the packing which 
transient absorption rates on the drum w 
rates in the column.” In a further paper w 
the reconciliation of the tr: absorpt 
dioxide into alkaline solutions was attempt 
improved rotary drum) but on a rather sad 1 
laments that probably a better basis for des 
drum) is the empirical use of laboratory absorb 
as stirred pots, laminar jets, wetted walls 
spheres 

Three papers ‘ followed on the 
carbon dioxide in alkaline solutions in a 
column of new design (to eliminate stagnant 
in packed columns. It was reported that 
renewal models were better for predictions t 
model and Danckwerts’ model was better 


Higbie’s 


using stirred tank reactors, wetted wall 


There followed then a whole set 


strings of spheres in order to obtain data in 

to develop information more suitable to 
prediction of packed column absorbers and 

more or less successful although one has the fee 
Danckwerts was not satisfied with the results 
concerned with the measurement and prediction of 
interfacial areas as well as the turnover rate for surface 
renewal since these are the two key parametet 
interesting conclusion which he reached w 

may have missed earlier is that small scale experin 
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most often underestimate the interfacial area by a sub- 
stantial amount 

In his paper with Joosten’” some of the problems 
which had bothered him for some time came to a 
solution since it had always been bothersome that the 
effective interfacial area depended upon the process 
which was being carried out as summarized in his book 
Gas-Liguid Reactions. His conclusions here were that the 
thin sections of fluid on packing were less effective for 
physical absorption than for absorption with reaction 
since they soon became saturated, that is, the capacity 
for absorption was increased by reaction in the liquid 
phase, and therefore chemical methods of area deter- 
mination tend to give higher effective interfacial areas. 


But the presence of the reaction also increase the rate of 


absorption by a factor E (the enhancement factor) and 
the opposite effeci is encouraged. The net effect on the 
effective interfacial area depends therefore on a factor } 
which is the ratio of the factor by which capacity is 
increased by the reaction to the fraction by which the 
reactant increases the rate of absorption. The work 
showed that the value of 
could be very large. For 


was reaction specific and 
large enough the effective 
interfacial area was independent of y. 

I had the feeling while reading his paper with 
da Silva’® that Danckwerts was most happy with this 
work for he thought it gave strong support for the 
applicability of the surface renewal model to a small 
packed column. Certainly the work on absorption with 
chemical reaction carried out over a period of over 
twenty years is the most systematic and comprehensive 
in the literature and has been improved but little. He was 
deiermined, it seemed to me, to solve the industrial 
problem of absorption with chemical reaction, or, in 
other words the two phase countercurrent reactor prob- 
lem. He was not waylaid by the investigation of simpler 
geometries and mathematical niceties. His approach 
clearly was that of a chemist turned chemical engineer 
not engineering scientist. His later papers on absorption 
in more complicated chemical systems seemed to delight 
him as they might any former chemist. Work of this kind 
is not popular now on the academic scene and it’s a pity. 
We now spend our time on complex fluid mechanical 
and transport problems frequently far removed from 
easy or any application to industrial problems. The 
problems he attacked were difficult ones and little is 
known beyond what he did. He substituted the surface 
renewal theory for the penetration theory and film 
models. The film model will never be the same again. 


MIXTURES AND MIXING 

We now approach the last general area of mixtures 
and mixing although my analysis indicates that 
Danckwerts was most interested in mixtures and how to 
classify them and the kinds of statistics required to 
describe them. The first paper in this series'’ initiated his 
further studies on the goodness of mixing, and it was his 
aim to develop criteria based on measurements which 
would be convenient to make. It was in this paper that 
he introduced the concept of scale of segregation and 
intensity (or degree) of segregation. While these terms 
were not new and are analogous to those used in 


turbulence they were new in this context. The scale of 
segregation followed from the familiar definition of the 
coefficient of correlation in statistics where for two 
points separated by a distance r. 


where @ is the mean of all a’s. R(O)= 1. The values of 
R give information about the state of segregation. For 
-xample for small values of r, R(r) will be near unity but 
less than one since then the two points are likely to be 
in the same clump. A value of zero for R(r) indicates 
that there is a random relation between the concen- 
trations at the two points. In most cases R(r) will be 
monotonically decreasing as r increases and will fall to 
zero at some point although it must become zero 
asymptotically as r increases to infinity in principle. A 
linear scale S and a Volume scale V were defined by the 
two formulae 


. 


R(r) dr 


. 
. 


2n | r-R(r)dr 

S and V can then be interpreted in various ways 
depending upon the linearity of clumps or their spher- 
icity. Danckwerts goes on in this paper to discuss various 
geometries and how to measure the scale of segregation. 

From the scale of turbulence to the intensity or degree 
of turbulence is a further jump into statistics and the 
intensity is defined as 


where the numerator and the denominator are the 
appropriate variances. J has a value of unity when there 
is complete segregation and zero when the concentration 
is uniform at every point 

Several prescriptions are given for the measurement of 
the degree of segregation, and Danckwerts concludes 
that a knowledge of S and J will give valuable informa- 
tion on the texture of a mixture useful for comparison 
from one system to another although he points out that 
the gathering of the raw data may be difficult to obtain. 
This material was presented in two papers’”’”, the latter 
in 1958. 


It did not take long for Zwietering to recognize the 
importance of the J factor and he wrote a classic paper” 
in 1959 published in C.E.S. which broadened the scope 
of the J factor and presented some new generalizations. 


Other measures of the degree of segregation were later 
developed but papers started it all. 
Zwietering’s paper contains only one significant refer- 
ence and that is to Danckwerts’ 1958 paper. As Danc- 
kwerts himself said ““A voluminous body of literature 
has been devoted to such topics in the last 22 years 
(starting with the masterly analysis of Mr. N. Zwie- 
tering).”’ The volume of research on mixing and mixtures 
is continuing at an unabated pace for very complicated 
systems. The accent on the still unsolved and perhaps 
unsolvable problem of turbulence coupled with chemical 


these two 
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reaction is still to be faced ahead. I say this because 
turbulence seems to have progressed little, although not 
being an expert in fluid mechanics, such a statement is 
dangerous. I went to Cambridge in 1954 with the express 
idea of learning more about fluid mechanics and about 
turbulence in particular. Two books came out about that 
time-Townsend’s™ and Batchelor’s”. In the preface to 
Batchelor’s book he implies that probably no progress 
will be made in turbulence until someone comes along 
with a new idea. On that note I left turbulence but I’m 
still eagerly waiting to hear about the new idea 

Danckwerts did publish two papers~’*' on turbulent 
mixing, one on the dilution of a liquid jet and the other 
on a hot air jet. These were done in the early nineteen 
sixties and no more appeared 


EPILOGUE 

At the start of this short review I mentioned that 
chemical engineering as a discipline had changed in 1945 
and I think It is appropriate here to put Danckwerts in 
his proper setting since I think he was typical of this 
most robust period. 

Beginning in about 1947 when the gearing up, after 
the earlier dismal period of the war, was in progress, it 
was apparent that some changes were in the wings 
waiting to be introduced. The first crack in the ice was 
the publication of Olaf Hougen and K. M. Watson’s 
Chemica! Process Principles” in three volumes. The first 
volume had appeared much earlier, probably in about 
1938, with a revised and enlarged version in 1943, and 
it was a book on stoichiometry and the first law of 
thermodynamics. However, Volumes II and III were 
new and eye-openers to all outside of Madison, Wiscon- 
sin, for now chemical engineering had its own books on 
Thermodynamics and Kinetics and Catalysis. At that 
time there were few course offerings in chemical en- 
gineering on any of these three topics, and an interest 
developed instantly. Before that chemical engineers 
learned their thermodynamics in physical chemistry and 
their chemical kinetics in the same place; there was no 
catalysis to speak of. K. M. Watson had spent a number 
of years at the Universal Oil Products Company and had 
been involved in the research and design of new catalytic 
processes for the petroleum industry. It is not possible 
now to assess the profound influence these books had on 
the American chemical engineering scene, both academic 
and industrial, for these were eminently useful works 
that were still intellectually challenging to the student 
Volumes II and III would still make satisfactory texts for 
graduate courses although the latter was less a reaction 
engineering book than a book on applied kinetics and 
catalysis. Reaction engineering as we know it now had 
not yet surfaced. Gerhard Damkohler at Goettingen had 
written five papers in 1936 that should have initiated an 
interest in reaction engineering but these appeared be- 
fore the profession was prepared to deal with them. 
Hougen and Watson at Wisconsin were carrying on 
work best described as applied kinetics with major 
emphasis on heterogeneous catalysis and their work is 
central to the literature of the period. Two other thermo- 
dynamic books appeared, one earlier, that by B. F. 
Dodge”’ and in 1965 K. G. Denbigh’s Principles of 
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Chemical Equilibrium”. Dodge’s book was a more teach- 
able book than Hougen and Watson’s and Denbigh’s 
was more specialized but was used at Minnesota for 
years in the undergraduate course, supplemented by 
Keenan’s famous book for a more mechanical balance 

K. G. Denbigh started at least for some of us the kind 
of research which became popular in the late fifties and 
early sixties. He was the first to my knowledge to study 
problems related to velocity and yield in various reaction 
configurations His work on the continuous stirred 
ank reactor and comparisons with batch and tubular 
systems, the application to polymerization systems, and 
more were seeds planted that many of us exploited. He 
was responsible for my own 
problems, particularly the 


interest in optimization 
optimum temperature gra- 
dient problem for tubular reactors, and it is no exagger- 
ation to say that he was responsible for the great interest 
in Optimization problems that lasted for almost twenty 
years 


R. H. Wilhelm at 


Princeton carried on the most 
Reactor 
Engineering particularly with fixed bed operations al- 


extensive experimental program in Chemical 
writ t 


though he was in fluidization research very early also. He 
produced a number of excellent students who had a 
profound effect on the academic scene as well as in 
industry. At the University of Minnesota, R. Aris and | 
were instrumental in pushing the field of reactor 
engineering’. Our early interest was in control but we 
were soon enthralled and consumed by the interesting 
mathematical problems that reaction coupled with trans- 
port of both heat and mass supplied. John Davidson and 
Peter Rowe have done the major research on fluidization 
during this period and the book of 
Harrison™ 
book 


book that treated the whole subject in a rationa! way. It 


Davidson and 
bible for all fluidizers. Aris’ 


on chemical reaction engineering was the first 


became the 


required the proper chap standing in the front of the 
class for its proper use but it 1 classic. It has 
unfortunately been superseded now by many sul 
tially less challenging works 

Mathematics came in its own in chemical 
gineering in 1947 when R. Marshall and R 
Pigford published a soft-covered book” based 
tures given at the University of Delaware while they were 
both employees of the DuPont Company. This was the 
first book to treat significant chemical engineering prob 
lems. It aroused the interest of many others and I used 
it for a few years at Minnesota while I was tooling up 
our applied mathematics course. Our offering at Minne 
sota became the most intensive one in the country 
running four clock hours per week for a full year (at first 
it met for five hours per week) 
graduate students 


The idea was to get new 
tooled up as fast as possible since 
prior chemical engineering had been non-mathematical 
and undergraduate training in mathematics or its use 
had not been significant. The course in the early sev- 
enties became one in the application of linear operator 
theory and simple functional analysis to chemical en- 
gineering. There is probably less need for courses of this 
kind now than formerly since most mathematics de- 
partments in the U.S.A. are more sympathetic to 
applicable mathematics than they were for many years, 
although it is my feeling that the kind of applied maths 
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courses Offered to first year engineering students is 
outdated in general 

Transport theory had its origin for chemical engineers 
after W.W. il and while there were casual discussions 
about how it should be taught, it was not until Transport 
Phenomena*’ authored by R. B. Bird, W. E. Stewart, and 
E. N. Lightfoot appeared that systematic courses were 


offered. This book swept the country, and I doubt if 


there was a university that did not use it at one time or 
another. It was just what was needed at that time. 

I would be remiss if I did not mention some of the 
great industrial successes of that same period due mainly 
to the work of chemical engineers. It would be nice to 
credit names with these outstanding developments but 
probably the very nature of how research is carried out 
in industry precludes that as a possibility. Certainly a 
major success was the fluidized bed reactor used mainly 
for catalytic cracking, but with other applications. The 
production of aromatics from petroleum fractions C, to 
C,, the conversion of methanol to gasoline, the low 
pressure polyethylene process, hydrocracking of heavy 
residual oils, the platforming process, and many others, 
completely changed the processing of crude oil. 

The petrochemical indistry was born post W.W. II 
and every imaginable low molecular weight, and some 
not so low, organic molecule was soon being manu- 
factured from natural gas. Polymers beyond number 
were being manufactured in enormous quantities. 

The pace of advancement is now being slowed but no 
one denies that the vigor of the system will provide new 
areas of research in materials of various kinds, com- 
posites, ceramics, electronic, photonic, and recoding. 
The biochemical engineering area must become a factor 
in agriculture and health of individuals although this will 
probably be slower in development than once thought. 
I think we as chemical engineers were fortunate to have 
lived in this period for it was an interesting and exciting 
time and in my view that was because the profession 
spawned during that period some outstanding chaps, 
P. V. Danckwerts being one of the leaders. 
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ECONOMIC EVALUATION OF INTEGRATED 
REACTOR SYSTEMS 
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A graphical method is presented for exploring some of the economic tradeoffs that exist between the reactor and recycle systems 
in petrochemical plants. Individual cost elements are identified and their influence on the optimisation of design conditions is 
examined. This has produced some general conclusions about the economic characteristics of different reaction schemes 

The approach adopted can be used in the early stages of process design and development as an aid to the targeting of 
laboratory and pilot plant work, and ultimately to ensure that full-scale process designs are optimal. 


INTRODUCTION 

For a NEW CHEMICAL PRODUCT to have a success- 
ful launch in the current economic climate it is essential 
that the timespan from initial identification of the mar- 
ket need through to the plant commissioning be kept to 
an absolute minimum. This means that all too often the 
process structure and operating conditions have to be 
frozen before a systematic optimisation study can be 
undertaken, resulting in plants that are grossly over- 
designed, costly to operate or even in some cases under- 
capacity. 

In the tight time schedule of process development the 
engineer requires tools and methods of working which 
enhance his creative skills and enable him to identify and 
economically assess efficient new flowsheets quickly. If 
these flowsheets can be constructed at a very early stage 
they can be used to help target the chemists’ experi- 
mental work so that subsequent laboratory results are 
obtained at conditions corresponding to the best full 
scale process. The advantages of this approach are 
obvious: — 


*More efficient laboratory work (time is not spent 
collecting data which has little value for full scale 
design) 

*Appropriate design of pilot plant (if required)—the 
process structure for the pilot rg can approximate 
more closely to that of the best full sized plant. 


Short-cut techniques are required to evaluate the 
flowsheet at this early stage of development. Rigorous 
flowsheet models are rarely appropriate for preliminary 
design because: — 


(1) The time required to evaluate the vast number of 
possible flowsheets is excessive. 

(2) The basic data available (kinetics, physical property, 
costing) cannot match the accuracy of the rigorous 
model. 


The short-cut methods should provide a means of 
rapidly assessing alternative flowsheets and yet be 
sufficiently accurate that meaningful results can be ob- 
tained from their use. 

It is the REACTOR that lies at the heart of most 
chemical flowsheets and around which the rest of the 


process—separaltion, 
etc.—must be built 
configuration or operating conditions can oft 


compression, heat 


Hence, changing the react 


dramatic effect on the rest of the process. It folloy 
there is a need to develop conceptual understanding 
how the Reactor System and the rest of the flowsheet 
(termed the “Background Process”’) affect e 
and to produce short-cut methods for the 
assessment of this interaction 
This paper presents a graphical method by 
interactions can be determined between 
*the structure of the 
*the variables which 
conditions 


re t tem 
reactor system 


influence the flowshee 


*the overall process economics 


This representation helps the engineer to a 
economic tradeoffs that 
to identify decompositions that 
mining the “optimum” 


occur within 


the flowsheet and 


values fo! 


PREVIOUS WORK 


Almost without exception, studies of react 
have examined the design of the reactor 
isolation, rather than as an integral part of the 
flowsheet. There are notable exceptions however 
and Paterson’ examined one of the classical react 
study problems first posed by Van de Vusse~ and foun 
that significant improvements could be made on 
previous suggested solutions by considering total pr 
costs rather than isolated cost elements 

Dyson, Horn et. al’ attempted to obtain a rigor 
optimum solution for reactor design based on overall 
process costs by considering boundary points on a! 
“attainable region” 
lem specified in this manner the objective function (total 
process costs) which is to be minimised has to be 
expressed in terms of the variables which link the reactor 
to the background process, i.e. composition and condi 


However in order to solve a prob 


tions of recycle streams and reactor effluent streams. For 
problems other than very simple ones this analysis 
quickly becomes unmanageable 
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Recently the effect of changing reactor conditions on 
the overall process energy integration has been examined 
by Glavic and Homsack”. 

However, by far the largest number of papers dealing 
with reactor design attempt to optimise the reactor in 
isolation from the rest of the process by using objectives 
of “maximise yield” (the most common) or “maximise 
selectivity”. This problem formulation is often valid, 
particularly for processes involving high molecular 
weight chemicals where separation of excess feed mate- 
rial is either technically infeasible or economically 
unjustifiable. However for a large number of processes 
it is possible to improve the raw material efficiency above 
that pertaining to the maximum yield criterion by oper- 
ating at a lower conversion per pass through the reactor 
and recycling the excess feed material. 


ANALYSIS 


In order to illustrate some of the interactions that exist 
between the reactor and recycle costs as well as how 
these interactions depend upon the reaction kinetics, we 
consider the simple flowsheet in Figure 1. 

Distillation has been chosen as a convenient form of 
separation for two reasons: 


(a) It is the most widely used unit operation to sepa- 
rate chemicals in the petrochemical industry. 

(b) Various short cut equations exist for distillation” 
which can conveniently be incorporated into our 
overall economic model. 


Reaction schemes of the following form are consid- 
ered: 

A-—(P,W) where: A is the raw material feed 
P is the primary, desired product 
W is a waste material 


The reactor system is considered initially as a single ideal 
vessel of either PFR or CSTR form although extensions 
to the method presented could encompass multiple 
reactor systems. 

The operating conditions of the flowsheet are deter- 
mined by specifying values for the 3 key or “global” 
variables shown in Figure | 


X The conversion of A per pass through the reactor 
7 The temperature of reaction—assumed _iso- 
thermal for simplification although heat effects 
can be taken into account if appropriate 
The molar composition of the feed material in the 
liquid recycle stream. The order of volatility is 





Figure | 


assumed to be K, > Kp > Ky—hence the product 
P is likely to be the main impurity in the recycle 
of excess feed materia! from the top of the 
distillation column. The results presented within 
this paper are limited to this flowsheet structure. 


These variables are considered ‘global’ because chang- 
ing their value will affect flow rates and conditions 
throughout the reactor/recycle system. They are intially 
selected for examination in preference to variables whose 
effect is more localised (for example the relative reflux 
ratio R/Ryj~ in the Recycle Column) because their 
influence on the economic potential of the process is 
likely to be more significant. 

Interactive computer programs were written to pro- 
vide the economic evaluation of the process structure 
given above for various values of X, T and RCA. 

Short-cut equations were used to size the equipment 
and evaluate utility usages. The following costs were 
included in the model: 


*Capital cost of Reactor 

*Capital cost of Recycle Column 

*Capital cost of Reboiler and Condenser for Recycle 
Column 

*Operating cost of utilities in the above Reboiler and 
Condenser 

*Cost of the excess over stoichiometric usage of raw 
material resulting from poor selectivity 


Realistic values were chosen for the physical and kinetic 
properties of the system being considered. These are 
detailed in the Appendix to this paper. 

The economic results obtained from the program were 
used to draw cost contour graphs for plots using Con- 
verison (X’) as abscissa and Recycle Composition (RCA ) 
as ordinate. The reaction temperature (7) was consant 
on each plot but various graphs were produced each 
corresponding to differing isothermal temperatures. 


RESULTS 
Two “elemental” reaction schemes are examined to 
illustrate the use of the cost contour plots: 


(i) Parallel Reactions A—-~P; 24 2H 
(ii) Consecutive Reactions A ~P>~W 


The objective of this investigation is to determine 
whether general conclusions can be derived by exam- 
ining how the type of ideal reactor or type of reaction 
scheme affects the overall process economics. 

(i) Parallel Reactions A—+P; 2A—+2W 

In this theoretical case study P is produced directly 
from A by a Ist order reaction. However, the feed 
material A can also degrade by a 2nd order 
reaction to form a waste byproduct W (the bypro- 
duct forming reaction could be an isomerisation of 
some form such that A, P and W have similar 
volatilities). Figure 2 shows diagrams representing 
the cost contour plots for reaction temperatures 
of 470K and 510K assuming a CSTR is used. 


The CSTR was chosen for this reaction scheme be- 
cause it minimises the concentration of A at which the 
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Figure 2(b). Parallel reactions in CSTR 


reaction occurs. This is to be preferred as low concen- 
trations of A will favour the Ist order product-forming 
reaction rather than the 2nd order waste-forming reac- 
tion. 

The absolute reaction rate constants k,, k 
pressed in their usual Arrhenius form 


k, =k, exp(—E,/RT) 
k, = ky exp({—E,/RT) 


The effect of temperature on the relative reaction rate 
k,/k,, and hence the reaction selectivity to product P, 
will depend on the values chosen for the activation 
energies E,, E,. In both this and the following example 
(ii), E,< £, which implies that increasing the temp- 
erature will result in faster absolute reaction rate (i.e 
lower reactor capital cost) but lower reaction selectivities 
(i.e. higher excess raw material usage) 

Note that if E, > E, raising the temperature would 
both increase the absolute reaction rate and improve 
selectivity. In such cases temperature optimisation be- 
comes “trivial”, as both capital and material costs 
decrease with increasing temperature. The optimum 
temperature must then be determined by a constraint 
(e.g. materials limitation or coking). Some observations 
can immediately be made regarding the cost contour 
plots given in Figure 2. 


*The economics are favoured by using a reasonably low 
value of RCA. This corresponds to using product P as 
an “inert” which is recycled around the reactor 
separator system in order to maintain low concen- 
trations of A and hence obtain good reactor selectivity. 


For this reason the commonly used rule of thumb of 


“design for greater than 99% recovery of the product 
in the bottom of the recycle column” leads to very poor 
designs. 


(NOTE: In practice it would probably be unwise to 
recycle large quantities of the product because it is 
likely to degrade, even if only to a limited extent. 
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However, it may well be possible to provide some other 
material which can act as an inert) 


* There is a significant change in position of the optimum 
as the temperature is raised 

*Provided the conversion is “near optimal” there is little 
change in overall cost as the value of RCA is varied 
(this is especially true at the higher 


S10K) 


temperature ol 


(11) Consecutive Reaction A »P »>U 


In this investigation product P is produced by a Ist 

order reaction from feed A, but P can itself react 

by a Ist order reaction to form waste byproduct VW 

In order to minimise raw material losses for 
should 

prevented and so a plug flow reactor is incorporated 


within the model 


of reaction back mixing of the product 


[he cost contour plot obtained for an isot 
reaction of this type occurring at 470K is given 
Figure 3 

[he minimum cost occurs at a fairly low 
and at a very high value of RCA. These conclusions ¢ 
not surprising: It is well known that for consecutive 
reaction schemes the product is severely degraded at 
high conversions. Also when the product P is recycled 
along with the excess feed it wil again be signi 
degraded. RCA cannot equa! 1.0 (it would requ 
infinite number of theoretical plates in the g 
section of the Recycle Column) and so the \ 1 
corresponding to minimum cost 1s primarily trading off 
the raw material loss due to recycling P against the 
capital cost of the distillation section. The exact values 


of X and RCA at 


course, on the physical properties of the system (e 


c 


the optimum point will depend, of 

relative volatilities) and the kinetic parameters (r: 

reaction rate constants k, /k,). Note that in this sit 

the heuristic “recover greater than 99% of 

in the recycle column” leads to acceptable desig1 
What is perhaps more surprising is that 

thermal temperature 7 is increased from 470K 

(which increases the reaction rates by a factor « 

plot given in Figure 2 remains substantial 

shape and position-only the magnitude of 

changed. The position of the optimum does change 

slightly (shifting to a lower value of conversion) but 

evaluation of the exact optimum Is more appropriate at 

a later stage of design. At the preliminary process 

evaluation stage it does not have a dramatic effect on the 

overall economics 


Consecutive Reactions 
in Plug Flow Reactor 


Figure 3. Consecutive 1 
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Comparison of Reaction Schemes 
Hence there is a significant difference between the Con- 
secutive Reaction (PFR) economic diagrams and those 
of the Parallel Reaction (CSTR) Scheme: 
Parallel 


C onsecutive 


*Costs sensitive to RCA *Costs fairly insensitive to 
RCA 

*Costs fairly sensitive to XY 
K (at high temperature) 
*Little change tn position ‘*Substantial change in 
of optimum as temper- position of optimum as 
ature is raised temperature is raised 


*Cost fairly insensitive to 


Cest Elements and Temperature Effects 
In order to examine why the differences given above 
exist the individual cost elements that make up the 
overall cost must be examined. 
elements can be considered 


Three separate cost 


(a) Raw material excess cost (i.e. above stoichiometric 
usage) 

(b) Reactor capital cost 

(c) Separation combined capital and operating cost 


We now consider how these cost elements can be used 
to explain the observed temperature effects for the two 
reaction schemes: 


(i) Parallel Reaction 
The cost elements can be portrayed in diagrams 
similar to those used for the overall costs. Figure 4 shows 
the results for the Parallel Reactions occurring in a 
CSTR. 
The Raw Material Excess Cost is lower (i.e. selectivity 
is improved) for: 


*Small values of RCA which represent a recycle dilute 
in A 

*Large values of X. The reaction takes place with a 
concentration of feed material (A ) equivalent to that at 
reactor outlet. This concentration is minimised by 
increasing the conversion of A. 


The Reactor Capital Cost is lower (i.e. reactor size is 
smaller) for: 


*Small values of X because this maximises the concen- 
tration of A within the reactor and hence increases the 
rate of reaction. 

*Large values of RCA because this again maximises the 
concentration of A within the reactor. 


Hence, there is a direct conflict between those values 
of the variables RCA and X which minimise the Raw 
Material and Reactor Costs. 

The variation of Separation Cost with RCA and X is 
more complex as can be seen in Figure 4(c). The 
distillation column diameter, the column condenser 
and reboiler, and the utilities will all depend on the 
vapour flowrate up the column ((R+1)*D where 
R = Reflux ratio, D = Distillate Rate (recycle mass- 
flow)). 


cstR—_—i 
A—P;2A—2W| 
Temp=470K | 
L inane 
] Figure 4(a) 
Raw Material 
Cost 


| Figure 4(b) 
Reactor Cost 


T Figure 4(c) 


Separation Cost 


\\ \ 
a4 \\\ 


Poa 
\ 


Figure 4. CSTR: A—+P; 2A—2W; Temp = 470 K 

The number of trays within the column will depend on 
the required top and bottom purities and is, therefore, 
sensitive to the value of RCA. Overall the separation cost 
will be minimised for: 


* Large values of XY because this will minimise the recycle 
mass flowrates and hence reduces the load on the 
column. 

*Small values of RCA because this results in a sepa- 
ration specification which is easy to achieve. 


Using the elemental cost cotour plots we can explain 
the characteristics of the overall cost graph for Parallel 
Reactions in terms of the tradeoffs that exist. 

Separation and Raw Material Costs are both reduced 
at high values of X¥ and low values of RCA whereas 
reactor costs are minimised at low values of X and high 
values of RCA . Hence there is a tradeoff between these 
costs. At low temperature (470K) the reaction rate is 
slow and hence we require a large, and therefore ex- 
pensive, reactor. At higher temperature (SIOK) the 
reaction rate is substantially increased and so the reactor 
required is much smaller. 

In contrast the only effect that temperature will have 
on the Separation System cost will be a slight change to 
the heating and cooling requirements for the reactor 
feed, reactor product and recycle streams which is 
neglected at this initial evaluation stage. 

Increased temperature may have a noticeable effect on 
the cost of the excess Raw Material, although this will 


Chem Eng Res Des, Vol. 64, July 1986 





ECONOMIC EVALUATION OF INTEGRATED REACTOR SYSTEMS 


depend on the relative values of the activation energies 

E,, E, for the two competing reactions and the relative 

values of A, P and W. In the situation presented here, 10+ 

with E, > E,, the cost of raw material will increase with ae now thetents 

temperature for particular values of RCA and X due to ’ — Cost 

the reduction in the ratio of rate constants k, /k, 
Therefore, the balance of the cost tradeoff has been 

significantly affected by raising the temperature: the raw 

mateiral cost has increased whilst the reactor cost has 

decreased. Hence, the overall position of minimum cost 

can be expected to move appreciably as indicated below 


470K 


Raw Material High OPTIMUM 
Cost + Reactor X = 37% 
Separation Cost RCA =0.67 
Cost 


SI0K 


Increased Raw Low OPTIMUM 
Material Cost + Reactor X = 76% 
Constant Cost RCA =0.22 
Separation 

Cost 


The shape of the overall cost graph is formed as a 
composite of the 3 elemental cost contour plots, for 
example the SIOK temperature case is illustrated in 
Figure 5. By building up the total cost plot in this 
manner an appreciation of the cost sensitivities to the 
various design parameters can be gained. For example, 
from Figure 5 it is apparent that in the region of the 
optimum conversion the total cost is very insensitive to 
the value of RCA, provided that RCA = (RCA),,,, i.e. the 
optimum, with respect to RCA, is very one sided. 


Figure 6. PFR: A 


Parallel Reaction case. The Raw Material c 

substantially unchanged in shape but the mit 
(ii) Consecutive Reactions is achieved by utilising high values of R¢ 
values of Conversion and is therefore 
opposite of the Parallel reaction case. The t 
t is Reactor+ Raw 


If the Consecutive Reaction scheme in a PFR (Case 
(11)) is again considered the observations previously 
made can be explained by considering the appropriate 
elemental cost graphs. It was seen that the position of the Radial + will | ) ' 

. . €actor COSst WI pe Signincantiy reduced 

optimum did not change appreciably as the temperature ' i is Powe, “came 1 . 

T . ; srature reased. Separat st will remain substan 
was changed. The 3 elemental cost plots for this ee ee ree . 
ss ai sone . tially unchanged at higher temperatures. Raw Materia 
scheme, at a reaction temperature of 470K, are given in : . : 
Figure 6: cost may change appreciably, depending on the relative 

activation energy of the 2 reactions. In the examy 


hence changed—now 


Costs that are balanced against the Separat 


The types of variation of Separation and Reactor 


: ; . resented in this paper the raw material cost wi 
costs with variables RCA and X are unchanged from the ? Ae, Vaghhe% wri 


as the temperature is raised due to the red 
ratio of rate constants k, /k 
The balance in costs is not affected by temperat 


Av LN 


dramatically as was the case for parallel reactior 
CSTR. This is because the net costs on bot! 
the tradeoff given below remain fairly constant 
aon) Gennes temperature is raised: the increase in raw matet 
+ being offset by a corresponding decrease 
capital cost 
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Material Cosi 
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Separation OPTIMUM: 
Cost z = 24%: 
RCA =0.99 


In this situation the position of the optimum has not 
been significantly changed between 470K and 510K 
Hence the selection of “best reactor operating tem- 
perature” can effectively be decomposed from the choice 
of variables ¥ and RCA. This understanding can be used 
to simplify greatly the subsequent process analysis. 

Once again the shape of the optimum is obtained by 
superimposing the 3 elemental cost contour plots as 
shown in Figure 7 


PRACTICAL APPLICATION 
It can be seen from the cost contour plots published 
in this paper that the sensitivity of costs to the various 
design parameters will depend on the following consider- 
ations: 


*The form of the competing reactions and relative 
values for the kinetic constants 

*The type of ideal reactor being used 

*The type of separation and recycle system being used. 


In addition the sensitivity to one of the variables may 
very well depend on the values selected for the other 
variables. For example in Figure 2(a) (Parallel Reactions 
at Low Temperature) the costs were equally sensitive to 
both converison and RCA: whereas in Figure 2(b) 
(Parallel Reactions at High Temperature) the costs were 
considerably more sensitive to conversion than to the 
value of RCA. 

However, by generalising the results obtained from 
drawing these graphs of total process economics or 
elemental costs for theoretical reaction schemes, an 
understanding of the likely tradeoffs that will exist in 
practical processes can be gained. Often it can be decided 
a priori which variables are going to be dominant in 
determining the optimum conditions for a given reaction 
scheme. 


Example: 

The usefulness of the conceptual understanding 
gained from the examination of theoretical reaction 
schemes was illustrated in a study of a process for 
producing a chlorinated solvent 
Reactor: Major byproduct formed by a parallel route. 


Reaction: CSTR 


Some simple costing calculations showed that the 
region of economic interest was at medium values of 
conversion and medium-high values of RCA. From the 
elemental cost diagrams presented in Figure 4 it was 
considered that for this situation the optimum value of 
RCA (the mole fraction of excess feed in the liquid 
recycle stream) would not vary significantly as con- 
version changes. Hence the analysis of the process could 
be greatly simplified by eliminating RCA from the list 
of dominant variables. Detailed economic evaluation 
carried out at a later design stage showed that the 
assumption made was indeed correct 


MORE COMPLEX SITUATIONS 

If there exist a large number of independent variables 
within the process and it is uncertain which of them will 
dominate the economic tradecffs then it is important 
first to screen out those variables which can be 
considered insignificant. Sometimes this can be done 
intuitively—in many cases it cannot. 

A short-cut mathematical method is required to pro- 
vide a quantitative measure of the importance of each 
variable in determining the optimum conditions. The 
mathematical method described by Fisher et al.’ pro- 
vides such a measure of the relative economic im- 
portance of the design variables and also gives an 
indication of how far each design variable is from its 
optimum value. Once the number of variables has been 
reduced to a more manageable level it is often possible 
to use the graphical representation to gain a more visual 
appreciation of the process interactions 

The graphical representation of process economics 
and Fisher’s short-cut optimisation method have both 
been used actively by ICI researchers for improving the 
design of new chemical processes and for efficient retrofit 
analysis of existing plants 


CONCLUSIONS 

When investigating a reactor system to determine the 
optimum structure and operating conditions it is im- 
portant to use an objective function which is appropriate 
for the type of process being considered. For most bulk 
chemical processes the specification of reactor system 
cannot be considered in isolation from the rest of the 
process. Hence there is a need to consider fully the 
inherent interactions that exist between reactor system 
design and the overall process economics. 

Visual representations of the influence of process 
variables on profitability provide a powerful means for 
gaining insights into the trends and tradeoffs within the 
process design. This paper has illustrated the use of 
contour plots for both “total sytem” costs and “‘elemen- 
tal’’ costs as tools for: 


*Producing useful generalisations relating to specific 
types of reactor/recycle systems 


*Identifying “optimum” design conditions for given 
processes, thus improving the targeting of experimental 
and pilot plant work and ultimately resulting in more 
efficient design of full-scale chemical plants 
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ECONOMIC EVALUATION OF INTEGRATED REACTOR SYSTEMS 


APPENDIX 
Description of Physical property, Kinetic, Economic 
and Operating Data used for the two theoretical models 
described within the main paper. 


a. DATA COMMON TO BOTH MODELS 


Feed Material A 
Product P 
Byproduct W 


Cost £140/Te 
Value £220/Te 
Fuel Value £60/Te 
Feed rate of A = 90000 Te/yr 
Number of Operational Hours each year = 8000 
Molecular Weight of all three compounds = 100 
Relative Volatility of compounds: 

Kp 

—= 1.6 

Ky 


Latent Heat of Vaporisation of all three compounds 
335 KJ/kg 

Reactions are liquid phase with the total molar density 
constant at 8.0 kg mol m 


Approximate Annualised Cost Correlations 
Reactor Capital Cost = 13.78* (VOLUME) 
where: VOLUME = Reactor Voiume (m’) 


£k/yr 


Recycle Column Capital Cost 
=7.87*(H*D*p'’y"" = £k/yr 


where: H = Overall column height (m) 
D = Coiumn diameter (m) 
p = Column design pressure (psig) 
Heat Exchanger Capital Cost 
= 7.62*(AREA) £k/yr 
where AREA = Exchanger heat transfer area (m’) 
Cost of steam to reboiler = £4.5/Te 
Latent heat of steam = 1945 KJ kg 


b. DATA FOR PARALLEI 
IN CSTR 


REACTIONS 


Primary Reaction A —> P 
dP/dt = +k,* 


(Molar concentration of A) 


Secondary Reaction 2A —+2H 
(Molar concentration of A) 
=k, exp(—E,/RT) 
1.08 x 10" hr 
= 1.05 x 10° (kg mol m’) ‘hr 
116400 KJ kg mol 
= 166300 KJ kg mol 


c. DATA FOR CONSECUTIVE REACTIONS 
IN PER 
Primary Reaction A —+P 


dA /dt = —k,* (Molar concentration of A) 
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Secondary Reaction P—+W 
dW /dt 


k, =k exp(—E,/RT) 
k,, = 1.08 x 10'' hr 
k 8.46 x 10” hr 
E, = 116400 KJ kg mol 
E, = 166300 KJ kg mol 
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EXPERIMENTAL FIXED-BED REACTOR 
DYNAMICS FOR SO, OXIDATION 


By R. MANN (MEMBER), E. STAVRIDIS and K. DJAMARANI 


Department of Chemical Engineering, UMIST. Mancheste 


The reactor dynamics of a fixed-bed of V,O, catalyst oxidising SO, have been experimentally determined under the conditions 
where hot gas is fed into a cold bed of catalyst. The fixed-bed was monitored by thermocouples distributed axially and radially 
in the bed interfaced to an Apple II micro-computer. Reactor conversion was also dynamically monitored by an infra-red SO, 
analyser. The reactor was modelled by ordinary differential equations via a cell-type model which included heat transfer and 
warm up of the walls and surrounding insulation. Several feed policies of SO, were experimentally explored and theoretically 
simulated, in order to explore start-up problems associated with sulphuric acid plants. 


INTRODUCTION 


Most reactor dynamic studies are theoretical and a great 
deal of the literature has been concerned with the 
characterisation of unusual and even pathological be- 
haviour of the non-isothermal reactor'~”*. Both obser- 
vations on operating commercial reactors and labora- 
tory reactors are relatively few The laboratory 
Studies reported here were undertaken following prob- 
lems developing a reactor dynamic description which 
could be used to deduce start-up policies for commercial 
reactors. The start-up of a sulphuric acid plant should 
ideally be fast and clean, avoiding unduly large SO 
emissions which can result if the reactor beds are initially 
too cold to convert SO, in the feed. Some earlier studies 
appeared to provide an adequate quantitative 


framework””, although comparisons with plant start-ups 


were disappointing’. In pursuing this discrepancy be- 
tween modelling and plant behaviour, this present lab- 
oratory study was intended to 


(i) check out low temperature reaction kinetics; 

(ii) carry out a variety of reactor start-up experi- 
ments, to include the cold bed/hot feed condition 
encountered in plant start-up; 
evaluate the acquisition of reactor dynamic data 
using a cheap off-the-shelf micro-computer and to 
explore the development of a micro as a friendly 
and indefatigable expert capable of guiding oper- 
ator decisions under difficult or emergency oper- 
ating conditions on the plant. 


EXPERIMENTAL REACTOR 


lhe laboratory reactor was a simple tubular fixed bed 
of vanadium pentoxide catalyst granules of size 1.2 mm 
as shown in Figure |. The reactor tube is made of silica 
and the bed of catalyst sits on a thin bed of silica chips 
on a perforated silica support plate. The bed contains ten 
thermocouples placed axially and radially as indicated in 
Figure 1, with two thermocouples measuring the feed 
temperature 3mm ahead of the catalyst bed itself. The 
twelve thermocouple leads are threaded through the 
perforated base plate and led away in the cold down- 
stream section through a liquid mercury seal. Insulation 


~ 


is provided to a thickness of 22.5mm to restrict heat 
losses 

The feed stream of air/SO, passes through a furnace 
and reaches a 3-way by-pass valve some 70 mm ahead of 
the catalyst bed. This valve is operated manually in 
conjunction with a second valve, so as to cause the feed 
stream to be switched from by-passing the reactor to 
flow directly into the fixed bed. The by-pass switchover 
is virtually instantaneous and the flow rate remains 
unchanged. In this way, the bed can be kept ‘cold’ at 
more or less ambient temperatures and a hot feed 
stream, with or without SO,, can be instantly directed 
into the reactor. This provides the important experi- 
mental cold bed/hot feed condition relevant to plant 
Start-up problems 

During a start-up, sensible heat is transported into the 
fixed bed in the gas stream flowing from the furnace. To 
this is added any heat released due to reaction, which is 
sensitively dependent upon temperature. Thus the tem- 
perature distribution in the bed results from heat input 
from both reaction and the feed stream. The bed tem- 
perature transients are monitored by the twelve thermo- 
couples. The consequent reaction is measured by an 
infra-red SO, analyser downstream following removal of 
any SO 

The thirteen analogue millivolt signals which charac- 
terise the reactor dynamics are sampled and read by an 
Apple II micro-computer using the arrangement shown 
in Figure 2. Regular sampling of these signals through 
a single channel A/D converter is achieved by a normal 
multiplexing arrangement, which includes two extra 
millivoit signals for routine calibration of the A/D card. 
The Apple II has four annunciator outputs through its 
games input/output connector. These four outputs can 
only drive four relays and as a result a demultiplexer (a 
four to sixteen decoder) had to be used. The four outputs 
are activated either high or low through a stipulated 
memory location by simple Basic ‘peek’ commands 
which give sequential sampling of the reactor’s thirteen 
analogue signals. Individual A/D conversions take less 
than 50 ys. With multiple sampling of each thermo- 
couple, the reactor condition can be easily logged at | 
minute intervals using Basic programming without re- 
course to machine code. In this way, dynamic changes 
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EXPERIMENTAL FIXED-BED REACTOR DYNAMICS FOR SO, OXIDATION 


<—— 75mm ————» 
.  <——30mm —> : 


feed from 
furnace 





taking place over periods of the order of 30 minutes can 
be determined with good sensitivity 


STEADY STATE FIXED BED HEAT TRANSFER 

The heat transfer characteristics of the fixed bed at 
steady-state in the absence of any reaction (air feed only) 
provide the means of estimating the principal heat 
transfer parameters. Figure 3 shows the axial and radial 
temperatures measured at a feed rate of 7.04 mmols 
and feed temperature of 410°C. The laboratory reactor 
bed is clearly non-adiabatic (in spite of the extensive 
insulation) in contrast to operating plants. Reasonably 
severe radial and axial temperature profiles are present. 

Because axial dispersion is negligible’', the relevant 
heat transfer parameters are A, (the effective radial 
thermal conductivity) and «, (the wall heat transfer 
coefficient). The governing equations without reaction 
are therefore 


—S ae 
GC,=— =4 
Oz 
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ner upie 
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BorcctssTs 


han 


within the catalyst bed, along 


“= & ya Tl.) (C7 


These equations have a well known analytica 
but in order to find A, and a, the variat 

temperature with length 7, (: 
estimated by measurement of the 


) must be 
outer surface tem 
peratures of the insulation at each of the four axial 
locations of bed thermocouples, coupled with solving for 
radial heat conduction from the reactor wall, through 
the glass and insulation into the ambient air. A two 
dimensional search then found parameter values min 
imising the discrepancy between the ten experimental 
and theoretical bed temperatures'-. The radial Peclet 
numbers shown in Figure 4(a) over a range of N,. from 
10 to 30 were in good agreement with previous results 
but the wall Biot numbers shown in Figure 4(b) were low 
in comparison to Dixon and Cresswell’’, though this is 
thought to be due to the use of unusually small catalyst 
particles in the present study 

Figure 3 shows the very reasonable correspondence 
between experimental and theoretical profiles in a typical 


Steady state measurement. Theory tends to overpredict 
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Figure 4. Fixed-bed heat transfer parameters. (a) Effective radial thermal cond 


temperatures in the entry part of the bed and to under- called cell model approach as illustrated in Figure 5 
predict towards the exit. Agreement is good in the limits the numerical simulations to the simple solution of 
central part of the bed. The discrepancies probably sets of ordinary differential equations forming an initial 
reflect some axial conduction effects at the ends of the value problem. Many previous approaches to analy 
fixed bed. fixed-bed dynamics have failed to take reasonable 
count of the thermal dynamics of reactor accoutrements 
THERMAL DYNAMICS WITHOUT REACTION The set of equations for describing radial heat transfer 
at the Nth stage using backmixed lumped cells as shown 


In order to avoid computations with PDE’s, the , 1 
in Figure 5 in the absence of reaction are as follows 


catalytic reactor is considered to approximate plug flow 
by the use of 12 backmixed stages. To incorporate the for the segment (cell) of catalyst 
dynamics of the glass wall and the insulation, as wellas = g7(y) 

external heat transfer from the insulation to the ambient 
air, these are each considered to form hypothetical di 

‘backmixed’ lumps comprising the same number of axial _ GO IT(N) — T(N — 1) 


stages, with negligible axial heat transfer. Such a so- n(N)C.+(] 
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for the glass segment (cell) 
d7,(N) 


Ps ee é dt 


ry | _ UAglT(N) ~ TaN) = KA LTAN) = TUN) oy 
‘4 Ps W.C., 


for the insulating layer segment (cell) 

















d7,(N) 
di 
K,AJ[T,(N) — T(N)|] — Ki ALTON) T5(N)] 
W, Co, 


and for the outer air layer 





ambient 
air d7(N) 
dt 
K,A,[T,(N) — T.(N)] — hALT.N) — T,] 
W.C, 
where 
[T,(N) + T,(N)] 
[7,(N) + T.N)] 
[T.CV) + Ty] 


This lumped cell-model provides an approximation to 
the radial profiles as indicated in Figure 6. The appropri- 
ate value for the overall heat transfer coefficient for each 
backmixed stage is given by 


| D 


T (7) 
l x S/ 





reactor 


temperature 


a NNN 
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— 
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ambient 


Figure 6. Radial temperature profiles using a cell model 
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The simulated unsteady heating up of the fixed bed is 
shown in Figure 7 in terms of the mean axial tem- 
peratures. The initial reproduction up to 30 minutes is 
good, although the final steady-stage axial profile pre- 
dicts somewhat higher theoretical temperatures than are 
exper:mentally observed, reflecting of course the same 
shortcomings present in Figure 3, which seem to be 
related to end effects. The predicted outer surface tem- 
peratures of the insulation as the reactor comes on 
stream are shown in Figure 8 with a temperature profile 
for each of four minute intervals. The final steady state 
is Closely approached after 100 minutes. Figure 9 then 
shows how the radial temperature profiles evolve in the 


first stage after hot feed is directed into the reactor 


FIXED-BED DYNAMICS WITH REACTION 


When the feed contains SO,, reaction takes place 
within the catalyst particles and heat is released due to 


t 


reaction. Equation (3) then becomes 
d7(N) 
d7 
GC,[T(N)— T(A 


n(N)C.+ (1 





Oxtdl MIXING 


Under reaction conditions, the corresponding 
equation for timewise variation in the mole 


sulphur dioxide in the Nth backmixed cell 


I 


where ? is a reaction rate 


C 1 reactiol ate based on cat 
Four different experimental feed policies 

switching the flow 

[hese are shown in 


addition of SO, at 


delayed addition with a step to the 


two four increment stet 
minute time intervals 
t 10% gives th 
shown in Figure 1] 
theoretical simulations 
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Maessen"* equatio! 
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Figure 8. Dynamic heat-up of insulation surface 
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Figure 9. Radial unsteady heat-up of ist cel 
with shown to correspond quite closely to the dynamic model, 
with the greatest deviations being evident in the front of 
the fixed bed, probably reflecting an end effect due to 
k = 1.00 x 10° exp(—45.8/RT) for T < 650°K axial conduction. A comparison of the measured and 


predicted dynamic conversion of SO, is shown in Figure 
Effectiveness factors were indistinguishably close to 12. 


k = 4.47 x 10’exp(—28.3/RT) for T > 650°K 


The predicted conversions are slightly lower on 
unity up to 750°K because of the small size of the average than those experimentally measured, but overall 
catalyst particles. In Figure 11, the reactor warm-up is the timewise increase in conversion towards the steady- 
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Figure 10. Feed policies for SO 
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temperature °K 


1] 


Figure 


state value of 79% is closely reflected by the theoretical 
model. This is also the case for each of the other three 
experimental SO, feed policies shown in Figure 10. The 
theoretical predictions for each experimental feed policy 
are compared together in Figure 13, from which the 
superiority of the four-step policy implemented at eight 
minute intervals is quite clear. 


TOWARDS AN OPTIMAL START-UP POLICY 

The fact that the theoretical reactor modelling can 
satisfactorily reproduce experimental reactor behaviour 
under a variety of feed policies of SO, suggests that the 
theory may be reasonably used to seek out an optimal 
policy providing a fast non-polluting start-up. In this 
respect non-polluting means that the mass flow rate of 
SO, leaving the reactor does not exceed the design 
steady-state value. Figure 14 then shows the mass flow 


100% 
| 


% of feed So converted 





Fixed bed therma 


Steady state 


dynamics with re 


rate of SO, relative to a design value of unity for two 
ramped increases of SO, and intermediate 
stepped policy. In each case the effluent 
predicted to exceed the permitted level of emission for 
significant periods, although at 


feed an 


reactor 1s 
first in each case the 
emission undershoots 

It is a simple matter to iterate on the feed profile of 
SO to bring the on stream without 
exceeding the ‘statutory’ level. Figure 15 shows a close 
approximation to a perfect non-polluting start-up of the 
laboratory reactor from cold, which uses 4% of SO, in 
the feed over an initial period of 40 minutes, followed by 
a ramp up to the design value of 10% over a final 10 
minute period. 

The experimental 


SO as reactor 


verification of reactor dynamic 
modelling of the laboratory reactor in the present study 
confirms that this approach should be able to be success- 
fully applied to deduce fast clean start-up procedures for 
the more demanding requirements of commercial plants 
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NOMENCLATURE REFERENCES 


surface area for heat iransfer 

gas specific heat 

specific heat of catalyst 

reactor diameter 

molar feed rate of sulphur dioxide 

total mass feed rate 

heat of reaction 

equilibrium constant based on pressure 
equilibrium constant based on Va catalytic state'* 
thermal conductivity of reactor glass wall 
thermal conductivity of reactor insulation 

rate constant for SO, oxidation 

number of gas mols in Nth backmixed reactor stage 
partial pressure 

radial position in reactor 

reaction rate of SO, (based on catalyst weight) 
temperature 

temperature of Nth backmixed reactor stage 
time 

overall reactor heat transfer coefficient 

volume of Nth backmixed reactor stage 

mol fraction 

reactor wall heat transfer coefficient 
fixed bed voidage 

catalyst bulk density 


effective radial thermal conductivit' 
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BOOK REVIEWS 


Fundamentals of temperature, pressure and flow measure- 
ment 

Robert P. Benedict 
John Wiley, 1984 
pp. 519, £55.75 


Third Edition (First Edition 1968) 


The major factor which militates against recommending 
this book to a wide audience is that it iives up to its title 
precisely. 

Each of the three sections has what amounts to a 
prologue which would be an ideal source for a set of 
undergraduate homework papers on the history of 
measurement. The first of which on temperature is a very 
full and interesting account of the changes in the philo- 
sophical and conceptual interpretation of temperature 
and its subsequent measurement 

Quite rightly the bulk of the first half of the text is 
devoted to thermoelectric methods for measuring tem- 
perature. It also includes sections on how to set up 
experiments, control water baths and perform statistical 
analysis. It was only when I was fully into the third page 
of the history of pressure that what was missing from the 
section on temperature became apparent. The funda- 


mentals are certainly there, but very little is said of 


industrial applications outside of the laboratory 
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Experimental Investigation of a Transient 
Catalytic Reactor for the Dehydrogenation 


of Ethylbenzene to Styrene 


P. J. HEGGS* (FELLOW) and N. ABDULLAH?* 


University of Bradford 


and * Department 


of Chemical Engineering, University of Leeds 


This paper describes an experimental investigation into the possibilities of utilizing the principles of a thermal regenerator to 
enhance reactant conversion in a catalytic reactor system. The apparatus and the experimental procedure are detailed. Both 
steady state and transient experiments are performed, and the transient results showed significantly higher conversions than 
the steady state investigations. Mathematical simulations using steady state kinetics compared well with the steady state data, 
but underestimated the transient data. The transient reactor has considerable potential for styrene manufacture, and the 
periodic nature of the process appears to reactivate the catalyst activity. 


INTRODUCTION 

A regenerative cyclic reactor system (RCR) utilizes the 
inherent operating characteristics of the fixed bed ther- 
mal regenerator’ to generate temperature profiles along 
a packed bed catalytic reactor so that reactant con- 
version is maximised. The RCR 1s a transient adiabatic 
reactor system which operates in a cyclic mode and 
requires at least two operational beds. At any particular 
instant of time, one bed accommodates the reaction, 
whilst in the other a favourable temperature profile is 
being regenerated. After a sei period of time, the oper- 
ating mode of each bed is reversed. The catalyst support 
material acts as the source or sink for the heat of 
reaction depending whether the reaction is endothermic 
or exothermic respectively. A suitable heat transfer 
medium is used during the regeneration operation to 
remove or supply the heat of reaction and, in doing so, 
creates the favourable temperature profile for maximum 
reactant conversion 

Cockcroft* theoretically compared the RCR for the 
industrially important catalytic dehydrogenation of 
ethylbenzene to styrene with the commercially used two 
Stage steady state adiabatic reactor (SSAR). The basis 
for the calculations was identical reactor bed sizes and 
flowrates. The average molar conversion of ethylbenzene 
to styrene in the RCR was 67.7% at an efficiency of 
88.6% where efficiency is defined as moles of styrene 
produced divided by the moles of ethylbenzene con- 
sumed. The equivalent SSAR system gave a conversion 
to styrene of 63.0% at an efficiency of 85.7%. Hence the 
RCR provides an increase of 6.3% in conversion to 
styrene which is significant commercially 

Kaeding’ showed that a 1% increase in conversion to 
styrene in a 250,000 tonne/year styrene plant represented 
in 1973 a $300,000 annual saving. Hence the predicted 
6.3% increase in the RCR conversion would give a 
$1,890,000 annual saving. However, the kinetics used in 
the RCR and SSAR simulations were based on steady 
State rate mechanisms and it is debatable whether these 
adequately describe transient catalytic operation. Thus 
an experimental programme was initiated to validate 


the theoretical findings of Cockcroft. The operating 
conditions for the dehydrogenation of ethylbenzene to 
styrene are relatively severe and also there a number of 
side reactions. So a brief description of the reactions, 
the commercial reactor configurations and operating 
conditions are included for completeness 


Dehydrogenation of Ethylbenzene 
to Styrene 
The only commercial process used for the production 
of styrene is the catalytic dehydrogenation of ethyl- 
benzene*’, although the catalytic oxidation of ethyl- 
benzene is being investigated’ 


reaction 


The dehydrogenation 


C,H;CH,—CH, = C,H,CH—CH, + H; (1) 


is reversible and endothermic and is carried out over an 
iron oxide catalyst at pressures just above atmospheric 
and temperatures within the range 560-650 °C. A low 
ethylbenzene partial pressure is achieved by using a 
steam diluent which also acts as a heat source, especiaily 
in adiabatic reactors. A large number of side reactions 
have been proposed*, but only the following two ethyl- 
benzene consuming reactions are deemed significant 
enough to be included in reactor modelling*’ 


C,H,;CH,—CH, — C,H, + C,H, (2) 
C,H;,;CH,—-CH, + H, ~ C,H;CH, + CH, (3) 


Carbon monoxide and dioxide are also found in the 
product stream and Sheel and Crowe’ suggested the 
following chemistry: 

C,H, +2H,0 — 2CO + 4H 
CH, + H,O > CO + 3H 
CO+H,0-CO,+H (6) 


Several commercial catalysts are used: Shell 105, 
Shell 205, Girdler G64/C and Girdler G64/D and 
usually consist of Fe,O, (85-90%), Cr,O, (24%) and 
K,CO, (6-10%) or KOH (1-2%). 
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Lee" states that the alkali promoter (K,CO, or KOH) 
suppresses the formation of any carbon and the steam 
removes potential carbonaceous residues as oxides of 
carbon. 

Cockcroft’ found that the various sets of kinetics 
available in the literature did not predict expected indus- 
trial performance and thus fitted the experimental data 
of Bogdanova ef al.'' by the Langmuir-Hinshelwood 
model to give the following equations: 

r= k\(Pes — PstPu/K,)/(% + Pes + BPsr) 
and 

r=Kpu Pes (* + Peet Bpstr), i=2and3 (8) 
where r is the rate of disappearance of ethylbenzene, and 
subscripts |, 2 and 3 refer to the stoichiometric equations 
(1), (2) and (3) respectively, and, 

k, = 3.032 * 10° exp( — 23050/T) (9) 
1530/T) (10) 
(11) 


(12) 


K, = exp(16.12 


k, = 3.401 * 10° exp( 


k, = 6.679 * 10° exp( 


20336/T) 
18820/T) 


and in equations (9) to (12) the temperature is in 
absolute units. These derived kinetics gave both con 
version and efficiency values within the reported com- 
mercial ranges and have been used in all the simulation 
calculations. 

Three reactor configurations are commonly used in 
industry: the one bed SSAR, two bed SSAR and a 
multi-tubular reactor. The one SSAR 
conversions in the range 35-40%, and efficiencies be 
tween 87 to 89%. The two bed SSAR system has an 
interstage heater to reheat the products from the first 
Stage and the conversions are around 55 to 63% but at 
lower between 84 to 86%. The lower 
efficiencies are primarily due to the higher inlet stream 
pressure and the longer residence time in the reactor 
system. In the SSAR configurations, the steam to ethyl- 
benzene molar ratios are in the range 12 to 20/1. The 
multi-tubular reactors are less common due to their 
high cost and complex control. Typically the conversion 
is about 40% with an efficiency at around 90%. Here 


bed results in 


efficiencies 


Figure | 
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the majority of the heat 


suitable heat transfer 


reaction is supplied by a 
medium on the shell side of the 
reactor and so the steam to ethylbenzene ratio is lower 


at about 6 to | 


The Experimental Apparatus 


[he apparatus was designed so that a direct com 


could be in 
two bed SSAR and 


Figure | is a schematic flov sheet of 


parison of three reactor configurations 
vestigated: the one bed SSAR, the 
the one bed RCR 

} 


the apparatus and are ob- 


the various configurations are 
tained by the arrangement of the open/closed states of 


The 


details of these combinations are also listed in Figure | 


the three blanking flanges and five solenoid valves 


Only co-current flow is possible for the RCR operation 


However, this arrangement avoids the use of expensive 


high temperature valves 


lhe basis for the reactor design was a typical indus 
trial mass velocity of 16.000 kg/m*- hr, and the diameter 


of reactors A and B chosen so that the 9 effects 
at the wall were minimal 
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preheating first with air up to temperatures around 
350-450 °C and then with steam to within 560-650 “C 
The design flowrates for air, steam and ethylbenzene on 
lines SL1 and SL2, and the outlet stream temperatures 
from the superheaters and the mixed inlet temperatures 
to the reactors are listed in Figure 3. The superheaters 
SSH1, SSH2, SSH3 and EBSH are compact annular 
devices with the heat supplied by 2kW 
electrical firebars 


common 


Once the reactors have reached reaction temperatures, 
the ethylbenzene vapouriser/condenser circuit is started 
up. When the system temperatures have stabilised the 
ethylbenzene vapour is introduced into the superheater 
EBSH by closing solenoid valves SV3 and SV5, and 
opening SV4, see Figure |. The ethylbenzene is pumped 
by a ‘Type E Metripump’ metering pump and the feed 
tank can hold adequate organic for up to a 10 hour 
continuous run. 

All process lines and the reactors were compensated 
for heat loss by either ‘Isopad’ Isotapes or specially 
made resistance heaters. The reactor products enter the 
condenser, and gas samples are taken through septa 
sealed joints at the top of the gas/liquid separator and 
ail liquid sampling tanks, which had capacities ranging 
from 10 to 60 litres. 

The product stream samples were analysed by chro- 
matography. The organics: ethylbenzene, styrene, tolu- 


ene and benzene were separated by a packing of 


Apiezon-L on Celite 545. The gases were initially sepa- 
rated by a column of Parapak Q, 80/20 mesh which 
separates hydrogen, air, methane, carbon monoxide, 
ethylene and ethane, but cannot distinguish carbon 
monoxide and water vapour. This was achieved by a 
molecular sieve 5A packing which filtered out carbon 
dioxide, ethane, ethylene and water vapour and sepa- 
rated hydrogen, oxygen, nitrogen, methane and carbon 
monoxide. For complete details of the apparatus and the 
design calculations the reader is referred to Abdullah’s 
thesis'*. The simulations of the SSAR and RCR devel- 
oped by Cockcroft’ were used to specify the depth of 
catalyst within the reactor so that significant differences 
would be observed between the transient and steady 
state operation. 

Space precludes the inclusion of the details of the 
simulations of the SSAR and RCR systems. Both the 
steady state and transient models were represented by 
heterogeneous film resistance plug flow reactors and 
numerical solutions were obtained which were shown to 
be stable, compatible and convergent. Full details of the 
models, numerical solutions and computations can be 
found in the theses of Cockcroft’ and Abdullah 


Experimental Investigations 
The commissioning of the apparatus revealed that the 
inlet tempeature to the reactor section would not exceed 
590 ~C and an additional steam superheater would be 
required to attain the higher temperatures. Thus due to 
time limitations it was decided to investigate the one bed 
SSAR and RCR systems over the temperature range, 
560-590 °C; see Figure | for the arrangement of the 
blanking flanges and solenoid valves 
Two groups of experimental runs were completed 
using fresh Girdler G-64/C catalyst. In the first group six 
transient runs (JT1 to 76) were followed by two steady 
state runs (S1 & $2), and after a complete shutdown the 
second group consisted of two transient runs (77 & T8) 
followed by two steady state runs ($3 & $4). The set of 
transient runs T1 to 78 will be discussed independently 
of the set of steady state runs S1 to $4. 


Transient Investigations 


The durations of the transient runs covered the range 
| to 3 minutes, and all gas and liquid samples were 
composite collections over the complete run. Table | lists 
the durations of the eight runs along with the measured 
conversions and efficiencies, and the time averaged inlet 
bed temperature and the outlet ethylbenzene superheater 
temperature. 


Figure 3. Design flowrates for the experimental reactor 
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Figure 4. Temperature-time plot for experiment 73 


Figures 4 and 5 show the temperature-time plots for 
experiments 73 and 78 respectively and these are typical 
of the transient runs. The expected fall in the catalyst 
temperature was evident in all runs except 77, where an 
unnatural rise in temperature was observed. The runs 
were carried out at different EBSH outlet temperatures 
to assess the effect of ethylbenzene pyrolysis 

Experiments 71, 72, T3 and 76 all have the same 
duration of three minutes. The conversion to styrene 
falls from 48.1% at 575 °C to 31.3% at 565 °C. At the 
same time the efficiency falls from 85.0% for an averaged 
EBSH outlet temperature of 473 ‘C to 73.8% for an 
averaged EBSH outlet temperature of 507 C, the fall 
being greater after 500 C. Experiments 75, 77 and 78 
have the same duration of two minutes. The conversion 
falls from 40.4% for an averaged bed inlet temperature 
of 570 °C to 32.2% for 565 °C. The efficiency for experi- 
ments 78 is 79.6% for an EBSH outlet temperature 
of 472 °C, whilst that of experiment 75 is 77.8% at 
496 “C. Once again the efficiency falls with increasing 
temperature. 

Experiment 77 exhibits very unusual behaviour in 
that the temperature along the bed rises dramatically 
This points to a highly exothermic reaction. Yet the 
conversion to styrene was 40%, though at a low 
efficiency of 69.4%. The only major exothermic reaction 
is the toluene producing reaction. Yet the toluene con- 
tent was only slightly higher than normal. Since this was 
the first run after a shutdown, the ‘dormant’ effect of the 
transient catalysis could have affected this. Another 
possibility is the effect of trapped air pockets during the 
shutdown affecting the reacticn mechanisms. Thus this 
result needs to be considered separately. 

Experiments 74, 75 and 76 have the same averaged 
bed inlet temperatures. The conversion falls from 39.0% 
for a duration of one minute to 31.3% for a duration of 
three minutes. The one minute experiment exhibits a 
greater efficiency than one would expect, considering the 
high EBSH outlet temperature and the short duration of 


EBSH Out 


a 


Run Wisteneons 


Figure Temperature-time plot for experiment 78 
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Figure 6. Temperature-time plot for experiment $2 


Figures 6, 9 and 12 show that for experiments $2, $3 
and $4, steady state with respect to temperature is 
reached within 10 minutes. 

The conversion profiles for experiment S2 (Figure 8) and 
S1 confirm this. But although experiments $3 and $4 
have their temperature profiles indicating the achieve- 
ment of steady state, the conversion profiles show a 
slower decay to steady state (Figures 10 and 13). This 
point is further illustrated in Table 3 where the tem- 
peratures at the bed inlet as well as the conversions are 
tabulated for the various reaction times for the four 
steady state experiments. The catalyst activity seems to 
be affected for experiment $3 and to an even greater 


Converson, Ef fioency (°%) 
= @ < 


Figure 


Mole Percentage 


ria 
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Figure 8. Aromatic component plot for experiment $2 


Experment 


‘] 


Run Time (minutes) 


Figure 9. Temperature-time plot for experiment $3 


extend for experiment $4. This is seen by comparing the 
conversions at 576 C and 578 °C for experiments $3 
and $4 with those of experiment $2. 

Lee’ mentions the existence of the following equi- 
librium during operation of the catalyst, 


oO H->O 
FeO == Fe,0, =— Fe,0, (13) 
H 


H 
H 


Thus the cut off of the reactant feed and the introduction 
of the regenerative steam must shift the above equi- 
librium. For experiments $3 and S4 some black Fe,O, 
particles (checked by oxidation in a furnace at 850 °C) 
were washed out with the samples. Experiments $1 and 
S2 had very few such particles washed out. This indi- 
cates a change in the surface composition during steam 
regeneration which results in higher activity. This type of 
phenomenon would benefit the RCR as a slower decay 
to steady state and higher activity impiies that longer 
periods can be operated for the RCR for the same 


Sampling Time(minutes 


Figure 10. Conversion and efficiency plot for experiment $3 


Figure 11. Aromatic component plot for experiment $3 
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conversion levels. The toluene and benzene content is 


also increased for experiment $4 (Figure 14), compared 
to experiments $1, S2 (Figure 8), and $3 (Figure 11) 
This increase falls off as the run progresses, outweighing 
the effect of the EBSH outlet temperature rise 

Gas sample analysis for experiment S4 showed that 
the change in catalyst activity is accompanied by a rise 
in the CO, producing side reaction rates whilst the CO 
producing side reactions are not significant for experi- 
ments $3 and $4. They are, however, observed fot 


r experiment 


t 


Temperature-time plot for experiment $4 
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(15) unlikely to occur as a minor side reaction, if at all. 
The more realistic suggestion is that of Smith’ who 
suggests the reaction, 


C,H,=C,H,+H (16) 


The amount of ethane produced increased with the 
production of C,H, and H,. This adds weight to reaction 
(16). Abdullah’? further details the gas sampling de- 
ductions, and results. Thus reaction (16), whilst a minor 
reaction. occurs to similar levels as the side reactions 
(4—6) and must be considered in future studies. 


Comparison of the transient and 
steady state experiments 
Due to small changes in reactor bed inlet conditions 
before steady state is reached (10-15 Centrigrade de- 
grees), the reactor steady state results were generally at 
higher temperatures than those for the transient runs 
Tables | and 3 show that the transient reactor exhibited 
far greater conversions than those for the steady state 
reactor, e.g. for a bed inlet temperature of 575 °C, the 


Steady state conversions is 33.2% (Experiment $2) 


S 
whiise the transient conversion for a run duration of 


three minutes is 48.1% (Experiment 71). A steady state 
system with a bed inlet temperature of 592 “C shows a 
conversion of 41% (Experiment $1). Therefore a two 
way improvement is possible by utilizing a transient 
system 


(i) higher conversions at a fixed inlet temperature or 
(ii) lower operational temperatures for a fixed con- 
version, also resulting in better efficiencies 


Comparison of model predictions 
with actual results 


Tables 4 and 5 show the comparisons of the con- 
versions predicted by the mathematical models against 
the actual results for the transient and steady state runs 
respectively. Comparisons of the efficiencies are not valid 
due to the different means of heating the ethylbenzene 
prior to reaction, as mentioned earlier. 


(a) Transient runs: At temperatures of 565-568 ~C, the 
models slightly underestimate the actual con- 
versions. As the bed temperature increases, the 
models completely fail to predict the conversion, 
giving rise to the suspicion that the kinetics are in 
act functions of time, temperature and surface 
processes 
Steady State Runs: There is no doubt of the 
tremendous increase in catalyst activity for experi- 

4. Actual and predicted conversions for the transient 


experiments 


Table 5. Actual and predicted conversions for the steady state 
experiments 


ments $3 and S4 when the values are compared 
to those predicted by the models. Experiments $1 
and S2 show a difference of 15-22% between 
the predicted and actual conversions for a fresh 
catalyst. This increases to 44% for experiment $3. 
For experiment S4, the differences reaches a peak 
of 55% before decaying to a value of 18%, which 
is more consistent with those of experiments $1 
and $2 


CONCLUSIONS 
A series of transient experiments of varying duration 
and steady state experiments were carried out on a pilot 
plant developed to investigate the RCR for the catalytic 


dehydrogenation of ethylbenzene to styrene. The experi- 


mental transient runs yielded conversions far higher than 
those of steady state runs (e.g. for a bed inlet tem- 
perature of 575 C, a transient run of 3 minutes duration 
gave an average conversion of 48.1% compared to 
33.2% for a steady run) 

These experimental results are compared to those 
predicted by reactor mathematical models based on the 
only set of reliable kinetics available in literature. 

The experimental steady state results showed good 
agreement with the model predictions, especially at the 
lower temperature ranges investigated. However, the 
transient results showed conversions much higher than 
those of the models, giving rise to doubts over the 
validity of the use of steady state kinetics to predict 
transient operation. Observations also showed that 
steam regeneration temporarily superactivates the cata- 
lyst and raises reaction rates before prolonged reaction 
operation causes the rate to gradually decay towards its 
steady state level. 

The potential of a transient catalytic reactor for the 
styrene manufacture is no doubt. However, the catalysis 
kinetics and ethylbenzene pyrolysis mechanisms during 
transient operation need extensive examination. This 
preliminary study does emphasise the advantages of 
transient operation over a steady state operation even 
though the range of investigation was small. 

Future work should examine the kinetics of transient 
ethylbenzene catalysis and pyrolysis, two bed SSAR 
operation, higher reaction temperatures up te the maxi- 
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NOMENCLATURE 


K, equilibrium constant bar REFERENCES 
- velocity constant kmols~' (kg catalyst) |. Schmidt, F. W. and W 
p partial pressure bar ind Regeneration (McGraw-H 
r reaction rate kmols_' (kg catalyst) 2. Cockcroft, C. S., 1976, PhD 
temperature K or ( 3. Kaeding, W. W., 1974, Car 
4. US Patents 3,502,737; 3,5 
5. GB Patents 892 
Greek © 
m adsorption coefficient of ethyl 
benzenebar 
B ratio of adsorption coefficients 
of styrene ethylbenzene 


Subscripts 


styrene reaction 
benzene reaction 
toluene reaction 
ethylbenzne 
styrene 
hydrogen 
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ELECTROLYTIC REDUCTION OF OXALIC ACID 
TO GLYOXYLIC ACID: A PROBLEM 
OF ELECTRODE DEACTIVATION 


By K. SCOT 


Engineering 


Teesside P 


4 reaction engineering analysis of the electrolytic production of glyoxyiic acid from oxalic aid during galvanostatic batch 
electrolysis is presented. The analysis accounts for fouling of the electrode surface by incorporating deactivating kinetic 


expressions. 


Experimental yield data obtained from electrolysis with a constant concentration of oxalic acid are shown to be in agreement 
with an independent zero order deactivation mechanism. This, under the conditions of the work, being a limiting case of 


side-by-side deactivation. 


Theoretical predictions of reactor performance from the deactivation reaction mechanism are shown to be in reasonable 


agreement with actual reactor behaviour. 


1. INTRODUCTION 


The production of glyoxylic acid by the electrolytic 
reduction of oxalic acid has attracted interest for many 
years. A number of patents have been granted for the 
process using a variety 
materials 


of electrolytes and cathode 


All these patents used acidified electrolytes 

and high overvoltage cathodes such as mercury, lead and 

cadmium. Reported byproducts formed from side reac- 
1 


tions accompanying the formation of glyoxylic acid, 
include giycolic acid, glyoxal, formaldehyde, tartaric 
acid and dioxytartaric acid. A reduction in side reactions 
by using a cation exchange membrane as diaphragm 
was claimed in a Japanese patent*. More recently 
improvements in the process were claimed’ by using 
aqueous oxalic acid electrolyte without supporting 
electroiyte, ostensibly to produce an uncontaminated 
product and greatly simplify product purification 
Glyoxylic acid is normally sold as a 50% by weight 
aqueous solution and is used as an intermediate in the 
perfumery, pharmaceutical and fine chemical industries 
The non-electrolytic process to glyoxylic acid employs 
the oxidation of glyoxal with nitric acid’ 
Investigations into the effect of process operating 
conditions such as temperature, current density and 
potential on product yield and current 
efficiency have been made by a number of workers’ 


- . 
electrode 


Lead was the preferred cathode material in all these 


studies. Good yields of glyoxylic acid were reported with 
operating temperatures of approximately 20°C or less; 
the major byproducts being glycolic acid and glyoxal. A 
high degree of turbulence, i.e. mass transport, was also 
found to be favourable for the reduction'*'* by 
minimising both hydrogen evolution and glycolic acid. 
Two studies of the production of glyoxylic acid’ 
have shown that for a given quantity of electricity 
passed, greater current efficiencies are obtained at higher 
electrode potentials or current densities. Maximum 
concentrations of glyoxylic acid produced from the 
electroreduction of saturated oxalic acid are in the 


range even when the concen- 
tration of oxalic acid is maintained constant through the 
addition of excess feedstock. Both of these observations 
are in agreement with the influence of cathode con- 
tamination on the electroreduction, which gradually 
suppresses the surface activity for organic chemical 
production and allows excessive hydrogen evolution” 


of 80 to 100¢1 


This problem of electrode deactivation during the 
electroreduction of oxalic acid and its subsequent analy- 
sis is the subject of this paper. The problem of electrode 
deactivation is not uncommon industrially, other 
examples being in the dimerisation of acetone to pinacol 
and in the electrohydrodimerisation of acrylonitile to 
adiponitrile Predicting the performance of such 
deactivating systems is clearly important in determining 
“optimum” reaction times and re-activation strategies. 

Experimental data for the production of glyoxylic acid 
in aqueous solutions is analysed using classical deacti- 
vating rate equations’® to determine activity coefficients. 
This data is then used to predict and compare reactor 
performance during galvanostatic operation. 


2. EXPERIMENTAL PROCEDURES 
The experimental procedures for the electroreduction 
oxalic acid are published elsewhere 
briefly summarised here. 

Polarisation data were obtained in a divided glass 
stirred H-cell of 60cm° capacity by the potentiostatic 
technique. Anode and cathode materials were !ead, 
B.D.H. grade 99.99% pure. The reference potential was 
provided by a saturated calomel electrode. 

Preparative runs were performed galvanostatically 
using recirculating batch flow electrolyses with cells of 
the plate and frame type. The cathode was high purity 
lead (>99.99% pure) and the anode was either D.S.A., 
supplied by Oronzio de Nora, Milano, Italy or 
lead/thallium alloy of the same area as the cathode. The 
catholyte was saturated solution of aqueous oxalic acid 


of and hence are 
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ELECTROLYTIC REDUCTION OI 
(at temperatures of 14°C to 24°C) separated from an 
aqueous sulphuric acid anolyte by an lonac cation- 
exchange membrane, type MC-3470 manufactured by 
lonac Chemical Company, New Jersey, USA. Velocities 
in the cell produced turbulent flow 
Reynolds numbers in excess of 10,000. 

All experiments were carried out with the catholyte 
maintained at its saturated condition i.e. the reactant 
concentration is constant. This was achieved by the 
regular addition of solid oxalic acid dihydrate through 
out the electrolysis. The oxalic acid was technical grade 
of specified purity not less than 98% (w/w). Two scales 
of preparative experiment were carried out, one using a 
single plate and frame cell with an electrode area of 
100 cm? or 200 cm’ and the second pilot runs using a fou 
cell module, each cell having an electrode area of 
0.116 m’. 


conditions at 


3. ANALYSIS OF ELECTRODE DEACTIVATION 

The processes of are 
undoubtedly complex and present a major challenge 
to fundamental physical analysis. Treatment of the 
problem in catalytic reactor engineering’ have analysed 
deactivation using decay reaction kinetics incorporating 
the activity of a catalyst pellet ‘a’ defined by 


electrode deactivation 


rate at which catalyst converts reactant 


a= - 
rate of reaction with new catalyst 


Electrode deactivation may result from fouling, or 
poisoning (adsorption), it may be uniform on all sites or 
selective. The source of deactivation may be a material 


formed from reaction species or intermediates (parallel 


or series deactivation), an impurity in the feed (side-by 
side deactivation) or from structural modificatien of the 
surface (independent deactivation) 

The process at the electrode surface may in addition 
be dependent on conditions in the electrode double layer 
and interfacial potentials. It is probably reasonable to 
suggest for a single reactant species A 
reaction at a deactivating the 
reaction rate expression 


undergoing 


electrode following 


a (1) 


where k,, is the electrochemical rate constant given by a 
Tafel expression of the form 


kp, =k, exp(PE) 


with E the electrode potential. 
Then for deactivation 


da 


. oe 

dr ; 
where k, is the deactivation constant for an irreversible 
process. C, is the concentration of deactivating species, 
m is the order of reaction with respect to C, and d is the 
order of deactivation. The reaction rate expression and 
deactivation may in addition be influenced by mass 
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4. MATHEMATICAL DESCRIPTIONS OF 
GLYOXYLIC ACID PRODUCTION WITH AND 
WITHOUT DE-ACTIVATION 


4.1. Batch Operation Without Deactivation: 
Constant Feed Concentration 
The electroreduction of oxalic acid in aqueous solution 
can generally be represented by the 


following 
series/parallel network 


According to this scheme oxalic acid undergoes a two 
electron reduction to glyoxylic acid. Glyoxylic acid, the 
intermediate product, can undergo further two electron 
reductions to either glycolic acid or glyoxal. 

The reaction scheme is analysed with the following 
main assumptions: 


(i) reactions are irreversible and first order’ with 
electrochemical kinetics given by equation (2). This is a 
reasonable assumption as seen from polarisation charac- 
teristics presented in Section 5. 

(ii) Tafel slopes for all reaction steps are equal 
i.e. B, = B, = B,. This again is a reasonable assumption 
as seen from polarisation characteristics presented in 
Section 5. 

(iii) reactions operate without mass _ transport 
limitations, which is a reasonable assumption with 
turbulent flow at a Reynolds number of 10,000. 

(iv) The hydrogen overpotential is large and 
hydrogen evolution is mainly due to the effect of elec- 
trode deactivation. 

With a constant feed concentration C,, the funda- 
mental batch reaction equations, are (n, =n, =n, =N) 


xc 5 


= 1 (10) 
nFI 


(11) 


dc 
(12) 
di 
Combining (10) and (11) and substituting for the 
reaction current densities as 
i, @ AF RpC an 
i, = nFkpC, 
i, = nFkpC, 
we obtain 
dc B 45. k C AQ 
d(C-+Cp) (k.+ks)Cp 
which integrates assuming initial concentrations of B, C, 
D are zero to give: 


(k,+k,) C Ca 
= dink 1 = t = <7) 
(k,+k,) | k apes | Cro 


This expression describes the variation of byproducts as 


Ao 


Figure 1. Variation of product concentration with byproduct 


formation as a function of rate parameters. Values of k,/k, + k, shown 
on figure 


a function of product yield. Equation (17) applies to 
both galvanostatic and potentiostatic operation. Typical 
predicted variations in product concentration C, as a 
function of byproducts are presented in Figure | for 
various values of the rate constant ratio k,/k,+k,. As 
expected, high values of this ratio give higher production 
levels of B at the same byproduct concentration. The 
difference in system performance during potentiostatic 
or galvanostatic operation is in the variation of product 
concentrations with time. 

During galvanostatic operation in which the total 
current i; is given by 


=i +i (18) 
equations (10), (11) and (12) can be combined to give 


int 
2(C, + ( y+ Ca=Cep= ~ (19) 
n:-V-F 
Combining this with (17) gives the variation in concen- 
tration of C, with time as 


k 


\ (k,+k;) Cy }) Cs T 
(k,+k;) | 


inl 1 > ++ ——— = (20) 
Canth fees 2 
where t,=S -i, 
passed. 
During potentiostatic operation the variation in the 
concentration of B is obtained directly from integrating 
(10), as 


'- Cao the Faradays per mol 


(—kp +k)°S-t 
exp (21) 


The maximum concentration of B from this is given by 


(22) 


which also applies to galvanostatic operation. 

An implication of (22) is that much higher concen- 
trations of product can be achieved than the case when 
the feed concentration is not maintained constant. This 
apparent advantage however must be viewed in the 
context of increased formation of byproduct as well as 
the final separation of product. 
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The above 
performance 
occurs. They 
additives are introduced into the feed to suppress elec- 
trode contamination and minimise de-activation. Some 
work on this aspect has already been reported’ where 
small amounts of tertiary or heterocyclic amines are 
reported to increase current efficiency by suppressing 
hydrogen reduction. This is probably due to a complex- 
ing of the foulant with the additive in aqueous solution 
which prevents deposition or adsorption the 
electrode surface. 


expressions allow comparisons of system 
to be made when electrode deactivation 
may also be of value in systems where 


onto 


4.2. Batch Operation with Deactivation: 
Constant Feed Concentration and 
Galvanosatic Operation 
will] deactivation 


The analysis consider 


represented by 
(9) 


and will concentrate on two orders of deactivation zero 
order and first order i.e. d 
of a at t = 0 is taken as | 
integration of (9) 


()} and |. The initial value 
For zero order we obtain from 


=1-k,:t 


(24) 
It is assumed that all the reaction steps are deactivated 
according to the same mechanism and hence the activity 
factor is identical for each step 
From (19) and (23) for 
obtain 


zero order deactivation we 


AC, y+ Cy 


l [ 
pit 
when plotted as 


2(C- + Cy) + Cp 
S:ir't 


versus time is a test for this mode of deactivation 


(C- + Cp) may be substituted using (17) 

With Ist order deactivation we obtain from (19) and 
(24) 

S (| é 

ly 

VnF Ks 
The maximum concentration of C 
vation is given by 


(k 


2(C- + Cp) 4+ (26) 


3 (tf — ©) with deacti- 


‘In aC 
ZC ao 

S-h 
2VnF - ky 


(27) 
, C AO 
Equations (26) and (27) may be combined, to give the 
following expression for testing the deactivation rate 
equation. 
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5. RESULTS AND DISCUSSION 
5.1. Polarization Behaviour 
Typical polarization curves obtained fron 
for oxalic acid and glyoxy 
Figure 2. All the 
behaviour over a 
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] j 1 
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show 


data 
Tafel slopes for oxalic acid reduction 
reduction are approximately equal 

The polarisation curves obtained 
acid supporting electrolyte, 


and glyoxylic acid are reduced at electi 


negative than those for hydrogen evolution. Under 


conditions the ratio of kinetic 
approximately 3. In the 
supporting electrolyte (tI 


constant 
absence oj 
conditior 
electrolyses) the ratio of k,/k,+/ é 
Under these conditions (pH approximatel 
0.2M_ sulphuric acid) 


electrode potentials significantly more 


hydr yen evi 


those for both organic acids 
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Figure 3. Typical plot of 2(C.+C,))+C, versus charge passes 


000 Ar Lead electrode area 100 cm 8°C; 18°C; + : 23°C 
considerable spread of data points, a _ reasonable 
correlation is achieved in the temperature range of 18°C 

22°C. A good correlation is also achieved for data 


tO 22 


obtained at a temperature of 14°C. From the slopes of 


these two lines the following values of k, are obtained. 
18°C — 22°C 1.22 x °s 
I4-C 10x 10°-°s 


The difference in k, values at these two temperatures is 
probably due to the difference in solubility of oxalic acid, 
at the two temperatures. The levels of impurity 
introduced into the solution will therefore differ at the 


two temperatures and if side-by-side deactivation 


predominates, the value of k; might be expected to be 
lower at the lower solubility (temperature). 


An uncompromising feature of the zero order 
mechanism is that at a time = 1/k,, the electrode has 
zero activity and no more organic product is produced. 


5.3. Reactor Performance Characteristics 


The general effect of zero order electrode deactivation 


on performance is to decrease the rate of production of 


+ Cy 
Figure 4. Experimental plot of (gi-' ¢ 


) versus 
500 Am~*, 14°C; 1000Am~-, 14C. V7 
2000 Am~*, 22°C; §§: 1000 Am~-, 18°C. A 

@: 2400 Am ~’, 18-20°C. +: 1000 Am~?, 22°C: x 


1500 Am~*, 14°C; 
1000 Am~*, 22°C: 
1000 Am ~-, 18°C 


Figure 5. Comparison between experimental and theoretical concen- 


tration levels of glyoxylic acid versus total 


experimental; solid line C, 


byproduct 
constant. Dashed line C, varying 


B, hence necessitating extended electrolysis periods to 
attain required conversion levels and resulting in inferior 
current efficiencies and higher energy consumptions. In 
addition, at particular values of electrode area per unit 
volumes and current density a maximum concentration 
of C, cannot be exceeded because the electrodes become 
inactive to organic reaction. The higher the current 
density the higher this maximum conversion level. At 
low values of S/V (=3.3) and current densities of 
1000 Am ~ concentration levels of glyoxylic acid will 
at best be about 0.5 C,,. This is in accord with 
experimental findings and as such may warrant the 
reactivating of the electrode to increase conversion in 
further electrolysis. Alternatively, further conversion of 
this mixed oxalic acid, glyoxylic acid electrolyte may be 
achieved in additional cell units. A potentiostatic mode 
of operation would be of little benefit in this type of 
system. 

Figure 5 shows a comparison between experimental 
and theoretical concentration levels of glyoxylic acid 
versus production of byproduct during galvanostatic 
operation. The experimental data are in general accord 
with theory with a value of k,/k,+k, approximately 
equal to [his compares favourably with that sug- 
gested from poiarizations. Also in Figure 5 is the 
equivalent plot of C, versus (C;. + Cp) for the case when 
the oxalic feed concentration is not maintained constant 
during reaction. The benefit of a constant feed 
concentration with regard to higher glyoxylic acid 
concentrations is obvious. 

Typical experimental current efficiencies and yield 
data for glyoxylic acid, obtained with the small scale and 
pilot scale cells are presented in Figures 6 and 7 
respectively. As can be seen, the variation in product 
yield with time for both cells is in reasonable agreement 
with the theoretical model of electrode deactivation. The 
low concentrations of B obtained at low current densities 
is seen. 

The variation of current efficiency with time is, within 
experimental error, also in general agreement with 
theoretical predictions. Here, mainly due to the close 
proximity of predicted current efficiencies, a good match 
between experiment and theory is not achieved. 
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Figure 6. Comparison of experimental and theoretical glyoxylic 
yields and current efficiences for the small scale cell. S/} 
predicted glyoxylic acid concentration C,/C,, (-----) dashed 
a: 2000 Am~* 20°C; experimental; +: 18°C; @22°C. b: 1000 An 
20°C; experimental; x: 18°C; x 22°C. c: 500 Am~? 20°C: experi 
mental; 7: 18°C; A 22°C. Predicted glyoxylic acid current efficiency 
) solid lines a: 2000Am~-, 20°C; 4: 1000Am 20 « 
2000 Am~-, 14°C experimental data. @: 2000 Am 15 ¢ 
1000 Am 24°C YW: 1000Am 22 C. @: 2000 An 22°C 
2000 Am 18°¢ 


Figure Comparison of experimental and theoretica 
yields and current efficiencies for the pilot scale cel 
) dashed lines, current efficiency | solid lines 
3m 1000 Am ~~, 20°C and S/J 1.65 m~', 2000 An 
3.3m 1250 Am 20°C. Experimental data yields 
3m‘, 1000 Am~-, 21°C S/I 3.3, 1250 Am 
S/} 1.65, 2000 Am 22.5°C. Current efficiences 
3.3, 1000 Am 21°C; @: S/I 3.3, 1250 Am 22.5°C 
1.65, 2000 Am ~~, 22°¢ 


The ability of the deactivation model to predict 
reactor performance during scale-up is evident from 
Figure 7. This experimental data was not used in section 
5.2 in determining the deactivation mechanism.* 


*This is also the case for most of the small scale current efficiency data 
of Figure 6. The results were obtained in separate experiments 
investigating the effect of cooling the cathode surface in preference 

catholyte to maintain reaction 


to cooling the constant 


temperatures 
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6. CONCLUSIONS 
The application of 


models to predict 


general reaction engineering 
the time independent concentration 
characteristics of a series type of electrochemical reac- 
tion has been demonstrated for the case of glyoxylic acid 
production with a constant concentration of reactant 
The product concentration, time behaviour during 
glyoxylic acid production has been analysed in terms of 
electrode deactivation. This deactivation is adequately 
described by a zero order independent mechanism. Un- 
der the conditions of the work this is also equivalent to 
side-by-side deactivati 

The deactivation reaction model r ing from this 
work, is capable of predi reactor behaviour 


during scale-up. This in turn will allow reactivating 


Strategies to be determined, when € 


appropriate 
The benefits « g a constant reactant 
concentration with 


demonstrated 


product yield have been 
This, he ver, will incur greater costs in 


reactant and product 
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An Introduction to Chemisorption and Catalysis by 
Metals 

R. P. H. Gasser 

Oxford Science, 1985 
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Central in importance to the chemical industry is the 
way molecules behave at interfaces and surfaces. The 
growth of the heavy inorganic chemical industry, petro- 
leum processing, and synthesis of fuels and fine chem- 


icals all depend on the development, albeit by art as 
much as science of successful heterogeneous catalyst 
systems. The past thirty years has seen the development 
of a large number of new techniques for examining 
interactions, surface structures and catalytic reactions at 
the molecular level, particularly of gases with metals 
rhis impetus owes much to the efforts of physicists since 
the second world war, no doubt justifiably stimulated by 
their success in unravelling chemical and physical behav- 
iour in the bulk of metals and related solid materials, 
which has produced our ‘computerised transistorised’ 
society Surface processes are nol proving as easy to 
unravel as might have been hoped two or three decades 
ago given the talent and resources which have been 
directed at them, and even where understanding has 
been obtained it is often limited to work with clean metal 
films and crystais, studied under ultra high vacuum 
conditions at pressures, some fourteen orders of mag- 
nitude below those used by the chemical industry! This 
‘pressure gap’ between laboratory studies and industrial 
processes is associated with a comparable ‘information 
gap for both the student and practitioner of chemical 
engineering today, who wants to acquire some insight 


into current ideas and techniques used in the study of 


surfaces. For many years chemical engineering has been 


largely concerned with bulk and continuum properties of 


matter, but now the chemical and process industries are 
seeking new markets in biotechnology and high value 
is probable that chemical engineering 
courses will pay more attention to developments at the 
boundaries with chemistry, physics, biochemistry and 
materials science. 


materials, it 


This book, by a physical chemist is based on a course 
of lectures given in the Chemical Engineering De- 
partment at Yale University, which in common with 
many U.S. Universities regards ‘surface science’ research 
as an appropriate research area for chemical engineers, 
to a much greater extent than is the present pattern in 
the U.K. or indeed in Europe. In the preface it is stated 
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that the level of discussion is intended to allow students 
with a general knowledge of thermodynamics, kinetics, 
and quantum theory to reach a position in which they 
can read and appreciate the substance, though not 
necessarily the details, of original publications in surface 
studies. It should, therefore, be possible for senior 
undergraduates in both Chemistry and Chemical En- 
gineering, as well as graduate students in those subjects, 
to follow the discussion. It is, in effect, designed to 
complement C. N. Satterfield’s Heterogeneous catalysis 
in practice (McGraw Hill, 1980) and B. C. Gates, J. R. 
Katzer and G. C. A. Schuit’s Chemistry of catalytic 
processes (McGraw Hill, 1979). The territory surveyed 
by these books is thus similar to that covered in the now 
almost classical Introduction to the Principles of Hetero- 
geneous Catalysis by Thomas and Thomas (which will 
shortly appear in a second edition), and thus covers what 
is known of ‘how catalysts work’ 

In order to portray the subject it is necessary to discuss 
in separate chapters Metallic structures, Low energy 
electron diffraction, Electron emission Surface potentials 
and vibrational spectra, the Background of hetero- 
geneous Catalysis, and finally the Catalytic oxidation of 
carbon monoxide on palladium and platinum. The last 
chapter illustrates the difficulty of the subject since this 
apparently straight forward reaction is shown to be far 
from simple and possesses unexpected subtleties which 
have come to light as a result of using the theories and 
techniques discussed in earlier chapters. According to 
temperament, the reader wil! be stimulated by the inge- 
nuity of those working in the field or somewhat 
chastened at the prospect of our ever understanding 
catalysis sufficiently well to be able to design catalysts to 
carry Out a given reaction. 

The book is of manageable length, well produced and 
steers an elegant path near the rocks of quantum me- 
chanics without actually getting wrecked. At least one or 
perhaps two years of a chemistry degree are a necessary 
background to follow the chapters describing diffraction 
theory and bonding in terms of molecular orbital theory. 
The author though more than succeeds in his aim of 
showing by examples how those actively studying ad- 
sorption and catalysis (by metals) go about their experi- 
ments and interpret the results. At today’s prices, the 
cost is average but one would like to believe that if the 
price were halved sales would more than double. 


N. Kenney 
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The transalkylation reactions of EB using AICI, as catalyst have been studied. The equilibrium constant as a function of 


temperature has been determined experimentally in the range 323-353 K and a heat of reaction of 13.3kJ gmol 


has been 


obtained. The transalkylation reactions are fairly fast and they take place in the catalyst phase. 
In the alkylation reactions the rate of ethylene absorption is almost constant when the concentration of polyalkylates higher 
than DEB is negligible. This rate increases slightly with the temperature and it has an activation energy of 4.57 kJ gmol 
The product distribution obtained confirms that transalkylation and alkylation reactions occur simultaneously 


INTRODUCTION 


The alkylation of aromatic hydrocarbons with olefins is 
of industrial interest as a method to obtain intermediate 
products in the chemical industry. These products are 
necessary to obtain textile fabric, plastics, detergents, 
etc. Among the alkylaromatic products obtained by 
synthesis are, ethylbenzene, which is principally used to 
obtain styrene and isopropylbenzene to obtain phenol 
and acetone. 

The commercial process of alkylations of aromatic 
hydrocarbons with light olefins is generally carried out 
in the liquid phase with a catalyst such as aluminium 
chloride, or in the vapour phase at high temperature and 
under pressure over a silica/alumina catalyst or phos- 
phoric acid. At the present time, the liquid phase process 
is the most commonly used, i.e., the Mobil-Badger' and 
the Monsanto’ process where aluminium chloride is used 
as a Catalyst, although recent work by Tao et al.’ used 
HZSM-5 zeolite catalyst. 

Cerny et al.* used as a catalyst a mixture of ethyl- 
benzene, AICI, and water which after a period of stirring 
gives a dark red liquid catalytic complex. Nambu et al. 
have found that such a complex contains mono, di, tri, 
tetra and pentaethylbenzene as well as some benzene. 
Due to the high complexity of the system using AICI, as 
catalyst, the industrial design is generally based on 
empirical data®’ 

The kinetics of the alkylation of benzene with ethylene 
using AICI, as catalyst and dry HCI as promotor have 
been studied by Berry and Reid® and Plyusmin and 
Sukhorosova’, although the relative values of the al- 
kylation rate constants for the different polyalkylates 
given by both groups of researchers differ greatly for the 
same conditions. 

The product distribution has been widely studied by 
Kutz et al."°, who found that aluminium chloride 
favoured the production of m-isomers and that the ratio 
of meta to para-isomers was 2/1. 

Recently, Serebryakov'' formulated a model for the 
alkylation of benzene with ethylene using AICi, as 
catalyst on the basis of the existence of an equilibrium 
between the active and non-active form of the catalyst. 
Gawdzik"? proposed a numerical analysis for the evalu- 


ation of the components of the reaction 


on the assumption of a chemical equilibri 
transalkylation reactions 
elling work has been carried out by Ke 
Efendieva’ in which the diffusion factor was « 
Experimentally 
products of the alkylation of benzene with 
at 130°C are ethylbenzene, 
diphenylethene 
In the | 
alkylation or disproportion reactions occur! 


alkylation and 


Schulz et al found that 


polyethylbenzene 
iterature there are many reports 


neously with the alkylation reactions’. In th 


process the transalkylation reactions are \ 
| 


the selectivity of the monoalkylate by 


1e reactor with 


4 
1 
t 
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lytic phase obtained in t 
little work has been published solely 
reactions 

The aim of the present 
preliminary study of the kinetics of the alk 


work has been 


benzene with ethylene using aluminium chloride 
catalyst and HCI as promoter. The transalkylation reac 
tions of ethylbenzene have been studied in the absence 
of alkylation reactions in order 
tribution to the total 


alkylation of benzene with ethylene 


to €vaiuate their con 


product distribution during the 


EXPERIMENTAI 


The alkylation reactions were carried out in a 500 c.c 
continuous stirred glass reactor which was thermo 
statically controlled, had facilities for sampling and had 
been fitted with a reflux condenser. A diagram of the 
equipment can be seen in Figure |. The transalkylation 
reactions were carried out in a batch reactor and both 
phases were analysed together, with the catalytic phase 
being destroyed by treatment with ice and concentrated 
HCl. 

The catalyst used on both reactions was aluminium 
chloride with dry HCI used as promoter. The dry HCI 
was generated by passing a concentrated solution of HCI 
through concentrated sulphuric acid 

In the alkylation reactions, the size of the AICI 
particles has a large effect on the rate of formation of the 
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Figure |. Diagram of experimental 
é t 


catalytic phase and because of this the catalytic phase 
was prepared before starting the reaction. This was done 
by mixing AICI, with the minimum amount of ethyl- 
benzene required at the reaction temperature and stir- 
ring until the catalyst was completely dissolved. Then 
benzene, previously heated to the reaction temperature, 
was added and dry HCl! was passed through for 15 
minutes. The ethylene was then introduced and a sample 
was taken from the hydrocarbon phase at regular inter- 
vals. 

The sample analysis was carried out by gas chro- 
matography using a two meter long column with HMDS 
Chromosorb as a support and 20% of DEGS 


RESULTS AND DISCUSSION 


An initial study of the alkylation reactions of benzene 
with ethylene has been performed, together with a study 
of the transalkylation reactions which are expected to 
occur simultaneously. 


Transalkylation Reactions 
In the present study only the transalkylation of ethyl- 
benzene has been considered 


2EB2B+ DEB (1) 


because the chromatographic analysis showed that the 
concentrations of TEB and polyalkylates were negligible 
in all the experiments that have been performed. This 
shows that the transalkylation of DEB can be assumed 
to be negligible. Therefore, it can be said that 


Xs, a X py B 
Xep Ss Xe 


the effect of reaction temperature, molar ratio of hydro- 
carbon to catalyst and composition of hydrocarbon have 
been studied. 

Investigations have been carried out for temperatures 
from 313K to 353K with an initial composition of 
0.5 gmol EB and 0.02 gmol of AICI,. 

rhe results are shown in Table | together with the 
transalkylation equilibrium constant calculated from 


(2) 


Xp, Xdep a X pes 
(Xepy Xep 


(3) 


From Table 1 it can be seen that at 313K the 
equilibrium was not reached after 2 hours. However, at 


-1.00 --— 


Table | 
\ EB X EB 


0.065 0.004 
0.165 0.027 
0.395 0.156 
0.460 0.212 
610 0.372 
630 0 397 
670 0.449 
690 0.476 
735 540 


745 555 


~ 
> 


(Xg)(Xpep)/(XeER)’ 
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323 K equilibrium was reached at 2 hours and at 333 and 
343 it was reached at | hour. For 353 K equilibrium was 
reached at 0.5 hour. 

The equilibrium data are in reasonable agreement 
with the literature data for the same reaction in the gas 
phase,'”'* assuming Raoult’s Law to be applicable. 

The values of the equilibrium constants for the four 
temperatures have been plotted against the inverse tem- 
perature in Figure 2 and the following expression can be 
obtained 


(4) 


which indicated an endothermic process with a heat of 
reaction of 13.3 KJ/gmol in the range of temperatures 
studied. This value is rather large and it can be explained 
by the influence of vaporization of benzene. 

With a view to determining whether the reaction 
occurred in the catalytic phase, a set of experiments have 
been planned at 323K with a constant initial hydro- 
carbon mass of 0.5 gmol. The mass of the catalyst was 
varied between 0.005 and | gmol of AICI, and all the 
experiments were performed for | hour. 

The results obtained are shown in Table 2, where the 


conversion of ethylbenzene has been defined as 
X 


EB 


where X;, 





i ema 


Figure 2. Transalkylation equilibrium constant versus the inverse 


temperature 
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Table 
AICI,, gmol 
0.005 0.242 
0.010 0.375 
0.020 0.479 
0.050 0.541 
0.100 0.54] 


Since the equilibrium conversion at this temperature 
is 0.556, it can be seen that the rate of the reaction 
increases with the mass of catalyst and that for a molar 
ratio of hydrocarbon/catalyst less than 10 the equi- 
librium has almost been reached at one hour. 

If reversible first order kinetics are assumed, it can be 


by integration, 


In| | 
t 


The values of the complex kinetic coefficient k,, can be 
determined from the first three experiments in Table 2 
On the other hand, reversible second order kinetics can 
be assumed 


=k,} 1 
dt 


which lead to 


and the values of k, can be determined from Table 2 

The values obtained for k, and k, have been plotted 
against the mass of catalyst, in Figure 3, and it can be 
seen that for both rates of reaction the constant is 
proportional to the mass of catalyst. Therefore, the 
reaction had taken place in the catalytic phase 

From the above results it can be concluded that at the 
usual industrial operating temperature (343-353 K) the 
transalkylation reactions are relatively fast 

Experiments have been performed with different ini- 
tial compositions of ethylbenzene—benzene and with 
0.02 gmol of AICI, at 323 K for | hour. This was done 


to confirm the expression for the equilibrium constant of 


reaction’ as well as to obtain some kinetic information 
about the transalkylation reaction. 

Table 3 shows the results obtained as well as the 
equilibrium conversion calculated from equation (5) for 
each initial composition. For all the experiments the 


Table 3 


EB, gmol B, gmol X pes / x x x 


B 
6.40 0.10 
0.30 0.20 
0.20 0.30 
0.10 0.40 


0.410 0.451 0.465 
0.270 0.351 0.368 
0.165 0.248 0.262 
0.065 0.115 0.142 
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conversion was very close to the equilibrium value which 
confirms the results obtained in Table 2, sin t should 
be easier for the mixture to reach 


the pure ethylbenzene. The results do confirm the expres 
sion obtained for 


the equilibrium than 


the equilibrium constant and indicate 
that the transalkylation reactions reach equilibrium in a 
short time. Therefore, it can be expected that these 
reactions are in equilibrium when they 

taneously with the alkylation reactions 


Alkylation of Benzene with Ethylene 
The alkylation of benzene with ethylene using AICI 
catalyst has been studied 
Experiments have been carried out t “termine the 
conditions under which the reaction is not mass transfer 


controlled. A ratio of 40 g of benzere to 2.7 g of AICI 


was used and the reaction temperature was kept at 323 K 
for all the experiments, while the ethylene flowrate 
varied between 0.12 and 0.41 min 
are shown in Figure 4. It can be seen that for an ethylene 
flowrate higher than 0.161 min 


the region of mass transfer control 


The results obtained 
the reaction is outside 


The influence of temperature has been studied in the 
range 323 to 353 K and in these experiments a constant 


molar ratio of hydrocarbon to catalyst, m = 25, was 
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used. At 353 K a value of m = 50 was also used. The 
results obtained from one of the experiments are shown 
in Table 4 as an example 

When the composition of the hydrocarbon phase is 
known, the ratio of ethyl groups to benzene rings, , can 
be calculated from 


Yep + 2X pep + 3X tep (10) 


The variation of n with time gives the rate of absorption 
per gmol of hydrocarbon 

The values of n, calculated from equation (10), for all 
the experiments are shown in Table 5. It can be seen that 
the rate of ethylene absorption remained almost con- 
stant until polyalkylates higher than DEB started to 
appear. (This is the range of most industrial interest) 

The values obtained for the rate of ethylene absorp- 
tion for the different reaction conditions can be seen in 
Table 6. These results show that the rate of ethylene 
absorption is proportional to the mass of catalyst, as 
expected, and the rate increases slightly with the tem- 


U.UZA 


~ 
~ 


U.ULZA 
0.037 
0.048 


0} OR7 


0.029 

0.020 

0.032 
128 0.031 
5 


54 0.034 


> flowrate 


perature (Figure 5) leading to the following expression 


e 4.57 
os oe 
with an activation energy of 4.57 KJ/gmol 
An example of the product distribution obtained 
during the alkylation reaction is shown in Figure 6. It 
can be seen that alkylation and transalkylation reactions 
occur simultaneously, since above EB mole fraction of 
about 0.3 the benzene concentration remained constant 
and, in some cases, increased although the reaction 
carried on absorbing ethylene at a constant rate. 


(11) 


0.374 
0.404 
0.456 


1.010 
1.067 809 


6 


dn /dt, min 


an 


0.00303 


A 


0.00317 
0.00325 
0.00353 
0.00185 
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-5.90 


Tr 


2.8 . YT . 10° 3.2 
Figure 5. Rate of ethyler 


These facts make the kinetics study very complicated SYMBOLS USED 
due to the large number of simultaneous reactions in the 
system. 


CONCLUSIONS 


The results obtained confirm that both alkylation and 
transalkylation reactions occur in the catalytic phase and 
show that where the concentration of polyalkylates 
higher than DEB is negligible, the global rate of 
alkylation is controlled by a step in which only the 
ethylene and the catalyst take part. This step could be 
the formation of the carbonium ion, since the rate of the 
reaction is independent of the composition of the hydro- 
carbon phase. These are only preliminary results and a 
more detailed study is being carried out at the present 
time in order to incorporate the results in the design of 
the commercial process 


Subscripts 











r 
100 t, min. 


Figure 6. Product distribution in the alkylation of benzene with 
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Book reviews continued from page 


Industrial Crystallization 

S. J. Jancic and P. A. M. Grootscholten 
D. Reidel Publishing Company, 1984 

pp. 434 


Industrial Crystallization 84—Proceedings 9th Sym- 
posium on Industrial Crystallization 

S. J. Jancic and E. J. de Jong (Eds) 

Elsevier, 1984 

pp. 498 Dfi 295 


Our understanding of crystallization phenomena has 
undergone something of a revolution over the past 
decade. Not only do we now appreciate more of the 
basic physics underlying the mechanisms of crystal 
nucleation and growth but the technology of crystal 
growth has achieved levels of sophistication undreamt of 
by those whose only experience of crystallization is 
growing a copper sulphate crystal in a jam jar on a 
window ledge. The information technology revolution, 
for example, is based on an ability to grow crystals of 
materials such as silicon and gallium arsenide with 
precisely controlled structure and composition 
Crystaliization in the chemical industry lacks the 
glamour associated with IT but is no less important for 
that. The two books under review provide a valuable 
insight into the current chemical engineering approach 
to crystallization. This is nowhere more apparent than in 
our understanding of crystallizer design and operation, 
this aspect being at the heart of the book by Jancic and 
Grootscholten. Their approach is based firmly on the 
population balance concept and the major, and most 
valuable, part of the text is devoted to the development 
of design methods for various types of crystallizer. 
Continuous and batch, but not unsteady-state con- 
tinuous, systems are described and there are valuable 
chapters on Slurry Handling, Sampling, and Physical 
Transport Phenomena in Crystallization. Although the 
chapters on Nucleation and Crystal Growth are rather 


superficial and do not give a fully rounded view of 


Our current understanding, they provide an adequate 
introduction. 

The book as a whole bears some of the hallmarks 
associated with the translation of a set of lecture notes 
into a textbook. In places the coverage is not as compre- 
hensive as might be wished and the approach adopted 
rather over-emphasises the not inconsiderable con- 
tribution of the authors. Nevertheless, the book provides 
a major landmark in the journey of crystallization along 
the road from art to science and can be thoroughly 
recommended. 

The triennial conferences on industrial crystallization 
started some 25 years ago in Prague and traditionally 
have been held in Eastern Europe. In 1984 the venue 
moved west to The Hague and the second volume under 
review contains all the papers presented at this meeting. 
There are four main sections: Fundamentals, Additives 
and Impurities, Precipitation and Melt Crystallization, 
and Design and Operation. A total of 35 papers were 
presented in these areas introduced in each case by a 
plenary lecture and, in addition, there are some 70 poster 
contributions running to three or four sides of text. 

As with all conferences the quality of the papers is 
very variable but certain exciting trends and innovations 
can be detected. Studies of solution structure, particu- 
larly when using Raman spectroscopy, are enhancing 
our understanding of nucleation and growth phenom- 
ena; the growing importance of precipitation processes 
is apparent, nowhere more so than in many of the 
expanding areas of the chemical industry such as special- 
ity organic products, ceramics and catalysts; links with 
other disciplines such as physical chemistry, materials 
science and the biological sciences highlight crys- 
tallization phenomena and processes where chemical 
engineers can both learn and contribute 

Overall, this is a successful volume that provides a 
valuable introduction to the current state of crys- 
tallization and points to exciting developments in the 
future. 


J. Garside 


Book reviews continue on page 287 
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SIMPLIFIED MODEL FOR THE RATE 
OF SULPHATION OF LIMESTONE 
PARTICLES 


by J. S. DENNIS (GRADUATE) and R. B. FIELDES 
Departmer f hen knew ; ly rsity of Cambridge and Departmer iS } 


ng Division. Peton New Ze 


An analytical solution to the diffusion-reaction equations for the sulphation of calcined limestone particles has been developed 
The form of the equation for the rate of reaction, Q, of a particle, radius R,, subject to a concentration of SO,, ¢ s 
particularly simple, viz. Q = 4nRj5C, |(1 —t’)/K< + Bt’)|. Here t’=1/t,, where ¢, is the time at which the pores become 
plugged with CaSO, at their entrances and the reaction ceases. There are two parameters, A.,, and B. The first is determined 
by the initial rate of reaction of a particle and the other by how much the reaction rate decreases as the CaSO, builds up 
on the pores within the calcine. It is demonstrated that these parameters can be evaluated from the results of simple experiments 
in which batches of pre-sized sorbent particles are sulphated in a bed of sand fluidised by simulated flue-gases containing SO 

It is clear that the simple form of the rate equation would readily lend itself to incorporation in a model to describe the 
desulphurisation of a fluidised bed coal combustor. 


INTRODUCTION Fieldes and Davidsot 


+ 1 ,T > Oo if 
The fluidised combustion of coal provides a means of provides a good | 
reducing emissions of SO, by adding limestone (CaCO,) 
or dolomite (MgCO,.CaCO,) to the bed along with the 


coal. These materials calcine rapidly to their respective 


EXPERIMENTAI 


. [he kinetics and extent 
oxides at typical operating temperatures; the CaO sub- ne 1] 
. "9 } particies were measured D\ 

sequently reacts with SO, anc the sulphur is thus 


closely-sized sorbent to a 
retained in solid form as ( : 


mixture containing 1.0 vol 
balance The reactor was Con 
alumina and was 
maintained at one of thi 
(1098, 1148 or 1248 K) by ex 
apparatus and method 


elsewhere *. After the batc 


The rate of sulphation a calcined particle is 
governed’ by the rate of (i) diffusion of SO, in the pores, 
(ii) diffusion of SO, through the CaSO, layer on the pore 
walls, (iii) surface reaction. The pore diffusion resistance , 
Causes a concentration gradient of SO, in the particle 
and, because the molar volume of CaSO, is roughly three 
times that of CaO, the product layer is thickest at the 


ss the outlet concentration 
pore entrances, which eventually close 


then gradually returned 
Previous models of this gas-solid reaction have consid- 4 ; 

t, ~ 2000 s. Figure | shows a ty] 
fraction of SO, in the 

a batch experiment. Wher 

and the reaction ceases. Th 
sorbent, X, 


. - . — lat 2 vate 
curve of the oulet concen 


ered the reaction to occur either (i) on the surfaces of 
non-porous grains (e.g. the model of Georgakis et al.*) 
or (ii) on the walls of the pores within the solid (e.g. the 
model of Bhatia and Perlmutter’*’). Such models have 
been thoroughly reviewed by Ramachandran and 
Doraiswamy’. Detailed reaction models are highly non- 


linear and are impossible to incorporate into hydro- 


dynamic models of a fluidised bed combustor without 
resort to excessively long computer calculations for each 


ize of stone in the feed. To avoid such computation. 
— 3 5 ood: I where G is the molar flowrate of 


the mole fraction of SO, in the 
the number of moles of Ca in 
of the outlet concentrat 
idding the batch 

addition. 

The specific rate of react 
K, = Q/4nR5C,, where Q is 
particle, R, its radius and C, i 
in the particulate phas 


recent models”* have used the empirical fact that overall 
conversion varies approximately exponentially with 
time. By comparing particle sulphation with the deacti- 
vation of a catalyst by coking, Zheng et al.’ have also 
argued that the conversion and rate of reaction of a 
calcined particle varies exponentially with time. In this 
paper we describe the development of a model originally 
proposed by Fieldes’’, for a reacting particle which uses 
a small number of empirical parameters that can be 
determined using simple batch experiments in a fluidised 
bed. Such experiments have been described elsewhere by 
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Response of (SO, ) ff-gas (expressed as the 


1148 K fluidised with 0.25% SO,, | O 


derived’ from a version of the Bubbling Bed Model 
Here, A is the bed area, U the superficial fluidising 
velocity, S, the total externai area of the particles in the 
batch and X’ the crossflow factor for the bed. The value 
of U/U,,, was in excess of 5.0. 

Equations (1) and (2) were used to plot values of K 
against XY; a typical result is shown in Figure 2. The 
external mass transfer coefficient, k,, was estimated from 
the Frossling equation with Re based upon 2.5 U,,/¢, 
(which is suggested by Clift et al.’ if U > U,,,). A specific 
rate in the absence of mass transfer was defined as 
k, = Q/4nR5C, where C, is the SO, concentration at the 
pore entrance. At t = 0, there is no product layer in the 
particles. Provided the rate of reaction of SO, with CaO 
is first order’ in SO, at t = 0, it is readily shown'’* by 


Figure 2. Specific rate, K,, against overall conversion, X, for Penrith limestone (R 


1.0 O,, balance N, at 7 1148 K 


ratio Y,) with time 


t, following a batch addition of Penrith limestone (d, = 0.78 mm) 


The mass of the batch was 4.1 x 10°’ kg 


considering a heterogeneous gas-solid reaction in a 
porous solid, that: 


k =k,=¢0,D.(coth d 1/d,)/R (3) 


Here ) = Ryo(kKSp/ Dx») where D., is the effective 
diffusivity of SO, in the calcine at ¢ = 0, S, is the B.E.T. 
area of the calcined, but unsulphated, particle and k is 
the intrinsic rate constant for the sulphation reaction: 
CaO + SO, + 50, = CaSO,. This equation is indepen- 
dent of C,, so at 0 only, the following relationship 
holds: 


L/ko= L/k (4) 


where K t=0 (and ¥ =0). The value of K, 


x 


790 4m) sulphated in a gas mixture containing 0.25% SO,, 
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Figure 3. X as a function of time for two sizes of Penrith 
sulphated at 1148 K. Solid lines: model fit using equatior 
ated by irregular pores of cy 
initial radius ad), as shown in 
(111) Q is governed by (a) pore dif 
of SO, through the CaSO, 
reaction at the CaSO,/CaO interface 


could be determined experimentally by extrapolating the 
curve in Figure 2 to X =0. 

The work concentrated on Penrith limestone, which 
contains 54 wt% of CaO. Two closely-sized ranges of 
particles were used, namely +710, 850 um and 
+ 1400, 1700 um. ie. R 390 um or 780 um re- , 

which is taken” as fi 
spectively. Each batch experiment was replicated four ath ata 7 
; ‘ — ‘ O, (because the latter is invariably 
times. Figure 3 shows X against ¢ for T= 1148 K and ree 

= A a (v) The thickness « 

Figures 4 and 5 give K, against ¢ for the same experi- 

dip ey 7 is not a function 

ments. The surface areas of calcined, but unreacted. : ‘ 
' “ of the particle, R 
particles were measured using the B.E.T. method 

As described by Dennis and Hayhurst’’ the distribu- 
tions of sulphur across polished sections of sulphated 
stones were obtained using EDAX measurements. The 
conclusion from such studies'’ was that most of the 
reaction occurs very close to the external surface of the 
particle 


(iv) All gaseous sulphur is present 


is formed according to: CaO 


to that existing at 
pore radius is a,; as shown in 
is reasonable for a 
sulphur in fully sul 
than ~800 um (i. 


combustors) is usu 


around the periphery 


. studies Secondly, the 
PHEORY ; 

is related to Q and the 

Assumptions at radu R in the part 


ity Va 


To obtain a simple equation relating the particle 
reaction rate, Q, to time, /, the following assumptions 
were made 
(i) Particles calcine rapidly 
(ii) The reacting particles are spherical and are perme- where R 
conversion al 
with respect to 7 


dX /dr at small / 


Figure 6. (a) Schematic 
Figure 4. K, as a function of time for the smaller particles CaSO, deposit on the 
(R, = 390 pm) in Figure 2. Model fit: solid line—equation (30) permeating particle 
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(vi) The gaseous diffusion of SO, in the pores is wholly 
Knudsen. For diffusion in this regime, an equation due 
to Satterfield and Sherwood’ was invoked to relate the 
effective diffusivity, D., to the current voidage, ¢, and 
current B.E.T. area, Sp,. in 


a reacting particle, thus 
D.a(T/)M)'-e-/S (6) 


his equation implies that 


the tortuosity is constant. Let 


1 
the tatal 


e total length of pores in a unit volume of porous 
Then ¢ = za; / and S 2na, ¢, so that from 
tion (6), D. is related to D.», the diffusivity of SO 


ined, but unreacted, particle by 


pseudo-steady State analysis is valid” 
external concentration of SO, at the pore 


is constant and taken to be equal to that 


gas, C,, in the initial development 
ing these assumptions, Q was related to a,/a by 
ting the local rate of reaction within the pore at 
ven distance from its entrance and then coupling this 
the equation for gaseous diffusion of SO, into the 


[hese steps are described below 


Model development 


rate of reaction per unit length 


a radius R in the particle 
kmol SO, m 


is the surface rate constant for the sulphation 

is the SO, concentration at the CaSO,/CaO 
interface and a, is the distance from the pore centre-line 
to the CaSO,/CaO interface. For SO, diffusing through 


the product layer 


kmol SO, m (9) 


where D, is the effective diffusivity of SO, in CaSO, and 
a is the distance from the pore centre line (as seen in 
}). The concentration of SO,, c, within the CaSO, 


at radius a is, from equations (8) and (9) 
C ¢,(a;k /D.) \n (a/a,) (10) 


Here C is the concentration of SO, in the pore 
For a reacting particle, since the total length of pores 
volume is 7, the total reaction rate within a 
ical shell of thickness dR is q74nR dR. This must 
the rates at which SO, enters and leaves the shell 


d d¢ ' 
a oe ae q (11) 
dR dR } 


using equation (8) and the fact that 2za,/ 


S$), the initial 
B.E.T. area of the calcine. Thus, from equations (7), (10) 


y ] ase hk . 
ind (11) we nave 


a¢ ig # u4¢ 
| R°De = | — (12) 


dR iR a a 
| W/k 4 In(a a.) ){—) 


subject to 


( Q and a=-a-—a, at t=0, for all R 


A volume balance over a reacting pore shows that a,, 
a, and dy are related by: 


(a aa ¥ xn * us (14) 


where V.,¢ and Ve,so, are, respectively, the molar vol- 
umes of CaO and CaSO,. To simplify the equations 
which follow, an overall rate coefficient for diffusion and 


reaction at the pore wall, A,, is defined as 


ad ~ 
| l/k 4 In(a/a,.)} ms (15) 
D } 


and, from equation (12), the Thiele modulus, @,, for a 
reacting particle ¢ seconds after the start of sulphation is 
defined as 


~ R|A,S D (a Ay) | (16) 


Equation (12) can be integrated and, using the given 
boundary conditions together with equations (15) and 
(16), yields 


¢ (R,/R) (sinh (Rd,/R,)/sinh @,) ¢ (17) 


and this gives the concentration profile of SO, along and 
pores of a reacting particle 

A relationship between the overall rate of reaction, Q, 
and a,/d,) is obtained by (i) differentiating equation (17) 
with respect to R, (11) substituting for @, in the resulting 
equation using equation (16) and (iil) noting that 
QO =4nR,DdAC/dR g,, thus 


O = 4nRok.e (18) 
where &k, is defined by 


k 1.8,D..(a,/a "] (coth d 1/d, ). (19) 


and noting that a; is related to a, in equation (15) through 
equation (14) 

Since an equation relating Q to f is required, the next 
Stage is to relate a,/a, to t. At time ¢, the cross-sectional 
area remaining for pore diffusion is za 


entrance 


at the pore 
The rate at which this area is being reduced 
depends on the reaction rate per unit length of pore just 
at the entrance, g 
and V, 


, and on the difference between V, 
, thus 


d 
GV caso (ma;)m°s 
; dt 


subject to a, = a at t =0 
Equation (10) was used to substitute C for c, in 
equation (8) and noting that ¢ C, when R = R, gives: 


kmol SO, m (21) 


In(a,/a,) 


Chem Eng Res Des, Vol. 64, July 1986 





SIMPLIFIED MODEL-RATE OF SULPHATION OF LIMESTONE PARTICLES 


Result 


An equation relating f tc a,/da, is obtained by substituting 

for a; in equation (21) using equation (14), eliminating upwards 
qg, between equations (20) and (21) and integrating the equation 
resulting equation using the given initial condition 

Thus: 


ot ) 
pro\ ide a valid des 
the Hmntian - 
: tne aSSUMPLIONS used 
In(l—a Z 1/z) In(i — 1/z)], 2 


experiments should Dé 


where z = Ve.so,/ Vea. Equations (15)-(19) relate Q and 
equation (22) relates ¢ to a,/a, but these do not provide Mass 
an explicit link between Q and 1¢ because a,/ay) is not 
readily eliminated between them. The three equations 
can, however, provide a semi-theoretical prediction of 
how Q varies with ¢ and this can be used to select a 
simple empirical equation linking Q and ¢ 

To calculate Q and ¢ from chosen values of a,/d,, the 
values of the model parameters in equations (15)-(19) 
and (22) were evaluated from the experimental data for 
Penrith limestone particles given in Tables | and 2. The 
experimental estimate of D, in Table 2 was calculated 
from the experimental estimate of f¢, using equation (22) 
As noted earlier, typical particle diameters used in 
fluidised bed desulphurisation vary between 500 and 
2000 um, with unabated mole fractions of SO, in the 
off-gases of up to 2600 ppm”. Figure 7 shows 0’ = Q/Q 
versus ¢’=1t/ft, for reacting particles with mean di- 
ameters 780 um and 1550 wm. Here Q = Q, att = 0. As 
note above, at ¢ = f, the reaction ceases. The pertinent 
features of the curves in Figure 7 are that (i) Q | when 


Iransfer to the Particle 
In the fluidised bed 
Sherwood number 


> € ° tis + 
540 SO na 
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gure 8. Predictions in Figure 7 repiotted to demonstrate the validity 
a 
1 | 5) 


CUUaGUION (ea 


resistance from the bulk gas to the surface of the particle 
is significant. The specific rate of reaction of a particle 
in the presence of mass transfer, K,, was defined earlier 
as K.=@Q/4nR;>C, where C, is the constant bulk gas 
concentration. From the definition of the external mass 
transfer coefficient, k,, the value of C,, the concentration 
of SO, at the pore entrance varies, in practice, with K 
as 


(24) 


For Penrith limestone particles undergoing sulphation 
(with R, = 390 or 780 wm) in a gas mixture at 1148 K, 
the variation of K, with time is shown in Figures 4 and 
5, respectively. For these ~nditions, &, was calculated to 
be 560 mm s~' or 320 mms ' respectively; further values 
are given in Table 1. Thus at t = 0, when K, (= Ky) is 
a maximum, C, varies from C, by 23% and 30% 
respectively, but at t = 250s (when ¥ ~ YX _,/3) the two 
concentrations are practically equal. Consequently, ex- 
ternal mass transfer has importance at early times in the 
sulphation of limestone 

To proceed, we note that from equations (18) and (19) 
O’=0/0, =k (C,),/ko(C,), <9. Here (C.), and (C,), — 9 are 
the concentrations of SO, at the surface of the particle 
at ¢ seconds and zero seconds respectively from the 
beginning of sulphation. From the definitions of k,, K 
and k 


O = 4m RoK,C, = 47 RoK,.C, = 42 ROK AC. (25) 


For t > 0, the theoretical value of K, from equation (19) 
(which is dependent on C, through a,/a, from equations 
(15)}+(19)) is not sensitive to C.; a change in the value of 
C, of 20% gives a change in the value of k, of only 4-5% 
depending on f¢. The error increases with ¢, but at large 
times (e.g. tf = 200s) C.-C, so that the deviation of C 
from C,, disappears. Experimental evidence suggests 
that values of K, are approximately independent of C, 
and, hence, C, for early times. Thus, in equation (25) K 
and k, are approximately independent of C, and C, for 
early times. In this case only, we can write: 


but since: 


RIC.) 
k(C.) 


K becomes 


K,=[ko'+k | (28) 


Here, G, is an empirical parameter similar to G;; strictly 
G,#G, because G, will take some account of the 
variation of C, with time. When ¢ = 0, we have the exact 
equation (4): 


Ky = (/k, + Ika) (4) 
and, if B is a dimensional parameter such that: 
. Ky), (29) 
equation (28) becomes 


K.=(1-—t’) (K + Bt’) (30) 


Again, B, like G, and G,, will be constant throughout the 
reaction of a given particle 

Equation (30) relates K, and, hence, Q, explicitly to 
trme and could be used as a sub-model for particle 
sulphation in an overall model for a fluidised combustor 
operating at steady state. The evaluation of B by fitting 
the model to K,— X¥ data from batch experiments in a 
fluidised bed is described in the next section 


FITTING THE MODEL TO EXPERIMENTAL 
RESULTS 
From equation (30), the rate of reaction of a particle, 
Q, is given by 


QO =4n7R5C,(C0l —1')/(Ky’ + Br’)) (31) 


Fieldes and Davidson have argued that batch experi- 


ments give values of K, and XY characteristic of the value 
of C, at t=0 (i.e. before the batch was added) even 
though, subsequently, C, varies with ¢ until ¢ =. 
Dennis~’ has verified that this holds experimentally to 
good approximation. Thus, assuming C, = constant, 
equation (31) can be related to dY /dr and integrated to 
give: 


(Kyo + 1/B)In(l + BKyt’) 
Kyt |4nR5C,t 
ZKyB 


with Z = 42 R/3V-,¢ being the number of moles of Ca 
In a particle 
For batch experiments in a fluidised bed, K, and X are 


independent experimental observatiens, so it is con- 


venient to relate K, to X and to fit the resulting equation 
to the data. Thus, from equations (30) and (32): 


X¥ =[(Ky + 1/B)In[{1 + B(K K.)/(1 + K,B)} 


4nR2C;P 


(K K.)/(1 + K.B)] » FK.B (33) 


where P. is a model parameter determined by the time 
for pore closure such that P 


t.v.. Here y. is the mole 
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fraction of SO, in the inlet fluidising gases and C;, is the 
total gas concentration. However, when 1 l, K=0 


and ¥ = ¥ 


, the ultimate conversion. Thus from equa- 
tion (33): 


¥_ =[(Ky + 1/B) In(1 + BKy) — Ky] 
4n R2C,P 
ZKB 


and combining equations (33) and (34) 


X¥_[(Ky + 1/B)In(l + B(K 
(Ky — K)/(1 + K.B)] 


(Ky + 1/B)in{l+ BKy)—K 


K.)/(1 


+ 


Equation (35) was used to fit data obtained from 
batch experiments in a fluidised bed. The model param- 
eters Ky, B and P, were estimated as follows 

(i) Values of Ky and B were estimated by fitting 
equation (35) to experimental values of K, versus X¥ using 
a non-linear, flexible Simplex method to minimise the 
sum of the squares of the residuals for N data points, 


y (AX. 


of X and that predicted by equation (35) 
(1) The value of P. and, thus, f, was obtained from 
equation (34) using the values of Ky and B found in (i) 
The best fit values of Ky agreed well with those 
obtained by extrapolating the experimental graph of K 


Here AX is the difference between the experimental value 
35 


against X to X = 0. Estimates using the two methods are 
given in Table 2. Good agreement was also found 
between the predicted and experimental values of 1 
Ideally, best fit values of all three mode! parameters 
might have been found by fitting equation (33) to the 
experimental data. In practice, this method was unsuit- 


Figure 9. Contour diagram for standard deviation 


S (AY)/N | 
\ J 


as a function of the model parameters B and K,,. (From model fit to 


130 data points taken in 4 experiments at 1048 K with R 390 zm.) 
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able because the model parameters P. and B are | 
correlated." The correlation means tha 
ments giving similar A, versus X 
different values of P. and B if all three paramet 
optimised. In contrast, Ky and B 


correlated: this is ill Figure 


Gala Cal 


lustrated nN 


contour diagram for value of 
S (AY) 


as a function of K, and B 
the sulphation experiment wi 
1 1148 K and used A 130 e 
ihe results are summarised 
tne experimental values 
T = 1148 K, using equati 
in Figures 3-5. It 


these equations agree well witl 


DISCUSSION 


It is clear that equations (30) and 
description of a | 
phation. In this secti 


discussed 


The Parameter P 
The model parametel 
mined by the time for 
measure accurately in 
P.is best determined from equat 
B and K 


However! 
Table 2, the values of f. cal 


ilculated from 
>|] th tk e estimated 
we With those estimated 


adove, 


iluated 


have been e' 


evaluated f,, the diffusivity 
layer, D,, can be evaluate 
equation, when 1 
plugged) and so, if ¢, is known, D. can be calc 
equation (22), the intrinsic rate constant has 
on t,. Nonetheless, it can be estimated fron 


fA 


For example, f1 


is given by equation (3) as k 
which is the usual case 

when 7 1148 K, « 
full form of equation (3) 
Table 2 


used as an adjustable fitting parameter to enable detailed 


has a value of abou 

The values of D. are 

It is noteworthy that this parameter is ofte1 
diffusion-reaction 
data 


to be fitted to 


The model described here al 


models 


tity to be estimated; the values which appear 
give D.~1x10°"m*s Hartman ugh 
obtained D,= 6 x 10°" m*s"' at 1123 K when tl 

it as an adjustable parameter in their sphe 
model. It is from the work of 
Perimutter*, that the value of D, obtained here is « 
right order of magnitude in that it is so sn 


ind (¢ 


clear 


id 
suggest solid-state diffusion” 
about right, 


Since the 
it is concluded that the model pr 


Valuc 


good description of a reacting particle even thoug! 


semi-empirical in nature 
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pore radiu 


The Parameter B pore r 


his parameter accounts for how the reaction rate 


4 cross-sectiona 
reases as CaSO, builds up on the walls of the pores, b str 
adding the diffusional resistance D,. Thus, B will 4 
y determined by D,. On the other hand, Ky is ee Se ee ee ee 
lent of D, and so it is to be expected that Ky and se ——— at some point in the 
suld be relatively uncorrelated. This is apparent CaSO, pr 
yntour diagram in Figure 9. The values of the 
G, which can be obtained from B using , 
29), lie in the range 15 < G, < 40, which is yf agains ong oe 
rom theory. For example, from Table 2 for ma wes Ay ae 
1148 K and 390 yum particles, B =0.142smm mole m 


mms‘. k 192 mms and, thus, G, = 28.5. fective diffusivity of n the pores of ms 


uctura 


‘ 


value of B is constant throughout the reaction of a 
rticle. However, it does depend on particle size and 
reaction temperature (as can be seen in Table 2) as well 
as the structure of the calcine. One drawback 1s that it 
possible to measure its value experimentally. 
experiments are required here to provide a 

nt data base from which a correlation for B could 


CONCLUSION 


An analytical solution to the diffusion-reaction equa- 
ns which describe the sulphation of a calcined particle 
developed. Although the model is semi- 
is based on theory and has two parameters, 
The former is determined by the initial rate 
1 of a particle. This is governed by the rate of 
and reaction of SO, within the calcine, 1.e. by 
me processes which control the heterogeneous 
id reaction in a spherical catalyst pellet. The value 
ied by fitting the model to experimental 
f specific rate, K,, plotted against conversion, XY, 
eadily confirmed by extrapolating the experimental 
versus X to X =0. The parameter B accounts 
or how the rate of reaction decreases as CaSO, product 
builds up on the walls of the pores within a particle. The 
value of B which is obtained by fitting the model to 
experimental data falls within the range expected from 
Unfortunately, the magnitude of B cannot be 
theoretically 


mates of the diffusivity of SO, in the CaSO, 
layer, D,, were obtained from the experimental 


yt T 
> i 


ing the model. The values obtained were of a 
ler of magnitude to those quoted in the 

For Penrith limestone, sulphated at 1148 K, 

yut 10°’ ms’. It is important to be able to 
D., since it 1s often used as an adjustable 
-r in detailed models. The fact that the model 
reasonable values of D, suggests that it provides 


lescription of a reacting particle 


t 
VI 


rm of equation (31) is simple and this 

the model would readily lend itself to 
tion with the equations for the fluid mechanics 
1 a model for the desulphurisation of a fluidised 


nh ; r 
PUSLUI 
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centre-line Of pore 


CaO/CaSO, interface 
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initial voidage of calcine 
voidage in particulate phase 
dimensionless distance 
overall rate coefficient for reaction at pore 
wall, defined in equation (15) 
gas viscosity 
gas density 
standard deviatio1 
Thiele modulus for calcined particle with 

yer = R,(kS,/D.) 

partially 


1 (16) 
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Book reviews Con 


finued 


Ideal and incompressible fluid dynamics 


M. f O'Neill and I 
Ellis Horwood. 1986 
pp 409. £40 


( horlton 


Of the various subjects in a chemical engineer 
must be thoroughly grounded, fluid mechanics is one of 


the most important. It 


which 


is also one of the least well-served 
by textbooks. Thus, although many fluid mechanics texts 
are produced each year quite a few of which are good 
in their own way, there are relatively few texts which can 
be recommended to chemical engineers. Regrettably, this 
book is in that latter category. While it is good in its own 
way, it cannot really be recommended to chemical 
engineers, despite the claim to the contrary made on its 
inside front cover. The book 
many merits. It is easy to read 


have 
There is a comprehensive 
coverage of ideal (i.e. inviscid) and incompressible fluid 
mechanics. After a chapter mathematical pre- 
liminaries, there follows a chapter which gives a good 
account of fluid kinematics. This includes a particularly 


does, nevertheless. 


ol 


good account of stream, streak and path lines (marred 
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EFFECTS OF LIQUID EVAPORATION ON 
THE PERFORMANCE OF TRICKLE-BED 
REACTORS 


By G. R. KOCIS and T. C. HO 


Re Sear 


} 


and | ngineering Company, 


{nnandale, U.S.A 


4 model is presented to quantify the effects of partial liquid evaporation on the performance of trickle-bed reactors. The model 
views the trickle-bed reactor as a series of smaller plug-flow reactors interconnected with vapour-liquid separators. Parametric 
studies show that neglecting the evaporation effects can lead to misleading conclusions on reaction kinetics. 


INTRODUCTION 
Industrial hydroprocessing reactions are necessarily car- 
ried out in trickle-bed reactors in which oil and hydrogen 
flow concurrently through the catalyst bed. The complex 
interaction between chemical kinetics and fluid mechan- 
ics in this reactor system makes the analysis of the rate 
data extremely difficult. The problem is further compli- 
cated by the fact that part of the oil vaporizes under the 
reaction conditions 
Many mathematical models have been proposed for 
the correlation of hydroprocessing rate data 


backmixing, mass transfer, holdup, and incomplete wet- 
ting.’ Relatively little information exists on the influence 
of liquid evaporation 
When evaporation occurs, the reactant, product, and 
carrier solvent will be present in both the vapour and 
liquid phases. Consequently, the liquid residence time 
and the concentration of the reacting 
species in the liquid phase will increase or decrease, 
depending largely upon whether the solvent is more or 
less volatile than the reactant, respectively. Moreover, as 


will increase 


the reactant in the liquid phase is progressively con- 
sumed, part of the reactant in the vapour phase will 
condense back to the liquid phase. Obviously, this 
evaporation-condensation process will have a strong 
influence on the extent of reaction. As refineries are 
under increasing pressure tO use more severe conditions 
to upgrade heavier and dirtier feedstocks, the effects 
of liquid evaporation will 
mportant 


certainly become more 


The purpose of this note is to present and explore in 


a preliminary way a model quantifying the effects of 


partial liquid evapcration in trickle-bed operations. It is 
hoped that the model will serve as a simple tool for data 
correlation 


DEVELOPMENT OF THE MODEL 


[he most commonly used model for correlating hy- 
droprocessing rate data is that of the plug-flow model, 
which is based on the following assumptions: 


Most of 
them have been concerned primarily with the effects of 


(1) Catalyst particles are completely covered by flowing 
liquid. 

(2) Reaction occurs in the liquid phase 

(3) There are no external mass transfer resistances 

(4) Hydrogen is in excess and its concentration in the 
liquid is uniform. 

(5) The reactor is at steady state and is isothermal 

(6) No liquid vaporization or condensation occurs. 


For purpose of illustration, we in this work consider 
only a first-order irreversible reaction. The above as- 
sumptions lead to the usual expression for the reactant 
concentration C at the reactor outlet 
LHS\ ( | ) 
where & is the reaction rate constant, C, the reactant 
concentration in the feed, and LHSV the liquid hourly 
space velocity 

In what follows we will expand the above model to 
include the effects of liquid evaporation and conden- 
sation. To this end, we remove assumption (6) above and 
invoke two additional simplifying assumptions 

(1) The rate for establishing vapour-liquid equi- 
librium, which typically has a time constant of the order 
of seconds,” is much faster than the rate of hydro- 
processing reaction whose time constant typically is of 
the order of hours.*® Thus, for small increments of 
reactor contact time, a flash process could be considered 
to occur. 

(2) The reactant concentration is so low that the liquid 
velocity is not affected by the evaporation of the reac- 
tant. It follows that the true liquid hourly space velocity 
in the presence of evaporation is 


LHSV,=(1 —f.)LHSV (2) 
where the subscript e signifies the presence of evapo- 
ration and ff, is the fraction of the solvent evaporated. 
Note that f, is essentially constant throughout the reac- 
tor. The LHSV in the above equation may be referred 
to as the nominal liquid hourly space velocity of the 
reactor system. 

With the above assumptions, one can modify the 
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Figure 1. Schematic diagram 
model 


series separator-plug-flow-reactor 


conventional plug-flow model to account for liquid 
evaporation and condensation. A simple way to do this 
is to imagine the reactor as a series of N smaller liquid 
phase plug-flow reactors, each preceded and followed by 
a vapour-liquid separator. Figure | shows a schematic 
diagram of the model. Each small reactor is denoted by 


R, and has a high liquid hourly space velocity of 


N(1 —f,)LHSV. It can be visualized that at any point 
within R,, the liquid and vapour are in a quasi- 
equilibrium state owing to the low extent of reaction. At 
the outlet of R,, a small but finite change in liquid 
composition occurs due to reaction, and at this point a 
local flash calculation is needed to re-establish the 
vapour-liquid equilibrium. 

Specifically, the calculation begins with the deter- 
mination of the vapour-liquid equilibrium for the initial 
feed streams (say in the reactor preheat zone) to establish 


+ Our intent here is to illustrate the use of the model. For more 
accurate results, a more rigorous vapour-liquid equilibrium calculation 
should be carried out 
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the reactant concentration (¢ 
stream entering R 
bined with the vapour from the preceding vapcur-liquid 


in Figure 1) in the liquid 
The effluent from R, is then com 
separator S, and sent to the next separator S, where the 
equilibrium composition is re-established after the reac 
tion takes place in R,. This process is continued until the 
vapor-liquid composition from S$ 
which is taken as the final composition of the 1 
product 

The equilibrium composition in 
by a steady-state 


the form 


Zin/ |Z 


with z,. being the 1 


] 
} 7 : : 
combined gas and liquid 


lOlal 


sponding molar ymmposition of the re 
stream, and K; being the equilibrium constant 
‘;, 1S determined by a trial-and-error 
varied between zero and unity until the sur 
equal to unity within a chosen tolerance 


With the feed 


vapour-liquid ec 


concentration 


tration in the effi 


© 


lo illustrate the use of t 
first-order dibenzothiophene 
desulphurization (HDS) reaction 
tions: 7, 325°C; P, 3.15 MPa; H 
mole m °; feed DBT cor 
plicity, we assume that bipheny] 1 


pre duct of the reaction is show! 


Suppose further that at the abo 


analysis based o1 lopted equat 
reaction rate constant of & Shr witl 
energy of 25 kcal mole 

The effects of liquid evapora 
two different carrier solvents 
more volatile than DBT, and the 
n—C,,H 
we assume that the vapour and liquid are 
K. = y./x, where y; is the mole fraction of spe 
vapor phase. Further, it is assumed that Ra 
valid, 1.e., 


K; = P}/P 


lo keep the calculation as simple 


with P* being the vapour p 
The vapour pressures of bipheny!| 


estimated using the Antoine equat 
log P | Bi(T+C) 


where A, B, and C are constants 
following equation was used for estim 
pressure of n—C,,H 


log P 1 





KOCIS and HO 








Conversion 











4 6 


1/LHSV, Hours 


DBT 
DBI-— 


where ¢, is the normal boiling point, ¢ is the temperature, 
and m, n,m’, and n’ are parameters given in Ref °. 4, for 
n—C,,H.. was estimated using Meissner’s equation’’. The 
vapour pressure of DBT and the solubility of H, were 
obtained from published data Note that the concen- 
trations of H,S in the vapour and liquid phases are small 
so they were neglected in the calculation 

To ascertain which value of N should be used, exten- 
sive calculations with different N values were made. The 
results showed that N = 50 represented a reasonable 
compromise between accuracy and computation time. 

A comparison of the results for the two solvents is 
shown as the broken curves in Figure 2 where the 
fractional conversion of DBT (denoted as x) is plotted 
against the nominal holding time (1/LHSV). As seen, 
the conversion is much higher with the light solvent 
(n «) than with the heavy solvent (n—C,,). For 
example, at a holding time of 2h, the two conversions 
differ by sixteen percentage points. As mentioned earlier, 
using a heavy solvent should result in a low conversion 
because it produces two opposing effects: an increase 
in rate due to increase residence time and a decrease in 
rate due to decreased reactant concentration. (Here, 
positive-order kinetics are assumed.) For comparison, 
the conversion level predicted by equation (1) is shown 
is the solid curve in Figure 2 

he three curves in Figure 2 are replotted as In(l — x) 
vs. |/LHSV in Figure 3. As expected, the curve given by 
equation (1) becomes a straight line in this plot. The two 
curves based on equations (3) and (4) also appear to be 
linear. However, a detailed examination of the plots 
reveals a very slight curvature which is convex towards 
the origin, suggesting that the order of the reaction is 
slightly above unity. This change in reaction order due 
to consideration of evaporation is so slight that for 
practical purposes the reaction may be treated as first 
order. It can be seen that neglecting the liquid- 
evaporation effects can lead to an over- or under-design 


of a reactor and to a misleading conclusion regarding the 


performance of a catalyst 








1/LHSV, Hours 


for DBT-C,,H,, system; 
DBT-C,,H. systen 


The effect of liquid evaporation on apparent activa- 
tion energy is shown in Figure 4 as an Arrhenius plot 
As expected, the activation energy for the DBT-nC,, 
system is higher than that for the DBT-—nC,, system, 
27.3 kcal mole vs. 22.5 kcal mole These values 
should be compared with 25 kcal mole ‘ which is given 
by the conventional model represented by equation (1). 


CONCLUDING REMARKS 


4 model has been proposed to quantify the effects of 
liquid evaporation-condensation in a trickle-bed reactor 
The use of the model is illustrated with a simple 
first-order DBT HDS reaction, which demonstrates that 
the volatility of the solvent has strong effects on reaction 
kinetics. These effects may explain the differences in the 
HDS kinetics reported in the literature under nearly the 


same experimental conditions This solvent-affected 


K, Rate Constant 


ee 


170.0 


165.0 


105/Temp, Kelvin ' 


Figure 4. Effect of partial liquid evaporation on activation energy; 
for DBT-C,,H,, system; 
DBT-C,,H 


predicted by equation (1); 


system 


Chem Eng Res Des, Vol. 64, July 1986 





EFFECTS OF LIQUID EVAPORATION ON PERFORMANCE OF TRICKLE-BED REACTORS 29] 


kinetics is somewhat analogous to the ‘diluent gas effect’ 
observed in gas phase heterogeneous catalytic 
reactions” 

The effects of partial liquid evaporation could be more 
pronounced for higher order reactions and for reaction 
systems where the reaction products and/or solvent can 
block or compete with the reactants for the active sites 
on the catalyst. For a complex reaction system where the 
reaction products have widely different vapour pres- 
sures, liquid evaporation would also affect product 
selectivity. Extension of the present model to such a 
system should be straightforward 
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GENERAL PAPERS 


The new format for ChERD (Transactions) with a series 
of Speciai Topic Issues does not preclude the publication 
of general papers. The Institution has recently agreed to 
increase the number of pages per issue of the periodical 
and thus the Editorial Board is pleased to receive papers 
on general topics. The increase in pages per issue will also 
keep the time of publication of a paper within reasonable 
bounds. 

Four general papers are included in this issue. The first 
one follows the theme of process intensification and 
considers the performance of laminar flow heat transfer 
in fine matrices. This industrial contribution from ICI 
ple, New Science Group also reports on fouling by a 
cooling tower silt in one matrix. The second paper 
considers two modes of operation of a liquid solid 


chromatographic refiner: batch and semi-continuous 


With glucose fructose mixtures, approximately twice the 
throughput was achieved by operating semi-continuous 


in comparison to batch. A unified approach to modelling 
filter cake washing is proposed in the third paper. 
Qualitative aspects of the theory are shown to be in 
agreement with experimental data. Finally, coalescence 
phenomena are reported for bubbles formed at adjacent 
holes. Above a critical gas velocity for either hole, 
experimental evidence shows that bubble coalescence 
occurs in a bubble cloud rising through a deep pool of 
liquid. 

The issue is completed with a summary of the 13th 
Annual Research Meeting of the Institution which was 
held at the University of Bradford on April 14/15 1986. 


P. J. Heggs 
Chemical Reaction 
Engineering 


Subject Editor 
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PROCESS INTENSIFICATION: 
LAMINAR FLOW HEAT TRANSFER 


W. T. CROSS and C. 
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The performance of laminar flow heat transfer in fine matrices is assessed from a theoretical view and broadly confirmed by 
experiment using water in two types of plate construction. Observed volumetric heat transfer coefficients were 7 MW m °K 


compared with 0.2 MW m~*K_~' for shell and tube units, and 1.25 MW m 


K —' for plate units. The resistance of one matrix 


to fouling by a 0.026% suspension of cooling tower silt has been tested under various flow conditions. Good progress was made 


in devising a fouling-resistant fluid dynamic environment. 


1. INTRODUCTION 


Process intensification is a term used to describe the 
Strategy of reducing the size of chemical plant needed to 
achieve a given production objective. The incentive for 
doing this is primarily to reduce the cost of a production 
system. As can be seen from the cost breakdown in Table 
1, a surprisingly large proportion of plant capital is 
absorbed by piping, supporting structure and civil en- 
gineering items. If equipment volumes 
significantly reduced by, say 10°—10°, 


could be 
or if many func- 
tions could be telescoped into one plant item, then major 
opportunities for capital saving on a plant system would 
arise 

However two important points must be made 

The first is that a fundamental reassessment of plant 
arrangement is necessary, in order to extract the max- 
imum advantage from reduced equipment size. For 
example, if we have stimulated intense distillation in a 
““Higee”’ 


reboiler on the periphery 


rotor’ it makes very good sense to place the 
because a centrifugal field is 
a powerful technique for improving heat transfer in- 
volving a phase change. This approach is likely to be 
cheaper than using a conventional reboiler since max- 
imum benefit is extracted from the rotating system, and 
some piping with its associated pressure drop, is elimi- 
nated. 

The second point to be noted is that the intensification 
philosophy must be applied to all the principal plant 
items in order to make a significant impact on the 


Capital Cost Breakdown of a 90,000 


(The figures in the Table represent 


Unit Spares 


Mechanical 

Civil 

Structure 
Pipework 
Instruments 
Electrical 

Control room 
Total 

*( ourtesy of | P 


Nichols ICI] Mond. Divn 


system. This is a ta 


{ 


a re-evaluation of 


design. The purpos 


{ 


laminar flow for 

which do not invol\ 
is feasible then 
centrifugal fields 


mass transfer 


2. BACKGROUND 


2.1 


2.1. Heat Transfer 


heat transfer 
equipment is normall 
Vu which IS | 


the Reynolds n 


environment. From 


hl j 


numobder 


and 


\7 
AT 1 


Nu 


we see that 

It expresses 

and that which would 

the chosen characteristic length 


numbers do not 


necessarily imply 


performance if they are associated wi 
istic dimensions ‘ly narrow 
attractive provided 


problems 


such as 


TPA Amn 


th 
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merits of laminar and turbulent flow in heat exchangers 
are considered below by comparing the performance 
with turbulent flow in large passages, with laminar flow 
in small passages 

Heat with fully developed turbulen: 


between smooth parallel plates is correlated’ by 


Nu = 0.023 Re** Pr°” (1) 


transfet flow 


with the characteristic dimension taken as the equivalent 
hydraulic diameter d, where 


d 2A (2) 


If we assume that ihe film coefficients of both fluids are 
equal, the heat transfer capacity of a given matrix 
volume is proportional to Ua where | h/2. It is clear 
from equation (i) that one way of achieving small units 
is to operate at high fluid velocities. Unfortunately the 
corresponding pressure drop penalty will ultimately limit 
the extent to which this can be done. Therefore a second 
performance criterion, U AT) Ru is of interest. This com- 
pares the heat flux achieved with the fluid power dissi- 
pation incurred 
plate surface is 


3000 < Re < 10 


The wall shear stress R for a smooth 


given by the Blasius relation’ for 


= (1).04 Re 


pu 
In a given array of plates the specific surface area 
depends upon the plate spacing and thickness. Taking an 
arbitrary case where the plate thickness is half the 
spacing A, we have 


a = 3A (4) 


Hence 
(Ua), = 6.7 x 10 


and 
(UAT Re’” Pt 
— ().?88 : 
tu 1 uU> a 
The laminar flow analogues of these equations are 
For constant wall temperature 

Vu = 7.60 (Ref. 5) 

R=6upu/A 
Hence 

(Ua), = 1.27k/A; (9) 

UAT KAT 

* 


= ) = ().32 : (10) 


Now comparing the performance corresponding to 
laminar flow in a fine matrix with that for turbulent flow 
in a coarse matrix we have 


(Ua), Ul 


— 1.9 x 


n 10° | 
(Ua), v 


(UAT) (UAT) | 


(11) 
(Ru), | (Ru); J 


If we compare laminar flow of water in a matrix 
with A, = 0.5 x 10 , uy =0.5ms~', Re = 500 with 


RAMSHAW 


turbulent flow A; =2.5 x 10°? m, u;=Sms~', Re = 
2.5 x 10°, it can be shown from equations (11), (12) that 


UAT (UAT 
| Ru \ Ru 


Clearly a laminar flow strategy has attractions for the 


(Ua), 
= 16; SO 


(Ua), 


design of heat exchanges which are both compact and 
efficient, providing we can overcome the obvious prac- 
tical reservations relating to fouling in fine matrices. 

As in sO many engineering matiers, the living world 
has anticipated our endeavours by many millions of 
years. For example, with very restricted power at their 
disposal, organisms usually perform heat and mass 
transfer operations in laminar flow e.g. alveoli (lung 
tissue), tubules (kidneys) capillaries (blood flow). Foul- 
ing is inhibited by the generation (lung tissue) of mucus 
at the wall, followed by its intermittent removal (cough- 
ing). It 
policy for heat exchangers! 


is not seriously suggested that we adopt this 


2.2 Fouling 
The fouling of equipment designed for heat or mass 
transfer is a major problem which has been regarded by 
engineers and 
recently 


scientists as a until 


There 


‘Cinderella’ topic 

Hopefully this situation is changing 

are three main fouling mechanisms 

1. Biological 
ment surface, 


the migration of organisms to the equip- 
where after a period they stick using 
proteinaceous adhesive 

Scaling—The fluid at the wall becomes super- 
some component in the 
After an induction period, which ts 


shorter at higher supersaturations, surface nucleation 


saturated with respect to 


process stream 


occurs and scale growth begins 
Silting —Particles which are smaller than the channels 
walls under a number of 
thermophoresis, diffusion etc. A 
layer builds up if the local surface shear stress is 
inadequate to 


can migrate to the 
influence—gravity, 
cause Conventional 
wisdom suggests that low velocity regions are partic- 
ularly prone to silting 


re-entrainment 


It will be apparent from the above that a comprehen- 
sive study of surface fouling must encompass a wide 
range of fundamental science which it is inappropriate to 
summarise here. Most of the biofouling and scaling 
problems relate to process water, which is therefore 
softened and then dosed with an appropriate chemical 
toxin. This leaves the ubiquitous silting problem to be 
solved for both process and cooling water streams—on 
the assumption that large lumps and coarse grit (ie larger 
than the finest have been removed in an 
appropriate strainer. The basis of a rational comparison 
of silting behaviour between a turbulent and laminar 
conditions, should be the surface shear stress rather than 
the bulk fluid velocity 

Noting that a minimum velocity of | ms 


passages) 


is usually 
taken as a guide to avoid silting in turbulent flow, we 
may use equations (3) and (8) to establish the relative 
shear stresses R, /R;. As before we take the example of 
water flow in a plate matrix with turbulent flow (A; = 
2.5 X 10-‘m, # = 1 ms Re = 5 x 10*) and laminar 
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flow (A, =0.5x10°m, u,=05ms'', Re = 500) 
whence R,/R,;=4.5. Therefore laminar flow units 
should also be resistant to silting under these conditions. 


3. EXPERIMENTAL 
3.1. Heat Transfer 


A limited experimental programme has been per- 
formed to test the ideas outlined above. Two techniques 
were employed to fabricate the plates. One involved 
photo-etching, the other used conventional dies and 
stamping. The former is preferred if a limited number of 
plates is required, or if the plate profiles are complex 
The technique has been exiensively developed by the 
electronics industry for the production of printed cir- 
cuits. A detailed drawing of the plate is reduced photo- 
graphically and used to deposit a mask on the plate 
surface. Etching solution appropriate for the material of 


pry Tarra ttle 


HEAT TRANSFER 295 


/ 


the plate is then used to remove the desired thickness of 
detailed and precise 


metal, typically 1/2mm. Very | 
profiles can be generated, though for long producti 
runs, the standard die/stamping approach is cheaper 
cruder. A typical photo-etched plate is shown in Figu 
| and 2. Very thin channels can be produced 

The initial heat exchanger consisted of a 


copper leaves (Figure 3) 0.5 mm thick which were 


to a depth of 0.3 mm. Guide strips were left 
and exit areas where the heat transfer was i1 
The centre area in alternate plates was cort 
being passed through profiled rolls. Th 
increased the superficial area by 50%. At 
intention was for peaks and troughs of the 
to touch the faces of the bounding plates. In 
the profile achieved was inadequate, with 
nominal gap of 0.8mm 


being bridged by 


se 
rugations. It will be recognised that this defi 
not affect the equivalent hydraulic diameter 
a given corrugated area enhancement, depend 
the ratio of wetted area and channel volume 
itis unlikely that countercurrent flow was ach 
centre zone in view of the ability 

[his was confirmed 


The heat tran 


obtained with this arrangement are 


laterally over the ridges 
course of the fouling studies 
SNOW! 
The second plate arrangement consisted 
corrugated titanum plates (Figures 
thick, with corrugation pitch and gross th 
1.23 mm respectively. When assembled, t! 
were in contact and crossed, partly to 
but principally to generate the maximun 
turbance to the laminar layers. The corrug 
ation added approximately 15 
area. Countercurrent water velocities on 


plate were held to similar values t 


Figure 2. Example of photo-etched heat exchanger 
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Figure 3. Arrangement of photo-etched plate 


coefficients were roughly equal. The mean channel thick- 
ness was approximately 0.68 mm, giving a hydraulic 
equivalent diameter of 1.19mm after allowance was 
made for the area added by the corrugations. Heat 
transfer results with this plate arrangement are shown in 
Figure 7 


3.2 Fouling 

As was implied in section 2.2, no plant engineer will 
seriously consider heat transfer matrices with fine chan- 
nels unless the fouling problem is solved. Therefore a 
limited series of tests was performed to test the silting 
characteristics of a matrix based on the etched plates 
shown in Figure 1. The general rig lay-out is shown in 
Figure 8. A representative sample of silt was obtained 
from the base of a works cooling tower with all the 
particles above 90 1m removed by wet sieving. This left 
a Slurry having a size analysis shown in Figure 9, a mean 


size of around 12 um and a particle mass fraction of 


Mean spacing 0:-3mm 








4A 


0 
Re 


Figure 4. Heat transfer results for photo-etched plates 


0.026%. Slurry from a stirred reservoir was pumped 
through the matrix at a constant rate while the pressure 
drop was monitored. It is worth noting that most of the 
overall pressure drop (unfouled) which occurred in the 
21 plate matrix was due to the inlet/outlet manifolds 
which restricted the flow area for each stream to 7.0 mm 
compared with the 15 mm: available in the centre of the 
matrix to the reservoir and 
pump were plastic or rubber and therefore flexible—an 
important point as will be shown below. At a flowrate 
of 2.16 Its/min (0.24 ms ' in matrix), the AP /time profile 
shown in Figure 10 was obtained 


Pipes connecting the unit 


lhe marked rise over 
a period of only 3 hours was rather disappointing. The 


15, 0S mm thick 
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tests were repeated (Figures 11 and 12) with various 
strategems, eg lower flow, frequent flow start-stops and 
most effectively, a sharp hammer blow to the flexible 
tubing. Clearly fluid disturbances were a powerful tech- 
nique for dislodging the silt 

In order that a clearer insight might be gained into the 
precise location of the blockage, half a single plate was 
mounted beneath a 6mm perspex window as shown in 








Figure 7. Heat transfer results for corrugated titanium plates 
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Figure 13. With no flow disturbances this gave th 
14. At the end of the run t 


flow was increased momentarily to the maximum avail 


pressure profile in Figure 


able, whereupon pressure drop fT 

2.7 x 10*°Nm~* to | 10° Nm The flow was then 
stopped and the fluid oscillated across the plate On 
restarting at the original flow the pressure drop fell 
further to 1.05 x 10° Nm 


both the entrance region and the corrugated section of 


The foulant accumulated in 
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the plate. It was noticed that fouling tended to occur in 
the same place and that even mild pressure pulsations 
could clear the deposits. In view of the former, the plate 
was polished to remove possible foulant traps and in 
addition a thicker (12 mm) perspex cover was used to 
minimise flexing due to pressure changes. This produced 
the AP profile in Figure 15. The most outstanding aspect 
of this result is the lower pressure drop, which is 
attributed to the polished surface. In addition there was 
a strong suggestion that an asymptote was being ap- 
proached. When shutting down the experiment the flow 
was slowiy reduced so as not to disturb the deposit. It 
was apparent that the flow was not parallel to the 
corrugations, supporting the cross-flow hypothesis ad- 
vanced in Section 2. On restarting with clean water at the 
original flowrate, the pressure drop reassumed its pre- 
vious value around 2.1 x 10*Nm~’, implying that de- 
posit removal is independent of the silt concentration in 


Flow 0:-24ms' 
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‘igure 15. Single leaf test 
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Flow 


reversals 





corrugauions on 


the slurry. On increasing to maximum flow most of the 
foulant was removed 

At this juncture the half-plate consisting of an entry 
and half the corrugated central section was replaced by 
the whole of a corrugated central section 45 mm square 
This was backed by a spacer to ensure that the fluid 
thickness corresponded to that in a full matrix (0.3 mm) 
At a velocity of 0.2 ms‘ the AP plot in Figure 16 was 
produced. In this case most of the fouling occurred on 
the leading edge of the plate with little in the cor- 
rugations. After shutting down, the flow was reversed 
momentarily and this removed most of the deposits so 
that AP fell from 4.3 x 10* Nm~* to 1.18 x 10* Nm 
This run was repeated at a velocity of 0.39 ms '. Figure 
17 shows that the fouling rate was much more rapid 
While most of the deposit occurred at the inlet, a few of 
the corrugations filled with silt 

In order to test whether increases in forward flow 
would disperse the deposits, a second circulating pump 
was installed with a timing mechanism which switched 
it on for 5 seconds in every 2 minutes. The base flow 
velocity was set at 29cm/s to give the plot in Figure 18 
Flow surges appeared to confer little benefit. 

It had been noticed on starting a run that there were 
signs of silt aggregates in the flowmeter and inlet piping, 





Time, Hrs 


Figure 17. Single leaf tesi-corrugations only 
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which had developed over 
Suspecting that these 
sponsible for much of 
drop, provision was made to flush the 
run. The result 
that for a succeeding ‘unflushed’ run i 
19. In spite of the higher flow velocity 


clean water before starting a 


technique has clearly had a profound effect 
process Indeed at the end of the ‘flushed 
little sign of any fouling on the plate. It 
that aggregates which were present di 


could nucleate subsequent 


silt deposit 
shows that the pressure drop reached dur 
run was very low 

fiuid velocity used. \ 


maintained during a protractec 


conjecture 

By now it had become apparent 
effective method for clearing on est 
to impose an intermittent reverse 
Accordingly an 
which could deliver 
determined intervals was di 
nressed air acting on a 114mm diaphragn 
strok (0.06L displacement). A_ restrict 
fitted to slow the return 
collapsing the tubing. Initiall) 
vated every 3 minutes with 
to 0.29 ms Figures 
dramatic change in 
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Since the device appeared to be effective when starting 
with a clean system, it was of interest to explore its 
ability to clear deposits which were already established. 
A normal test was therefore run without the dislodget 
for four hours, after which it was actuated once every 
minute. Again, as shown in Figure 22, the AP was 
quickly reduced to (or below) its starting value 


4. DISCUSSION 
4.1. Heat Transfer 


[he results are compared with the calculated values 
for laminar flow between parallel planes from’ shown in 
Figure 23. While the theoretical Nusselt number is 
increased with short entry lengths, characterised by large 
values of Pe, it approaches an asymptote of (x /de) 7.60 
for Pe/(x/de)<7. The maximum value of Pe /(x/de) 
attained in the etched plate experiments was around 25 
which corresponds to a mean Nu of about 8.0. The main 
features of the experimental performance of the etched 
plate matrix were: 


1. Nu approaches about 2 as Re-0 
Nu is strongly dependent on Re over the range 
explored 


[hese characteristics are probably a consequence of 
deficiencies in the matrix construction and operation 
For example it has already been noted that cross-flow 
obtains in the triangular fluid entry region of the etched 
plates, which contribute 28% of the total heat transfer 
area. In addition the inadequate height of the central 
corrugations appeared to permit some cross flow there 
too. Another minor effect is axial conduction in the 
copper/brass matrix which reached about 7% of the net 


DV 


d 








Single leaf, corrugations only 
distodger OFF | dislodger_ON 


| pulse per min. 


| Flow 0-29 ms’ 


L, 





sal, COrrugations only 


heat transferred at the lowest flows used. At low veloc- 
ities therefore, it is not surprising that the observed 
performance was poor compared with estimates based 
on true countercurrent flow 

The better performance at larger Reynolds numbers ts 
attributed to lateral movement of the fluid over the 
corrugations. This effectively corresponds to very short 
entry lengths (Pe /(x/de) = 10°) which Figure 23 shows 
are beneficial. Despite these problems, the matrix per- 
formance corresponded to 7 MW m °K © at a water 
velocity of 0.18 ms 

The performance of the pressed titanium plates was 
very good, as might have been expected from the 
tortuous fluid flow path provided. At the highest velocity 
used (1.3ms ') and assuming that the entry length 
corresponds to the crest to crest corrugation distance, 
Pe /(x/de) = 5100 giving a mean theoretical Nu = 30. 
The observed value was somewhat better at about 35. 
Surprisingly there was no suggestion that the Nusselt 
number approached 7.6 at zero flow 
lms ¢ (Re 


coefficient was 


At a velocity of 
1300) the overall volumetric heat transfer 
7.3MWm °K a very similar value to 
that obtained with the etched plates at a much larger Re. 
It is instructive to compare the above performance with 
that which may be expected from shell-and-tube and 
plate heat exchangers, when operated with water on both 
sides. For the former, a 20 mm tube on a 30 mm square 
pitch with an overall coefficient of 3 Kwm ~ K “‘ corre- 
sponds to a volumetric coefficient of 0.21 Mwm °K 

A plate unit with an overall coefficient of SKwm -K 

and a plate 4mm, corresponds to 
1.25MwmK Chese figures emphasise the attraction 
of a laminar flow strategy coupled with thin channels. A 


spacing ol 


chlorine cooler based upon the titanium plates has been 


1 


successfully tested for three months on a half scale 





4/x 


for laminar flow between parallel 
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experimental cell at ICI Winnington Works. The 
150 mm cube heat transfer matrix was sufficiently smal 
to be accommodated within the chlorine duct 


4.2. Fouling 

The heat transfer work reported in section 3.1 has 
confirmed the theoretical prediction that high volumetric 
coefficients may be expected using laminar flow in fine 
matrices. Since there are very few heat transfer situations 
which do not involve fluids with suspended or con 
taminating material (with the pessible exception of heat 
pump working fluids) the practical realisation of lamina 
flow devices depends critically on their resistance to 
fouling. The second phase of the work reported in 
section 3.2 gives some hope on this score, at least as far 
as silting is concerned. However it is not su 
the present work is definitive but ratl 


ner that some 


ove 


interesting lines of investigation have been opened up 
The most obvious immediate need is to extend tl 
time to periods of weeks rather than hours 

At this stage it may be unwise to rely on 
resistance of a heat exchanger to fouling in steady 
but rather to incorporate active anti-fouling features 
based upon intermittent reverse flow. This indea involves 
a reappraisal of the pumping/valve system in 
exchanger network. Although diaphragm pum 
probably be able to generate the desired flow regime 
they are likely to be more expensive and less reliable than 
centrifugal pumps. Therefore the preferred option is t 
modulate the steady flow from a centrifugal pump using 
fluidic devices. This requirement 
Study in its own right 

An additional incentive for exploiting flow cycling 
provided by the work of Sobey*”’ and Bellhouse 
have studied unsteady laminar flow in a 
varying cross-section. They showed that 
enerated during a foward pulse could be ejected into the 
entre of the channel during reverse 


2g 
Cc 


flow. This produced 
a marked enhancement of any transport process occu! 
ring at the wall, in their case the oxygenation of blood, 
without generating high fluid shear stresses which would 
damage the red cells 


CONCLUSIONS 


Laminar flow heat exchangers are capable of giving 
high volumetric heat transfer coefficients with relatively 
low pressure drops, provided small flow channels are 
used. There is encouraging evidence that these channels 
will be resistant to silting even when they are only 
0.3mm wide 
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SEPARATION OF FRUCTOSE FROM 
CARBOHYDRATE MIXTURES BY BATCH 
AND SEMI-CONTINUOUS CHROMATOGRAPHIC 
OPERATION 
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In this research, the same liquid solid chromatographic refiner SCCR6 is operated in the batch and semi-continuous mode. 
4 comparison is made between the two modes of operation in terms of product quality and throughput usiag glucose, fructose 
and dextran mixtures. The SCCR6 consisted of ten 108 mm internal diameter x 750 mm long stainless steel columns packed 
with a calcium charged zerolit SRC14 resin (150-300 um size range). Counter current operation was simulated by sequencing 
a system of inlet and outlet port functions around the ten columns. The conversion of the semi-continuous system into batch 
has been reported. With glucose fructose mixtures, approximately twice the throughput has been achieved by operating the 
equipment in the semi-continuous mode compared to the batch. However with Fisons effluent containing glucose, fructose and 
dextran the throughput ratio of semi-continuous to batch is approximately five. 


INTRODUCTION 


Sugar is an extremely important food ingredient. The 
most popular use of sugar, in the food industry, is as a 
Traditionally, 

from cane, grown in tropical and subtropical 
areas, or from beet, in more temperate zones. The most 
common sugar produced in large quantity is sucrose 
which 1s sold in 
99.95% purity 


sweetener 


the main source of sugar 1s 


the granulated form of approximately 
In the past few decades, 
fluctuated widely 


} 


world sugar prices have 
Consequently, in nations that relied 
1eavily On sugar imports such as Japan and USA, there 
has been a strong de an economic alternative 
means of producing synthetic liquid syrups. As in these 
countries, home grown starch sources in the form of rice, 
maize and potatoes are readily available, emphasis has 
been centred on converting such starch into a syrup with 
an acceptable sweetness. Although, through a combined 
acid-enzyme process a complete conversion of starch 


y 


into glucose has been achieved, the product is only 
O75 


Hence other means of 
increasing the sweetness of starch syrup have been 


as sweet as sucrose 


sought. As fructose is much sweeter than its isomer 
glucose, methods are being developed to obtain corn 
syrups containing sufficient fructose to increase the 
sweetness. Enzymatic isomerisation of glucose into fruc- 
tose has been commercialised and a high fructose corn 
syrup containing 71% w/v solids of which 50% w/w was 
glucose, 42% w/w fructose and the balance higher 
saccharides has been produced. This syrup has a sweet- 
ness comparable to sucrose but has a lower selling price. 

Recently, 
nology have combined to stimulate interest in the sepa- 
f fructose from glucose-fructose syrups. As the 


alternative sources of sugar and new tech- 


yf 
sweetness and value of glucose-fructose syrups depend 
on the proportion of fructose, efforts have been concen- 
trated on the enhancement of the fructose content by 
various techniques namely chromatography. 


Large scale separations of fructose from glucose have 
been performed in chromatographic columns packed 
with calcium charged resins. The basic separation mech- 
anism involved is the formation of a loose chemical 
complex between the calcium ions on the packing and 
the fructose molecules. This causes a preferential re- 
tardation of fructose, while glucose is carried through 
with the mobile phase. Commercial adaptation of this 
process has been mainly directed towards the batch 
mode, notable processes being those of the Boehringer 
Mannheim process’, and the Colonial Sugar Refining 
Co.°. The Finnsugar’ molasses desugarisation plant uses 
a chromatographic process with columns in excess of 
| m in diameter and the Sudzucker” process for the same 
duty employs multiple columns of similar size, connected 
in parallel. Despite the use of repeated sample injection 
and recycling, batch processes have restricted column 
utilization and consequently limited throughput, thus 
accounting for their large size 

Developments have been taking place towards the use 
of continuous counter-current chromatography to in- 
the efficiency and 


matographic process 


crease throughput of the chro- 
These were: moving bed, moving 
column and simulated moving bed, of which the latter 
one has been the most successful. This was because it 
eliminated both the difficulties of mechanical sealing and 


problems associated with solids handling 


THE EQUIPMENT 

A detailed description of the semi-continuous counter 
current refiner (SCCR6) has already been reported”, so 
only brief details will be given here. 

The SCCR6 unit consists of ten 10.8 cm I.D. x 75cm 
long stainless steel columns connected at the top and the 
bottom to form a closed loop. On each of the columns 
are located six pneumatic double acting valves, three on 


eacn of the inlet and outlet assemblies respectively. The 
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Eluent 


Most Least Other transfer valves open 

retarded adsorbed 

component component Pd Vaives closed 
Figure 1. Arrangement of SCCR6 1 


column 10 is being 


inlet valves control the feed, the eluent and the purge 
fluids and the outlet valves control the glucose rich and 
fructose rich products, and transfer of liquid to the next 
column. Each of these columns was packed with a 
calcium charged zerolit 225 SRC14 resin to a bed height 
of 65.0 cm 

The sixty pneumatic valves are connected to a control 
unit, whereby the counter-current movement of the 
liquid and the solid phases are simulated by 
quential switching of a set of valves to open and close 

The equipment is surrounded by a constant tem- 
perature enclosure enabling the SCCR6 unit to be 
operated at temperatures of up to 80 ¢ 


Principle of Operation 

Figure | illustrates the principle of operation of the 
SCCR6 unit in the separation of an aqueous mixture of 
glucose fructose. In Figure | the feed mixture enters 
column 5. The less strongly adsorbed glucose moves 
under the influence of the mobile phase or the eluent 
(deionised water), which enters the system at column | 
and flows clockwise to emerge as a glucose rich product 
at column 10. Meanwhile, the valves indicated isolate 
column 10 from the loop and fructose, retained as a 
loose complex with calcium ions on the packing, Is 
removed by a high flowrate purge of deionised water to 
give the fructose rich product. After a set time interval 
known as “switch time” all port functions are advanced 
by one column in the direction of the mobile phase flow 
This advancing of port function has the effect of simu- 
lating the movement of the stationary phase in the 
opposite direction to the mobile phase flow. A cycle of 
ten sequences is completed when each column has 
performed the duty of feed, purge, etc. When a number 
of such cycles have been completed, the concentration 
profiles of components in the column become constant 
and a pseudo equilibrium condition is achieved. The 
expression semi-continuous is applied by the inventors 
to describe this process because the system is sequential 
rather than truly continuous 


Batch Operation 
The same SCCR6 equipment was operated in the 
batch mode. Figure | represents the arrangement of 
valves when the eluent enters into column | of the 
SCCR6 while it is operated in the semi-continuous 
mode. To convert the SCCR6 unit to operate in the 
batch mode a few adjustments were made, namely 
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Experimental Techniques for 
the Characterisation of 
the Column 
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flow arrangement 
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chromatograms 
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hle | 


Fructose 


EXPERIMENTAL PROGRAMME 
AND RESULTS 


The principle aim of this experimental programme 
vas to establish the throughput and concentration of the 
rin the product that could be obtained by operating 
equipment in batch This information 
be used to compare batch chromatography 
semi-continuous mode of operation. 


The experimental programme for the batch operation 


the mode 


hen 
s1Uil 


had the following objectives 


produce suitable products of acceptable purity 


ind concentration in a single pass of the feed 


solution through the apparatus 

To determine the maximum rate of separation by 
given quantity of chromatographic packing; 

bounded by the constraints of producing an accept- 

ble product and within the pressure limitations of 
the apparatus 

(iii) To investigate the effect of sample volume, sample 
concentration and the temperature upon the sepa- 
ration ability of the apparatus and its effect upon 


the quality of the products 


Experimental Conditions 

[he feed mixtures containing equi-concentrations of 
glucose and fructose ranging in concentration between 
20—60' 


w/v were used. Reports in the literature vary as 
> recommended size the volume of the injected feed 
percentage of the total column 
Cherefore a wide variation of injected samples, 
of the total empty column 
were used. All the experiments were conducted 


the range from ambient to 60°C 


as a 


empty 


to to S% 


LILI’ 


lution volumes 


Individual column properties 


5.0." 


(cm) 


Distribution 


(cm?) coefficients 
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0.18 
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2809 
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0.168 


As soon as the polarimeter indicated the arrival of the 
first component from the outlet stream, the sample 
coilection began at five minute intervals. The analysis of 
these samples produced a chromatogram, a graph of 
concentration of components vs. time measured from 
the injection of the sample, for a single batch (Figure 4). 
From the chromatogram the time 7,—T7, (see Figure 4) 
was measured. The feed was then injected at an interval 
of 7\-T, to produce a product output trace as shown in 
Figure 5. This is known as the repetitive batch technique. 
Using the technique and by collecting the product from 
the appropriate part of the chromatogram, the final 
products and the recycle fractions were obtained 


RESULTS AND DISCUSSION 
The results and discussion is centred upon three main 
points namely the effect of sample volume, sample 
concentration and the operating temperature. 


(i) The Effect of Sample Volume 

An increase in the volume eluted, prior to the product 
collection was observed with increasing sample volume 
(Figure 6), hence indicating an increase in the retention 
volume of the components. This has been reflected in the 
value of the distribution coefficient of a component. The 
distribution coefficient of a component’ is defined as the 
ratio of concentration of that component in the station- 
ary phase to that in the mobile phase 

The percentage of the product which was not to the 
specification was called 
creased with increasing 


the recycle product, and in- 
sample volume (Figure 7). A 
possible explanation for this could be due to the inter- 
ference introduced into the chromatography of the 


Repetitive chromatograph for glucose fructose mixture 
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products by the use of “large” injection volumes. When 
a small pulse of feed is introduced into an analytical 
column a chromatogram results. A large volume of feed 
could be considered as a series of non-interacting pulses 
similar to Figure 4 where each pulse is separated individ- 
ually. As a result of this, the exit of the first molecule of 
glucose corresponds to the first pulse and the last to the 
last pulse. Similarly for fructose, the first and last 
molecules would correspond to he first and last pulses 
respectively. This is shown diagrammatically in Figure 8 
The position of FF and GL in Figure 8 effectively decide 
the percentage recycle. An increase in the feed volume 
would move the point FF to the left and point GL to the 
right resulting in an increase in the overall percentage 
recycle. Directly as a result of increasing the percentage 


recycie, a limit is reached of the throughput for a sample 
of particular concentration (Figure 9). F 

the variation of concentration of both glucose and 
fructose in their respective products plotted against the 


igure 10 shows 


volume of feed injected. A maximum value has been 
reached for each product 


(ii) The Effect of Sample Concentration 
The volume eluted prior to the product collection 
increased with increasing sample concentration for the 
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Figure 8. Product profile resulting from a ‘large 
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This would be possible if the position of FI 
and GL were dependent only on the feed volume 


fructose 


Directly as a result of constant percentage recycle, the 
‘throughput’ increased linearly with increasing feed con- 
centration. This could be a very useful result in terms of 
increasing the throughput of the equipment. The highest 
throughput of sugar would be obtained for the greatest 
concentration of feed that could be injected to the 
column. However no significant increase in the product 
concentration was observed by increasing the sample 
concentration from 500 to 600 g/litre (Figure 12) 


(ii) The Effect of Temperature 

Both the elution volume prior to the collection of 
products and the repetitive batch time decreased with 
increasing temperature. This can be explained by using 
results obtained by Ching’ when the value of the 
partition coefficient decreased with an increase in the 
temperature. As a result of shorter repetitive injection 
times the glucose and fructose peaks move closer to- 
gether increasing overlapping hence the percentage 


recycle 


BATCH OPERATION WITH FISONS 
SYNTHETIC FEED 
The SCCR unit tn the batch mode has also been used 
to study the recovery of fructose from a glucose, fructose 
and dextran mixture produced during the manufacture 
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of dextran (Fisons ple, Holmes Chapel). It contained 
70% w/v sugar solids of composition, 69% fructose, 
22% dextran and 9% glucose. Two experiments were 
performed injecting 6 litres (10% of the total empty 
column volume) and 12 litres (20% of the total empty 
column volume). It was found that 48% w/w of the total 
solid sugar input in the feed needed to be recycled when 
12 litres of sample was injected compared to 28% w/w 
with 6 litres of sample 


COMPARISON OF BATCH AND 
SEMI-CONTINUOUS OPERATION 


[he comparison of batch and semi-continuous oper- 
ation has been based on two main operational condi- 
tions, namely the throughput of sugar solids and the 
quality of products obtained. Tables 2 and 3 show the 
results obtained from the batch and semi-continuous 
experiments. The details of the semi-continuous experi- 
ments have been reported previously 

At 20% w/v feed concentration containing equi- 
concentrations of glucose and fructose, the throughput 
in the semi-continuous mode is 2.8 times as much as that 
in the batch (Table 2). With 40 and 50% w/v concen- 
tration the throughput ratio of semi-continuous to batch 
m i.724 

In terms of quality, i.e. concentration and the purity 
of products the batch looks promising for glucose- 
fructose mixtures, but less so 
dextran mixtures. To make the product quality com- 
parable to batch, experiments were performed to 
improve the quality of the products in semi-continuous 
operation. This has been reported previously 

When comparing the batch and semi-continuous oper- 


for glucose-fructose- 


ation of the Fisons synthetic feed, the semi-continuous 
operation is extremely promising (Table 3) in terms of 
throughput and product quality. A throughput of five 
times has been achieved in the semi-continuous mode 
compared to the batch. 


CONCLUSIONS 


Semi-continuous operation has a promising future in 
the separation of the three or more component system 
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he compariso1 


because of the longer elution time associated with mul- 
ticomponent systems reducing the throughput in batch 
operated systems. It also has a few additional advan- 
tages in comparison to batch and these are 


(i) no recycle is necessary—two products continuous!y 
exit from the two product output iines, while in 
batch the recycle of the overlapping section is 
essential 
repeatable product quality from cycle to cycle is 
obtainable in sem!-continuous operation but the 
batch products differ slightly in quality from batch 
to batch 
the semi-continuous system is more flexible, the 

product quality can be altered by changing the 

flowrates of eluent and feed 


Notwithstanding the above the authors recognise that 
batch could be superior to SCCR operation in a number 
of cases and so recommend that each type of operation 
be examined carefully for any new mixture separation 
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TRANSPORT EQUATIONS FOR FILTER CAKE 
WASHING 


By R. J. 


Chemical Engineering, Universi 


WAKEMAN (MEMBER) 


of Exeter 


The multiphase transport equations are shown to provide a unified approach to modelling filter cake washing. Cake thickness, 
saturation and permeability are found to be the most important parameters when considering wash liquid dispersion or washing 
efficiency. Recent developments of the theory are presented and considered with respect to the washing problem, and qualitative 
aspects of the theory are shown to be in agreement with experimental data. 


INTRODUCTION 


Filter cakes are a specific type of porous medium which 
differ in several important aspects from those which are 
most often referenced in the literature. Cake washing, 
the removal of dissolved substances from the pores in the 
cake by passing a relatively clean liquid through the 
interstices, has been studied extensively’ '* and many 
mathematical models to describe the process have 
evolved. This mult:plicity of models is due largely to the 
different physical properties pertinent to filter cakes; in 
this respect it should be noted that cakes are generally 
formed from finer particles than used in many other 
studies, that the thickness of the bed is relatively thin 
(relative both to the dimensions of beds used in other 
areas of study and to the mean diameter of particle from 
which the cake is formed), and cakes are frequently only 
partially saturated (whereas most studies on related 
topics utilise a bed saturated with the fluid which is to 
be displaced) 

The models which have evolved are diverse. Implicit 
assumptions common to all the models are that the cake 
does not compress further during the passage of wash 
liquor, that the dissolved substances to be removed are 
uniformly distributed throughout the volume of the 
cake, and that the cake is homogeneous. Unidirectional 
flow in the axial direction is also generally assumed 
together with the notion that the wash liquor pore 
velocity is independent of spatial position within the 
voids. With these conditions a generalised solute mass 
balance can be written as 


where c, c, and c, are the solute concentrations in the 
wash liquor, on the solids, and in any fluid stagnant 
zones respectively, and are expressed per unit volume of 
the phase. ¢ represents the volume fraction of the 
respective phases in the cake, and vu ts the pore velocity 
of wash liquor passing through the cake. The various 
models in the literature are devised by making differing 
assumptions concerning the physical processes by which 
mass transfer is achieved, and about ways in which 
solute is retained within the cake prior to washing. The 


various assumptions and the resulting models have been 


discussed elsewhere'’; what emerges from these is a 
somewhat disjointed array of models to describe a single 
process, with some apparently describing washing under 
certain conditions rather better than others. This is a 
generally unsatisfactory state of affairs, and is probably 
a reflection on the fact that no adequate model has 
emerged to characterise the problem 

Recently the general theory behind transport equa- 
tions applicable to multiphase systems has been devel- 
oped in the literature” The multiphase models are 
derived from a spatial averaging theorem, and can be 
used to form transport equations for the average concen- 
tration of a solute when transfer is from one fluid to 
another in a porous medium by convection, diffusion 
and interfacial transport. These developments may indi- 
cate a possible direction in which the fundamentals of 
cake washing might proceed. 

The purpose of this paper is to survey the multiphase 
theory for hydrodynamic dispersion, making adapta- 
tions and considering the implications of various as- 
sumptions made in order that cake washing might be 
fully describable by the resulting equations. The aim of 
this paper is also to indicate that washing under different 
process conditions does not need the multiplicity of 
models which exist at present, but to show that the 
various washing processes might be described by a single 


model if suitably developed. The approach taken in this 


paper is to consider washing solute from a saturated 
filter cake, and then to consider the extensions required 
for washing dewatered cakes. 


FORMULATION OF THE MULTIPHASE 
EQUATIONS 

Processes taking place in the cake (defined here as a 
portion of space occupied partly by a solids matrix and 
partly by void space) could be studied at a level in which 
attention is focussed on what happens at a mathematical 
point within a phase. Then, by solving the balance 
equations subject to appropriate boundary conditions, 
the temporal and spatial distributions which describe 
cake washing could be derived. However, at this micro- 
scopic level the complexity of the configuration of the 
boundary surfaces renders this approach an impossible 
method to solve practical problems. At this level the cake 
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is heterogeneous due to the presence of solid-fluid phase 
interfaces, and the scale of inhomogeneity is of the order 
of the dimensions of a pore or particle. Furthermore, it 
is totally impracticable to measure any values at this 
level. The objective of this section is therefore to develop 
a theory that will obviate the need to know exact 
configurations of phase boundaries and which will facil- 
itate descriptions of phenomena in terms of measurable 
quantities. 

The continuum approach normally 
analysis of single phase 
modifications, be 


adopted for the 
can, subject to 
extended to washing. A real 
multiphase system that occupies a filter cake domain can 
be replaced by a model in which each of the phases 
present in the system is assumed to fill the entire cake 
domain; each of these phases is a continuum which 
overlaps the others. At every point in the domain, and 
for each continuum, values of kinematic and thermo 
dynamic variables are definable. Adopting this approach 
loses the detailed information related to phenomena 


processes 


Cake 


occurring at the microscopic level, but it has the advan- 
tage that cake washing processes can be formulated in 
terms of measurable variables 


Representative Volumes and Areas” (REV and REA) 


The introduction of the representative elementary 
volume, V,,, and area, A 


, Is the first step in passing from 
the microscopic to 


macroscopic levels. In the latter 
average quantities which describe the vicinity of the 
system are associated with each point in space 

The selection of the size of the REV for a given cake 
must be such that the length x, characterizing V, must 
be much greater than the characteristic dimension asso- 


ciated with the pores of the solid matrix / 
x > / 


where /, represents the scale of microscopic in- 
homogeneity resulting from the presence of the void 
spaces, Figure |. Furthermore, if L is the characteristic 
thickness of the cake over which significant changes in 
averaged quantities occur 


then 


, that is macroscopic effects, 


f 


Figure 1. Representation of a fluid-solid system 
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averages taken over the REV or REA centred at x. The 
cake is a multi-phase system and the phases will be 


denoted by 


air 
gases other than air 

= residual filtrate or mother liquor 
wash liquot 


solid 


At time 
within V, at a 


and the total number of phases present is A 
each phase occupies a volume | 


volumetric fraction ¢ 


y.=V J 


e.(x. t) : (3) 


The position vector x denotes the centroid of V, and 
indicates points at the macroscopic level. Define c,(x’, 7) 
as the volumetric density of soluble material in the x 
phase (i.e. quantity of soluble material per unit volume 
of the « phase) using x’ to indicate that this is the value 
of an extensive quantity at the microscopic level 
Furthermore, define a phase distribution function for 
any « phase 


f 1 when x’ falls inside } 


(X ,fj)=*< 


\ 0 when x’ falls outside | 


where € 


=x’ — x is the position vector of a point located 
relative to x (noting that x is the centroid of V,) 
From y, two kinds of average concentrations can be 
defined for the macroscopic level of description: 
(i) The intrinsic phase average concentration, <c, 
which may have the units kg solute per m° of x phase: 


c(x’, t; x) y,(x’, t) dV (x’) 


cin’. 2: %) dV (x) (6) 


(ii) The volume or phase average concentration, <c, 
which may have the units kg solute per m 
volume: 


of total 


(x’, t) dV (x’) 


c(x’, t; x) dV,(x’ ) 


Here the concentration is averaged over the entire 
volume V,,, whereas the intrinsic phase concentration is 


averaged over the phase volume V 


If the concentration c, is a constant, then the intrinsic 
phase average is equal to c,, 
is related to « 


whereas the phase average 
by the volume fraction, and 


es ¢ ( (8) 


When a solute concentration exists in both the fluid and 
solid phases present in Vy, then 


c(x’, t; x) dV,, (x’) 


_t: x) dl} 


,t:x)dl 


(9) 


~ 
4 


using equation ( 
may be _ totally 


filtrate 
which case 


). The wash liquor and 
miscible, in 


\ 


+ ¢ e. r ( 


The type of average used depends on which is most 


easily measured in an experiment; the aim here is 
present equations to describe the spatial and temporal 
Variations of << 

The deviation of the local microscopic value of c from 
the intrinsic phase average can be written as 


E(x’. t: x) = cx, t: x) ( (10) 


where ¢ represents the spatial deviations; it is the 
modelling of this term which is the central theoretical 
problem in cake washing (and other solute transport 
processes in multiphase media). 


The Dirac Delta Function” 

To obtain the averaged form of a balance equation the 
averages of spatial and time derivatives must be con- 
verted to spatial and time derivatives of averaged quan- 
tities. Before these two theorems can be developed the 
phase distribution function must be related to the Dirac 
delta function” 

The phase distribution function, given in equation (4), 
can be written in one dimension as the sum of the unit 
step functions 


(x) = #9 (x a,)+ H(x 
+ H(x a;) 


a,)+ H(x 


where 
H(x a)=< 
GA y>ea 
is the unit function and 
dH(x —a) 


OLX a) 
dx 


(1 1b) 


where 0(x — a) is the Dirac delta function 


By taking the derivative of equation (11), using equa- 
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tion (1lb), and generalising to three dimensions the 
following relation 


Vy, (x) = —n,,0(x — x,,) (12) 


is obtained for the gradient of the distribution function. 
The unit normal vector n,, is positive when it points 
outward from the liquid phase (Figure 1), x is a position 
vector and x,, is the position vector of the solid/liquid 
interface. 

If the solid phase moves, then y, is a function of time 
as well as position and the total derivative of y, with 
respect to time is 


Since @y,/C€x, is non-zero only on the solid/liquid inter- 
faces, then dx,/d¢ are the velocity components of the 
interface. If the motion of the interface is followed, y, is 
constant and the total derivative of y, is zero. Hence, 
oy 
di 


where uw, is the velocity of the solid/liquid interface. 


= —u,‘V; (12a) 


Areal Averages” 
Let A, and A,, denote the area of an REV centred at 
x and the area of the «-phase within the REV, and z 
denote any quantity such that z dA, is additive over Ap, 
the intrinsic phase areal average of z at any time is then 


l 
A J, mia 


a 


,t: x) dA,(x’ ) (13) 


x 
and the areal phase average of z at any time is 


. 


,t: x) dA_(x’) 


1 (X 
Ay (x) }, 


with 
Ao, 
{ 


(15) 


~ 


cf. equations (3), 
averages. 


(6)(8) for the analogous volume 


The General Microscopic Balance Equation 
Adopting the Eulerian approach and considering a 
volume V fixed in space (equivalent to a control volume) 
and bounded by a surface S, the total amount of solute 
in the liquid phase within V is given by 


| c, dV, 
J ! 
and the rate of change of this amount is 
" | c,dV = (16) 
Cl Jy Ji 
noting that V is not a function of time when the particles 
are taken to be rigid solids. The flux of solute is 
expressed by cv and the diffusion of solute by — D,Vc,, 


and the net influx of solute into V through 4A,, is given 
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by 


D,Vc,)-n,dS 

when n is an outward unit vector normal to 

is the coefficient of molecular diffusion of solute 
liquid phase. If the rate of internal productio1 

is [, per unit mass of the liquid phase, and , 
internal rate of production of solute per unit 

of the liquid phase, then the total rate of pr 
solute within V is 


| p,T,d) 


} 
. 


The total solute mass balance is then 


Applying the Green-Gauss theorem to the 


gral in equation (17) and rearranging the 


r (a 
| ) Ct 


. 


+¥ DLVe pl 


Since this equation must be true for any 
follows that 


rar 

- T \ (c,V 

ol 
and this is the general microscopi 
in the liquid phase in the cake 


The General Macroscopic Equation 
Integration of each of the terms in equatior 
the liquid volume V, in the REV and divi 
gives the liquid balance 


Averaging Quantities~ 
To expand the macroscopic balance and to transform 
the microscopic balance at x to the macroscopic balance 
at x,, several further averaging rules are needed 
(i) The average of a product of two functions /,, and 
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f,., both representing a characteristic or quantity in the 
x-phase, such that f\, 4, dV, is additive. 


f(x, t) fo, (x, 1) dV, (x) 


l 
Yai I, 


f,(Xo, 1)>* + fi, (x, 0} 


f,,(Xo, t)>* + fr, (x, t)} dV, (x) 


using equation (10). Hence, 


f(x, t) fr, (x, t)>* |, (23) 
where all other terms are negligible’’ relative to 
f,, f.,>*, which infers the cake is isotropic (see equation 
(42) et seq.). 
(ii) The average of the sum of two functions / 
such that f,, dV, and f,, dV, are additive. 


_ and /, 


. 4 
=/ x 
ew ! 


+ f(x. t)} dV,(x) 
f =~ 14 (24) 


using equation (6). 
(iii) The average of a time derivative. In equation (7) 
let c be written as Cf /Ct and use 


—i— | fy,dV : 
ct lh \ f 


. . 


f,u,-n,.dA 


4 
| 


where uw, is the velocity of displacement of a point on the 
solid/liquid interface, when the time derivative of the 
distribution function is converted to the Dirac delta 
function by combining equations (12) and (12a). Hence, 
the average of a time derivative is: 
l } a 
f,u,-n,.dA (25) 
Vio(Xo) 14 
(iv) Average of a spatial derivative. The average of the 
divergence is obtained by letting c be written as V-f in 
equation (7): 


. 


| 
3 V-(f,y,)d} 


a { b 


ry 


f,-V),dV 


using the relation (V-f)y = V-(fy) —f-Vy. 
Equation (12) is substituted into the second integral 
on the right hand side of equation (26) and then the 


selective property of the Dirac delta function is used: 
1 ¢ . 
| £-V7,dV = 

} 


0 
. . 


; f-n,.d(x —x,.) dV 
0 it 


a 


i = | fom.dA 


« 


The integration and differentiation in the first term on 
the right hand side of equation (26) can be interchanged 
because V, is independent of position: 


V-(fLy,)dV =V:- 


and hence, using y, = | (equation (4)): 
5 
. | f.-n,.dA (27) 


. 


{ 


. 


A similar result is obtained for the gradient. A useful 
lemma can be obtained from this equation by consid- 
ering the case when f, = 1, which leads to 


Vf, = Q). f, — ¢ (28) 


using equation (8), and hence the gradient of the volume 
fraction is definable as: 


(29) 


The Macroscopic Balance Equation 


Returning now to equation (21), and using the aver- 
ages developed in the previous section, equation (21) can 
be rewritten as: 


+ <V-(c,)> = <V-(D,Vc,)> + <p,I1 (30) 


cl 


noting that if the solid is taken to be rigid, then its 
volume is not a function of time so that the first term in 
equation (30) could be expressed as 


‘ *» 

- (31) 

cl 
Application of the averaging theorem (27) to the con- 
vective transport term yields 


If variations of the diffusion coefficient are neglected 
over distances of the order of the radius of the averaging 
volume, then the averaging theorem (27) can again be 
used to rewrite the dispersion transport term: 


a 


(D,Vc,):n,.dA 


U 4 


. 


<V-(D,Vc,)> = V-<D,V« 


c,n,.dA } 


(33) 
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Equations (32) and (33) can now be substituted into (30) 
to give: 


(D,Vc,)-n / (34) 


If all liquid flows are parallel to and across the particle 
surfaces, then 


for many practical cases this may be a reasonable 
assumption. 

It is the intrinsic phase average quantity for which a 
transport equation is sought, hence making use of 
equation (8) enables equation (34) to be expressed as 


Ve 


(D,Vc,):n,.dA + %p,I1 


. 


To obtain an equation for < the average of the 
product <c,v,> must be replaced by the product of the 
averages. Utilising equation (10) to decompose the ¢ 
and v, fields using the spatial deviations ¢, and £, leads 


(36) 


These equations enable the convective transport term to 
be expressed as (equation (23)) 


which can be greatly simplified if the intrinsic phase 
averages can be treated as constants 
aspect Carbonell and Whitaker’ formed the intrinsic 
phase average of equation (36) to give 


lo consider this 


( x ( (4) 


where << 
the centroid of the averaging volume (but when integrat- 
ing equation (36) use is made of values of << associ- 
ated with points throughout the averaging volume) 
Thus in equation (38) 


is an average concentration associated with 


x 


represents the intrinsic phase average evaluated at the 
point x(=x—x,), the position vector relative to the 
centroid of the averaging volume. A Taylor series expan- 
sion leads to 


+x-VX + xx: VV << (39) 
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and allows equation (38) 


xx: V\ 


Since the function 
at the centroid they 
integration process 
constant is equal t 


ne rewritten as 


XX 


Hence, the 


I quation (37 
lat onship siven 


tain the 
oovtalt in 


Their order of m 


In equation (43 


simplified somewh 
istics of filter cakes 
indicate that L, 1 
significant changes in 
of the cake thickness J 

If only the two leading 
of equation (43) are to 
(4,/L)>(x,/L), or ( \ 
likelihood of this all term 
mean particle size 3 
L <O(10°X) for a 


using ¢ 





WASHING 


WAKEMAN 


> estimates for convective transport terms 
Relative order of Magnitude 
Estimates 


For Filter Cakes 


particles), then (/,/x)) © (Xo/L). If the five leading 
are to be retained, then (x)/L)- > (7,x)/L~) and 
(7,/L)>(¢,X9/L~), that is x and L » x,. These two 
criteria are always Satisfied by thin cakes 

For thick cakes estimates can again be made for the 
\ values; using O(O.1X), x) =O(10X) and 
L > 0(10° X), and criterion (44) is readily satisfied. Using 
these figures with (44) it is seen that L 


arious 


10° X constitutes 
a thick cake in this context. For these cases equation (43) 
reduces to 


CA, > me GyKe y rE, (ON (45) 


This result is also reached when the cake is considered 
to be isotropic, and it is inferred that dispersion effects 
in a thin cake will be disproportionately greater than in 
a thicker cake if any anisotropic tendencies are present 
in its structure. This allows the volume-averaged trans- 
port equation (35) to be written in the form 


‘ ¥ (¢ 


(D,Vc,) (46) 


assuming the liquid density is independent of the solute 
concentration. This transport equation contains the 
desired dependent variable <« together with the point 
and the spatial deviation c,. These are related 
through equation (10). Consider the first area integral in 


equation (46) and make use of equations (36) and (39) 
to obtain, at the centroid 


\ alue ( 


where other terms are negligible provided?’ 


(48) 


X 

L 
where L 
in the liquid phase volume fraction occur. In most cases 
L, is of the order of the cake thickness, and in practice 
restriction (48) is easily met. Since << 
the centroid it is a constant with respect to the integra- 


is the distance over which significant changes 


is evaluated at 


tion over A,, and can be removed from the integral to 


give, using equation (29): 


1 a n 
" cm,.dA = Ve, 4+ 5 | én,.dA (49) 
{ 4 4 


. “ 


The transport equation (46) can now be simplified to: 


Cy 


+ V-(EX« 


Ct 
i 

~ eT cmn,.dA ( 
Vp |, \{ 

| (DNc,)-n,,dA + p¢<I1 (SO) 


) 4 


. 


ny 


Inspection of this equation shows that two problems 
need to be overcome; a constitutive equation for the 
spatial deviation ¢, is needed and a representation of the 
interfacial flux term is required. Equation (5) is a balance 
equation for the solute concentration in the liquid phase 
in the filter cake, but not all terms are yet expressed at 
the macroscopic level. Two terms appear in equation 
(50) which are not present in the microscopic balance 
(20); the first is a flux <¢,¥>° which is the dispersive flux 
of solute due to variations of velocity and concentration 
in the liquid in the REV. The second is the surface 
integrals representing the flux across the solid—liquid 
interface by convection and by diffusion. To use this 
equation in practical problems the fluxes have to be 
expressed in terms of values of measurable macroscopic 
variables and coefficients that reflect the microscopic 
configuration of the interphase surfaces within the REV. 


Transformation of the Integrals over the 
Solid—Liquid Surface 
Considering the integral 
LF F 
(51) 
J 
the value of c, at any point x on the surface A,, can be 


decomposed into 

(52) 
i.e. the local value of c, at x 1s equal to the sum of the 
at x and the variation or deviation 
of c, at x. Since in defining the REV it has been assumed 
that average values vary linearly across it, it follows that 


average value <¢ 


+ VK ) (53) 


x 


If the local concentration field c, varies monotonously 
within V,,, then it can be assumed that the local 
concentration c, within V,, is approximately equal to the 
average << taken over the REV centred at x. That is 


~ 
~ 


then 


and from equation (53) it follows that 


Vic — X) 
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Substitution of equation (56) into (51) gives: 
‘ee ore ‘al 

2 ¢m,.dA = — VK )=V-/DIV 

Voe(Xo) J 4 V(X) ; 


average solute concentration, as the dependent variable 


( 


JA 
x (x —x,)n,.dA = VK« 


where LVAD-¥ 


(x — x,)n,.dA (58) where all values of concentr 


JA to be for the liquid pha 


t 
is a second rank tensor which represents the that « ¢. For ¢ 


configuration of the solid—liquid interface contacting the processes this can 
liquid volume V,, within the REV, and its specific area 
is A,/V,. It is a fundamental macroscopic characteristic 
of the solid—liquid interface. T, is related to the isotropy 
of the cake and can be interpreted as the tortuosity 
Now consider the integral 


. 


(DNc,):n,.dA (59) 
| 


. 


Following from equation (53) and using (10) noting (54) 


( + VX (60) 


x x 


| + 
is the coefficietr 


When axial 
most cake 
simplify to 

DN<& we, +¢3 7 ( 


using equations (29) and (58) 
where D, = D 


coefficient 


Transformation of the Dispersion Flux 
The term <¢¥>’ in equation (50) represents the dis- DISCUSSION 
persive flux of solute. This has been simplified by Bear Equations (65) and (66) 
and Bachmat™ who show that the term has an appear- _—ithe -washing of thicker fil 
ance somewhat similar to the Fickian diffusion flux identical to those suited t 
equation: hydrodynamic dispersion it 
” D-Vé (62) dispersion equaliol develoy 
theory gives considerable 
where the coefficient D is a second rank tensor known affect the dispersion coeffi 
as the coefficient of convective dispersion of the liquid which could be expected 
phase and is defined by liquid dispersion are the config 
D - [Vx xi (63) maneerECe (equation (99) 
; gradients of the porosi 
where X», is the moving centroid of the liquid phase. D — solute molecules which may vat 
can alternatively be expressed as of the microscopic spatial inhomogeneit 


y 


of the void space through which 
D=/|I-T,+ vy) | ORV = T? (64) moving (equation (64)) 

factors are affected by 
D depends on the velocity distribution at the micro- particles; the latter is in 
scopic level, on the geometry of the solid—liquid surface —_ pressure distribution through the ca 
and on the spatial variation of the pore volume. influence of particle shape is not clear frot 
for two reasons. Firstly, it is the combinat 
shape and packing density and orientation 1 
the form of the solid—fluid interface. Sec 
configuration of the interface which affects tl 

Substitution of equations (57), (61) and (62) into (50) the surface of that part of the pore which 

gives an equation with <c,>’, the intrinsic liquid phase _ fluid may be considerably modified from | 


The Cake Washing Equation 
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interface itself, and may well be a much smoother 
boundary than is the phase interface. Such effects might 
be expected to become more pronounced with finer 
particles, particularly as the size of the pores decreases 
Finer pore sizes are associated with smaller particles and 
with wider particle size distributions; many applications 
of filtration are to suspensions with a small mean particle 
size and with a wide range of sizes, and so predictions 
using equations (58) or (64) with any idealised packing 
array are liable to be grossly inaccurate. Furthermore, 
experimental results obtained from thinner beds of | u~m 
to 10 um particles would not be expected to show the 
same dispersion characteristics as thicker beds of | mm 
diameter particles; the relative roles of mechanical dis- 
persion and molecular diffusion will be different in the 
two cases, with mechanical dispersion being greater in 
the thinner beds of particles usually found in filter cake 
washing (even though the time of travel through a pore 
may be greater than that required for molecular 
diffusion to affect mass transport in the longitudinal 
direction). 

Filter cakes are generally much thinner than other 
types of porous media; their thickness usually ranges 
from | mm at one extreme to 15cm at the other, with a 
few exceptional special cases being as deep as 70cm 
Initial experimental results on the displacement of one 
fluid by a second miscible fluid of the same density and 
viscosity have shown that fingers with a length of a 
centimetre or so are established soon after the displacing 
fluid enters the bed; when the length of the fingers is of 


t > 


the same order as the thickness of the bed the extent of 
dispersion will be measured as great, with early break- 
through of the displacing fluid. On the other hand, when 
the bed is much deeper the same size of finger will be 
reflected as less axial dispersion (and indeed much longer 
fingers formed in deeper beds may well be represented by 
smaller dispersion coefficients than found in thinner 
beds). Hence, significant effects of mechanical dispersion 
due to the effects of fingering may also be much greatet 
in filter cakes (and other types of thinner media) than 
predicted by existing correlations such as shown by 
Bear or Perkins and Johnston 

Zanotti and Carbonell~’ have recently extended the 
aforegoing analysis to develop transport equations for 
the average concentration of a solute distributed be- 
tween two phases by convection, diffusion, and inter- 
facial transport. The result analogous to equation (50) 
can be written for the washing liquid as 


+ =V-D,eNK 


(DNVC,)-n,, dA (70) 


when </ = 0, and hence there is not solute transport 
at the fluid—solid interface so that the diffusive flux is 
zero over the particle surfaces. In washing equation (70) 
would be relevant for washing desaturated filter cakes; 
the first term on the right hand side of the equation is 


the tortuosity of the drained cake and it is apparent from 


this that the geometric configuration of the air—liquid 
interface will affect the extent of dispersion, and also that 
if there is any mass transfer between the air and liquid 
phases (the final term in equation (70)), then dispersive 
effects will be further affected. An alternative way of 
expressing these statements is at the macroscopic level, 
when the initial degree of saturation should affect me- 
chanical dispersion so that breakthrough of wash liquor 
occurs earlier at lower initial saturations 

Although the forms of equations (50) and (70) are 
unlikely ever to be capable of producing a priori predic- 
tions of dispersion in thin beds of fine particles, they can 
provide some insight into the parameters which may 
affect the problem. Thinner and more dewatered cakes 
are apparently more anisotropic as far as the wash liquid 
is concerned, hence dispersive tendencies are likely to be 
greater. This might be interpreted slightiy differently; a 
fluid element needs to pass a certain number of particle 
layers before a statistically significant overall flow direc- 
tion can be predicted, the number of layers being of the 
order of 10° to 10°. This interpretation has no meaning 
in terms of the theory considered in this paper, but 
represents an alternative qualitative description of the 
process. A practical inference from the analysis 1s that as 
the cake thickness is decreased experimental results 


become less reproducible on a one-to-one basis because 


anisotropic effects are more akin to a stochastic process 
than a deterministic one 


A number of experimental results are available for the 
washing of cakes with thicknesses generally found in 
industrial processes. The qualitative results from the 
theory are borne out in the data, and as such the model 
appears to be a good description of the problem. Figure 
3 shows the effect of initial cake saturation on washing, 


Fraction of solute retained. R, 





3 
Wash ratio, W - 


cake saturation on washing 
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Porosity Saturatior 


& 


Curve Solids Permeability Porosity Saturation L(mmbaot in’s") 


R, 


A Garcel CTR 130 x 0-851 0-92 7 OMNxO- 


B  Clarcel CBL 19x 0-634 0.97 17 03x00 


° 
> 


o 
— 


of solute retained 





? 
- Nn 


Fraction of solute retained, R, 


Fract 





Figure 4. Effect of permeability on washing 


when cake porosity, permeability and thickness are kept persion and more efficient washing should 1 
constant. In other words, the prevelance of fluid—fluid shown to be the case in Figures 6 and 
interfaces at the start of washing would be demonstrated between corresponding thickness curves o1 


if there were greater dispersion of wash liquor at lower being the initial saturation of the cake. The 
saturations. This is indeed shown to be the case. Slightly ability and porosity were approximately const 
lower wash efficiencies are obtained as the saturation is 
reduced, and simultaneously greater dispersion of wash 
liquor is induced. These curves differ in so far as each 
cake has been dewatered for a different length of time 
before being washed 

Figure 4 shows the effect of permeability on washing; 
permeability differences here are caused primarily by 
particle size differences, but also recognising that the 
extent of grinding of particles can change particle char- 
acteristics {both Clarcel DIT/R and CBL are di- 
atomaceous earth filter aids). More permeable cakes 
wash less effectively than do tighter ones. That is, axial 
dispersion of wash liquor tends to be greater for less 
permeable cakes and leads io a greater deviation from a 
plug flow type displacement. Such an ideal displacement 
or washing is approached during the washing of very low 
permeability cakes. 

By using different materials permeability changes due 
to particle size, shape and packing density (related to 
porosity) are induced. The effects of this are shown in 
Figure 5, and the generai conclusions are the same as for 
Figure 4. Hence, a high permeability cake reduced to a 
low saturation before being washed represents a most 
unfavourable washing condition, the inefficiency in 
washing being due to excessive axia! dispersion of wash 
liquor. 

If, as predicted theoretically, anisotropic and dis- 
persive tendencies are greater in relatively thinner cakes, 
then as the cake thickness is increased less axial dis- Figure 6. Effect of cake thickness on \ 


retained, R, 


of solute 


Fraction 
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Fraction of solute retained, R, 








Wash ratio 


Effect of cake thickness on washing 


the data shown. Hence, least effective washing is ob- 
tained for highly dewatered, thin and permeable cakes. 


CONCLUSIONS 

The dispersion model provides a fundamental descrip- 
tion of cake washing, and general qualitative predictions 
from the theoretical analysis are substantiated experi- 
mentally. Further experimental work on a wider range 
of particulates is in progress, and results so far suggest 
that the data shown here are general. This indicates that 
the analysis is probably quite a sound approach to 
providing an understanding of cake washing. Further- 
more, the model is extendable to include most parame- 
ters of greater importance to the washing problem. 
Hence, there is no merit in having a multiplicity of 
models to describe washing, but the present model 
should be capable of providing a unified approach to the 
interpretation of a wide range of industrial problems. Ii 
should be noted, however, that existing correlations for 
the axial dispersion coefficient may be considerably in 
error when applied to filter cakes because of their 
relative thinness 

Dispersion is caused by microscopic velocity vari- 
ations in pores, the geometric configuration of the 
particles, porosity variations through the cake volume, 
and the initial saturation state of the cake. It is expected 
that wash liquor fingering and anisotropy in thin cakes 
(L < 10°X to 10°X) will lead to disproportionately greater 
axial dispersion, and hence washing inefficiencies. For 
many washing processes any effects of particle shape, 
packing, and orientation, are unlikely to be as important 
as fingering in dictating washing quality (although these 
factors may contribute in some way at the microscopic 


level to the formation of fingers or to the extent of axial 
dispersion). 

Although cake structure is not important in itself 
when the bed is isotropic, the way structural phenomena 
control the distribution of residual filtrate in the pores 
may well be important and lead to axial dispersion in a 
partially saturated cake when, if the cake were saturated 
at the start of washing, no significant dispersion would 
have been observed. 

The model described can be further developed for 
application to the analysis of industrial washings, to 
estimate effects of changing process variables, or for 
integration into more formal filter design calculation 
sequences. Such developments are currently being pur- 
sued alongside a more extensive experimental in- 
vestigation, the results from which will be published in 
a future communication. 


SYMBOLS USED 
area, mM 
area of entrances and exits on the surface of the REV, m 
representative elementary area, m 
concentration, kg m 
phase average concentration, kg solute per m° of « phase 
intrinsic phase average concentration, kg solute per m* totai 
volume 
deviation of the microscopic concentration from the intrin- 
sic phase average, kg m 
molecular diffusitivity, m~ s 
axial dispersion coefficient, m*s 
convective dispersion tensor, m* s 
effective diffusivity tensor, m*s 
unit tensor 
length scaie associated with the pore size, m 
cake thickness, m 
distance over which concentration changes are significant, 
distance over which velocity changes are significant, m 
distance over which porosity changes are significant, m 
outwardly directed unit normal 
time, s 


I 
A 
I 
L 
L 
L 
n 
T 


defined by equation (58) 

defined by equation (64) 

velocity of displacement of a point on the solid/liquid 
interlace, ms 

pore velocity, ms 

deviation of the microscopic velocity from the intrinsic 
phase average, ms 

superficial velocity, ms 

pore velocity, ms 

representative elementary volume 

REV radius, m 

mean particle size, m 

coordinate directions 


point in space at which a parameter is evaluated 


Greek Symbols 
o refers to the a phase 
phase distribution function, equation (4) 
rate of internal production of solute per unit mass of liquid, 
kg kg 
é volume fraction, volume of phase per unit volume of cake 
p density, kgm 


Subscripts 
air phase 
gas phases (other than air) 
residual filtrate 
wash liquid 
solid or particulate phase 
z stagnant zone 
A combination of subscripts ( 


, etc.) indicates the parameter is 
evaluated at the phase interface 
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COALESCENCE PHENOMENA AT THE MOMENT 
OF BUBBLE FORMATION AT 
ADJACENT HOLES 


By T. MIYAHARA and T. TAKAHASHI 


al ¢ hemistr\ 


Okayama University, Japan 


Coalescence phenomena are reported for bubbles formed at adjacent holes, whose pitch to hole diameter ratio is relatively small, 
by use of a high speed cine photography and a still camera. Experiments were carried out on bubble formation at two holes 


through which gases flow at equal or different rates. 


Coalescence between adjacent bubbles occurs when each gas flow rate for each of the two holes is relatively small, whereas 
it does not occur above a critical gas velocity for either hole, when bubble coalescence in a bubble cloud rising through a deep 


pool of liquid is predominant. 


INTRODUCTION 


lustrial processes, such as gas-liquid contacting 
ise dispersion of gases in liquid for carrying out 
mass transfer between two phases. Bubble size 

1d interfacial area are very important and 


actors It 


inderstanding of the design 


thece witce 
HICSL ae VILES 


Bubbie size is the prac- 


itrolling interfacial area. For this reason, 


papers relevant to bubble formation at 


late-~ have been reported 
tween adjacent bubbles at the moment 
lation is one of factors affecting bubble sizes 
the phenomenon of bubble 


| coalescence 1S 


lex because of the significant effect of the properties 


plate geometries, gas flow rates and fluid 
nics of liquids. For instance, in pure liquids bub- 
ilesce rapidly after 


coming in contact’, but not in 


quids 

’ studied the coalescence time 
bubbles grown on adjacent nozzles and proposed 

a for the thinning process of the liquid film. More 
y, Sagert et al proposed the effect of double layer 

sion fo the model improving 


rees in 


Marrucci’s 


ry. Since these models deal with the phenomenon of 


dealized bubble coalescence, it is insufficient in 


resent circumstances 


Lo explain the coalescence 
bubbles formed from a 


between adjacent 


paper, to clarify coalescence phenom- 


ioment of bubble formation. 


we have 


itatively bubble 


coalescence at adjacent 


ugNn 


which gases flow at equal or different 
ing high speed cine photography and a still 


ther, tne 


size of the detached bubbles was 


experimentally 


EXPERIMENTAL 
xperimental apparatus is shown in Figure 1. The 
nw 10 x 20 x 30cm, right-angled plexi- 
rallelepiped. Air from the compressor | passed 
filter 3, the pressure regulator 4, the buffer 
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1 } ; + 
gure |. Schematic diagram of experimenta 
2-valve; 3-air filter; 4-pressure regulator 
iow meter; 8-needile valve 
.* 


2-orifice; 1|3-gas 


carbon; /-orifice 


f 


section runnel, 


1 


16-phototransistor; 17-amplifier 


tank 5, the activated carbon cleaner 6, to remove any 
impurities in the air, and the orifice flow meter 7, where 
its total flow rate was measured. It then passed through 
the rota-meters 9, where each flow rate was measured. 
The steady supply of air, i.e., constant gas flow condi- 
tion, was ensured by means of the capillary section 10, 
and the air was dispersed through the orifice 12 into a 
liquid in the form of bubbles. The soap-film flow meter 
14 was used for the measurement of relatively small gas 
flow rates. The formation frequency of bubbles, when 
only one hole was working, was measured by using the 
light 15, the phototransistor 16, the amplifier 17 and the 
counter 18, or a stroboscope. Bubbles formed at adjacent 
holes, when two holes were working, were photographed 
with the aid of a Hycam 100 FT model high speed 
camera for their formation phenomena and the camera 
20 for measuring their sizes. The negatives photographed 
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COALESCENCE PHENOMENA IN BUBBLE FORMATION 


Table |. Geometries of Orifices In the operation ol practical industrial sieve plates, 1 


Hole diameter Pitch is hardly possible to say that gas velocities through eacl 
Orifice d,{m|] p|m] | hole are the same, because of the fluctuation for pul 
10 sation of the liquid on a plate 
10 ; 7.03] Therefore, experiments were 
10 5.25 x | gas flow rates for each hole. That is 
10 hole was fixed (fixed gas flow rate) ar 
- was changed (variable gas flow 
10 5.41 » 1815 the fixed gas flow rates of } 0 
J | x 10°°m’s As can be seen 
noticed in the case of small ' 
the frequency o 
with the camera were enlarged, and the major and minor variable gas flow rate. Fur 
axes of each bubble, which was assumed to be ellip- rate scarcely showed the 
soidal, were measured. The volumetric mean bubble noticed for other orifices shown i 
diameter was calculated from the following expression, results, roughly speaking, it cat 
where the number of bubbles measured was about 50 of bubbles growing « 


; la . 
Ccoaiescen 


(X6V,,/x flow rates for tw 
D, =| (1) little discrepancy 
nN . eo: f 
under a variety of 
lon exchanged water was used geometries 
Table | shows the details of seven kinds of orifices 
employed, which were made of brass or stainless steel. : 
with orifice diameters over the range of 1.53—-2.98 mm Size of Bubbles Formed at Adjacent Holes 


> 72 


and the pitch to hole diamter ratio p/d, = 1.35-2.73 As mentioned above, adjacent bubbles 


ae 1 
holes COaICSCE 


\ 4 


RESULTS AND DISCUSSION 


Bubble Formation Pattern 


Figure 2 shows some photographs of bubbles formed 


at adjacent holes for approximately equal-measured gas 

flow rates, when two holes are working. For the low flow 

rate of gas, two bubbles of approximately equal size are 

generated simultaneously to give a coalesced bubble (a) 
The increase of gas flow rate makes the simultaneous Vgr=0-936 x 1( 
bubble formation and the coalescence at adjacent holes Vg =0 933 x 1( 
difficult; the phenomenon of coalescence between grow 

ing and preceding bubbles can be sometimes observed as Times B 


+ 


shown in Figure 2 (b) and (c) 


Ss 


_— - 
2 C3 


0.275x10 © 0.473x10~©0:753x10°° 106x107 3.15x10"° m/s 
Orifice A Naf =9-5x10 °m ~/s 





Vg = 


(b) 


= 0.282x10°© 0.466x10~© 9.743x10° 20x 10° 3.13x10°§ m/s 
Orifice A, Vgt =1-0x 10 Sms 


Vg 


Figure 3. Bubble formation at adjacent holes for different 
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to hole diameter ratio. In order to compare the size of 


bubbles generated from single holes with that from two 
holes, for which each gas velocity 1s different, volumetric 
mean diameters of bubbles for both cases, determined by 
enlarging negatives taken with the aid of a still camera, 


are plotted in Figure 4(a) for a fixed gas flow rate of 


0.7cm>s~' and a small pitch to hole diameter ratio, 
being around 1.5. The solid line represents values of the 
two-fold volume of bubbles formed at single holes. 
As can be seen from this figure, for low variable gas 
flow rates, the size cf bubbles working at two holes 1s 
larger than that at a single hole, whereas for high 
variable gas flow rates, the difference between them is 
not appreciable. As explained above, these results prob- 
ably appear on the basis that adjacent bubbles coalesce 
frequently in the region of low gas flow rates, though the 
frequency of coalescence decreases with increasing gas 


flow rate. As shown in Figure 4(b), the increase of 
pitch to hole diameter ratio reduces the frequency of 


coalescence at adjacent holes. However, the behaviour 
at high variable gas flow rates is similar to that in 
Figure 4(a). 

Figure 5 shows the correlation of size of bubbles 
generated from two adjacent holes by plotting the 
dimensionless bubble diameter vs. N,(=We/Fr’~), 
which was proposed by Tadaki et al’. In the same graph, 
results for single holes are also shown with a diameter 
of 1.92 mm. From this figure, it can be seen that there 
appears a scattering in bubble diameter due to the 
coalescence between bubbles grown on adjacent holes at 
values of N, smaller than about 2, which corresponds to 
the transitional point at which bubbles are generated at 
all the holes of a sieve plate’, though we can not notice 
the difference of size of bubble at values of A 
than about 2. 


greater 


From these qualitative observations, it is inferred that 
coalescence between adjacent bubbles occurs at rela- 
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tively small gas flow rates, and in the region of high gas 
flow rates coalescence in bubble clouds rising through a 
liquid is predominant. 


CONCLUSIONS 


Coalescence between bubbles grown on adjacent holes 
together with the size of the bubbles was studied experi- 
mentally under conditions of equal or different gas flow 
rates for two holes. The following results were remarked: 
(1) At adjacent holes for low equal gas flow rates, 
bubbles of approximately equal size are generated simul- 
taneously to give a coalesced bubble, whereas at high gas 
flow rates the frequency of coalescence decreases. 

(2) Coalescence between adjacent bubbles formed at two 
holes for different gas flow rates is remarkable for 


N, < 2, whereas the coalescence does not occur for 
\ 2 


(3) For high gas flow rates in a sieve plate, the co- 


alescence between detached bubbles rising through a 
liquid presumably becomes an important factor for the 
design and operation of gas-liquid contacting devices. 


SYMBOLS USED 


volumetric mean diameter of bubbles (m) 

hole diameter (m) 

Froude number = u-/(gd,} (—) 

gravitational acceleration (ms -) 

dimensionless parameter = We /Fr'* (—) 

\. for fixed volumetric gas flow rate ( 

number of bubbles (—) 

pitch (m) 

bubble volume (m°) 

gas velocity through hole (ms~“') 

variable volumetric gas flow rate (m’s ‘) 

fixed volumetric gas flow rate (m°s~') 

volumetric gas flow rate for left side hole (m’s~') 
; volumetric gas flow rate for right side hole (m*s~') 
We Weber number = d,u-p,/o (—) 
Greek Symbols 
p density of liquid (kgm~°) 
o surface tension (N m~“') 
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Book reviews continued from pag 


Calculator programs for chemical engineers Vol. II 
Staff of Chemical Engineering (Eds) 

McGraw Hill, 1984 

pp. 258, $37.50 


This compendium of articles previously published in the 
American Journal Chemical Engineering contains thirty- 
four programs for TI and HP calculators (T159, HP- 
67/9, HP-41). Where possible the programs have been 
written in both calculator languages although in some 
instances the limitation of memory on the TI-59 meant 
this was not always possible 

The book has seven sections: Introduction, Mathe- 
matics, Physical Property Correlation, Fluid Flow, Heat 
Transfer and Engineering Economics. Each program has 
a brief description of the theory and equations used, with 
an explanation of the assumptions made, if any, in 
developing the programs. An example is given for the 
user to verify that the program has been entered into 
his/her machine correctly and a detailed analysis of the 
data registers is also given 

Some of the programs printed were not easy to read 
and the use of flow diagrams was very limited. This made 
entering the programs difficult at times. It was difficult 
to determine the limitation of the programs and their 
range of validity, and if these were present they were 
embedded within the text 

This book contains a wide variety of articles and 
shows how the programmable calculator can aid an 
engineer in his work. Neatly tucked away in the desk or 
briefcase, the engineer can load a program quickly, run 
it and obtain reasonably accurate answers to his design 
problem at any location. If wished the information can 
be printed, plotted or stored for later examination and 
detailed analysis. 
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[he book has programs written in Re 
Notation, RPN or 
AOS, but does not 
now run a BASIC language 
languages on HP and TI 
standards and are only added to whereas there are many 
versions of BASIC g RPN to 
AOS and vice versa more consideration should have 


verse Polish 


the Arithmetic Operating System 


consider the many calculators that 
Admittedly RPN and AOS 


machines respectively are 
Rather than translati 


been given to developing flow diagrams, enabl 


engineer to use the methods given in the 
available on his/her machine. This would have 
book of interest to a wider range of engine 
to HP or 
The new series of alphanumeric calculators 
the HP-41C/V/X, are 
prompt the 
ensuring that the information is entered into t 


just those dedicated rl series machi 
“user-friendly 
engineer for data in the corre 
data register and thus reducing errors ; 
1 manual 

With so many programs it was unfortunate 
book does not mention if a barcode supplement o 
of magnetic program cards is available 
engineer time in entering the programs. It shou 
noted that when using these programs in design werk 
time should be taken to verify that the programs used are 
acceptable and that the relevant company standard 
codes are 

If you have a relevant calculator and wis! 
add these programs to a suite of programs 


keen then this book will be of interest 





13TH ANNUAL RESEARCH MEETING 


Separation Processes, Process Dynamics 
and Control, and Non-Newtonian 
Processes 


P. J. HEGGS (FELLOW) and E. H. STITT (GRADUATE) 


Schools of Chemical Engines 


ring, University of Bradford 


The 13th Annual Research Meeting of The Institution of Chemical Engineers was held at The University of Bradford on 14-15 
April 1986 in conjunction with the Effluent Treatment and Disposal Symposium. Twenty-one papers were presented at the 
meeting: the separation processes session had 8 contributions, the process dynamics and control had 10 and the non-Newtonian 


processes had 3. 


Professor Heggs (University of Bradford) in the opening address commented on the overall excellence of the set of preprints 
and the expectation of the fruitful discussions throughout the meeting. However, there was some disappointment in the response 
to the call for papers and in the number of registrants. The Institution was very aware of this situation and in the near future, 
the whole issue of the aims of the Annual Research Meeting will be debated. 


SEPARATION PROCESSES 
The first session was chaired by Professor G. G. 
Haselden (University of Leeds) and opened with a Stud 
of new liquid-liquid contacting schemes applied to copper 


hydrometallurgy presented by N. I. Parker (University of 


Bradford). The new schemes incorporate two organic 
loops and were compared with the conventional system 
using only one organic loop. It was observed that the 
new schemes show nett advantages in terms of metal 
recovery, especially so in cases with a high copper feed 
concentration or where a low percentage of extractant is 


used in the organic phase. ‘Mass transfer in solvent 


extraction of organic bases’ was considered by M. Hanif 


(Teesside Polytechnic), specifically the use of dis- 
sociation extraction to enhance the rate of mass transfer 
of a quaternary ammonium salt from an organic phase. 
Results presented showed that advantage may be gained 
by the addition of anions (in the form of phosphoric 
acid) to the aqueous phase. Dr. E. H. Stitt (University 
of Bradford) described ‘A novel liguid extraction column 
employing high shear mixing and electrostatic co- 
in which the rates of droplet breakage and 
coalescence may be independently increased such that 
dispersed phase hold-up is maintained constant. The 
consequent increase in intensity of the coalescence- 
redispersion cycle leads to marked improvements in the 
column’s mass transfer performance. 

I. C. Kemp (Energy and Process Integration Service, 
AERE, Harwell) discussed * Process integration applied to 
separation systems’ and particularly how changes to 
separation systems may be evaluated and optimised with 
regard to total energy consumption. The process stream 
of interest may be divided from the rest of the process 
and represented on the ground composite curve as a 
rectangie or polygon to ease visualisation of effects. A 
flexible flowsheet modelling programme for ‘The design 
and simulation of sea water desalination plants’ was 


ales« ence 


described by A. S. M. Nafey (University of Leeds). The 
use of the programme for simulation of thermal pro- 
cesses was described and its application to the exam- 
ination of different equipment configurations demon- 
Strated in optimisation studies for a variety of proposed 
and existing processes 

R. J. Best (South Bank Polytechnic) presented a 
discussion on ‘Desorption in the removal of acid gases in 
the manufacture of SNG’. Particular reference was made 
to the removal of CO, from carbonate solutions in a 
packed column using steam or nitrogen as a stripping 
medium. A new arrangement for the absorber- 
regenerator plant was proposed which offers potential 
energy savings of up to 50%. G. H. Desai (Teesside 
Polytechnic) described ‘The measurement and correlation 
of vapour -liquid-liquid equilibrium’ using a still in which 
the agitation of the heterogeneous liquid phase is 
achieved by a magneticaliy driven impeller. Data for two 
phase and three phase systems were presented. Cor- 
relation of the results using the NRTL equation has 
deficiencies and suitable modifications are required. The 
session closed with a description of a ‘Preliminary study 
of the performance of novel laboratory plastic sieve plates’ 
in distillation, given by Dr. R. W. Field (University of 
Bath). The use of the PTFE plates (patented by B.P.) in 
glass (or metal) columns yields a flexible system well 
suited to laboratory experimentation. The use of these 
plates allows for satisfactory performance at high turn- 
down ratios with little evidence of weeping even at very 
low vapour rates. 


PROCESS DYNAMICS AND CONTROL 
The second session was chaired by the current Chair- 
man of the Process Control Subject Group, Mr. J. Love 
(Huddersfield Polytechnic) and the first paper by P. J. 
Billing (University of Bath) considered ‘Process control 
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simulation using interactive microcomputer graphics’. The were performed at 
TenCORE authoring language system written for IBM balanced-symmett 


PC and compatibies was used to illustrate the teaching haviour between two 
of process control in both industry and academe with the of heat leakage into t 
added cost-effective option of the experience of the of the experimental ré 
tuning and operation of the actual control systems. A and computer simul 
simple tank level control system was used as an example, cesses’ was then desc1 
and with the graphics displays, it was shown that a Polytechnic). A st 
difficult subject to learn can now be presented in a very hydrodimerisation 
attractive and friendly way. Next, ‘A study of integration vanostatic operated 
algorithms for dynamic simulation’ was presented by simulation of the rea 
M. A. Capstick (University of Leeds). A simulator has models of the organi 
been developed on a simultaneous modular structure to Y. L. Tan (Univer 
integrate a partitioned system of ordinary differential description of an expe 
and algebraic equations. The algorithm and software is coefficients in comp 
based on the work of Gear and Wells, and applied to a dynamic model mor 
simple pipe-line network. ‘Process control using th accommodated 
adaptive LQG approach’ was then discussed by R. W dynamics was used to 1 
Jones, (University of Strathclyde). The LQG self-tuner ' 
algorithm was first described, which involves the solu- 


c 


and the first mon 
evaluate the oxyge1 
tion of only one diophantive equation and the spectral liminary investigat 
factorisation. The LQG controller was tested on a single growth conditions 
loop of a multivariable non-linear clay bleaching model final presentation 
and shown to be amenable to the control of non-linear discussed decision 
processes for both set-point changes and the rejection of systems in flexible 
disturbances. J. C. Cheow, (Teesside Polytechnic) con- on the problem of 
tinued with the description of the “Computer control of process performanc 
a catalytic reactor’. A novel form of an inductively as an example. Spa 
heated endothermic catalytic reactor was controlled by condition and perf 
a Ferranti PMS40 system. The control sequence was These provided ider 
divided into three sections: catalyst reduction. main the design choices 

operation and normal shutdown, and three control which will impr 

strategies were investigated: 3-term control, self-tuning 

control and a self-tuning 3-term control. ‘Automatic 

human body control—the physical detection of ovulation’ NON NEWTONIAN PROCESSES 
was next presented by A. Kamal, (University of Brad- The final sessi 

ford). The experimental work used the Bradford ‘Welly’ Professor M. F. Es 

on 7 subjects between 19 and 25 years to pull the three opened with a prese 

most important mechanisms: thermoregulation, respira- for mixing concentrat 

tion and blood pressure, away from their natural fre- A. I. Jomha (Uni 

quencies during one menstrual cycle. Monitoring signals for the viscous pt 

from a nasal thermistor, a microphone attached to the were reported and us 

inside of the right index finger and an infra-red plethys- for a mechanically 
mograph placed on the pulp of the left index finger and shear rate concept 
analysing all signals using a Hewlett Packard HP 5420A favourably with expe 

Digital Spectrum Analyser provided evidence that the the limitations of 

Bradford ‘Welly’ can be easily used to detect ovulation dilatant systems 

Engineering sanity returned with the following processes’ were dis 
presentation on the ‘Modelling and control of a counter - sity of Birmingham) 

current heat exchanger’ by L. J. Muir, (University of enhanced load bearing and 1 
Strathclyde). The dynamic model of a counter-current Newtonian liquids of similar 
heat exchanger was solved numerically and used to ened oils give similar effe 
represent an open rack vaporiser for the vaporisation of In the last presentatior 
LNG using sea water as the heat source. An approxi- Pittman (University Co 
mate medel for the control system design was developed ‘Analysis of flow and he 
using the results of the dynamic mode. PID controllers using finite element discretisa 
were also simulated and found to perform well in viscous heating on flow distrib 
comparison with the linear model. J. C. Hargreaves temperature-dependent 
(University of Bradford), continued with heat exchanger the method as a design 
applications by presenting ‘Modelling, dynamics and systems described 
control of a four bed regenerator rig’. A modified regen- The Annual Research N 
erator theory which accounted for heat leakage was used presentation by a bona-fid 


to simulate the experimental findings. Investigations A. I. Jomha (Universit 


I 


Chem Eng Res Des, Vol. 64, July 1986 





+ 


326 HEGGS and STITT 


commented on the very high standard of presentations The 14th Annual Research Meeting will take place in 
at this meeting and three other student presenters de- parallel with the conference on Process Optimisation to 
serve special mention: P. J. Billing (University of Bath), be held at the University of Nottingham, 7-9 April 1987. 
J. C. Cheow (Teesside Polytechnic) and N. I. Parker The proposed sessions are: Batch Processing, High Value 
(University of Bradford). Sets of the Annual Research Products, Teaching Hazards and Layout, Effluent Treat- 
Meeting Preprints may be purchased at £7.50 per set ment, Particle Technology and Scale Up. Further details 
from Book Sales, The Institution of Chemical Engineers, can be obtained from Mrs. Julie Tayler, Conference 
Rugby (see order form on back cover). Post and packing Officer, The Institution of Chemical Engineers, 165-171 
charges are 60p per copy for UK orders and £1.00 per Railway Terrace, Rugby CV21 3HQ (Telephone (0788) 
copy for overseas orders. 78214). 
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EDITORIAL 


This Process Design issue is devoted largely to new 
material concerning the use of computing in design 
activities. The articles encompass a diverse range of 
topics from authors in the United Kingdom, the USA, 
and Japan. Three of the contributions are derived 
originally from the successful PSE °85 conference in 
Cambridge; two of these having been substantially 
revised to incorporate the most recent developments 
Although this is a “process design” issue it is becoming 
increasingly necessary to give much fuller consideration 
to operability and control aspects at the outset and this 
theme is taken up in two of the papers 

The review paper takes an objective look at the 
current status of computer aided process design. Recent 
advances in hardware and software are reported and 
it is proposed that this period may well represent a 
significant watershed in the application of computer- 
aided engineering in the process industries. This is 
because of the impact of these advances and because of 
a growing appreciation of the importance of a systems 
approach to computing especially given the shift towards 
more tightly integrated process plants 

The second paper, by W. R. Johns and V. Vadhawana 
on “Convergence Studies in Dual Level Flowsheeting” 
presents the latest information on their work aimed at 
reducing the computational load of process simulators 
Several previous workers have attempted to achieve this 
objective through the modular simultaneous approach 
and by local linearization of thermophysical properties 
In this latest work the library of rigorous unit operations 
models calls upon a much simplified set of procedures 
for the bulk of the iterative calculations and very 
encouraging results are reported 

The next paper “Simultaneous Solution and Optimiz- 
ation of Process Flowsheets with Differential Equation 
Models” by J. E. Cuthrell and L. 7 


Biegler, develops 


some of the issues associated with the application of 


optimization procedures in process flowsheeting. Their 
work involves the use of orthogonal-collocation with 
infeasible path optimization and this shows some advan- 
tages although further work is indicated as necessary. 

The fourth paper is from J. Calandranis and G 
Stephanopoulos at MIT and concerns “Structural 
Operability Anaiysis of Heat Exchanger Networks” 
Heat exchanger network synthesis has been remarkably 
successful following the work of Linnhoff, with many 
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millions saved in operating costs. Application of this 
technology is becoming widespread, and as a result 
much more attention is being devoted to ensuring that 
the energy efficient solution is also an operable solution 
This article outlines an interactive approa r evaluat- 
ing the operability of such networks 

The operability theme takes a different perspective in 
the next paper from A. P. Rossiter and S. Ingleby of the 
ICI New Science Group on “Integrated Reactor Systems 
Design for Variable Operating Conditions”. In this 
article the authors concentrate on how to design reactor 
and separation systems in such a way as to maximize the 
applicability of the design over a variety of operating 
conditions. Although some overdesign is inevitable this 
may well be offset many times when economic circum 
stances force a change from the original design criteria 

And finally we come to artificial intelligence with a 
contribution from K. Nuida ef a/. in Japan reporting on 
“Some Expert System Experiments in Process Engineer- 
ing’. The techniques of AI are often to the fore in our 
application of computers to chemical engineering design 
(especially in synthesis), but the specific discipline is 
relatively new and unapplied. This article is one of the 
few cases to date that demonstrate the expert systems 
approach in process engineering. The authors prudently 
acknowledge both 


the challenge that 


he potential of the approach and 


{ 


needs to be overcome for! to be a 
success 

Thus in a single issue we have covered a number of 
important topics from 


drawn from both academia and industry 


authors around the globe and 
Maintaining 
such a balance is important and British Universities have 
a superb record in their contribution to advancing 
the state of computer-aided process eng £ The 
benefits of insight by such workers as Sargent, Linnhoff, 
and Hutchison are to be seen in many applications 
systems. In the USA we are seeing a new generation of 
university researchers taking a prominent role in further 
developing the technology and I hope that in the UK we 
will also see a similar emergence of new talent so that 
innovation can continue to flourish and so that this 


{ 
balance can be maintained 


P. Winter 
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COMPUTER AIDED PROCESS DESIGN 
AT A WATERSHED 


By P. WINTER (FELLow) 
Py Tech Ltd. Camb 


Computer aided process engineering is poised for a new generation of integrated systems. Their hallmark will be that multiple 
functions can be handled within a single system and hopefully they will take fuller account of the need to link with other 
downstream activities. They will also be much more usable making fuller use of graphics and modern hardware 

In creating these systems we should not be shy of borrowing ideas from other industries, and in using them I hope that the 


user companies will provide all their engineers with suitable computer and terminal equipment so that the benefits can be realised 
in full. 


Process design is a simple term for a complex subject that 
is interpreted in many ways and which I do not attempt 
to review in full. Rather, I have chosen to look at 
current state and direction of the vehicle used for the 
bulk of process design work—-computing, since in this 
subject area it is vital to recognise that software is of at 
least equal importance as the hardware it runs on 
Computing has increasingly become the method for 
achieving a process design but perhaps with little applied 
methodology 


EMPHASIS ON SYSTEMS 


rn 
avr 


the 


conferences concer! 
(FOCAPD °83', PSI 


is possible to dis« 


theme 


eme topics. These in 


e iwy 
process ay 


while artincal 1 

esl In additi 
The benefits of applying a systems ap- ee ee 
proach to the use of computers in process design and systems adel this 
engineering have become widely recognised over the last computers pure 
five years as indicated by major events such as FOCAPD 


thei 
in 1980 and 83 and the PSE conferences in 82 and 85 

Thus there are new trends in this field and some 
farsighted but difficult developments are now emerging 


use as Ul 


ran 
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value of 


. widely accepted 
as usable technology for today’s chemical engineers 


These factors coupled with what can only be described 
as a spectacular advance in hardware over the past few 
years indicate that this period could well be a watershed 
in the technology of computer aided process engineering 
It is also worth noting that the industry itself has 
passed through a watershed. In many sectors the boom 
in capital investment is over-at least for the moment 
Proportionally more attention is being devoted to im- 
proving the viability of existing plants, with most design 
jobs concerning retrofits and modifications for per- 
formance optimisation puter 
The boom in adopting computers for design is also ght aim of int 
largely over. Many engineers are mature users who may Yet 11 
be working with their second or third generation of ful microcompute! 
systems. These chemical engineering computer users are ware has 
now much more discerning and often pay as much disintegrated way 
attention to usability as to the engineering functionality 
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Our industry is once again responding to a period of 


change with the emphasis on doing more with less in 
terms of both process plants and engineering resources. 
Computing is playing an increasingly important part in 
enabling us to operate more flexibly and efficiently in 
meeting this challenge. 
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The key to achieving integrated engineering is data- 
base technology. With well over a decade of devel- 
opment behind us in this area, integrating database 
systems have yet to make a major impact on process 
design. The subject has been much debated and analysed 
and there is a general consensus on two issues. First, the 
database management systems so successfully applied in 
commercial work are not well matched to the needs of 
engineering as a whole and to process engineering in 
particular. This problem derives from the complex re- 
lations between data items rather than the amount of 
data which is not particularly large in database terms. 
This complex structure of the data leads to the second 
consensus that the relational model for database or- 
ganisation is the most appropriate approach to a solu- 
tion especially given the widely varying needs of different 
companies and projects. 

Based on these conclusions some new process en- 
gineering database systems are emerging and there have 
been some problem specific industrial applications that 
have demonstrated the potential of the approach. How 
successful these new systems will be remains to be seen, 
and much depends on their ease-of-use and on their 
ability to link the growing multiplicity of individual 
design aids. If the integrated engineering systems can 
meet those needs then benefits will be realized and our 
engineers will be able to operate more responsively and 
accurately in designing plants that in themselves are 
becoming so integrated that they call for multiple forms 
of analysis consistently conducted using the same source 
of information. 


PROCESS SIMULATION SET 
TO CHANGE? 

Flowsheeting systems have been with us for a long 
time and they are immensely useful tools. To date 
virtually all successful systems have employed the se- 
quential modular approach. These systems have been 
extended to encompass a growing range of process 
problems such as those involving solids and electrolytes. 
However, the most significant development may be that 
the alternative approach to process simulation, based on 
equation solving, is now a viable technology and offers 
the engineer new capabilities. 

Although the potential for equation solving as an 
approach to process simulation was recognised early it 
is only recently that suitable mathematical techniques 
have emerged that can reliably cope with the solution of 
typically a few thousand equations defining the plant. 
Such developments by Sargent, Perkins and their col- 
leagues at Imperial College are embodied in SPEEDUP 
which is already finding industrial application, and by 
Westerberg and his co-workers in their ASCEND sys- 
tem. 

The excitement about these new systems is that they 
offer capabilities beyond those of the sequential modular 
systems. For example, solving a problem against design 
criteria can be accommodated directly and the approach 
lends itself to dynamics as well as to steady state. In the 
case of SPEEDUP optimisation is also handled and 
adding new models is quick and simple. 


The equation-sclving simulators do not replace the 
existing tools but their availability is timely because the 
trend towards more tightly integrated plants means that 
start up, operability and control considerations are 
increasingly important. Engineers using both tools in an 
integrated way will be able to gain a much fuller 
understanding of the process and how it should be best 
engineered for cost and safety. 


IMPROVING THE EXISTING 
PLANT 


North Sea activities and the provision of nuclear 
reprocessing facilities continue to maintain a moderate 
work load for new plants in Britain and Europe. Else- 
where, capital investment is at a lower level and most 
expenditure is directed towards improving existing 1n- 
stallations. 

Computing innovations have been spectacularly suc- 
cessful in this area with Bodo Linnhoff et a/. demonstra- 
ting how a properly formulated approach to synthesis 
can lead to major savings (see Editorial of the May °86 
issue). 

Optimising the performance of the plant is now a 
more important particularly given rapid 
fluctuations in the costs of energy and raw materials. 
Thus optimisation routines are becoming a more com- 
mon add on to process flowsheeting systems. 

Although the major general purpose simulation sys- 
tems attract most attention in this area, it is worth noting 
the quiet success of a number of companies in the UK 
and USA whose more empirical approach of mapping 
the simulation model (particularly for refineries) to plant 
data has consistently led to improved profitability. 


issue 


EXPERT SYSTEMS 
Few computing subjects have attracted as much inter- 
est as artifical intelligence and expert systems. This is 
equally true in process design and a recent AIChE 
session on the topic was packed out—at least at the start. 
I am sure that this technology will be beneficially 
applied to chemical engineering activities and I can see 
particular opportunities in consequence checking and 
safety studies. To date most work has been exploratory 
(see the article by Niida er a/. in this issue) and findings 
are promising. However AI has yet to come to process 
design in a practical way. Although it is pertinent to 
mention that process synthesis programs can, in many 

ways, be considered as expert systems. 


THE NEED FOR USABILITY 

From my perspective one of the most noticable 
changes over the past five years has been the shift in 
emphasis away from strict engineering functionality 
towards usability. As a result terms such as ‘easy to use’ 
and ‘user-friendly’ proliferate. 

This shift does not imply that there is any less need for 
the programs to work properly, but it is a recognition 
that todays toois are generally trusted and that the 
engineer is more concerned with being able to make best 
use of them in his job. 
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At least part of this emphasis on usability is derived 
from the excellent facilities of many PC programs, but 
I believe that the root cause is that an engineer much 
prefers to work through documents such as flowsheets 
and spec sheets rather than some strange input syntax. 
Thus we can expect highly interactive graphics and 
form-filling techniques to become a more common way 
to drive an engineering computer system, and this 
implies that our engineers will need appropriate hard- 
ware to work in this way. 


MORE POWER TO YOUR ELBOW 

Although we as computing chemical engineers have 
come a long way in the last twenty years or so in terms 
of providing software, it must be accepted that devel- 
opments in hardware have had at least as great an 
impact and this will continue to be the case. It is through 
the emergence of more powerful computers of all types 
(mainframe, mini, workstation and micro) that the 
engineer will have the tools to do the job 

For our part we must ensure that software devel- 
opments keep pace and take advantage of new tech- 
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nology to provide cost effective, hghly usable systems. In 


many cases the solution may involve use of several 
different types of computer; from PC’s or workstations 
for highly interactive operations to powerful mini’s and 
mainframes for CPU intensive computations and shared 
data storage 

Finally, I expect the laser printer to largely eliminate 
those mounds of line printer output and allow us to 
return to using more sensibly laid out documents 
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CONVERGENCE STUDIES IN DUAL-LEVEL 
FLOWSHEETING 


By W. R. JOHNS (MEMBER)* and V. VADHWANA (MEMBER)** 


*Department of Chemical Engineering, Polytechnic of the South Bank, London: 


**BP Research Centre, 


Sunbury -on-Thames 


4 dual-level flowsheeting system links a conventional “rigorous” flowsheeting package with a set of simplified unit operation 
computational procedures which are used for the bulk of the iterative calculations. The link between the two levels is made 
by a set of parameters generated by the rigorous routines. These parameters ensure that, for a given set of conditions, both 


routines compute the idertical flowsheets. 


4 treatment, based on elementary functional analysis, is presented that enables the optimal frequency for re-computing the 
linking parameters to be estimated. It is shown that the computational time for a typical unit procedure is reduced by a factor 
of 100 to 1090. Using the methods described a factor of 10 to 500 reduction in residuals is achieved by application of the 


simplified models alone. 


The treatment is extended to enable the re-fitting frequency to be adjusted whilst the flowsheet computation proceeds. This 
run-time monitoring procedure closely follows the optimal refitting frequency and, even for modest problems, reduces 
computational time by better than a factor of 20. For large problems much greater improvements may be achieved. The 
considerable potential for design-mode, as well as for flexibility and optimization studies is discussed. 


INTRODUCTION 


Numbers of computer-flowsheeting systems have been 
developed over the last 20 years and many are routinely 
used in the process industries. The systems compute 
comprehensive mass and energy balances together with 
equipment sizing and costing. They may be used for 
simulating existing plant with a view to improving 
performance or economy, or for developing and compre- 


hensively evaluating new plant designs. Such systems 


have become a virtually indispensible aid in the study of 


steady-state chemical processes. Recent developments 
have, however, highlighted serious shortcomings in the 
established flowsheeting systems. The necessity to design 
plants even more economically and to ensure their 
viability in the fact of technical and commercial uncer- 
tainty has stimulated enhancements allowing flowsheet 
optimization, sensitivity studies and statistical analysis 


These enhancements require multiple computation of 


flowsheets and computer run-times are becoming pro- 
hibitive even with the improved computing hardware 
now available. 

These excessively long run-times for enhanced ver- 
sions of established flowsheeting systems have stimu- 
lated renewed research to develop radically improved 
systems. One of the developments being investigated is 
dual-level flowsheeting. Such a system has been de- 
scribed by Johns and Vadhwana.' The system consists 
essentially of a conventional flowsheeting program with 
the addition that each rigorous unit operation sub- 
routine is matched by a much simplified routine. These 
simplified models are developed with the objective of 
eliminating integration, stage-by-stage calculations, calls 
of routines for calculating physical properties and, where 
possible, iterative procedures. The rigorous models are 
modified to generate a set of ‘matching parameters’ used 
as data by the simplified models to ensure that, at the 
fitted point, the rigorous and simplified models give the 


identical result. Computation starts by making one 
rigorous routine call for each of the process units. It 
proceeds using the simplified models; the rigorous mod- 
els are re-computed from time to time to ensure that, at 
the final balance point, the simplified models match the 
rigorous computation exactly 

The simplified models used in our study have been 
developed to meet the following criteria 


(1) For small perturbations about the fitted point, 
they should closely mimic the rigorous models. 

(ii) Material balance should be maintained under 
all conditions. 

(111) The ‘Asymptotic’ behaviour should be reason- 
able. Thus under extrapolation to extremes of 
flowrate, concentration, temperature, etc., the 
predictions should be such that computation 
can continue and a _ reasonable balanced 
flowsheet be obtained. 


Examples of routines meeting these criteria have 
given in reference 1. The range of routines has now 
extended to include absorption, and distillation 
multiple feeds and offtakes.* 

This paper presents a procedure for determining when 
the rigorous models should be re-computed. Previous 
comparable work, for example that of Barrett and 
Walsh, has used subjective criteria based on comparison 
of estimated error bounds in order to determine the 
frequency of rigorous re-computation. In this work the 
criterion chosen is the minimization of computational 
time. A run-time procedure has been developed that 
monitors convergence rate and model quality to opti- 
mize the frequency of rigorous re-computation. It is 
shown that underestimating the frequency incurs a very 
small time penalty. 

Results are given which show run-time reductions of 
over a factor of 20 even against rigorous models which 
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have reached the theoretical limit of computational 
efficiency. For more complex problems, the gain will be 
substantially greater 

The paper applies most directly to unit-subroutine 
based flowsheeting systems but brief consideration is 
given to equation-based systems and ‘design-mode’ com- 
putations 


OPTIMAL RIGOROUS MODEL 
RE-COMPUTATION FREQUENCY 

The frequency of rigorous mode! re-computation 
depends on the rate of convergence of the flowsheet 
computation. (If the whole flowsheet converged in one 
iteration, there would clearly be no scope for using 
simplified models!). We have concentrated initially on 
the most easily analysed case, namely, first order con- 
vergence. We indicate, however, how the analysis may be 
extended to superlinear convergence 

This paper is concerned only with flowsheeting sys- 
tems in which the rigorous model computations on thei 
Own are convergent, even if slowly. Thus we are seeking 
to speed up a method that already works 

The basis for our theoretical analysis can be explained 
by reference to Figure | 

The axes, x, and x, represent two of the iterated 
variables (eg two componential flow rates in a recycle 
stream). The point B represents the final values taken by 

, xX,) when a balanced flowsheet, based on the rigorous 
model is achieved 

The point, F,, represent the initial estimate of the 
solution. The smooth curve from F, to B joins the 
successive iterates (function evaluation points) using the 
rigorous model only 

At point F, the approximate model is fitted. The point 
Ay represents the balanced flowsheet using only the 
approximate model fitted at F,. The smooth curve from 
F, to Ay joins successive iterates of the approximate 
model. The difference between A, and B is a measure of 
the quality of the approximate model; if this difference 
is much less than that between F, and B the approximate 
model is good. Note that, because the rigorous and 
approximate models give identical residuals at F, and the 
Same convergence procedure is applied to both, the first 
iterated values of (x,,x,) will be the same for both 
models. From the second iteration onwards the two 
models diverge 

In a dual-level flowsheeting system iteration proceeds 
using the simplified model until a point is reached at 
which the rigorous model is re-evaluated. In Figure 1, 
this point is indicated by F,. If the rigorous model were 
now substituted, iteration would continue along the 
points marked on the curve joining F, and B. The 
dual-level flowsheeting system follows the alternative 
path corresponding to the model refitted at F, and the 
successive iterates fall on the curve from F, to A;. A, is 
the point representing the balanced flowsheet using only 
the approximate model fitted at F,. Similarly, the curves 
(F,, B) and (F,, A,) diverge after the first iteration 
Refitting proceeds in this way. The complete path in the 
(x,, X,) space is from F, to F, to F, to... F,. Asi>am, 
F,— B. 


The objective of the theoretical treatment is to deter- 
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The divergence between the points (a;,, 5;,), (a3, 
b)... (a;, 5;) increases superlinearly with dis- 
tance from a;, (b,,). This subsidiary assumption 
is consistent with the paths being co-incident at 
points (dio, bio), (a, 5) and with assumption 
(ii) following. 

The error in the simplified process models is 
linearly related to the distance between the 
re-fitting point and the rigorous solution point. 
This assumption follows from our basic criteria 
for generating simplified models in which we do 
not attempt to maich derivatives exactly at the 
fitted points. 


The mathematical statement of these assumptions is: 
(1) | Qs. A 
giving 
(i) 
where || a; — A; || is some bounding norm linearly related 
to the distance between a, and A;, and “‘r”’ is the linear 
convergence rate, r < 1. 


(ii) |b Bil<rilb B 


(3) 


Equation (3) follows from the superlinear assumption 
which makes the envelope, },, B A;, concave so that it 
is enclosed by a triangle (suitably mapped so that one 
side lies along 5,, B). 


(1) |A-— Bil <si|\F.—B (4) 


where ‘s’ is the constant of proportionality measuring 
the linear divergence of the model 

In order to find the optimal point for recomputing the 
rigorous model, it is necessary to determine |/a, — B || in 
relation to || F, — B\|| and to balance the reduction in the 
former value against the time taken to achieve that 
reduction as ‘j’ increases. We have, from the triangle rule 
of Functional Analysis, 


a b . b B (5) 


Substituting from equations (2) and (3), equation (5) 
becomes 


B\ a B 
(6) 


If we put B\\, then equation (6) 
becomes 


(/) 


We further note that dual-level flowsheeting will only 
apply if ||b, — B\| > ||A,;— B\. If this relationship does 
not apply, then application of the simplified models 
results in estimates of x that diverge from the true 


answer and it will never be advantageous to employ 
them. 
With this restriction and noting from equation (2) that 
<r’, equation (7) can be modified to give 


B\|<A1-—r')||A Bil\+r b B\| (8) 


If the optimal re-compuiation point is after | rigorous 
computation and ‘n’ simplified computations, so that 
F.,=a we can derive the following equation for 
F.,, by substituting from equation (4) into equation (8), 
namely 


F. B\|<[U—r")s+r°* |||F,-B (9) 


We note that the bound on the one-step reduction 
factor in the error norm, [(1 —r")s +r°*'], is indepen- 
dent of the initial error norm, || F;— B ||. The optimal ‘n’ 
will thus also be independent of the starting point of the 
iteration. 

We further note that, when n = 0, the reduction factor 
is ‘r’; when n -+ 0 the reduction factor is ‘s’. There is 
only benefit in employing a dual-leve! method if s <r. 
This condition is more restrictive than that used to 
derive equation (8) from equation (7), hence the equa- 
tion (8) condition can now be discarded 

This gain in precision of the estimate of the solution 
point must be balanced against the time taken to achieve 
it. The time is 


T +at (10) 


where ‘7” is the time taken for a rigorous evaluation of 
the flowsheet and ‘rf’ the time for an approximate 
evaluation 

The optimal ‘n’ will be that value which achieves a 
flowsheet balanced within a given error bound in min- 
imal computational time. Let 


F-—B\\ <« 
be the target precision. The number of cycles, m, of 
re-fitting needed to ensure this precision is given by 
(l—r)st+r °° PF — Bl <e (11) 
and the computational time taken to achieve it is 


86 =mt =m(T +nt) (12) 


Combining equations (11) and (12), we obtain 


,—-B 
§ = . (T +nt) (13) 


A formula for computing an optimal value for ‘n’ is 
derived treating ‘n° as a real variable. An appropriate 
integer value is then easily obtained, as described later. 

To find the minimum, we differentiate equation (13) 


with respect to ‘n’ and equate to zero, giving: 


(n+ K)r°(r —s)inir} =[(U —r")s + r°*'] 
Ini(1 “is 9°") (14) 


where K=T7/t. the relative time for computing the 
rigorous and simplified models. In principle ‘n’ can be 
expressed as 


Thus the optimal ‘n’ depends only on the relative 
speed, ‘K’, of computing the models, the rate of con- 
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Figure 2. Dependence of run-time 


vergence ‘r’, of the flowsheet computation and the 
quality of the simplified model, as measured by ‘s’. It is 
independent of the starting estimates, F,, or the required 
precision of convergence, «. The optimal ‘n’ is also 
independent of the absolute computation speed of the 
models so that values of ‘K’ established for one 
computer can be used with reasonable confidence on 
another. 

Equation (14) is readily solved numerically, but since 
the solution is iterative a good approximation is de- 
sirable to ensure that the computation of ‘n’ takes 
negligible time compared to that of the simplified 
models. 

For many problems the following condition applies 


O0<n<K 
when equation (14) can be approximated by 
Kr°(r —s)inir} =s Inis} (15) 


which is readily re-arranged to give an explicit expres- 
sion for ‘n’. The expression is most in error forn +0 and 
can be improved by adding a small constant to ‘n’ such 
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that the resulting equation applies exactly for n = 0. The 
vaiue of the constant may be estimated by noting that, 


from equation (14), for n >0 
s<(K —l)r/K (16) 


This limiting value of is more restrictive than the 
limit s <r derived from equation (9) so that only the 
equation (16) limit need be considered. Adding a con- 
Stant to ‘n’ (equivalent to multiplying the lhs of equa- 
tion (15) by a constant) such that, at the limit n =0, 


equation (16) applies as an equality, gives 
! sinis}/[((K —1)(r—s)In{(K (17) 


Figure 2 shows @ as a function of ‘n’ for various K 
rand s. It is apparent that, for the large values of K likely 
to be found in practice, the curve is very flat for values 
‘n’ higher than the optimum. Little penalty is, therefore, 
Whether equation (14) o1 
is therefore valid to r 
the nearest integer above 


incurred in overestimating ‘n’ 


equation (17) is used, it und up to 


Figure 3 shows the optimal value of ‘n’ as a function 
For the values of ‘K’ and 
3 (14) and 


of ‘s’ for various ‘K’ and ‘r’ 
‘a employed the curves computed by equaliol 
(17) are indistinguishable. The explicit equati 
therefore, adequate for all practical 

It should be noted 


(the critical at whi 


that, in pra 
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conditions of practical interest, therefore, the graphs 
show that optimal ‘n’ is very insensitive to ‘s’. In these 


™m 


circumstances, a rough estimate of ‘s’ is adequate for 


Caiculating n 


ESTIMATION OF PARAMETERS 
REQUIRED TO DETERMINE 
RIGOROUS MODEL 
RECOMPUTATION FREQUENCY 
In order to estimate ‘n’ by equations (14) or (17) it is 
to have estimates of *K’, ‘r’ and ‘s’. ‘K’ 1s 
easily obtained as a once-off calculation at the beginning 
of the run 
It should be emphasized that neither ‘r’ can 
readily be directly computed. They refer to some 
“bounding” norm that decreases at each iteration. We 
can only measure error norms empirically with the 
expectation that, averaged over sufficient iterations, their 
will be closely similar to that of the 
g norms. We will pseudo-random 
changes from teration in the empirically 
measured convergence rates. As a consequence of the 
non-linearity of both the and approximate 
models, we may also expect some progressive change in 
tl Application of super-linear con- 


the convergence rates 
vergence accelerators also introduces progressive change 


necessary 


nor ‘s’ 


rate of change 


bounding expect 


iteration to 


rigorous 


the convergence rate 

We have used the root-mean square norm as the 
empirical measure of distance moved in the x-space. The 
objective of the computation is to locate the co-ordinates 

the point B of Figure |. It is not, therefore, possible 
normed distances such as ||\F,—B\| or 
B\| directly. Note, however, that in the limit of 
deviations the residuals of the rigorous 


to the distances from B., 


measure 


is then iinearly related to ||x — x, || and the change 
measures progress to the solution point B 
Similarly measures the distance from the solu- 
tion of simplified model ‘i’. Note that 
measured by norms ||y ||, and ||y||,, differ slightly be- 
f the differences in the derivatives Cy /Cx between 
the two levels of model 


the distances 


Cause ¢ 


‘r’ is obtainable simply from successive values of ||} 


thus 


Ais 


(18) 


‘r’ is expected to vary little from re-fitting to re-fitting so 


that the value averaged over the previous cycle is 
normally adequate. For the first fitting, if no other 
information is available a value based on only one step 
may be used 

The value of ‘a’ is more difficult to obtain directly 
because the co-ordinates of neither the point A, nor B are 
available. An approximate bounding procedure has, 
therefore, been developed 

Upper bound on ‘s’. In progressing from F. to F., ,, the 
iteration moves along the path to A;. Except by chance, 
1, will be the nearest point to B on the line (F., A,). 
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Hence 
A.— B\\< 
From which 
F., B\/\|\F,-—B A,— B\\||\F,-—B (19) 


The ratio on the left hand side of equation (19) can be 
estimated from |} e/ Vill, so that, for an upper 
bound on ‘s’, we have 
$<5,= [yo le/i ile 
Lower bound on ‘s’. From equation (9) we have 
F Ys+r°*'|||F,-—B 
from which, on substituting from equation (20), we get 
s>s,=(s ry —r") 
The above bounds are only useful if 


>, Se 


and we will briefly explore the conditions that must be 
met for these inequalities to hold 

For s 
have 


>, equation (21) determines that we must 


. > (22) 
Condition (22) is virtually assured, as can be illustrated 
by reference to figure | 


We estimate ‘r’ from 


r = IF. { 
and ‘s’ from 
5 = ||F B ij B 


F.,, lies on the path from F, to A;. B does not lie on this 
line. It is thus only in the exceptional circumstance that 
a point on the line (F., 4;) is closer to B than to A; that 
the inequality (22) is not assured 

For s,>s,, equation (21) determines that we must 
have s, <r. In progressing from F, to a; (= B,,) the error 
norms should reduce by ‘r’. If the dual-level approach 
is to show any benefit, there will be some reduction in 
error norm |\a, — B\| for ; > 1. Hence, whenever applica- 
tion of the dual-level method is advantageous, s, <r so 
that s,;<s 

The usefulness of this approximate bounding pro- 
cedure depends on the span bounded by s, and s,. If 
these are close, some mean value can be taken. The 
difference is simply obtained from equation (21) namely 


§ Z=r(r 5, V/A a 


The bound is smallest when r" is small, ie when point 
F.., is close to A.. 

It should be emphasized that the bounding procedure 
is only approximate and based on an arbitrary norm. It 
would, therefore, be quite possible in practice for ‘s’ to 
be outside the computed bounds. 


RESULTS 
The practical investigation of this analysis was under- 
taken using the dual-level flowsheeting system previously 
described.’ This system has been developed from the 
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‘GENESIS’ flowsheeting program’ which has been aug- 
mented with a set of simplified routines outlined in 
reference.’ Subsequent developments to the library of 
routines are described in reference.* 

The investigation was broken down into 5 parts. 


(i) The relative computational speeds of the 
simplified and rigorous routines were measured. 
The number of physical property calls per iter- 
ation made by the rigorous routines was also 
measured as an indication of the scope available 
for improving them. 

The computational time taken to converge a 
variety of simple flowsheets was measured as a 
function of ‘n’. These experimentally deter- 
mined curves were compared to theoretical 
curves computed using values of ‘r’ and ‘s’ 
estimated from root-mean-square norms in the 
x-space after B and the various A, had been 
determined. 
Values of ‘r’ determined from root-mean-square 
norms in the y-space were compared to the 
previously estimated x-space values 
The bounding values of ‘s’ computed from 
equations (20) and (21) were compared to the 
values computed under (ii), as a function of ‘n’ 
Optimal values of *n’ were compared to values 
predicted using values of ‘s’ at lower bounds 
indicated by the results obtained in (iv). The 
consequences of these errors on run times were 
also computed 


COMPUTATIONAL SPEED FOR 
SIMPLIFIED MODELS 

Table | gives the relative computational speeds for 
some basic process units. The vapour/liquid physical 
properties were in all calculated using the 
Zudkevich—Joffe data generator incorporated into the 
BP GENESIS program. 

Note that, in table 1, there are two columns for the 
ratios: 


CaSes 


(i) Initial. On first entry to any rigorous GENESIS 
unit subroutine values are set up which may 
require extensive iteration. In the distillation 
models, certain matrices are also initialized. 
Subsequent. On subsequent entries to the rig- 
orous routines, the previous converged values 
are used as starting points and the relevant, 
previously determined, matrices updated. These 
entries require relatively little computation so 
that, initialized, the rigorous routines 
compare less unfavourably with the simplified 
models. 


once 


Table l 


Relative run-times for rigorous and simplified 


models 


Ratio of Speeds 


Operation Initial Subsequent 


Bubble Point (4-component) 44 

Isothermal Flash (4-component) 11 

Distillation (4-component > 1000 
30-stages) 
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The ‘subsequent’ values are the minimum ratios ob- 
tained on most iterations, occasional iterations exceeded 
these ratios. The ratios tend to be higher in the dual-level 
case (when the step-lengths between rigorous evaluations 
are larger) than for conventional computations. It would 
be possible to reduce rigorous run times for dual-level 
flowsheeting by back parameters 
simplified models to the rigorous models 


feeding 


eters could be used to estimate changes in 
Stage compositions, flowrates and temps 
occur between rigorous evaluations 

Results reported in the next sect 
greater time ratios for complete flow 
likely that there is some system overhead 
not been able to separate from the unit oy 
which whilst negligible for large proble 
apparent time ratio for smaller problems 
Table | should thus be looked upon as 

It should also be emphasized that the Zudk 


r and si 


data generator is one of the faste 
property routines current 
complex physical 


provement in 


prop *Tty 


speed 
simplified models wo 


Throughout this 


dard library of ‘rig 
ESIS’ package as 

benefits of dual raw va 
conclusions, it is necessary to establish that "GENESI 


is an exacting yardstick and that run times could not be 


¥ valid 


dramatically improved 
rigorous routines. A goo 
unit operation st 
property calls mi 
element of flowsheet 
physical properties. If 
calls is minimized so 
the efficiency of 
physical propert 
tillation model 

calls after the initi 
evaluations were 
number corresponds t 
bottom, and feed 
rigorous distillatiot 
SIS’ distillation 
ultimate refinem 


most exacting 


RUN TIMES FOR DUAL-LEVEI 


FLOWSHEETING 
Figure 4 shows computer run 
recycle process plotted against 
model 
presented for a reduction in residuals o 


evaluations per re- 


from the residuals at the initial point 
With very infrequent rigorous mode 
is clearly not possible 
rigorous evaluation exactly achieve 
tion. To obtain exactly comparable 
the time required for a factor of 
interpolated from Residual vs Time graphs, s 
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perimentai pc 


evil y 








shown in Figure 5, for n = 24. As well as providing the 
nt 


convergence time required for Figure 4, Figure 5 also 
demonstrates that for a dual-level system the major 
reduction in residuals is achieved by the simplified 
models and the major time is taken by the rigorous 
models 

Figure 4 also shows the upper bound time computed 
from equation (14) 


The graph shows that, near the 
optimum ‘n’, actua! run times are quire close to upper 


bound times. For n = 24, the run-time is significantly 
below the upper bound. Two factors account for this 
observation. First, for intermediate values of r° (in this 
case 9.3) the bounding formula is very conservative 
Secondly, in this example, the run-times of the rigorous 
routines varied somewhat from run to run, and the time 
for evaluation every 24 iterations was significantly below 


the average 


computation 


Had the dual-level package been developed for routine 
use, initial estimates for the rigorous models would have 
been provided by the simplified models. In this way, *T” 
would be reduced and made more nearly constant from 
run to run. Overall run times would thus be further 
reduced and it would be expected that the ‘experimental’ 
points would have fallen more consistently just below 
the computed upper bounds. 


COMPARISON OF X-NORMS 
AND Y-NORMS 
For a number of different flowsheets, estimates of ‘r’ 
and ‘s’ computed by norms evaluated in the x-space and 
the y-space were compared. Thus ‘r’ computed by 


r \ Xa Wai/ |X Xa lla 


was compared with 


} = \ 4 


There was found to be no significant difference 
The corresponding s, comparison was 


X xX ¥ X 


BUR ‘BIR 


and 


, k ’ 6 


Again no significant differences were found 

There is no a-priori reason to prefer one norm to the 
other and the comparisons confirm that no significant 
differences are likely to result from using the more 
readily computed y-norms 

The upper and lower-bound estimates of ‘s’ were 
compared with directly computed values. The method 
employed is explained by reference to Figure |. First a 
‘conventional’ dual-level run was made following the 
convergence path F,, F,, / F B. A series of runs 
were then made. The first started at F, and used only 
simplified model 0, which led to point A,. The second 
started from F,, used model | and progressed to point 
4,, and so on for the third and subsequent runs. Having 


established points A), A,, A B, direct estimates of 


s=||A B J B 


were made for each rigorous evaluation point. These 
values were compared with the corresponding values of 
s, and s,. For r° <1, the agreement between the three 
values was close and ‘s’ was nearly always bounded by 
s, and s,. For intermediate values of r", the agreement 
was less good, as illustrated in Table 2 where r” is 
approximately 0.3 

[t is noted that 

(a) ‘s’ remains reasonably constant from iteration to 
iteration, as anticipated in the theoretical treatment. 


imates ol 


Iteration 


Number 


0.29? 0.0206 
0.0853 0.00466 0.00346 
0.0249 0.00127 0.00221 
0.00728 0.000375 0.00269 
0.00211 0.000294 0.00313 


0.0109 
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(b) ‘s’ is not always bounded by s, and s,. This result 
is not unexpected because we are using empirical norms 
and the models are far from linear 
far outside the bounds 

(c) At the beginning of the iteration, the actual ‘s’ is 
significantly better than that predicted by the bounds 
This result is typical of a number of similar comparisons 
We believe that the attention that we have paid to the 
good “asymptotic” behaviour of the models results in a 
much better performance when extrapolated over a wide 
range than would be expected from their ‘local’ behav- 
iour upon which values of s, and s, were calculated. As 
iteration proceeds the range of extrapolation becomes 


It is, however, never 


less and the computed values become more consistent 
The erratic behaviour nearer to the convergence point 
may be due to numerical effects 

(d) The lower bound gives an order of magnitude 
estimate of ‘s’ 

Over a series of runs, all values of 
in the range 0.002 to 0.1 


calculated fell 


EFFECT OF ERRORS IN 
ESTIMATES OF ‘S’ ON 
COMPUTER RUN TIME 
Reference to Figure 3 shows that an order of mag 
nitude estimate of ‘s’ is sufficient to estimate the optimal 
‘n’ fairly closely. Furthermore, reference to Figure 
shows that the ‘6’ vs ‘n’ graph is very flat in the region 
of optimal ‘n’, particularly for ‘n’ greater than optimal 
Use of the lower bound estimate for ‘s’ 
cases underestimates ‘s’ 


(which in most 
and hence results in an over- 
estimate of ‘n’) thus achieves run times within 
or so of the minimum possible. Since the duai-level 
method results in an order-of-magnitude reduction in 
run time, the small penalty paid for inaccurate estimates 
of ‘s’ is relatively unimportant. Tabie 3 gives numerical 
examples supporting these conclusions for both slowly 
and rapidly convergent flowsheets 


a percent 


DISCUSSION 
We briefly 
flowsheeting that have not been considered in detail in 
this paper. We consider a termination criterion when the 
simplified model is capable of achieving convergence 
within the cycle of ‘n’ evaluations. We compare our 
analysis with that of Barrett and Walsh 
super-linear convergence and the application of the 
dual-level system to equation-based systems and to 
‘design-mode’ calculations 


discuss hive aspects ol dual-level 


W e discuss 


T (seconds) 

t (seconds) 

K 

r 

.) | 0.0] 
€ (% initial error) 0.0001 
] (single-level, Secs) ] 6 

6... (dual-ievel, secs) 
| we 


s (erroneous estimate) 0.0001 


n (based on ‘wrong’ s) 4 


6 (using ‘wrong’ n 


secs) 
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Ret 1S€ d 


plied that convergen 


convergence 
tested when the 
model is re-computed 
completed even whe 
achieved Clearly. in 
equation (9) can be used t 
to meet the overall conv 
treated in reference 
Consequence 
ysis. The implicat 
Barrett < 
of the simplified n 
difference may be 
We assume a ‘fir 
{ B 
(probably) the near 
this basis our reaso1 
t because 
because 


progress 


may be quite wort! 
monitors the dive 

models when the divergen 
1 to B (ie that re 


aqistance @ 
the magnitude 


proximate mode 
significant whateve 
Supe r-Lirle 
convergence alg 
is that they 
jacobian (or 


wons peing 


convergence 


cycle Thus 
cycle IS gr,, alte 
this case, in ps 
Irom iteration t 
since ‘r’ reduces at 
model switch 
higher value 
run-time monit 
Whatever 


Note that, the sim] 
that, during the ear! 
jacobian built up will 
the rigorous model than 
matrix (typically a un 
Refitting wil 
rigorous model 


to ) 


iZauon) 


rigorous 


nr “a at ; 
piined iterat 
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Equation-based systems. Current equation-based 
flowsheeting systems represent the whole process by a set 
of linear equations which are refitted when they are 
solved. This cycle is repeated until convergence has been 
achieved. An example of such a system 1s "QUASILIN’”’. 

The dual-level method is clearly equally applicable to 
an equation-based system. The relinearization can be 
made against the simplified, rather than the rigorous, 
models. There is the further benefit that a much smaller 
set of linear equations is set up and solved. Equation 
based systems are normally superlinear (or quadratic), 
depending on how the linearization is performed. In- 
deed, the inverse jacobian of the ‘unit subroutine’ based 
systems constitutes a very compact linearization of the 
system. Viewed in this way, there is no sharp distinction 
between the more advanced unit-subroutine systems and 
the equation-based systems. In both cases, the benefit of 
the dual-level approach is greatest in the early stages of 
the computation when any linear representation of the 
system may be so poor that only slow progress can be 
made to the solution 

Design mode 
an initial estimate of the relevant jacobian or inverse 
jacobian matrices when in mode have been 
established by Perkins 

For ‘simulation’ mode, balance applies 
across each unit so that any perturbation in inlet flows 
produces an outlet perturbation less than or equal to the 
inlet. When this behaviour is traced around all units, it 


calculations. The benefits of obtaining 


‘design’ 


material 


indicates that simple resubstitution should lead to con- 
vergence (albeit slowly). In these circumstances it is 
sufficient to initialize a super-linear convergence pro- 
cedure matrix estimate of the inverse 
jacobian. For ‘design’ mode, where it may be necessary 
to make large adjustments to inlet flows or to design 
parameters to meet small changes in_ outlet 
specifications, this unit matrix initialization is frequently) 
inappropriate 


It has been found, however, that it is not necessary to 
estimate the matrix accurately. For example, the forward 
difference procedure is adequate. The errors inherent in 
this procedure are as great as the errors incurred by 


The dual- 
level method is thus particularly valuable in this case in 
that the simplified models can be used exclusively for 
performing the perturbations needed to establish an 
adequate initial estimate of the inverse jacobian. This 
approach circumvents the problem, identified by some 
previous authors, that the computational effort neces- 
Sary to set up this initial estimate can match, or even 
exceed, the time necessary to achieve an acceptable 
solution using a very poor initial estimate 


using simplified rather than rigorous models 


CONCLUSIONS 

(i) Dual-level flowsheeting has the potential to reduce 
dramatically computational run-times for flowsheeting. 

(ii) A run-time procedure has been developed that 
estimates all parameters necessary to optimize the num- 
ber of simplified model calculations per rigorous model 
calculation. Only one of these parameters is poorly- 
estimated, namely ‘s’ the measure of model quality. It 
has beer shown that underestimated values of ‘s’ will be 
adequate because even order-of-magnitude errors will 
only cost a percent or so in run-times. 

(iii) Particularly beneficial use of dual-level techniques 
is seen for ‘design-mode’ calculation, as well as for 
flexibility and optimization studies (for which the 
method was originally developed). 

(iv) Although the analysis has only been performed in 
detail for linear convergence, it is apparent that the 
method is also applicable to super-linear convergence 
procedures and to equation based systems. 
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SIMULTANEOUS SOLUTION AND OPTIMIZATION 
OF PROCESS FLOWSHEETS WITH DIFFERENTIAL 
EQUATION MODELS 
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urgh, USA 


Sequential modular flowsheeting has found wide use in the process industries. This strategy allows for the accurate description 
of very complex unit operations modelled by algebraic equations. Recently, several investigators have proposed efficient 
strategies for optimizing processes modelled by sequential modular simulators. By embedding the recycle or tear equations 
into the optimization problem and applying an infeasible path solution strategy, convergence to the optimum and solution of 
the tear equations occur simultaneously. 

However, many detailed unit models are best described by ordinary (or even partial) differential equations. Usually thes« 
models are optimized by variational methods, which can require repeated solution of the model and adjoint equations. For this 
reason, variational procedures can be expensive and are usually restricted to small ODE models with simple side conditions 
Almost exclusively for simulation, reactors and other units are represented by much simpler models that are generally insensitive 
to changes in inlet conditions. Needless to say, these simpler models cannot reflect the influence of the reactor well in an 
optimization study. 

In this paper we extend the infeasible path approach mentioned above to deal with the optimization of flowsheets with 
differential equation-based models. Here we approximate the ODE model by orthogonal collocation and formulate a nonlinear 
program that consists of the collocation and tear equations. A process example is presented which compares this approach 
to an integrated formulation containing a “black box” reactor module. The results indicate that the collocation formulation 
requires far fewer function calculations without significant loss of accuracy. Moreover, the collocation formulation easily allows 
the imposition of state variable constraints and optimization with respect to spatial (i.e. control) profiles 


INTRODUCTION 


Simultaneous optimization and simulation of steady 
State processes, using an infeasible path approach with 
a sequential modular simulator, has been demonstrated 
to be both effective and efficient. In this method 


Most sequential modu 
process units that are descril 
models. In real processes 
process unils described by 
tions (such as reactors and 


r 


flowsheet tear sireams are included in the optimization be too complex 


problem as additional variables, and tear equations 
which involve flowrates, enthalpy, and pressure are 
written as equality constraints. Thus, when solved, the 
optimization problem guarantees a converged, feasible 
simulation. To form this problem we write 


Min @(x) 


5.4. 


where 
=an objective function 
design constraints 
tear constraints 
decision variables and tear variables 
tear variable subvector of a 
vy (x) = calculated tear variables 


Here both the normal decision variables and the guessed 
tears are calcuiated by the nonlinear programming 
algorithm. This approach avoids the requirement of 
having the process simulator converge the tear streams, 
h(x) = 0, once the remaining decision variables are fixed 
by the optimizer. Instead both the tear equations and the 
optimization problem are converged simultaneously. 


sequential modular et 

based on split Iract 

substituted 

is that the rigorous reactor model hi 
4 number 


have dealt with this problem by 


flowsheet optimization 


equations each time 
Me ST 


methods. however! 


evaluated 


converge the recycle equations, / (2 


and relied on 


inefhicient direct 
schemes. Integrating the rate 
remains a conceptually valid aj 
very time consuming, especially if a1 
is needed and/or the model requires phy 
caiculations. On_ the her hand 
differential-algebraic optimization prol 
solved easily with current variation 
the algebraic tear equations and design 
the flowsheet present difficulties 
cedure 

An alternative approach to solving 
to approximate the differential equatior 
polynomial basis functions. To do thi 
nal collocation at the roots of Chebyshev 
and write the resulting set of collocatior 
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equations as equality constraints in the optimization 
problem. In the remainder of this paper we discuss more 
fully the conceptual aspects of applying orthogonal 
collocation to optimize differential-algebraic process 
models and outline the advantages of this procedure. 
Also, we compare on a small flowsheet optimization 
problem the collocation formulation to one where we 
repeatedly integrate the rate equations. Finally, a dis- 
cussion is presented of the performance of these methods 
as well as some future problems to be addressed 


METHOD DEVELOPMENT 


The optimization problem containing a unit modelled 


by ordinary differential equations requires solution of 


the additional set of equations 
2(t) =f (x,z,t) 2(t%) =z 


where z represents the model’s state variables and 
f (x, z, t) represent the modelling expressions which usu- 
ally depend on the decision variables. For a tubular 
reactor these equations would be the differential mass 
and energy balances determined from reaction kinetics. 
In this case, ¢, represents length along the reactor, while 
the state variables, z, could be conversion for each 
reaction and temperature. Flowrates and enthalpy can 
be determined from these quantities. Note that calcu- 
lation of enthalpy, density, phase equilibrium and other 
properties along the reactor will in general be made 
through physical property calls to the process simulator 

We can approximate the solution of this model (over 
a normalized length, 0<1<1) at N +1 collocation 
points, where the N interior points correspond to the 
shifted roots of an Nth degree Chebyshev polynomial*. 
Having the AN interior points and adding the points ¢, = 0 
and ty,,=1, we can uniquely specify any (N + 1)th 
degree polynomial, given that we have suitable weighting 
coefficients. Here, Lagrange interpolation polynomials 
of the form 


[;) 


A pide 
(y= >) 2u(t) v(t)= T] 
aol (f 


[;) 


are the most convenient to use because the coefficients 

now become decision variables in the optimization 
problem. The advantage of this form is that the z,’s 
correspond directly to the vaiues of the state variables at 
the point /; in the reactor, since w;(t,) = 1. Consequently, 
constraints on state variable trajectories are easily for- 
mulated by writing corresponding constraints on the 
coefficients z,. Similarly, optimization of control profiles 
is effected simply by writing these profiles as Lagrange 
poiynomials and optimizing with respect to the poly- 
nomial coefficients. 

Substituting the approximation into the above mod- 
elling equations yields the collocation or residual equa- 
tions 

r(tijy= > 20,(t) 


F{x, Zt) =Q N+] 


with 
Zit,)/=2Z 


Note that f% is not included as a collocation point 


because z (f,) is specified by the initial conditions. On the 
other hand, the endpoint, t,,, = |, is used as a collo- 
cation point to make computation easier. Doing so 
eliminates the need to extrapolate for the endpoint 
values, and also any gradients which have a functional 
dependence on the outlet conditions depend only on the 
coefficient z, , , and not on all of the interior coefficients. 
By writing residuals this way, N + | equality constraints 
are added to the optimization problem for each mod- 
elling equation. Since, with increasing collocation order, 
the number of residual equations may lead to large 
optimization problems, some form of equation decom- 
position may be necessary to increase efficiency. More 
will be said about this in the Conclusions section. 


Application to Flowsheets 

Consider Figure 1. Here we are interested in opti- 
mizing a flowsheet which produces allyl chloride from a 
propylene and chlorine feed. A detailed discussion of this 
design is deferred to the Example Problem section. Here 
the reactor feed has been chosen as the tear stream and 
a detailed ODE model is used for the reactor. Applying 
the collocation procedure outlined above to this ODE 
model, and appending the residual equations to the 
optimization problem leads to: 


Min @ (x, z,) 


s.t. g(x) <0 
c(x)=0 


Flowsheet Design Constraints 


Tear Constraints 


Reactor Model 


(x)=U 


¥ z3¥,(t) —S (x, 2, 4) =0 


N+] 


Pix, 2.)S 
A(X, Z;)=U 


Reactor Design Constraints 


This formulation is sufficiently general to include para- 
metric and profile optimization of the reactor with 
equality and inequality constraints on both state and 
control variables. If these problems were to be solved 
with an integration method, some type of variational 
formulation would be required. Furthermore, by writing 
the reactor equations outside the simulation environ- 
ment and by tearing before the reactor we gain two 
advantages. First a special user-supplied reactor sub- 
routine that interfaces with the process simulator, is not 
needed. Secondly, constraint gradients are easily calcu- 
lated. These are evaluated by chainruling the Jacobians 
of each unit throughout the flowsheet (see Ref. 4 for 
details). For example, in Figure | the gradient of A with 
respect to tear variable flowrates is found by tracing 
forward from the reactor to the heater. 
Ne 
a. = 1 — SRI pI Jp JvI udu 

where J, is the Jacobian of unit k (dy*,,/Oy*) and Jp is 
the reactor Jacobian. Note that J, is considerably sim- 
pler here, compared to the Jacobian of an integrated 
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formulation, which depends on integrated sensitivity 
equations. Since the reactor output is given only by the 
residual equation at t,,,=1, the reactor Jacobian is 
expressed only in terms of the inlet flowrate and the 
conversion (gy.,) at fy 1. With parallel reaction 
mechanisms, for example, the reactor Jacobian can be 
written as: 


Jn =1+ SO 


where S$ is an NCP x NR mairix of stoichiometric 
coefficients for NR reactions and NCP components, and 
Q is an NR x NCP matrix with elements, Q,, consisting 
of gx. , for reaction i for its limiting reaction component 
j. Derivatives for pressure and enthalpy can be calcu- 
lated in a similar manner using only the residua! equa- 
tions at ,,,= 1. 

In calculating the gradient of the residuals, selecting 
the reactor feed as the tear stream becomes an important 
consideration. Here the matrix Vr (t,) can be quite large, 
if both N and the number of modelling equations are 
large. If the tear stream appeared elsewhere in the 
flowsheet, calculation of the gradients ¢@r/éx would 
require premultiplication of the unit Jacobians after the 
tear stream and before the reactor. If, for example, we 
tore before the mixer, Or (t,)/Cx, would have to include 
JyJy. Thus, tearing the reactor feed eliminates this need 


for matrix pre-multiplication. On the other hand, if 


tearing the reactor feed leads to more than the minimum 
number of tear streams the size of the optimization 
problem increases. Here, it may be more efficient to tear 


Chem Eng Res Des, Vol. 64, September 1986 


C.E.R.D. 64/5—B 


elsewhere, if possiD 
multiplications 
In the next section the ropyiene 


in Figure | will be optir 


yf 


nized using 
The solution will be compared to the 
where the reactor equations al 
integrator. In the integration 

} nal 


constraints obviously do not appear so t 


problem is smaller. However, calculating t 


tion gradients now becomes more 


v lll 


relationship depends 


reactor input/outpul 
T 
i 


solution 


let t > ‘YT lsant 
O CdiCUlale the PIAQGICHis al 
reactor model must be augmented wit! 


sensitivity equations 


where x denotes both the tear variables, 
variables which appear before the reacto 
module now exists as a black box with the modelling and 


ndard ODI 


). Optimization in both cases 


sensitivity equations integrated with a sta 
solver (we chose LSODI 
was performed using the modified Successive Quadratic 


Programming (SQP) algorithm presented in Ref. 5 


EXAMPLE PROBLEM 
Figure | presents a simplified version of a process that 
produces allyl chloride from a 4:1 propylene to chlorine 
feed. Here the propylene and chlorine feeds are mixed 
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with a recycle stream containing chlorine, propylene, 
allyl chloride, and hydrogen chloride. The combined 
Stream is first heated and then fed to a tubular reactor 
where the reaction 


Cl, + CH, = CHCH, ~ CH, = CHCH,ClI + HCI 
takes place according to the rate expression: 


R, 


Here the rate is expressed in moles of chlorine reacting 
per time-reactor volume. It is given in terms of the 
partial pressure of chlorine and propylene with a total 
reactor pressure of 0.201 mPa. Details of this reaction 
can be found in Smith’. Other side reactions were 
ignored at this point and the reactor was modeiled 
assuming plug flow. The reactor effluent is now fed to a 
simplified (i.e. two component) isothermal flash module. 
Formulating the separation in this way removed the 
need to converge a multicomponent flash calculation 
and led to an analytic expression for the flash Jacobian. 
Following the flash the overhead vapor stream passes 
through a counter current gas—liquid absorption tower. 
Here water enters the top at 359.4K and leaves as 
boiling 32 wt% HCl. The absorber removes 99.9% of the 
HC! along with 0.1% of the Cl,, 0.1% of the C,H,, and 


0.3% of the allyl chloride’. A dryer next removes any 


water vapor and a vent acts to eliminate any build-up of 


impurities in the recycle loop 

Except for the variables and equality constraints 
added by the collocation formulation, the optimization 
problem has four decision variables: reactor inlet tem- 
perature and length, flash temperature, vent fraction; 
and the four tear variables. Here the only constraints are 
the tear equations and bounds on the decisions. The 


objective function, as shown in Figure 1, is made up of 
terms involving the allyl chloride production rate, the 
heat loss from the reactor, the reactor length, and the 
fiash cooling duty. Each term was weighted with a cost 


coefficient so that the allyl chloride production rate was 
the dominant term. This formulation kept the problem 
simple enough so that it could be solved with modest 
computational effort and so that all gradients could be 
expressed analytically With more complicated 
flowsheeting problems, perturbation is almost always 
necessary for gradient calculation. Finally, when solving 
this problem with the integration formulation the neces- 
Sary sensitivity equations for the reactor Jacobian are 
given in terms of the partial derivatives of the reactor 
conversion and temperature with respect to incoming 
temperature and flowrates. 


Table 1 presents a summary of the results for four 
cases. The 4th column lists the results from the integra- 
tion formulation while the remaining columns are for 
collocation formulations. Notice first that the optimum 
point for the integration and 5 point and 10 point 
collocation problems are almost identical. Their optimal 
objective function values, however, differ slightly due to 
the integral term in the objective function, which was 
approximated by Gaussian quadrature when collocation 
was used. The optimal reactor profiles for the integration 
and collocation formulations are given in Figures 2 and 
3. A numerical comparison of the solution profiles 
showed that the integration and collocation profiles 
differ by less than 10°* in conversion and less than 
0.01 K in temperature. 

Although computer times for the 5 point and inte- 
comparable, the most important 
difference between these two runs is in the number of 
function calls. This represents the number of calls made 
to a subroutine which evaluates the right hand sides of 
the modelling equations. We see that the integration 
method requires approximately 30 times the number of 
calls that the 5 point collocation formulation requires. 
This represents about 4.4 calls per integration step (50 
steps were required for the integration) versus 6 calls per 
iteration points). If thermo- 
dynamic properties are required for function evalu- 
ations, and if the reactor is the most significant unit in 
this respect then the number of these evaluations is the 
dominant factor in evaluating computational effort. 
Therefore, for this problem, the collocation method is 
clearly superior. Even with ten interior collocation 
points the number of function calls is a meager 1/12 of 
the integrated solution 


grated cases are 


(N+1=6 collocation 


Table | also includes the solution to a variation of the 
5 point problem. Here the state variable constaint, 
T(t) < 638.89 K was added. This was easily done in the 
collocation formulation by changing the upper bound of 
the temperature variable coefficients. Addition of this 
constraint resulted in a higher recycle rate (due to lower 
conversion in the reactor), a lower vent fraction, a higher 
flash temperature and a lower allyl chloride production 
rate. Optimal reactor profiles for this case are also 
presented in Figures 2 and 3. This case also yielded a 
worsened objective function value, —607.06, as ex- 
pected. The important point here is that this state 
variable constraint adds no significant computational 
difficulties or expense. If this problem were solved by 
integration using an optimal control strategy, it would 
not only be more difficult to formulate but also would 
require significantly more computational effort 


Table |. Problem results 


Lowe! 
bound 


Upper Starting 


Variables bound point 


TAK) 


Lim) 
T.(K) 


SRR RO 527.78 


@ (>/sec) 
# In Calls 
iterations 


CPU time (sec) 


*State variable constrairts imposed 


Integration 5 pt. coll 5 10 pt 


formulation 


coll 


formulatior ormulation formulation 


SRR RO SRR RO SRR RO SRR RO 


30.48 40.48 30.48 30.48 


286.69 286.79 279.87 286.69 


0.50 0.50 0.3990 0.50 


721.11 721.10 607.06 721.11 


zi 


4863 162 180 396 


22 30) 


32 51 33.45 
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Figure 3. Temperature vs. t.—integration and 5 pt. and 10 pt. collocation formulations 


Chem Eng Res Des, Vol. 64, September 1986 





CUTHRELL 


CONCLUSIONS 

From the example presented above it is apparent that 
the collocation formulation, with infeasible path opti- 
mization can offer several advantages for differential- 
algebraic systems. First, if the simulator has the capabil- 
ity for simultaneous optimization and simulation, the 
rigorous reaction module is easy to incorporate since it 
is written as a set of equality constraints in the opti- 
mization problem. No user-supplied subroutine is re- 
quired. Here the tradeoff is between developing and 
discretizing the model and writing the residual con- 
straints and quadrature expressions versus developing 
the model and interfacing it to the simulator. 

Secondly, the collocation solution requires far fewer 
function calls, and hence far fewer thermodynamic prop- 
erty evaluations than the integration formulation. For 
our example, 30 times fewer calls are required without 
significant loss of accuracy. For this example, the 
tradeoff is really between the work required for integra- 
tion versus the solution of a larger optimization prob- 
lem. In practice however, for design problems where 
ODE models require the greatest amount of physical 
property calculations, the number of function calls 
would be the dominant factor in evaluating com- 
putational effort. 

Moreover, as seen in the 5 point, state variable 
constraint problem, the collocation formulation allows 
for the specification of much more general optimization 
problems. Here state equality and inequality constraints 
can be imposed by simply writing constraints on the 
corresponding polynomial coefficients. Also, as shown in 
Ref. 3, optimization with respect to continuous profiles 
is also straightforward. Using a variational approach for 
such problems, on the other hand, can lead to formu- 
lations that are very difficult and expensive to solve. 

Future research questions that need to be addressed 
elate to the accuracy of the approximation for general 
problems and decomposition strategies for handling 
potentially large optimization problems. For stiff ODE 
systems, global collocation as applied here, may not 
yield an accurate approximation to the ODE solution. 
Instead, collocation on finite elements can be used 
successfully’ if the elements are placed appropriately. 
For stiff problems this approach needs to be extended to 
optimization as well, with criteria embedded in the 


optimization formulation for controlling placement of 


the elements. Finally, as mentioned above, optimization 
problems can become large with increasing collocation 
order. To solve these problems efficiently, the collocation 
equations need to be decomposed before solving the 
quadratic program. Successful decomposition strategies 
have been developed for simply solving the residual 
equations’'’. These also need to be extended to opti- 
mization problems. 
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NOMENCLATURE 
economic objective function 
Lagrange basis functions 
flowsheet design equality constraints 
reactor design equality constraints 
reactor modelling equations 
vent fraction 
flowsheet design inequality constraints 
reactor design inequality constraints 
flowsheet tear constraints 
reactor length 
collocation residual equations 
reactor inlet temperature 
flash temperature 
decision and tear variables 
tear variabie subvector of x 
decision variables preceding reactor and tear variables 
calculated tear variables 
reactor state variables 
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STRUCTURAL OPERABILITY ANALYSIS 
OF HEAT EXCHANGER 
NETWORKS 


By J. CALANDRANIS AND G. STEPHANOPOULOS 


Department of Chemical Engineering, Massachusetts Institut Technology, U.S.A 


A designer-driven interactive approach has been developed for the operability analysis of heat exchanger networks. The method 
is based on a modified fermulation of the problem that takes into account the underlying process structure for the streams 
of a network, thus reducing the dimensionality of the problem. It explores the characteristics of the two nonconvexity generating 
mechanisms, and provides a series of analytic rules for their efficient handling. The computer implementation of the developed 
operability analysis uses object-oriented concepts, derived within artificial intelligence, and allows for a transparent, 
graphics-based interaction with the designer. A series of examples demonstrates the various aspects of the proposed 


methodology. 


INTRODUCTION 
The rising cost of energy sources during the past 15 years 
has served as a driving force for the design of highly 
integrated chemical processes. Heat Exchanger Net- 
works (HENs) have been one of the central subjects in 
the field as they offer a large potential for energy savings 


while they are characterized by a reasonable degree of 


complexity. Many HEN synthesis techniques have been 


proposed'*’*°* since the problem was first formally 


defined back in 1969. The recognition of the pinch 


concept and its consequences, along with the obser- 
vation that cost optimal designs are likely to feature 
Maximum Energy Recovery (MER) and minimum num- 
er of units, have led to many successful pinch-based 
synthesis techniques. 

All of these techniques generate networks that are 
designed to operate with fixed values of stream flowrates 
and supply/target temperatures. However, in an indus- 
trial environment, parameter variations are inevitable 
for reasons that are dictated by changes in the operating 
and economic environments of a process. Thus, the new 
generation of synthesis techniques (in HEN as well as in 
any other process design activity) should, in addition, 


cope with the problem of operability; i.e. the ability of 


a network to adapt to parameter changes from nominal 
values, and remain feasible and as efficient as possible 
when these parameters assume any value within a 
prespecified range''. Marselle et al.'® reported that tradi- 
tional HEN synthesis techniques not only may fail to 
produce networks operating efficiently away from their 
nominal design conditions, but also may yield networks 
which are rendered inoperable altogether when some 
parameters are allowed to vary. It was apparent that new 
synthesis techniques, based on our knowledge about 
HENs and incorporating operability considerations, 
were required. 

Saboo and Morari’’ suggested such a technique based 
on their principal analytical result, the Corner Point 
theorem, stating that: “if a network allows MER with- 
out violating A7,,,, at the M corner points of inlet 


temperature variations, then the design 
where.” 


; resilient any- 
Their method is capable of handling a restricted 
class of problems, namely those which involve small 
enough inlet temperature variations such that the pinch 
determining stream does not change. Unfortunately, 
many practical applications do not belong to this class 
of problems. The work of Saboo and Morari’*, although 
addressing a restricted class of problems, is built in the 


right direction since it takes full advantage of the 


network’s properties and utilizes all the insight gained 
from the analysis of the data. The restriction of the 
method’s applicability to certain types of problems has 
also identified what additional new analytical results are 
needed to allow the treatment of flowrate changes and 
of networks with varying pinch determining stream; or, 
in short, with ‘pinch jumps’ 

Subsequent analytical work attempts to evaluate the 
ability of a network to absorb upsets in its operating 
conditions and therefore offer a proper ‘measure’ of its 
feasible region. One such measure developed was the 
Resiliency Index’’ (RI), representing the largest random 
disturbance that can be handled by the network. The RI 
is applicable again to the same restricted class of prob 
lems mentioned above and could be very conservative 
However, due to its remarkable simplicity in caiculation 
it could be used as a first screen in design mode, or even 
as a design guideline’. Another measure of operability 
is the Flexibility Index (FI) developed by Swaney and 
Grossmann” which addresses a much wider family of 
applications, limited only by 
convexities of the feasible region 


design possible non- 
The FI represents the 
size of the independently varied parameter range and as 
such is more realistic. However, its computation is more 
intensive and grows exponentially with the 
varying parameters. Finally, Saboo” in 
covered the operability of networks with pinch jumps in 


1umber of 


his thesis has 


the presence of temperature variations and with flowrate 
variations. The basic idea has been to separate the 
problem into feasibility and flexibility subprobdlems. The 
mathematical formulation of each one, as well as the 
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algorithms for the solution of these subproblems, are 
also included in the above work'®, but are limited to 
special problem cases. The rather numerical and algo- 
rithmic nature of this work has not provided new 
insights. 

At this point it should be mentioned that in all 
aforementioned works the network’s structure has not 
been explicitly utilized. Also, none of the network’s 
properties has been associated with the presence or 
absence of any particular structural units. Instead, all 
analyses have been based on the HEN constraint equa- 
tion set. Furthermore, the operability problem in HENs 
has been, so far, examined in complete isolation from the 
general processing environment and, for that matter, 
leaving a lot of space of unrealistic assumptions. It is the 
goal of the present work to reframe the HEN operability 
problem and view it through a different perspective that 
will provide the designer more flexibility in evaluating 
the economic tradeoffs and review his/her operability 
specifications in the light of the analysis’ results. This 
broader view of the problem is based on the fact that in 
almost all practical applications, the number of deliber- 
ately independently varied parameters is very small and 
the rest of the parameter variations follow in a totally 
correlated manner. This is a consequence of the fact that 
streams are usually elements of a highly coordinated 
entity; the chemical processing plant. 

The present analysis, being more structurally oriented, 
simulates the parameter variations (stream temperatures 
and flowrates) as disturbances entering the network in 
the form of heat loads and looks for existing paths that 
will allocate these disturbances properly to natural sinks 
(heaters or coolers). The systematic methodology devel- 
oped here reveals the structural weaknesses of the net- 
work (which constitute the operability bottlenecks) and 
overtly dictates promising retrofit action. Modifications 
suggested by the analysis’ results can be far from trivial, 
particularly in complex designs. 

Three ancillary problems had to be tackled and solved 
before the analysis could be carried out. First, a system- 
atic procedure for grouping the network’s interrelated 
stream parameters was required. Then a deeper under- 
standing of nonconvexity was needed, especially as it 
relates to network structure. Lastly, an algorithm was 
required that could predict whether or not the pinch 
defining stream remains the same throughout the space 
of parameter variations and if it does not, what the 
different pinch regions are. All of the above problems 
will be discussed in detail in subsequent paragraphs. 

A computer program written in ZETALISP and using 
a tailor-made graphic interface on a SYMBOLICS 3640, 
implements the interactive operability analysis in a very 
transparent manner. Both symbolic (qualitative) and 
numerical (quantitative) components of the operability 
analysis can be handled rather smoothly with high-level 
intelligent interaction between the designer and the 
computer 


OPERABILITY ANALYSIS 
Two Alternative Approaches 


if one wishes to perform an operability analysis on a 
given HEN, two fundamentally different ways are avail- 


able. The first is to try to find the full operational 
flexibility of the network and associate it with some 
measure which by definition is assumed to be the 
evaluation index of the network’s flexibility. The alterna- 
tive way to perform the analysis is to first decide upon 
the range of operating parameters that is of interest and 
then check whether the network is operable within the 
desired space of parameter variations. Also determine 
what factors limit the realization of the desired oper- 
ational range. 

It should be clear that the first approach, at least 
conceptually, is more difficult than the second one. 
Indeed it has been proven by previous works that there 
is some ambiguity as to what is a proper measure to 
represent the network’s operability characteristics. 
Moreover, selecting a single number to reflect the net- 
work’s flexibility is bound to involve a tremendous 
amount of information suppression about many and 
otherwise interesting characteristics of the network. This 
kind of ‘quick and simple’ measure of operability might 
be satisfactory for a preliminary screening of alternatives 
in a design mode. However, it is certainly weak for 
retrofit studies. In this case the designer needs to have all 
the information he or she can get about the network. In 
particular, one is interested in knowing what the relevant 
structural weaknesses of the network are, if any, which 
prevent it from being operable throughout the desired 
region. Moreover, one has to find out the necessary 
modifications which will push the operability barriers 
further away, closer to the originally specified borders. 


Problem Formulation 


The second of the aforementioned alternatives will be 
followed here. Thus, the question is stated as follows: 


Given a HEN composed of hot streams with nom- 
inal heat capacity flowrates, w,;, and supply and 
target temperatures 7};, ft); (i = 1, 2, .N,), re- 
spectively, and cold streams at nominal heat capac- 
ity flowrates w. with supply and target tem- 
peratures T*, 7; Vj = 1,2, , N.), is the network 
operable when some of the above defining parame- 
ters are varied within a given range? If the answer 
is no, what are the structural characteristics of the 
network which are responsible for the limitation 
and what are the most appropriate 
modifications to remove this limitation? 


design 


Before we proceed any further we should make clear 
what exactly is meant by the term operability, within the 
context of the present work. Given an instance of the 
varying parameters (a point in the parameter space), a 
given HEN is announced operable if the steady state 
operation of all heat exchangers remains feasible, with- 
out violating the accepted minimum temperature 
difference, while the network maintains the same energy 
recovery characteristics as at its nominal state. 

Since the central operability question, as stated above, 
is just a yes or no answer, one could think that a mere 
check at all corner points of the parameter’s space would 
suffice to supply the answer. Unfortunately, there are 
two main reasons for which this simple checking may be 
problematic. Firstly, it could be much more cumbersome 
than it originally appears if the number of parameters 
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considered is large, since in that case, the number of 
corner points could be formidably large (exponential 
growth). Secondly, even if the number of corner points 
is manageable, a blind corner check may lead to er- 
roneous conclusions since it has been observed” that a 
network may be operable at the corner points but 
inoperable somewhere in the interior. Networks ex- 
hibiting this somewhat unexpected ‘discontinuous’ be- 
havior are generally known as nonconvex networks. The 
issue of nonconvexity will be addressed extensively in 
subsequent paragraphs. The mechanisms associated with 
it will be identified and the ensuing operability analysis 
will explicitly use these new insights 

As it will be shown in detail in the following section, 
increasing dimensionality is not much of a problem since 


in the majority of practical applications the number of 


parameters which are allowed to vary independently is 
very small. Worries about dimensionality in operability 
analysis have only persisted in the literature because 
operability considerations were always focussed on the 
HEN itself, isolated from its general process environ- 
ment. Nevertheless, in most cases there is an underlying 
stream structure which greatly reduces the number of 
possible independently varied stream parameters. Fur- 
thermore, it should not be forgotter that the parameters 
which are considered as being varied here, are only very 
low frequency, deliberate and persistent changes in key 
operating variables, leading to different process steady 
States 


CORRELATION AMONG NETWORK 
PARAMETERS 


In most currently available HEN analyses, a concern 
has been expressed about the increasing complexity 
involved due to the large number of possibly varying 
parameters. Indeed, if both temperature and flowrate 
changes are to be allowed, there are 3(N,, + N.) param- 
eters involved. However, what has been consistently 
overlooked is the fact that the streams composing a 
HEN are elements of a processing configuration. They 
are links between processing units which, in turn, oper- 
ate in an intertwined operational environment. As a 
result, any steady state operational upset in any one unit 
will most likely have a profound effect on the operating 
characteristics of others. Therefore, any external, origi- 
nal, deliberate disturbance propagates on all interrelated 
streams and causes what will hereafter be referred to as 
secondary disturbances 

As an example, one may consider the simple process 
shown in Figure la and its corresponding HEN shown 
in Figure 1b. If it is assumed that it is desired to raise 
the operating temperature of the flash drum, then the 
supply temperature of streams #4 and #5 will change 
by the same amount. Similarly, let us examine what will 
happen if the production of P| is desired to be doubled, 
while all other specifications (product concentration, 
etc.) are to be kept invariant. Since the column through- 
put will be doubled and all other operating conditions 
will remain as they are, the column feed should be 
doubled (stream #5). Repeating the same reasoning for 
the rest of the units, we conclude that all stream 
flowrates must be doubled. This is an extreme case where 
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an original disturbance has caused 
turbances on all streams participating 
We can take advantage of the distu 
tion network which lies underneath the 
streams in clusters such that all members o 
are interdependent, but uncorrelated w 
another cluster. Once the disturbance ne 
structed, a grouping algorithm based on gt 
like the one presented in Appendix A, ca 
ream parameters. It should 


this point that the disturbance propagatio 


cluster the st 


not coincide with the real processing 
thermal interactions. The algorithm 
Appendix A is, for simplicity, a case 
interactions are considered. Hence 
grouped based solely on their flowrate 
When the grouping is completed 


possible independently varied parameters is equa 


number of groups formed. In the special case where only 


flowrate variations are considered, this nun 
equal the number of external inputs (react 


etc.) plus the number of internal loops. O1 


hand, if we want to estimate the number of te 
that could be treated as original disturbance 
consider only ‘important’ temperatures, espe 
‘important’ temperatures that can be cl 

portant temperatures’ we mean those which ¢ 


ry 


c 


al 


t 


h } 
SHUVUIG 


lead tt 


system to a meaningful new steady state substantial 


different from the nominal one. For exam 
process shown in Figure la, the target 

stream #7 should not be in the list of o1 
turbances since its change will have little or 


ry 
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Figure 2. Disturbance load generation: (A) 7° increase (C1); (B) 7? decrease (C1); (C) T! increase (H1); (D) T! decrease (H1); (E) 


(C1); (F decrease (C1) 

on the operational profitability of the process. In con- 
trast, the supply temperatures of streams #4 and #5 
(which are interrelated) are key temperatures of the 
process since their impact on the separation section may 
be very significant. Furthermore, they can be changed by 
increasing/decreasing the heat load in the flash drum; 
hence they should be considered as candidates for 
original disturbances. Generally speaking, such im- 


portant temperatures are (a) the supply temperatures of 


streams exiting a separation unit which involves a 
thermal interaction of some sort, and (b) the target 
temperatures of streams entering a reactor 


DISTURBANCE LOAD 
GENERATION 

Since both temperature and flowrate variations are 
going to be considered, a unified treatment of both 
disturbances is pursued. Thus, it was decided that both 
the above parameter variations should be properly rep- 
resented as load disturbances. The generation of dis- 
turbance loads (i.e., notional heaters or coolers) is 
demonstrated in Figure 2. If the varying parameter is the 
inlet temperature of the ith stream, we generate a 
disturbance load equal to w; AT? (a cooler for AT} > 0 
and a heater for AT; <0). Similarly, if the target tem- 
perature of the ith stream is varied, we generate a 
disturbance load equal to w, AT‘ (a heater for AT' > 0 
and a cooler for AT} < 0) and place it at the end of the 
ith stream. If the heat capacity flowrate of the /th stream 
is varied, then we alter the loads of all heat exchangers 
HX (j,k); k € K(j) where stream j exchanges heat with 
streams k € K(j). The changes are proportionate so that 


w. increase 


Generation olf 


Table | 


loads in the case of flowrate variation 


disturbance 


Kind of stream varied 
Hot Cold 


Increase Cooler Heater 


Decrease Heater Cooler 


the enthalpy balance on stream j is maintained. How- 
ever, the enthalpy balance on all k streams, k € K(/), 
which exchange heat with jth stream, is thereby de- 
stroyed. To restore the enthalpy balance there, we 
generate a disturbance load on each of those streams 
according to the recommendations of Table 1. The load 
indicated by the entries of Table | is placed on the kth 
stream, k € K(/) and on the side of the HX(j,k) heat 
exchanger where the temperature profiles diverge. It is 
easily shown that this is always possible. 

It should be mentioned here that disturbance loads are 
generaied separately by original and induced parameter 
variations. However, it is desired to have all the dis- 
turbance loads expressed as functions of original re- 
duced parameter variations only (represented by x, y, 
etc.); thus, 


P = P?4 (= ) ax as at + 


oP \ x” 
OX P 
and if we define 
AX A 
r 
we get 


P = Pl +r,(P)x] (2) 


and 


Chem Eng Res Des, Vol. 64, September 1986 





STRUCTURAL OPERABILITY ANALYSIS OF HEAT EXCHANGER NETWORKS 


It is obvious that the r-factor for undisturbed, un- 
correlated parameters is zero whereas for original dis- 
turbances X, Y, etc., it is one. If we recall the procedure 
for the disturbance load generation we can easily con- 
clude that any disturbance load present in the network 
will be of the general form 


f..mk..x, or ¢,.xk..y, etc., 


where k, , or k,; is a proportionality constant. Since we 
are interested in shifting those disturbance loads to 
natural sinks, which are existing heaters or coolers, we 
must first examine the effect of such load shifts on a heat 
exchanger. 


FEASIBILITY ANALYSIS OF A 
HEAT EXCHANGER: LOAD AND 
FREEDOM RESTRICTIONS 

It should be obvious that there ought to be a limi- 
tation as to the amount of heating/cooling load which 
can be shifted through a heat exchanger. This limitation 
is imposed by the requirement that a heat exchanger can 
never have negative load (load restriction) or crossing 
temperature profiles (driving force restriction). A quan- 
tity which facilitates the analysis of the load shift effects 
on the available driving forces of a heat exchanger is the 
freedom of a heat exchanger. The concept of freedom 
was first introduced by Linnhoff and Flower® and was 
defined as 


denote the streams participating in the 
HX (i, j) heat exchanger; 
denotes the largest of the two heat capac- 
ity flowrates: 
denotes the temperature difference at that 
end of the heat exchanger where AT is the 
smallest; 

AT nit denotes the smallest 
proach allowed 


temperature ap- 


The effect of a cooler or heater being shifted through 
a heat exchanger can be completely described by the 


changes AL; and Af, caused on the HX (i,j) heat 
exchanger’s load and freedom. Qualitatively the effect 
will depend on the kind of load shifted (heating or 
cooling), as well as the mode used. A complete table 
quantitatively showing these effects is reproduced here in 
Table 2 from the work of Linnhoff and Flower’®. It 
should be noticed that we distinguish three modes 
(1, 11, 111) available for load shifting through a heat 
exchanger. The effect of a load shift on freedom is always 
proportional to the amount of load shifted; i.e., 


Af. = P(w', w8)-Z, (4) 
with 
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Table 2. Effect of a 


When the /th flowrate is varied, the values of freedoms 
f, and loads L, change for all heat exchangers that 
stream j goes through; i.e. k € K(/) 
given by 


I hese chi 


are the nominal los freedom 
of the HX ( k) heat exchanger 
are the load and freedom of the 
HX (j,k) heat exchanger after the 
disturbance load generat 

the r-factors 


smallest 


cM , original d 
are the r-factors | 


the HX | 


tO xX, y, , OFTiZMNa 


ik) heat 


Having generated all disturbance loads 11 


and expressed them as functions of 
identify paths leading from the source where the load ts 
generated to a sink. Since we have assumed that the 


>t 1 | 
network 


we Can 


degree of energy recovery should be kept the same 
throughout the operability analysis, we 
paths do not cross the pinch of the network. Naturall 

each path goes through some heat exchangers causing 
their freedom and load 
respectively. If, for a 


» that 11 
require Nat ail 


to change by Af, and AL,, 
given set turbances 


x, y,... Wwe manage to find a se 
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and 


Li (x, y,..-) + ALg(x, y,...) 290 (8b) 


for all heat exchangers involved in all paths, we accept 
that the network is operable at that parameter instance; 
otherwise, the feasibility of one or more heat exchangers 
is violated and the network is inoperable. It is a task of 
the analysis to inform the designer about the maximum 
disturbance load that can be accommodated by the 
network, pinpoint the bottlenecking heat exchangers and 
propose remedies. In order to proceed we must first 
express the feasibility equations in terms of original 
disturbances 


A. Single Original Disturbance 
In this case, all disturbance loads can be expressed as 
multiples of the single disturbance x. We distinguish two 
cases depending upon whether or not a heat exchanger 
participates in one or more paths of load shifts. 
Al. Single shift: If we consider a load shift of mag- 
nitude kx through the HX(i,/) heat exchanger, the 
feasibility equations (8a) and (8b) become: 


(i) Mode 1 
f-(l+r(wt)x)+kx >0 (9a) 
ee ee (9b) 


where AL. is zero (for mode Ia, see Table 2) or kx (for 
Mode Ib) 


ll) Mode i] 


fow>+[fiwer(w2)+kwe |x >0 (10a) 


(10b) 
kx (for Mode IIb). 


L 


L-{1+r(L,)x]+ AL; >0 
where AL. is zero (for Mode Ila) or 
(lll) Mode ll] 


fiw? [r(w2)+r(w, 


)} +k An 
r(w?)r(w-) 


riw : ) w>r(we (lla) 


(for Mode Illa) 


>(0 (for Mode IIIb) (lla’) 


L-{1+r(L,)x]—kx >0 (11b) 


Note that in all above expressions we have dispensed 
with the subscript of r since in the case of one original 
disturbance, no confusion is possible; i.e., we have one 
original disturbance. Furthermore, the value of k is +k, 
depending on whether a cooler or a heater is being 
shifted. To determine the correct sign of k,; we must 
look up Table 2 and use the following rules: 


(i) For Modes I and IT: 


if the effect of the shift on f, is positive, use +; 
if the effect of the shift on f/f, is negative, use —. 


n the special case where both streams in a HEN have their 

ates varied independently, a cross term xy will be present in the 

bility equation. However, the expression is still monotonic 
and thus the following conclusion is still true 


(ii) For Mode IIT: 
if the effect of this shift on L;, is positive, use 
if the effect of the shift on L; is negative, use +. 
A2. Multiple shifts: If more than one disturbance loads 
are shifted through the same heat exchanger, the fea- 
sibility equations become: 


fiw + fiw: [r(wt)+r(w>)]| + Kiw? + Kw! 


+ K'"Av 
+. K iw? 


ix +f fows?r(ws)r(wt) 


r(w’)+ K'wlk°r(w')4 K'"Tw! r(wk) 


—w>r(w>)]}x?>0 (12a) 


and 


Li (l+r(L)x}+ Cx >0 (i2b) 


where 


Kiw) ki, Ko =) k¥_,and KM =) &™ 


fe Al me A! ne All 


with A}, Aj’, A!" the set of indices associated with load 
shifts through Modes I, II and III, respectively. The 
algebraic development of equations (9) through (12) is 
rather straightforward and can be found elsewhere” 


B. Two or More Original disturbances x,y,z... 


The development of the feasibility equations follows 
exactly the same pattern as above, only now one has 
to consider the dependency of w;, w> and L; on 
all disturbances Sy ey and, therefore, 
r,,1,,1,,... factors should be present in the final form of 
The general load feasibility 


the feasibility equations 
equation remains lineart with respect to each of the 
variables x, y,..., etc; i.e 


L.+C,.x+C.y+ > 0 (12b’) 


and, therefore, nonconvex behavior still cannot be intro- 
duced through load restrictions. On the other hand, the 
freedom feasibility equation is a direct extension of the 
previously derived form (equation 12a): 


i.e., a general second order expression in x,y 
Moreover, one can distinguish several special cases (as 
it was done for the case of one original disturbance 
depending on whether or not the heat capacity flowrates 
vary with x,y,z Composite coefficients 
Ki, K;”,... and K®,, Kz .are defined in exact 
analogy with the one disturbance case. The final alge- 
braic form of the general freedom and load feasibility 
equations, as well as all desired special cases, can be 
developed by standardized routines utilizing symbolic 
manipulations’ (like MACSYMA). 


UNDERSTANDING NONCONVEXITY 
Nonconvexity in HENs is the interesting property of 
the networks to show a discontinuity in their behavior 
under parameter variations. As an example, we quote 
here the network of Figure 3 (first published by Saboo 
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Figure 3. An 
(A) Nominal 
(inoperable) 


again!) 


and Morari’*). It should be noted that the network is 
operable when the heat capacity flowrate of stream #1 
is 1OKW/°C and 1.85 KW/°C, but inoperable at the 
intermediate value of 1.15 KW/°C. This type of behav- 
iour raises many difficulties in dealing with such net- 
works and this is primarily the reason why most of the 
recent analytical techniques apply to only Class I prob- 
lems, excluding nonconvex networks 

It has been observed that the potential sources of 
nonconvexity are the following: (i) flowrate variations 
and (ii) changes in the stream population around the 
network’s pinch at some point in the disturbance region 
In the past, nonconvexity due to flowrate variation was 
attributed merely to the nonlinear character of the 
constraints of an optimization problem'*. Furthermore, 
nonconvexity due to reason (ii} above, was associated 
with the expression of the MER 
constraint’’. Here, since the objective is a structural 
analysis of the network, we seek to relate the appearance 
of nonconvexity to structural characteristics of the net- 
work. In that respect, our approach using paths for 
shifting loads will prove to be indispensible. It was found 
that there are two mechanisms through which a network 
may exhibit a nonconvex behaviour; the Intrinsic Mech- 
anism and the Pinch Associated Mechanism. Let us now 
examine each mechanism in detail. 


discontinuous 


A. The Intrinsic Nonconvexity Mechanism 


This first mechanism exists when flowrates are varied 
and its physical significance can be most easily demon- 
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strated by a simple example. Let us assume for the 
moment that the pinch determining stream remains the 
same throughout the disturbance region. Before we 
proceed, a few definitions are needed. In the case where 
one original disturbance is present, we associate with 
each HX (i, j) heat exchanger the heat exchanger limit 7 
which is defined as the largest reduced change of the 
originally varied parameter before the HX (i,j) heat 
exchanger becomes inoperable 
which the quantity 7, assumes its lowest 
termed the critical heat 

condition of the critical heat exchanger is non! 


The heat exchanger for 


feasibility 
inear, then 
the Intrinsic Mechanism exists. It should be understood 
that the existence of the Intrinsic Mechanism need n 
always be accompanied by the exi 
convexity. The 
convexit} 
involved in this case 
theless, it should be mentioned at 
wishes to extrapolate the above n 
two original disturbances x and 
critical heat exchanger needs to 
determination of the 


ible. However, if 


(x, vy) 1S specihed 


minimum 


point and it will b 
From what has been di 


1at the following theorer 


Theorem 1: lf the 
not change throu 
HEN and if no fi 
of the n 

therefore, noncot 


pec ted 


This theorem is ane 
the Corner Point 1 
Morari 

By inspection 
tions it 1s easily seen 


always linear with 
parameters 


Theorem 

value of 

gion, the 

force 

convexity and 
The proof of this theorem ts straight 
that in such cases nonconvexity is gen 
linear effects on the load-freedom restrict 
only come through freedom changes 

A further examination of the heat exchar 
sibility constraints [in particular, equations (9) ; 
reveals that in the case of single load shifts 
source of nonlinearity is equation (11a); 1.¢ 
feasibility constraint under a Mode Illa 
However, it is not necessarily true 
mode is used nonconvex behavior \ 
identify the fundamental structural unit 
introduce nonconvexity, the heat capacity 
and w? are allowed to vary one at a time. | 
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(lla) reduces to 
w> +kAw-;.)x +kw; 
and r(w-)= 1 
w>? +kAw:)x —kw? > 0; (14) 


when r(w?)=1 and r(w-)=0 


At this point one should note that it is only the case 
of k <0 that actually imposes a restriction on the 
freedom change of a heat exchanger (Table 2). Bearing 
that in mind one notices that, whereas the expression on 
the left-hand side of equation (13) will change sign only 
once (Figure 42), the expression on the left-hand side of 
equation (13) may change sign twice (Figure 4). There- 
fore, in the case that w+ is the source of a single original 
disturbance, even though the nonlinear character of the 
freedom feasibility constraint exists, nonconvexity is not 
possible. However, is being varied, non- 
convexity can be introduced by one of the four structural 
path units shown in Table 2 (Mode IIIa). A direct 
generalization of the above leads to the following the- 


orem 


when w> 


Theorem 3. If, under one original disturbance, no 


two disturbance !oad paths go through the same 
heat exchanger and nonconvexity is known to exist, 








x 


(B) 
\ / 
eecdom variation f a heat 


vad shift via Mode Illa 


under a single 


Figure 5. Disturbance load—path analysis of Example | (Active 


Intrinsic Nonconvexity Mechanism) 


then it must be associated with one of the four 
Mode Illa structural path units shown in Table 2. 


The above theorem is of utmost importance, but it 
should be treated with caution since it establishes only 
a necessary condition for nonconvexity. In order to 
strengthen it and also make it sufficient, one needs to 
guarantee that the network’s restricted behaviour is 
determined by such a path unit. The following example 
illustrates the above points. 

Example 1. The network mentioned at the beginning 
of this section (Figure 3) will be examined. If we generate 
the disturbance loads and observe the paths available 
to each of them, we notice (Figure 5) that in heat ex- 
changers #3 and #2, only Mode IIIb and Mode IIb are 
used, respectively. Therefore, the known nonconvex 
behaviour of the network must be caused by the freedom 
constraint imposed on heat exchanger #1. Indeed, the 
freedom of heat exchanger #3 varies as shown in Figure 
4b, (continuous curve, f° = 0). Looking closer at heat 
exchanger #1, we see that two disturbance load shifts 
go through it and one of them is of Mode IIla. However, 
in an analysis mode, and if we did not know in advance 
that the network exhibits nonconvex behaviour, the 
mere fact that one of the two load paths is using one of 
the structural units of Mode Illa would not be sufficient 
to guarantee nonconvexity and further numerical condi- 
tions would be needed. Those numerical conditions, for 
the more general case of simultaneous heat capacity 
flowrate variations, are presented in the following 
theorem 


Theorem 4: If, under one original disturbance, no 
two paths go through the same heat exchanger, the 
following three requirements constitute the neces- 
sary and sufficient conditions for nonconvexity to 
exist: (i) The path going through the most critical 
heat exchanger involves one of the structural units 
shown in Table 2 (Mode IIIa). (ii) The following 
numerical conditions are satisfied for the critical 
HX (i,j) heat exchanger: 


A= {[r(w2)+r(wt)] fo ws +kAw? 


af we? f f° we 


r(w>)r(wt) 


+k[wi°r(wt)—ws r(w?)|} >0 (26) 
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fwe[r(ws)+r(wt)] 
+kAw w>r(w>)r(wt) 
+kiw! r(w) w>’r(w>)]} <0 (27) 
(iii) The limit of all other heat exchangers [except the 
HX(i, j) critical one] is larger than 

[r(w3)+r(wh If we? —k An 


211.07 


@ = 


r(w?)r(we)+k[wtr(wk) 
(28) 


The proof of the above theorem is rather straight- 
forward using as starting point equation (11a). Next we 
present a generalization of Theorem 4 to include the case 
of multiple shifts through a heat exchanger. It should be 
noticed that in this case, only numerical conditions can 
provide the necessary and sufficient requirements for 
nonconvexity. The proof of the following theorem paral- 
lels that of Theorem 4, but the starting equation is 
different [equation (12a) now] 


Theorem 5. Under one original disturbance, which 
possibly generates multiple secondary load shifts 
the following three numerical conditions constitute 
the necessary and sufficient conditions for non- 
convexity to exist 


[r(w?)+r(w>)]+ Kow 
+ Ki" Aw: — 4fcwS° Sf 
+ K'iw> 


r(w2)r(u 
r(w>)+ KUwt’r(wt)+ K! 


x [wier(wt)—w>’r(ws)]} > 0 


few? [r(w?)+r(w;)] + Kin? K"w' 
f2or(wt)r(wS)w> + Kiw>’r(w?) 


+ K'wl°r(wt)+ Ki" [whe r(wt) 


(iii) 
The limit of all other heat exchangers [except the 
HX(i,/) critical one] is larger than 
few? [r(w2)+r(u )] 
Ki.w? K" w> K'" An 
+ Ki w°r(w) 


y+ K"fwler(wly 


r(wsjr(wt)ws 

FIL. LO fa,o1 

+ K vu rin 
(28a) 


Returning to the exampie network of Figure 10 we 
find that the limits of the three heat exchangers are 
respectively, 0, 1.2, 00. Therefore the critical heat ex- 
changer is HX(1, 2). Moreover, one of the disturbance 
load paths going through HX(1, 2) utilizes Mode IIIa 
and hence it could be introducing nonconvexity. The 
numerical conditions of Theorem 5 are satisfied 
A’ =220>0, T’ = —0.423 <0, and the limits of the 


Chem Eng Res Des, Vol. 64, September 1986 


EXCHANGER NETWORKS 355 


other heat exchangers are larger than ®’ = 0.846. There- 


fore, nonconvexity is confirmed 
B. The Pinch Associated Nonconvexity Mechanism 
‘he Pinch Associated Nonconvexity Mechanism can 
be most easily explained if we liken the existence of the 
pinch in the network to a ‘barrier,’ 
sections. In each section a set of paths with fixed capacity 


exists and thus a certain 


separating it into two 


amount of variation in x can be 


handled. However, if the pinch barrier moves to another 
in short, 


location in the network (or 
a new pair of path sets is established with the capability 


the pinch ‘jumps’) 


of handling a different amount of disturbance loads 
Thus, it is conceivable, as a | amete continuously 
varied, to reach first the critical value it which the 
network is rendered inoperable. Ther ues of 


x and as soon as the pinch has ssible 


that the new path settings can handle t 10unt of 


disturbance generated 
able again. The at 
foliowing two t 


Theorem 6. If dur 

single original disturl 

determining stream 

active Intrinsic 

the network beco! 

‘jump,’ nonconve 
Theorem 

pinch jump 

1.e., 1t will not sho 

Intrinsi 


‘jumps’ agait 


active 


From the above two t 
of a HEN right after 
Therefore, one needs to 
the network’s operat 
Naturally a simple numer 
of the varying paramet 
jump’ can pro\ 


case where the 
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insight as to the source of the problem. Instead a simple 
three-step procedure, explained below, offers valuable 
information concerning the troublesome structural char- 
acteristics of the network and proper guidance for 
retrofit action. 

Since the network is to retain its MER character, there 
must be ‘room’ available for the new pinch barrier to be 
placed in such a way that: (i) it leaves all heat exchangers 
clear (i.e., no heat exchanger is straddling the pinch); 
moreover, (ii) all heat exchangers around the new pinch 
must conform with the pinch design rules’. Finally, (iii) 
there must exist paths, chosen from the new path sets 
above and below the pinch, capable of accommodating 
the disturbance loads generated by the varying par- 
ameters and the pinch ‘jump.’ It should be stressed that 
if, and only if, the HEN passes the first two structural 
checks, one needs to resort to numerical calculations. It 
is important to note that the first two structural checks 
are very easily performed systematically; oftentimes and 
for moderately complex networks, it is even seen by 
inspection. The following theorem captures the fore- 


going discussion in relation to a nonconvex behaviour of 


a HEN 


Theorem 8: If a HEN, which is devoid of any active 
Intrinsic Mechanisms, is inoperable and the pinch 
location ‘jumps,’ then in order for the network to 
return to feasibility (and thus exhibit nonconvex 
behavior), the following three conditions must be 
met 


(a) There exists a new place inside the network for the 
new pinch barrier leaving all heat exchangers 
clear. 

All heat exchangers around the new pinch con- 
form to the pinch design rules. 
All disturbance loads caused by the varying pa- 
rameters and the pinch jump can be allocated 
successfully to existing heaters and coolers 

The following example illustrates the above. 

Example 2: Consider the HEN shown in Figure 6. At 
nominal conditions the pinch is set at 170°/160 °C. As 
the supply temperature of hot stream #2 is dropped to 
120 °C, the pinch defining stream changes from hot #2 
to cold #2 and now the pinch has ‘jumped’ to 90°/80 °C. 
Even by inspection it is seen that the network right after 
the pinch jump will be inoperable since it cannot pass the 
first structural check; i.¢., there is no ‘room’ available for 
the new pinch barrier to move. That is the case since 
temperature restrictions at both ends of heat exchanger 
#2 indicate that this heat exchanger will be straddling 
the new pinch 


THE GENERAL OPERABILITY 
ANALYSIS METHOD 

Having understood how nonconvexity is generated 
and the important relevance of the pinch ‘jump,’ we are 
equipped with all that is needed to perform a complete 
operability analysis. The basic premise is to test the 
network’s operability within a prespecified disturbance 
region by checking the corner points. The fact that the 
number of independent, original disturbances is rather 
small (while the number of induced, secondary dis- 


turbances could be large), eliminates the complexity of 
high dimensionality which was a major difficulty in 
earlier works. It is only the nonconvexity for which we 
should be on guard because if it exists, the outcome of 
the corner-points check is useless. In such a case the 
developed analytic method will pinpoint the combina- 
tion of disturbances under which the operability of the 
network is first inhibited 


A. Characteristics of a Computer-Based Implementation 
Before proceeding with the details of the developed 

operability method, let us highlight the main engineering 

requirements that the method should try to satisfy: 


(a) It should be designer-driven: So that the designer 
is always explicitly cognizant of the network’s limi- 
tations, as well as of the causes of such limitations. 
Furthermore, preferred combinations of original dis- 
turbances leading to optimum operation distort the 
rectangular character of the feasible region. In such cases 
only the designer can provide the subjective preferences 
and guide the operability analysis. Finally, an explicit 
interaction between designer and methodology allows 
the designer to enrich his/her knowledge about the 
network’s character and suggest the best modifications 
for expanded process operability. 

(b) Jt should be supported to a transparent, intelligent 
interface between the designer and the computer: Towards 
this end we have developed an object-oriented graphic 
interface using FLAVORS on a SYMBOLICS 3640 
computer. The user interacts with the computer based 
implementation of the operability analysis methodology, 
through the ‘icons’ of the heat exchangers and streams 
on the monitor, and pull-down command menus. There 
is a complete transparency between the graphic ‘icons’ 
and the background data-models for heat exchangers 
and processing streams. Thus, the designer can define 
specifications, preferences, conjectures, test hypotheses, 
etc., without requiring additional programming. 

(c) It should contain an Expert System’s reasoning 
ability: The preceding analysis and the subsequent gen- 
eration of special cases has created a significant number 
of production rules which can guide the operability 
analysis. An expert system using forward and backward 
chaining should be available to take advantage of the 
reasoning abilities that the operability analysis pro- 
cedure itself possesses. 


B. Description of the Developed Operability Analysis 
Procedure 


Having established the engineering premises of the 
desired implementation, let us describe the steps of the 
developed method. 


Step 1: Identify Independent Original Disturbances. 
Given a heat exchanger network with specific hot and 
cold processing streams, we first determine what param- 
eters (streams’ capacity flowrates, supply or target tem- 
peratures) can be varied independently, and which ones 
are the induced secondary disturbances. This is accom- 
plished by constructing the disturbance network and 
applying the algorithm of Appendix A. Then, we calcu- 
late the r-factors between an original disturbance and 
the secondary disturbances it induces. 
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Figure 
Step 2: Develop the Portrait of Pinch Regions. Know- 
ing the variation ranges of original disturbances, we can 
identify the regions with different pinch-defining 
streams. These regions are defined in the space of 
original independent disturbances, and are constructed 
using the method outlined in Appendix B 
Step 3: Generate and Shift Disturbances. In this step 
we attempt to shift all original and secondary dis- 
turbances from the source to a sink (heater, cooler) 
Based on our previous analysis, we can distinguish 
several cases, depending on (i) whether the pinch 
‘jumps’, or not, (ii) the number of original disturbances, 
and (iii) the presence of temperature or flowrate vari- 
ations. In the following paragraphs we will examine each 
case (see Figure 7) separately, because each case offers 
a set of rules which can be used directly during the 
analysis 


Case I: Pinch does not ‘jump.’ One disturbance only 
Temperature variations alone. 


From Theorem | it is known that nonconvexity is not 
possible, therefore a check of the corner points would 
yield safe conclusions. If the test is positive, operability 
is confirmed; if it is negative, a simple Linear Program 
(LP) must be solved attempting to maximize x under the 
feasibility constraints of only the heat exchangers which 
are involved in the load paths. The solution of the above 
LP yields the largest value of x which generates dis- 
turbances manageable by the network as well as the 
limiting heat exchanger (corresponding to the constraint 
active at the solution). Knowing the paths involved into 
the limiting heat exchanger, we locate the one(s) impos- 
ing the restriction on x and based on their structure(s), 
as well as the location of the other heat exchanger units 
it is an almost trivial matter to propose corrective 
retrofits. Since a single modification may not turn out to 
be successful in pushing the operability limits to the 
desired extent, the whole procedure must be repeated. At 
the same time, economic considerations should be taken 
into account here, so that nonprofitable alterations are 
excluded. As it is seen, the retrofit process is an iterative 
and designer interactive procedure. More details will be 
described in a forthcoming publication. 

Case 2: Pinch does not ‘jump.’ One original disturbance 

only. Fiowrate variations. 

In this case there is a possibility that an Intrinsic 
Mechanism, if it exists, may create nonconvexity. Hence 
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FLOWRATE 


analysis—Case tree 


we must first check, either by inspection 

patterns for those heat exchangers that 

applies, or by testing the numerical conditions required 
by Theorem 5. Let J. be the set of heat exchanger indices 
such that Intrinsic Mechanism is confirmed. Thez 


(i) If J 
outcome Is positive, we are done; else we must 
solve a Mathematical Program (MP) similar to 


the Linear Program of Case | where x is maxi 


@, a corner point test is safe. If the 


mized under the feasibility constraints 
in all load 

should be remarked that even 
the MP’s constraints are nonlinear 


heat exchangers involved 
tnougl 

sibility region is known to be convex. When the 
MP is solved, the retrofit procedure outlined 1 
Case | is applied 

If J. # @, we find the upper and 

values, y” and y‘, respectively 
exchangers such that je/.; then, 


A 
ye = min}y 


Then we perform the corner point test in (0 
network is known to be inoperable beyond 
check is positive, we conclude that the n 
manageable by the network is: 7 
limiting heat exchanger, 
cedure is applied is the /*th heat exchanger 
is negative, we proceed as in Case | 


* 


upon wh 


Case 3: Pinch does not ‘jump.’ More than o1 


disturbance. Temperature variations ak 


Theorem | guarantees again that nonconvexit 
exist and, therefore, the corner point cl 

results. If the test ts 
confirmed; else one of the three cases sho 


positive, then 


8 must exist. However, before even attemptin 

the situation, i.e. find the limiting heat exchanger 
attempting to move their feasibility boundaries further 
away, thus increasing the operability area, one should 
seriously consider the question of whether 
modification is necessary in view of the expected f 
operating conditions of the plant. in other words 
should consider whether he/she can use the prese 
design unchanged because the projected steady state 
operating conditions of the plant will always stay inside 
the current feasible region. This could be the con- 
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Ta 


igure 8. The feasibility region of a HEN under two original temperature variations (case 3); (A) One curner point excluded only; (B) Two corner 
x Cc . £ & 


points excluded: (C) Three corner points excluded 


sequence of simultaneous changes of x and y in carefully 
orchestrated manners, related to operational opti- 
mization, safety, etc. Thus it is seen that only a particular 
direction or range of directions in the space of x and y 
is of immediate interest. Even though this may seem to 
be in conflict with the original assumption made that x 
and y are truly independent (as being the leaders of two 
different clusters of the grouping algorithm of Appendix 
A), it is not, since such an interrelation may be the result 
of a functional (i.e., operational) interdependency. It 
could be the upshot of economic considerations at a 
plant management level. Almost all changes in the 
Steady state operation of a plant are dictated by the 
economic supervisor who is adapting to market condi- 
tions. Unfortunately, the exact relation between x and } 
is not known a priori, but some heuristics from past 
experience could be used at this point in an effort to 
justify whether operability modifications are necessary 
and to what extent. A typical example, even though it fits 


better in the next case, is when x and y are flowrates of 


two products; e.g., ethylene and polyethylene. Then, as 
data show”’, in the past years their production in the 
U.S. has been at a ratio of 3.14 + 0.13. Hence, indepen- 
dently of the requested range of variation in x and y, it 
is primarily this direction that is of utmost importance. 

As a final comment in this case, the solution of a 
simple LP which maximizes the sum of x + y under the 
feasibility constraints and along the direction x/y = a/b, 
yields the extent to which the current network can be 
used, as well as the most important limiting heat ex- 
changer. Now the retrofit procedure of Case | can be 
initiated and the proper balance of the operability 
trade-off can be found within the more realistic environ- 
ment established. 


Case 4: Pinch does not ‘jump.’ More than one original 
disturbance. Flowrate variations. 


In this case since flowrate variations are present, we 
know that if an Intrinsic Nonconvexity Mechanism 
exists, the feasible region of the HEN could be non- 
convex. Thus, a mere corner point check becomes useless 
since there might be an intermediate disturbance combi- 
nation which renders the HEN inoperable. If this is the 
case, one would like to contract the original rectangular 
disturbance region in such a way that it leaves out any 
nonconvexities while maintaining the largest possible 
flexibility in varying each of the parameters 
(x, y,...,etc.) independently. It should be stressed at 


this point that there is no unique way of performing this 
task since, in most cases, the refined final rectangular 
operability region will depend on which of the parame- 
ters is given priority over the others. This is why an 
interactive, step-by-step procedure is needed which 
would allow the designer to input his/her own prefer- 
ences during the analysis 

In order to perform the operability analysis in this 
case in a way that meets the above requirements, the 
following strategy is suggested. The principal idea is to 
try to identify at all times the possible existence of 
nonconvexity along the perimeter of the rectangular 
disturbance space and chip its edges off properly so that 
any nonconvexities are excluded. In particular, the anal- 
ysis for the case of two original disturbances x and y, 
where the desired disturbance 
D=((x, y):0sxsx",0sys3 


space is 
: proceeds with the 
following steps: (the extension to higher dimensions is 
straightforward) 


(1) Consider the linear segment S, = {x:0< x <x" 
y = 0} and perform a one dimensional operability 
analysis as it has been described in Case 2; Le., 
find the set of indices J’ of those heat exchangers 
(if any) which exhibit a nonconvex behaviour 
with respect to variations in x along S,. Then 
calculate the limit value of x along this segment, 
zy’. Repeating the same procedure for the seg- 
ment S.=/y:0<y<y", x =0}, let us assume 
that wv 
5... 

(2) Contract the original disturbance region D to the 
following area: 


is the corresponding limit value of y on 


1x, VOR eS 7 


since outside the above area the network becomes 
inoperable if both x and y are allowed to vary in 
an independent manner (Figure 9). 

Repeat the one dimensional operability analysis 
along the segments: 


SS, + ixUes x 


i 


x =y"}. 

Let 7‘ and wy” be corresponding heat exchanger 
limits calculated again as described in Case 2. 
Finally, the refined operability region which 
offers the most flexibility in varying disturbances 


Si=iy0<y<y* 
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Figure 9 
disturbances w1 


x and y, independently, could be any region 
‘between’ R, and R; (extreme cases, see Figure 9). 
where 


R 


R 


provided that 


the following 


S 


S 
respectiy ely 


Depending on which of the regions is finally accepted 
the most restricting heat exchanger could be different 
(Figure 9). At this point we should mention that before 
any retrofit action is taken, the designer may wish to 
consider the operability characteristics of the existing 
network along some particular range of directions within 
the parameter space without restricting him/herself nec- 
essarily to a rectangular pattern. This will most probably 
establish a more realistic trade-off between operability 
and retrofit expenditures, since it will reflect the de- 
signer’s insight about additional functional constraints 
between x and y which have not been taken into account 
as yet. It is worth noticing that if indeed the designer’s 
operability interest is within a cone such as shown in 
Figure 9, then ii is conceivable that not only the 
operability characteristics of the network may be much 
better than previously estimated, but also the analysis 
may reveal that the most restricting heat exchanger is 
now different from what it was previously considered; 


+ The statement is strictly true in the absence of closed line 
constraints such as circles, etc. However, 1 constraints are 
enclosed within the final refined region, they can be easily identified 
due to the specific numerical conditions among their coefficients (see, 
e.g., any standard reference in Analytic Geometry) 
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According to Theorem 
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outcome we distinguish 


consequel 


one has to che 


operability check 
x 


{ 


enh. i 
described it 
(QO. x 

second 


range (0, 


Case 7: Pinch 


turbance 


In this case we have 

I and II (Figure 10) sep 
Mechanism is present in either 

alert to avoid the snag ¢ 

at the transitional points 

to the other. Therefore, as soon as 
subsection I is completed (Case 3) 

the same procedure for the second 
check the transitional points A'— A” ; 
Figure 10). Naturally, if the operable 
contracted to a smaller one (shaded area 


1 1 


then one must check at the new 
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parameter space into 

7 and 8) 
A’ — A”™ instead of A'— A”. Finally it should be men- 
tioned that the discussion concerning the identification 
of the limiting heat exchanger reported in Case 3 applies 


for this case too 


Case 8: Pinch ‘jumps. More than one original dis- 


turbances. Flowrate variations only 


This is probably the most complex case of all, but the 
steps which need to be followed become clear if one 


realizes that this case is merely a merge of Cases 4 and 


NUMERICAL EXAMPLES 


To demonstrate the analytic methodology of the 
previous section, three case studies will be attempted 

Case Study No. 1: The first case study will be on the 
network of Figure 3 which was also used as an example 
for the illustration of Theorem 3. Here let us assume it 
is desired to perform operability analysis on it when the 
heat capacity flowrate of stream H1 increases up to 
100%. Thus in this case the original reduced disturbance 
x varies between 0 and 1. Let us also assume that there 
are no secondary disturbances caused by the H1 flowrate 
variation. Following the general analytic steps of the 
previous section we generate the disturbance loads 
shown in Figure 4 and find the paths leading to the 
network’s cooler. The pinch algorithm of Appendix B 
applied in this case yields that only cooling utilities are 
needed throughout the whole disturbance region. By 
inspection of the structure of the paths we can conclude 
that heat exchangers #2 and #3 cannot give rise to 
nonconvexity (single load shift, none of the Mode IIIa 
patterns of Table 2). However, 7, passes through heat 
exchanger #1 utilizing Mode IIIa and thus it should be 
examined further for it may be a source of nonconvexity. 
Substitution of the parameter values in the numerical 
conditions of Theorem 5 shows that they are satisfied 
and the limit values imposed on x by the freedom 
feasibility of heat exchanger #1 are 


Ye = (). 846 and . = () 


Figure 11 \dified design for the HEN of Examy 


Thus, even an infinitesimally small increase of x will 
render the network inoperable. To remove the re- 
Strictions of operability we must concentrate on heat 
exchanger #1 and especially on path p-1, since this ts 
the one that causes the restriction. There are two obvious 
alternatives available: either use heat exchanger #3 to 
match C1/H2 instead of C1/H1, or shift the cooler on 
stream C2. The first alternative is easily discarded since 
it will leave stream H1 exiting from heat exchanger #1 
at 50°; 1e., at a temperature lower than the supply 
temperature of C2. Thus the second alternative is cho- 
sen. A repeated analysis for the modified network (Fig- 
ure 11) reveals that the modified network is operable 
throughout the disturbance region; i.e. xe (0, 1). It should 
be mentioned here that the same suggestion was made by 
Saboo and Morari’-, but for different reasons. 

Case Study No. 2: The second case study is a demon- 
stration of the analytic procedure’s capability to operate 
efficiently on relatively complex networks by isolating 
only the relative and important features. Let us consider 
the network of Figure 12 which is a MER design for a 
slightly modified version of the aromatics plant case 
presented in Linnhoff et al*'. Assuming the only dis- 
turbance of interest is the increase of C3’s supply 
temperature (between 131 —165°), we generate the dis- 
turbance load and observe that the path available to 
allocate the notional cooler to the existing heater is the 
one shown in Figure 12. From the pinch algorithm it is 
concluded that when x = 0.2824, the pinch determining 
stream changes and becomes H3 (new pinch at 
220°/210°). Hence in the region of interest [i.e., 
xe (0, 0.2595)], there is no pinch ‘jump.’ The analysis 
proceeds as described in case | so we perform a corner 
check which turns out to be negative. At this point, 
according to the general operability analysis procedure, 
we could solve a LP to find the maximum manageable 
x, as well as the most limiting heat exchanger, but in this 
case it is seen by inspection that heat exchangers #7 and 
#9 are restricting the shift of 7; the first one due to load 
limitations and the second due to freedom limitations. 
Having spotted the structurally weak (and relevant to 
our objectives) part of the network, we are ready to 
suggest the appropriate retrofit action to improve the 
operability characteristics. In order to shift the dis- 
turbance ioad from stream C3 to stream H1 we need all 
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2000 


the available load we can get and thus we must leave a 
single heat exchanger on stream C3; the match between 
H1/C3 (heat exchanger #7). Then we complete the new 
design by rematching H4 with C2. The new design is 
shown in Figure 13 (the shaded heat exchangers are the 
new matches) and it is easily checked that it is operable 
throughout the disturbance region of interest. 

Case Study No. 3: As a third case study we take on the 
HEN shown in Figure Bl with a disturbance region 
specified by: 


D = \(x, y):0< x <0.5,0<y < 0.2!) 


which is represented by region II of Figure B3. Working 
on the first subsection, as suggested in Case 5, we 
generate the disturbance loads and find the available 
paths when the pinch is at its nominal position; Le., 
170°/160 °C. It is easily seen by inspection that heat 
exchanger #2 can cause no problems. Substituting the 


parameter values in the freedom feasibility equation of 


heat exchanger #4 we get: y > —0.1042 + 0.7292x, Le. 
outside the first subsection; hence we conclude that a 
corner point will suffice. The check is positive and we 
conclude that the network is operable in the whole first 
subsection. Then we must check the transition points 
A-—A’ and B-B’ (Figure B3) or, equivalently, at 
(x, y) = (0.4857,0.25) and (x, y)=(0.1492,0), re 
spectively, under the new pinch at 90°/80°. The fea- 
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sibility equations of heat exchangers 
paths shown | 
check is positive and hence we only 


are tested under the new 


analysis for the second subsection. T] 
now fails for the point (0,0.5) with the 
of heat exchanger #2 being the limiting 
B3). Thus the current network cant handle 

turbances represented by any point in the shaded area of 


factor (Figure 


Figure B3. At this point, and in view of the information 
provided from the analysis so far, the designer should 
consider the operability specifications. If after 

sideration of the problem it is still desi 

network be operable in the shaded region, it is an almost 


i 


trivial procedure to suggest the necessary modifications 
which will make it possible to accommodate such dis- 


turbances. Since the restriction is due to load limitations 
on heat exchanger #2 caused by the shift of 350 
cooling units from hot stream #2 to cold stream #2 
one could propose two alternatives: (i) either insiall 
another heat exchanger matching streams H1 and C2 
while increasing at the same time the load of heat 
exchanger #2 (Figure B4), or (ii) simply install another 
heater on cold stream #2. It should be mentioned that 
the suggested alterations should not be maintained when 
the network receives disturbances anywhere outside the 
shaded region, but instead, they should merely be by- 
passed. 





CALANDRANIS AND STEPHANOPOULOS 

















Figure 13. A modified design for the HEN of case study #2 


APPENDIX A 

An Algorithm for Grouping Interrelated Parameters 

Let a disturbance network be defined by the set 
of nodes (representing network parameters) N, = 
iN), Ny : A; E, 
is disturbed, then n, is affected. The algorithm for 
grouping the parameters is described by the following 
steps: 


Step 1: Neglecting the arc directions of the graph 
(N,, Aq), find a spanning tree T and let N; be the set of 
its nodes (N;<2N,) and A, be the set of its arcs 
(A; SA,). If Ny < Ng, it follows that the network is not 
connected (i.e., there are localized effects) and the algo- 
rithm should be applied to each component separately. 
Assuming N;=WN,, let us form the set F = A, — Ay. 


4 


Step 2 
Step 3 


If |F| = 0, proceed to step 4. 
If |F| = k,-(#0), then for i = 


3.1. Consider an edge n,n,, where n,n,€F and find 
a path C,, on T. Form a cycle C, as C,, U {n,n} 
and record all nodes N(C.) in C.. 

If Yn,n,eN(C,) n,n, ¢€F —{nn,}, then re- 
place all nodes of the network that are in N(C,) 
by a composite node C;, and let the updated T 
be characterized by N,;=[N;—N(C,)]U{C,} 
and A; = A,— A(C,). 


If there is an arc index j:[n,e N(C,)] and n,n, or n,n, is in 
A,, replace the / index by C;j. 


3.3. Else replace k by m and p by ¢ and repeat 3.2. 


Step 4: Restore the arc directions on the remaining edges 
of the final tree 7. At this point and once the intended 
primary disturbance is specified, it is easy to specify, even 
by inspection, the chain of all parameters dependent on 
the original disturbance as well as to find other possible 
independent disturbances 

To demonstrate the above algorithm, let us use as 
example the process shown in Figure | assuming we 
want to investigate the effect of primarily changing the 
flowrate of the F stream. The disturbance network for 
this case is shown in Figure Al(A). Applying the steps 
of the algorithm, one easily arrives at the final tree 
shown in Figure Al(D). We also notice the presence of 
one composite node corresponding to the existence of 
one internal loop. Moreover, as it was expected for a 
case of flowrate variations alone, the number of final 
groups identified (2) is the sum of internal loops (1) and 
feed streams (i). 


APPENDIX B 
On the Pinch Motion 


Let x,,X>,...Xy denote the heat fluxes from the 
heating utilities to the first temperature interval (71), 
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Figure Al. Parameter grouping applied for the process configuration 
of Figure 1: (A) Disturbance network (B), (C) and (D) Steps of the 
grouping algorithm of App. A 


from the second 71 to the third T1,..., from the Mth 
interval to the cooling utilities and let HCC, and CCC 
denote the hot and cold composite heat capacity 
flowrates, respectively at the ith temperature interval 


Figure B1. HEN of case study #3 nominal design 
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Figure B2. Disturbance load 


#3 after the pinch 


The location of the nominal pinch can be found trom the 
solution of the following LP 


Min: x 


A typical Right-Hand-Side sensitivity analysis of the 
above LP (see, e.g., Bradley, et al.'*) yields directly the 
desired expressions among the parameters x, y, such 


that a new basis determines the optimum x or, equiv- 


alently, a new stream defines the new pinch. Some 
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B4. A modified design for the HEN of case study #3 


caution is needed in the case where the varied parameter 
affects some characteristic temperatures to the extent 
that the nominal temperature intervals change. In that 
case the algorithm should be applied in stages updating 
the TlIs each time. It should be stressed that the necessary 
modifications from stage to stage are few and highly 
localized; consequently they are easily automated 

To demonstrate the above in a specific example, the 
network of Figure Bl was used. The nominal formu- 
lation of the LP problem is: 


Min! x 


S.T. x; 


and at the solution x,;=0 or, equivalently, the pinch 
determining stream is H2. Letting the flowrates of 
streams H2 and C2 increase, we introduce the parame- 
ters x and y into the final tableau of the nominal case 
and we extract the conditions for which the current basis 
remains the same (or, equivalently, the pinch deter- 
mining stream remains the same). Those conditions are 
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plotted and shown in Figure B3. It is clear that de- 
pending on the disturbance region of interest (I or II), 
the current pinch stream may be the same throughout 
the region (case I) or there might be two different regions 
where the pinch is specified by different streams. In order 
to determine which is the stream that specifies the pinch 
in the neighbouring region, a simple dual pivot in the 
final tableau of the nominal case suffices. In this example 
the new pinch determining stream is C2 (pinch at 
90°/80 °C). 
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INTEGRATED REACTOR SYSTEMS: DESIGN FOR 
VARIABLE OPERATING CONDITIONS 


By A. P. ROSSITER (MEMBER) and S. INGLEBY (memper) 
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Graphical methods are presented for defining an optimum strategy for incorporating design margins into reactor/recycle 
systems of a type common in the chemical and petrochemical processes. The analysis can be adapted to identify appropriate 
operating policies for existing plants under changed production demands and for assessing possible retrofit options. It can also 
be extended to assess the economic performance of alternative process designs under variable production conditions, and hence 
provides a powerful tool for identifying cost effective design options. The techniques presented are therefore applicable both 
to the design and subsequent operational development of processes of this type, and their use has led to the identification within 
ICI of design modifications and changes in operating policies yielding substantial cost savings 


INTRODUCTION 

In a recent paper Ingleby, Rossiter and Douglas’ de- 
scribed the use of short-cut calculations and graphical 
representations of overall process economics for evalu- 
ating integrated reactor system designs. In the present 
paper the analysis is extended by separating the capital 
and operating costs associated with a given flowsheet 
This analysis yields insights into the economic con- 
sequences of operating the plant at conditions that differ 
from those selected at the design stage. In addition 
criteria can be generated for the appropriate allocation 
of design margins and assessments can be made of the 
viability of alternative process designs viewed in the 
context of varying or uncertain market demands 

A similar approach has recently been applied to the atlas 
assessment of process controllability (Fisher et al.) poratng <a 

Raw Materia Inefficiencies or select 
DESIGN VARIABLES AND COST ELEMENTS (There is also an unavoidable cost duc t 
metric Taw material requirements 


1] 


The flowsheet structure described in Reference | is compared to all other costs, and is best o1 


shown in Figure |. The process is centred on a liquid 
phase reaction of feed material A yielding a product P 
and a waste byproduct W. Unreacted A (together with 
some of the reaction products) is separated in a recycle 
column and returned to the reactor 

Within the flowsheet three significant variables which 
are likely to have a “global” impact on the process In order to examine the capital and operating costs on 


the analysis unless alternative processes using 
feedstocks with different costs are being 
Recycle Still Heating and Cooling 
and cooling costs associated with tl 


< 


neglected) 


economics are considered a consistent basis all costs are considered in annualised 


= . form. An ‘Annualisation factor’ is evaluated for capita 
The conversion of A per pass through the reactor 


The temperature of reaction (assumed 1so- 
thermal) 

The molar composition of the feed material in 
the liquid recycle stream. The order of volatilities 
(K;) is assumed to be K, > K, > K,,. Hence the 
product P is likely to be the main impurity in the Total Annualised Cost = Annual Operatir 
recycled distillate. 


costs. This allows for such items as maintenance charges 
interest rates, corporation tax, interest rates, loca! devel 
opment grants and inflation. Suitable values for this 
factor may be determined by ‘discounted cash flow 
analysis, or similar methods. Then 


+ (Annualised Factor) x (Capita 
The capital and operating costs that have to be consid- 

ered in analysing the process economics are: 

CAPITAL AND OPERATING COSTS 


In Reference 1, the cost elements were combined to 
Reactor identify the flowsheet design that minimises the total cost 
Recycle Still (including column shell, trays or packing, (i.e. Operating cost plus annualised capital cost) of the 


Capital Costs 


reboiler and condenser) system. However this design only remains ‘optimal 
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whilst the plant continues to operate at the conditions 
specified in the original design. Few plants are consis- 
tently operated in this way. Quite apart from any 
uncertainties in the physical properties data or en- 
gineering correlations used in specifying any plant, there 
may be operational variations arising either from delib- 
erate management policies (e.g. adjusting production 
rate to meet changed demands) or from disturbances in 
the links that exist with the physical environment (e.g. 
variations in cooling water temperature or feed purity). 
Consequently most chemical plants spend much of their 
operational lives at conditions far removed from their 
‘original design’ 


Separating the capital and operating costs provides 


some useful insights into the economic implications of 


such variations. Once the plant has been built and the 
capital has been invested, the main economic objective 
must be the reduction of process operating costs. This 


primarily involves modifying the operating conditions of 


the instalied plant, although retrofits of new capital 
equipment may also be considered. 

Minimum operating cost conditions rarely correspond 
to the minimum total cost conditions for a plant. Thus, 
even in the absence of errors in design data or dis- 
turbances of any nature, the ‘best’ operating conditions 
for a newly commissioned plant often differ substantially 
from the design conditions. In practice, if a plant has 
been constructed with no ‘overdesign’ it will not nor- 
mally be possible to reduce the operating costs in this 
way, because of the in-built limitations of the equipment. 


OVERDESIGN POLICY 
General Principles 
Once a plant has been built and commissioned, its 
operating costs can generally be reduced by adjusting 
one or more of its controllable parameters from the 


values set at the design stage. For the reactor/recycle 
system of Figure 1, these might be the composition and 
flow rate of the recycle stream. The minimum achievable 
operating cost commonly corresponds to an equipment 


constraint imposed by the design. For example, the 
vapour loading in the recycle column or heat transfer in 
the reboiler or condenser may limit the recycle com- 
position and/or rate 

It is normal in any design to build in a certain amount 
of overdesign to accommodate uncertainties in the basic 
process data and to ensure good operability. However, 
there may be significant advantages in allocating greater 
overdesign margins to some pieces of equipment than to 
others, specifically to increase the potential for reducing 
operating costs after the plant is built 

In the present paper a graphical approach is taken to 
this problem, extending the methods described in Refer- 
ence |. Although these techniques are directly applicable 
only to relatively simple problems, they do have one 
distinct advantage over more general analytical tech- 
niques (such as the use of rank order and proximity 
parameters described by Fisher et al.”*) in that they 
provide results in a highly visual form. This gives the 
user a compact 
significant variables on the economics of the process; 


representation of the influence of 


and this in turn can lead to valuable insights of wide 
applicability. 


Classes of Process 

Two distinct types of process with respect to over- 
design policy have been identified in recent studies 
carried out within ICI. These are illustrated in Figures 
2 and 3, which represent processes for which there is only 
one dominant variable (conversion per pass, X ). The 
variation of annualised capital, operating and total costs 
with conversion is shown schematically in these figures. 

The plots of annualised capital and operating costs 
both show unimodal optima, corresponding to trade-offs 
between reactor and recycle costs. The total cost curve, 
which is the sum of the other two, also has a unimodal 
optimum. 

At low conversions, the capital and operating costs of 
the recycle column are high due to the large amounts of 
unreacted feed material requiring separation. At high 
conversions, the reactor volume (and hence cost) is high; 
and so, in general, is the raw material cost (due to 
declining selectivities). 

Figure 2, which corresponds to the type of plant 
described in Reference 2, shows a situation in which the 
minimum operating cost occurs at a lower conversion 
(X,) than that giving the minimum capital cost (X,). The 
conversion (X;) corresponding to the minimum total 
cost inevitably lies between these two values. This type 
of process is described below as ‘Class 1’ 

Figure 3 represents a situation that does not appear to 
have been described before in the literature, in which the 
capital cost optimum (X.) occurs at a lower value of 
conversion than the operating cost optimum (X,). This 
type of process (described below as “Class 2’) is less 
common than Class | systems, and generally arises 
where one or more of the following criteria is met 


Expensive utilities (e.g. direct-fired furnace-reboiling 
or refrigerated condensing) required for recycle col- 
umn. This makes the recycle of the large amounts of 
unreacted feed materials obtained at low conversions 
economically unattractive. 


Annualisec 


Figure 2 Typical cost variations for a Class | process 


Chem Eng Res Des, Vol. 64, September 1986 





INTEGRATED REACTOR SYSTEMS: DESIGN 


i 
i 
vas 


Annualised 
apital cost 


Annualised costs , MM£/yr 


Operating s 
cost A 
*)) x) 


onversion (A 


Figure 3. Typical cost variations for a ¢ 


| 5 
iaSS < process 


Selectivity good at high conversions, giving little or no 
raw materials cost penalty over designs based on lower 
conversions. 

Byproducts with values similar to that of the main 
product. This minimises the cost penalty of any 
increased selectivity loss at high conversions. 


In both of the two classes described, the location of 
the overall optimum conversion X, depends on the value 
of the annualisation factor. With large annualisation 
factors (capital is ‘expensive’ ), X; will approach X.—1.e 
the overall optimum is close to the minimum capital cost 
design. Conversely, with small annualisation factors 
(capital is ‘inexpensive’) X; approaches X,—1.e. the 
overall optimum is close to the minimum operating cost 
design. In the special case where the optima of both the 
capital and operating cost plots correspond to the same 
value of conversion (X, = X,) this will also be the value 
of the overall optimum conversion X,, irrespective of the 
annualisation factor. 


Overdesign Strategy 

From the discussion above it is clear that there are 
incentives once a plant has been built and commissioned 
to shift the conversion from X; towards X,. This may be 
possible if design margins are built into certain parts of 
the process. In order to determine the equipment for 
which overdesign can be utilised to reduce operating 
costs the process flowsheet, Figure 1, must be examined 


Class | 


For Class | processes, operating costs are reduced by 
running with the conversion per pass X at a value less 
than X,, the value corresponding to the minimum total 
cost. From the flowsheet it is clear that if the conversion 
per pass X is to be reduced at a fixed overall production 
rate then the recycle of unreacted feed material must 
increase. Therefore the design margins which can be 
utilised are those built into parts of the process which 
handle recycle flows, namely: 


Recycle still and ancillaries. 
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Recycle pump (or compressor) and pipework (es- 
pecially if the recycle is vapour phase) 


Heaters/Coolers for recycle and/or reactor effluent 


The reduction in operating costs resulting from low- 
ering the reactor conversion will partly (but not, of 
Never 
theless it may sometimes be worth increasing the size of 
equipment, which does not itself require any significant 
margin, solely to ensure that the lower conversion can 
be achieved. Moreover if 
example, in the recycle still and condense 
operability at design 


course, fully) pay for the overdesign capital 


overdesign is necessary, for 
to ensure 
rates in warm weather (when cool 
ing water temperatures are high) it seenis sensible also to 
overdesign the recycle pumps even if they 

the design recycle flow under all env 

tions. This allows the plant to operate wit! 


recycle mass Toy luring mild weather 


biti 


Class 


For ¢ lass 


installed the operating policy should be 


processes, once the Capila 
higher value of conversion than that corre 
minimum fota/ cost. Thus 

shown in Figure |, the bulk of the desig 

be built into those part 


again asSsumiIns 


increase at high conversions, 


Reactor: Build in 


pressure to increase conversion prov 


Capacily 


have other effects; or prov 


increase reactor volume 


Feed and Product Byproduct Reduced 


selectivity is usually experienced at onversions 
This eased byproduct 


fixed production rate 


leads to inc 
Thus feed 
and associated equip! 


ate under these conditions 


OPERATING COSTS OF INSTALLED PLANT 


The analysis of the operating costs of 


I =o 


plant 
is made with reference to Class | processes (1 


1 


A similar analysis can be 
(Figure 3) 
The capital and « 


made for Class 


given conversion 


design—.e. If a plant 
annualised capital cost 
under design conditions 


can be identified 

However, if a plant is designed for a ¢ 

¥, and is run at a conversion of, say, 

cost would not necessarily be identical | 

ynditions 


] 


~et .. 
nstalied 


the chang 
will be governed by the performance 
equipment which, in this case, is not spec 
for the achieved operating conditions 


Figure 2. The plant’s response to 


igned 
Modelling of the performance of 

design under varying operating conditio 

quires a slightly different approach than variable 

design’ problem described in Reference |. For the 

flowsheet given in Figure 1, two main con 
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model must be considered, namely: 


Reactor model: This assumes a fixed volume and often 
(depending on design limitations) may also be subject 
to constraints on temperature, pressure or flow. In the 
systems studied by the present authors there are 
parallel and/or consecutive reactions,’ which give rise 
to waste byproducts. Provided that the reactor per- 
formance can be approximated by an ideal reactor 
model (or a combination of such models) straight- 
forward ‘fixed reactor volume’ performance expres- 
sions can readily be derived. The precise form of such 
expressions depends on the reaction scheme involved 
and the type of reactor used. One specific example 
(first order consecutive reaction carried out iso- 
thermally in a plug flow reaction) is described in the 
Appendix to this paper. Any constraints can easily be 
handled in interactive computer codes by introducing 
‘error messages’ to warn the user when a constraint 1s 


met 
LLIVL 


Distillation model: For ideal distillation systems there 
are well-known, manageable techniques for modelling 
the behaviour of fixed designs. Smoker’s equation? is 
a good example. Constraints (e.g. maximum vapour 
loading) can once again be handled by ‘error mes- 
Sages’ in the computer code 


Armed with the means of analysing the behaviour of 


processes operated away from their design conditions 
the engineer is better able to quantify the preferred 
design margins to adopt, and also to predict the eco- 
nomic impact of ‘disturbances’ to the process. One type 
of ‘disturbance’ of particular importance—namely 
changing market demands—is discussed in detail below 


VARIABLE PRODUCTION RATES WITH 
FIXED PLANT DESIGNS 
Feasible Operating Conditions 

To illustrate the effect of varying production rates on 
operating costs, the reactor/recycle system shown in 
Figure | is again considered. To simplify the analysis the 
reactor temperature is arbitrarily assumed to be fixed. 
The problem can now be studied in terms of only two 
significant variables, namely conversion per pass (X ) 
and concentration of unreacted feed in the recycle 
(RCA ). The fact that the reactor volume and recycle 
column design are fixed imposes bounds on the feasible 
values of these parameters for any given production rate 
P.. Moreover for most systems if the production rate is 
fixed there is only one feasible value of RCA correspond- 
ing to any given feasible value of X. Thus a locus of 
feasible points in (XY, RCA ) space can be traced out (see 
Figure 4). This represents all possible operating condi- 
tions at the given production rate P.. 

The operating cost at each point on the locus can be 
quantified, and there will be one point on the locus at 
which the total operating cost is minimised. This often 
occurs when one item of equipment (e.g. the recycle 
column) is operated at its maximum permissible rate, 
which introduces a ‘system constraint’ and hence occurs 
at one end of the ‘feasible locus’. Such situations tend to 
arise especially when the ‘fixed rate’ P; is close to or equal 


Figure 4. Loci of feasible operating conditions at various production 
rates P 


to the maximum design rate, 
equipment is inevitably high. 

Similar loci can be plotted for a range of different 
possible production rates P;, as shown in Figure 4. 
Minimum operating cost conditions can be identified for 
each locus. 

It is apparent from Figure 4 that if any two of P,, X 
and RCA are specified, the third variable is uniquely 
defined. In the discussion below RCA is assumed to be 
the dependent variable. The economic analysis of exist- 
ing plants operating at production rates different from 
those for which they were designed can then be consid- 
ered in terms of variable values of only conversion per 
pass, X. Two types of situations are considered 


and the loading of the 


(a) Downrating of Existing Plant. 
(b) Uprating of Existing Plant. 


(a) Downrating of Existing Plant 


Downrating of a plant leaves some of the installed 
equipment underutilised. The situation obtained is there- 
fore analogous to that of a plant in which some parts are 
overdesigned. This leads to some general observations 
on the optimum policy to be adopted when a plant has 
to be operated at reduced throughput, due to a turn- 
down in demand. 

In general, for Class 1 processes (X, < X;,) the opti- 
mum conversion at reduced production rates is less than 
X,. This normally means that the recycle still is operated 
at or close to its designed maximum throughput, even 
though the plant as a whole is downrated. Savings are 
obtained through an improvement in selectivity at the 
reduced conversion. However, if the conversion is re- 
duced too far the optimum may be passed, and the 
overall operating costs will increase. 

For Class 2 processes (X,, > X;) the operating costs of 
a downrated plant are minimised by operating the 
process at a conversion X greater than X,. Full use is 
made of the reaction system capacity, and although there 
may be some decrease in selectivity this is more than 
offset by recycle utility savings. As with Class | processes 
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the conversion must not be changed too much or the 
optimum value may be passed. 


(b) Uprating of Existing Plant 

By similar reasoning it is clear that analogous argu- 
ments apply when an upturn occurs in the market 
requirements. Methods of debottlenecking a process fall 
into 2 categories: 


(a) Increase the operating conversion per pass at fixed 
recycle mass flowrate. 

(b) Increase the recycle mass flowrate at fixed con- 
version per pass. 


Case (a) requires extra reaction capacity (increased 
temperature, pressure, more active catalyst, extra 
reactor volume), and more capacity in the feed, 
product and byproduct handling systems. A poorer 
process selectivity is likely to result from the increased 
operating conversion 


Case (b) requires extra capacity in the recycle system 
(increased capacity of still, reboiler, condenser, 
pumps, compressor) and a higher recycle utility usage 
As in Case (a) extra capacity in the feed and product 
handling systems would be required as a result of the 
higher throughput 


The choice between debottlenecking a process by 
method (a) or (b) (or a combination of the two) will, of 
course, depend on which option requires the minimum 
total expenditure (i.e. marginal annualised capital ex- 
penditure plus marginal increase in operating costs) fer 
the required increase in capacity. In trying to determine 
the extent by which an existing process can be eco- 
nomically uprated a balance must be reached between 
the marginal extra expenditure and the income resulting 
from the extra sales 


DESIGN FOR VARIABLE PRODUCTION 
RATES 

The effect of variable production on process operating 
costs should also be considered at the design stage 
Processes are normally designed when there appears to 
be a growing market for the main product. However, 
there is always some uncertainty in demand forecasts 
and the sustained production rate required of many 
plants changes during their operating lives. There is 
therefore clearly an incentive to design a plant not just 
for a single ‘design rate’, but rather to cope economically 
with a range of market demands. Processes that fulfill 
this requirement may be regarded as ‘economically 
resilient’ to varying production rate. 

The problem of designing chemical plant in the pres- 
ence of technical and commercial uncertainty has been 
addressed by numerous authors in terms of probability 
density functions, and some valuable work has been 
done in this area.*’ The approach adopted in the present 
paper uses considerably less mathematical soph- 
istication, and is particularly suited to the rapid screen- 
ing of alternative processes in the early stages of process 
development. It is also suitable for the directing of pilot 
plant design and experimentation. 
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The method of analysing the operating costs of in 
stalled plant described above and illustrated in Figure 4 
also provides a means of addressing the subject of 
‘economic resilience’. Plots such as Figure 4 showing 
feasible operating conditions and costs over the range of 
anticipated production rates can be generated for a 
number of alternative process designs. From these the 
minimum operating cost of each design car be estab- 
lished at a number of production rates over the antici- 
pated range 

However, to compare the overall process economics 
for the alternative designs it is necessary to add the 
appropriate annualised capital cost to 
operating Costs 


h range of 


Cac 
As each design is ‘fixed’, the appropriate 
capital cost component is simply a constant to be added 
to all of the operating costs for a particular 


option 
show the variation of total annualised cost (7'A¢ 


design 

The results of this analysis can be plotted to 

each design as the production rat 
Figure 5 is an example of this ty based on 

a recent study of an ICI process. The system is of “Class 

l’ type (XY, < X;; see Figure 2) 

structure very similar to that shown in 


5 shows schematically the impact of prod 


y 
TAC for three possible designs, al 


Same structure but each of which 
design value of conversion per pass 
Note that the study 


analysed only th 
section of the flowshee 


The upstrean 
downstream (i.e. product separation and hi 
tems were not considered in detail. However 
of the upstream and downstream units 
be insensitive to the detailed design of the re: 
system, and it was therefore permissible t 
the problem and consider the reactor 
alone 

The ‘Base Case’ design (Design | on I 


on the conversion 


which minimises 

alised cost for the minimum anticipated product 
Designs 2 and 3 are alternative systems 

Same production rate 
X,< X,<(X 


ipation Ol a 


operate al 
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The reactor is of a design which permits higher 
conversions to be achieved at minimal extra cost. In 
contrast the recycle still is a high capital cost item which 
cannot easily be uprated beyond its design throughput. As 
the market requirements rise, therefore, the most appro- 
priate means of uprating the plant capacity appears to 
be method (a) given above: 1.e. increasing the operating 
conversion per pass at fixed recycle mass flowrate 

Design 3 has the lowest operating conversion at the 
minimum design production rate. Consequently this 
design has the greatest recycle rate and the largest recycle 
still. As the still (with its ancillaries) is the most costly 
item in the flowsheet, this design has the highest capital 
cost of the three options 

In all three design options the recycle still would be 
operated at its maximum loading for all production rates 
in the anticipated range. The operating cost associated 
with the liquid recycle is therefore essentially indepen- 
dent of production rate for all given design options. 
However, as the production rate increases the operating 
conversion in all three designs rises, leading to a loss in 
selectivity and consequently a rise in raw material costs 
For this process the selectivity-conversion relationship 1s 
non-linear with the selectivity being very low at high 
conversions. Hence the rise in operating costs which 
results from the poorer selectivity at high production 
rates is most pronounced in the ‘high conversion base 
case’ (Design 1). As a consequence the ‘base case’ 
(Design 1) has by far the largest TAC at the maximum 
anticipated production rate given in Figure 5 

The TAC of the lowest conversion option (Design 3) 
rises the least steeply of the three curves with increasing 
rate and might therefore be regarded as the most ‘eco- 
nomically resilient’. Nevertheless the intermediate con- 
version case (Design 2) gives a lower TAC than Design 
3 throughout the entire operating range. From Figure 5 
it can also be seen that Design | is only better than 
Design 2 if there is negligible (or negative) growth in 
market requirements. 

Design 2 therefore appears to provide the best ‘com- 
promise’ design. Not only does it offer acceptable oper- 
ating costs throughout the anticipated range of prod- 
uction rates but it also provides a plant with a capital 
cost significantly lower than that of Design 3 and only 
a little higher than the ‘cheapest’ option (Design 1). 

The comparatively low capital cost of the preferred 
option is particularly noteworthy, as the more expensive 
Design 3 would only be competitive if the anticipated 
maximum market growth were achieved or exceeded. As 
has already been noted, there is always some uncertainty 
in demand forecasts; and the selection of a moderately 


low capital cost design means that less has been lost if 


expectations are not fulfilled—whilst retaining the capa- 
bility to meet the demand if it does materialise. 

The consideration of only three different sets of design 
conditions in this study is clearly insufficient to derive a 
‘rigorous’ optimum design. However, this analysis does 
allow the rapid identification of the approximate range 
of values within which the optimum lies, and so provides 
a clear direction for preliminary process development 
and for pilot plant work. 

This example has been presented to illustrate the 
practical application of the techniques described in this 


paper. In this particular case the savings associated with 
the results of the study are fairly modest. It has been 
estimated that the total annualised cost of a system 
designed on the basis of these results would be roughly 
£200,000/yr less than that of the system that would have 
been designed without the aid of the study; although the 
achieved savings clearly depend on the actual production 
demands. Other similar studies carried out within ICI 
have identified substantially larger savings. 


CONCLUSIONS 
Two distinct classes of reactor/recycle systems have 
been identified. They are distinguished by the relative 
values of conversion at which their capital, operating 
and total annualised costs are minimised. The optimum 
distribution of design margins differs for the two process 
types: 


For systems in which the operating costs are mini- 
mised at a lower conversion than that which mini- 
mises the capital cost (Class 1) overdesign should be 
concentrated in those parts of the process that handle 
recycle flows. 

Where the operating cost minimum lies at a higher 
value of conversion than that corresponding to the 
capital cost minimum (Class 2), design margins should 
be built primarily into those parts of the plant whose 
loading increases at high conversions 


Short cut techniques have also been deveioped for 
assessing the performance of systems of this type when 
they are operated away from their design conditions. 
These can be used to optimise existing processes under 
modified production demands, or to assess the incentives 
for process retrofits. Moreover, use of similar techniques 
at the design stage allows a comparison of alternative 
processes to be made with respect to their performance 
over a range of anticipated production rates, and hence 
assists in the selection of the most cost-effective designs. 


APPENDIX: FIXED VOLUME REACTOR 
MODEL 

The impact of changed feed conditions on the reactor 
is an important factor in assessing the overall economic 
effect of deviations from design conditions. The analysis 
of one type of ideal reactor system is described in this 
appendix. 

Consider the first order consecutive reaction: 


Dene Pf mt 


taking place in an isothermal plug flow reactor. P is the 
desired product, and there is no change in the total 
number of molecules during the reaction. 
A mass balance on an incremental element of volume 

OV yields: 

dC, = —k,C, 6V/Q (i) 
whence: 

Cas = Ca, exp (—k, Vz/Q) 
and 


dC, —k,Cy 
dv @Q 
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Here C,., Ca, are the initial and final concentrations of 
the feed material A in a plug flow reactor of total volume 
V;. Q is the volumetric flow rate through the reactor, 
and the density (p ) is assumed constant. 

A similar balance on the product P yields 


dC, = —dC, —k,C,dV/2 (iii) 
Rearranging and substituting for dC, /dV from (ii) gives 
d¢ k,V 
(1V) 
d} OQ 
where C, is the concentration of P after the material has 
traversed a volume V within the reactor. Solving equa- 
tion (iv) subject to the constraint that C,=C.,,, at the 
reactor inlet gives the following expression for C.,, the 
concentration of P leaving the reactor 
k,C, k, V- | 
= exp | } — exp 
(k, —k,) QO | 


a ner an 
P+k,C,/O =C, o exP| 


nf 


k,V; 
+ C,. exp ( O 


(provided k, #k,). 
The nett production P, of product P is given by 


P, = Op (Coe — Cio) (vi) 


The relative yield or ‘selectivity’, S, of the reaction is 


given by 
{oe 
ad 


(V1l) 


If C,, = 0 (i.e. none of the product P at the reactor inlet), 
this simplifies to 
5 k, [exp (—k, V;/Q) — exp (—k,V,/Q)] 
(k, —k, [1 —exp(—k, V+/Q)] 
Using equations (vi), (vii) and (viii) it is possible to 
explore the impact of changing the throughput Q and the 


{V111) 
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recycle composition on the production rate and select- 
ivity obtained from a reactor of fixed volume | The 
effect of temperature changes can also be assessed if the 
temperature sensitivities 

are known 


of the rate constants k, and 4 


NOMENCLATURI 


REFERENCES 


I D 


ACKNOWLEDGEMENTS 


( 


| 


ADDRESS 





SOME EXPERT SYSTEM EXPERIMENTS 
IN PROCESS ENGINEERING 


By K. NIIDA*, J. ITOH*, T. UMEDA*, 
S. KOBAYASHI* and A. ICHIKAWA 
*Chiyoda Chemical Engineering and Construction, Japan, 
+Tokyo Institute of Technology, Japan 


The research aims to attain know-how on developing commercially usable expert systems in engineering. Four experimental 
expert systems have been developed. They are characterized by desigr problem applications in relatively narrow domains such 
as diagnosis, selection, and synthesis. These expert systems are selected in typical domains in process engineering: the synthesis 
of distillation sequences, the synthesis of distillation control systems, the selection of inert gas generation processes, and a small 


problem related to the synthesis of P and I diagrams. 


The results of the experimental work and several requirements for realizing commercially useful expert systems are 


presented. 


1. INTRODUCTION 


In the past two decades, computer applications in pro- 
cess engineering have made great progress. The prob- 
lems solved by computers are so-called well-structured 
ones and procedures for problem-solving are completely 
predetermined. Problem-solving by process simulators 
with various functions is a typical example. It is possible 
to determine the best solution for each problem. These 
ways of problem-solving by computers have already 
reached maturity. Solving real problems encountered in 
process engineering requires human judgement in pre- 
paring input data and examining output data for each 
specific problem. Furthermore, engineering work is not 
completely supported by computers, especially in the 
problems associated with the synthesis of process sys- 
tems and human expertise is required to do the work. 

In solving these types of problems by computers, it is 


necessary to encode the knowledge and the method of 


inference that human experts have. For this purpose, 
symbolic (non-numerical) programming languages such 
as LISP and PROLOG are utilized. Recently much 
attention has been paid to the application of artificial 
intelligence. Expert systems have been developed in 
various fields of science, engineering, and business as 
well as medical diagnosis, although not many of these 
systems have proved successful when actually used!” 

The following expert systems which have been used 
in industry are: Rl (computer configurator in DEC), 
Dipmeter Advisor System (well-log interpreter in 
Shlumberger-Doll research), PROSPECTOR (mineral 
exploration in SRI International), and PUFF (pul- 
monary function tests in Stanford University and Pacific 
Medical Center). As an indication of the growing inter- 
est in applying expert systems in process engineering, 
several overview or perspective papers have been 
presented at recent conferences, such as Ist PSE* and 
FOCAPD**. Two rudimentary expert systems called 
CONPHYDE and HEATEX have been developed in the 
Department of Chemicai Engineering, Carnegie Mellon 


University". CONPHYDE, developed by using the 
framework of PROSPECTOR, is 2 prototype expert 
system which is designed to aid process engineers in 
selecting an appropriate vapor-—liquid equilibrium 
method by performing various process calculations. 
HEATEX is implemented by using a dialect of the OPS 
family, which is the inference engine for Rl. HEATEX 
is designed to aid process engineers in constructing heat 
exchange networks that minimize energy requirements 
by allowing the exchange of heat among process streams 
with temperature specifications. These expert systems 
are prototyping systems, and are not yet actually used. 
Another example related to process engineering 1s 
PICON which is a real time expert system for advanced 
process control’. PICON has introduced expertise for 
plant operations, and it is operated in a LISP machine 
which is directly connected to existing distributed con- 
trol systems. At present, no reports on the application of 
expert systems to process engineering in practice have 
been published. When an appropriate environment for 
building expert systems is given, the system performance 
mainly depends on the amounts of correct human 
expertise acquired from an applied domain and con- 
tinuous efforts are required for the expert systems to 
have sufficient expertise 

This paper is concerned with the results of cooperative 
research work done at Chiyoda, and Tokyo Institute of 
Technology. Four different kinds of domains in process 
engineering have been selected and preparatory work for 
commercial expert systems development has been don:. 
The first problem relates to the development of piping 
and instrumentation diagrams (P and I diagrams). The 
computer environment in the Department of Systems 
Science, Tokyo Institute of Technology, has been util- 
ized. The other three problems relate to process synthesis 
and have been solved at Chiyoda. They are the selection 
of inert gas generation processes, the determinations of 
distillation sequences and the determination of dis- 
tullation control systems. In solving these problems, an 
in-house developed core part of the inference engine is 
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Table 1. Overview of expert systems developed human expertise in the form of pr 


tool should be flexible, interactive and traz 


Inference 
Expert systems developed has self-explanatory functions that can just 
of inference. A considerable reduction 
development period will be realized 
appropriate tool which has been we 


successfully applied to several 


Computers engines 


o-PSs 
LISP 

HIPS! 
rILISP 


Diagnosis of Pressure Relief Systems ( 

[ 

( 

| 
Synthesis of Separation Sequences in IBM 3033 CHIPS! 

[ 

( 

{ 


MELCOM 
COSMO 700 
Selection of Inert Gas Generation IBM 3033 


Systems industrial d 


however, widely recognized in knowledge 


Distillation Systems TILISP 
Synthesis of Control Systems in IBM 3033 HIPS! that there is no general tool 
Distillation Systems TILISP 


requirements for wide-scale utilizat 

In the present research, initially 
Co-PSs developed by Tokyo Institut 
used on an IBM 3033 Computer. The experimental work 
is summarized in Table 1, 
present research. 


used, and later the core part of the 
CHIPS, which is similar to Co-PSs, has 

at Chiyoda by using UTILISP implement 
3033 Computer with IBM 3270 onlin 


is a production system of distributed 1 


showing an overview of the 


< 


2. PROBLEM DEFINITION 


The main tasks in process engineering are to syn- 
thesize and analyze process systems and their related 
subsystems by taking consideration of various criteria 
such as annual costs, operability, safety and maintain- 
ability. Process engineers receive a set of specifications 


reasoning designed 


to implement the distribu 
driven type knowledge-based systems. CHIPS 


1 


production system with forward chair 


; 


implement useful functions such as patt 
local variables in a rule, 


numerica 


function ca 
Both Co-PSs 


production systems which al Similal 


expressions 
for the systems, and they carry out process design and 
make several documents such as process flow diagrams, 
equipment specifications, P and | diagrams, and plot 
plans. 

Along the guidelines on selecting specific domains 
Suggested by McDermott 


have already been successfully applied 1 
of industrial domains such as design (R1 
(XSEL), control (YES/MVS) and s 


the following typical do- 
mains are selected in the present work: diagnosis, selec- 
tion and synthesis. The first domain is a diagnosis which 3.2. Knowledge aquisition 
is found in the downstream work of engineering related 


The acquisition of the human exper 
to the development of P and I diagrams 


ler 


U1 


An expert 
system for the diagnosis of pressure relief systems is 
taken as an example. Other domains are found in 
examples in the upstream work of engineering. The 


: : 7 | 
S CONnSI« ea 


specific domain 
j 


difficult and important tasks 


system. Although documented kr 


gineering practices and 


second domain is found in the expert system for the 
selection of inert gas generation processes. The third and 
fourth domains are found in the examples of expert 
systems for the syntheses of separation sequencing and 
the synthesis of control systems in distillation systems 


domains related 


enough to build 


recognize the fact th 


available in writte 


pertise for the ab 


been done in the f 
In establishing a knowledge base for 


3. EXPERT SYSTEMS 

Expert systems consist of inference engines, data bases 
and knowledge bases in which human expertise are 
stored. The engines which perform inference by using the 
knowledge bases are software tools for building and 
utilizing expert systems. The data bases are the tempo- 
rary store of information or evidence provided directly 


pressure relief system, a question-and-ans 


was taken. By consulting a desigi 
facilities and engineering documents 
expert picks up if-then rules. The expert 
knowledge on mechanical features of 

networks, fluid dynamics 


" | ’ 
thermody 


some decisions. A knowledge engi: 


why the expert made such decisio1 
reasons 


by the users or derived by computer during inference 
After a set of rules were colle 


analyzed to form a structure expressing caus¢ 
3.1. Inference engine relations by the cooperative work bet 
Several inference engines have been reported. The 
engines such as EMYCIN, KAS, EXPERT, OPSS, 
ROSIE, RLL, HEARSAY III and AGE are basically 
production systems with the different kinds of knowl- 
edge in engineering techniques. In a production system, 
a natural way of expressing human expertise takes the 
form of IF-THEN type rules which are called pro- 
duction rules. The dominant criterion for selecting an 
appropriate tool is the capability of expressing the 


and the knowledge engineer. Fi 
structure which involves several 

In connection with an expert systet 
gas generation processes, in-house 
ments were available. They describe 
ing an appropriate process for given ¢ 
A summary of the knowledge used in 
shown in Table 2. This knowledge has beer 
establish a set of heuristic rules 
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As for the expert system for synthesizing separation 
sequences, there exist a large number of published 
papers, and the domain has been extensively in- 
Among various methods such as heuristic 
methods, evolutional methods, and mathematical meth- 
ods, heuristic methods whict 


vestigaied 


utilize heuristic rules writ- 


ten in English are suitable to be implemented in expert 


systems. The rules have been classified and are sum- 
marized in Table 3 

Knowledge for process control system synthesis has 
been accumulated as facts or experiences. A tremendous 
number of technical reports on process control have 
been published, and they include very good guiding rules 
for control system synthesis where the rules were derived 
from specific experiences. An important issue in devel- 
oping expert systems is to extract heuristic rules from the 
experiential facts both in the literature, and in P and | 
diagrams for different kinds of processes as well as from 
human experts. Useful reports are as follows 


ner 
per 


purity 
pull 
~ YY" ~ 
~YSYVY 
~ 99_® ~ | 


~ YY 99 


200 ~ 4,000 Nm3/H 10 ~ 200 Nm3/H 


~ 50.000 ~ 1,000 


*Very high purity 


> . | 
Optional! liquid 


*High purity 
*Economical 
production at mid-capacity 
*High flexibility *High-pressure 
by storing liquid N storage may be 


*Long start-up time required 


meation 


*Future technology 


Standard textbooks on process control (Buckley, 1964; 
Shinsky, 1982) also involve guides to process control 
system synthesis” 

A technical report issued by Oil and Gas Journal, 
‘How to Instrument the Fractionation Section in Field 
Processing Plants” (1954) is a typical example 

In the area of distillation control, the text book 
(Rademaker et al., 1975) is useful. As guides for dis- 
tillation pressure control, a paper (Chin, 1979) is useful, 
but implementation of the guides is left for future work. 

The above-mentioned knowledge, however, is part of 
so-called surface knowledge and it is often very hard to 
find precise reasoning on the validity of rules and guides. 
For analyzing these rules and guides, it is possible to 
make use of theoretical tools or to use simulators to find 
the characteristics of systems. These sets of rules consist 
of knowledge bases in respective expert systems. Since 
there may exist some conflicts among the rules, it will be 
necessary to modify some rules when they are utilized 


processes 


Hydrocarbon 


combustion ecompositior 


lation Contaminatior 
of H.,, water 
NL. 76 
H 
O,: | pp 
H.O: sat 


Small 


*Simple proces 


*Gas cooling 


*Only when cheap NH 
is available 

required 

*Less reliability 

of Q, control 
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Table 3. Heuristic rules for separation sequencing in distillat 
(The following rules are numbered in Reference 14; the rule marked * is impiemented in versior 
next step) 


RN-0O1 
RN-02 
RN-03 
RN-—-04 
RN-O5 


06 Remove the more plentiful component first 


Take lighter component first (remove components one-by-one as « 
Save the most difficult separation for last 
Favor 50%-50% split 


yverhead pr 


Sequence with the minimum total vapour flow 
Make high recovery fractions last 


Choose the cheapest as the next separator 

Remove the thermally unstable and corrosive material early 

Perform least-tight separation first 

Favour sequences with the smallest product set 

Avoid separation using a mass-separating agent (MSA) 

Remove a MSA from one of the products in another, subsequent separatio1 
\ separation method using a MSA cannot be used to isolate another MSA 
Favour distillatior 


‘ 


Separate first the components which might undergo undesirable reaction 


Set splits fractions of key components to specified values 
Avoid extreme process conditions 


Favour ambient operating pressure 


3.3. Knowledge representation of the knowledge bases in the expert systems 
limitations and exceptions have been given 


It is necessary to organize the logical structures of 
the if-parts of the production rules in the 


knowledge, and to encode knowledge in the forms of 
production rules in such a way that the inference engines 
can utilize them. 

In organizing the logical structure of knowledge, total 
control sequences of contexts in production systems and 


4. APPLICATIONS 


4.1. Application 1: 


the detailed structure of data bases should be determined , , 2 
. : Diagnosis of a pressure relief system 


first. In the expert systems under investigation, the ; 
As a simple example of expert system 


determination of knowledge base structures was not 
difficult, and they can be easily modified if necessary, 


the diagnosis of 


process engineering, 
system was examined. This example 
domain characterized by 


Figure 2 illustrates a 


because the systems are not so complex or large in size 
that they can be analyzed and implemented in the expert 
systems. 


the cause-and 
typical example 
In encoding the knowledge, however, there have been possible overpressure at the downstrean 
substantial problems due to the fact that the knowledge 
was expressed in ambiguous forms such as natural 
language. The knowledge acquired is expressed by tables 
or heuristic rules. Both are written in natural language 
The expert systems with diagnosis and selection types 
have their knowledge bases in the form of symbolic data 
or natural language which were constructed by observed 
data from users. The synthesis types expert system, 
however, should have its knowledge bases in the form of 
symbolic data as well as numerical arrays. Component 
flow rates and relative volatilities in the expert system for 
synthesizing distillation sequences are such examples of 
observed data expressed by numerical arrays. There is a 
large difference between the observed data and the 
heuristic knowledge. The difference is due to the require- 
ment of data abstraction from the numerical arrays to 


exchanger which is involved in the part 


process 
flow-sheet given in the figure. In this particular case 
study, the system has the possibility of 

SURE” owing to the causes explained 11 

of the statements in the hgure In respon 
questions raised by computer, a user has 

one of these characters: N (No 

known). By backward chaining on the basis o 

inputs, the results of inference have been stored 


(yes) 


base. For example, for the statement gi 
line from the top, rule no. 201 was fired, a1 


“UP-STREAM-BLOCKAGE” was infer 


er 
Vill 


4.2. Application 2: 
Selection of inert gas generation processes 


symbolic data. The inference engine CHIPS has been 
developed in such a way as to match the observed 
numerical data with the sets of heuristic knowledge. To 
abstract the data, numerical techniques such as nor- 
malizations of numerical arrays and utilization of 
threshold values have been introduced. 

There is another problem in utilizing and encoding 
heuristic knowledge. Such knowledge is expressed am- 
biguously and incompletely, and there is very often no 
description of the limitations and exceptions on knowl- 
edge validation. As the result of experimental utilization 
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C.E.R.D. 64/5—D 


A prototype expert system for the selection of inert gas 
generation systems has been developed as an example of 
process selection for a given set of specifications. This 
problem belongs to the catalogue selection type domain 
which involves selections of tray type, rotating machine 
separation units, etc. In this type, knowledge 
acquisition and its implementation were relatively simple 
because the necessary information and solutions could 
be clearly defined by symbols and some numerica 
values. The knowledge 


Table 2. 


both 


acquired is summarized in 
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4 typical example is show 4.3. Application 3: 


Synthesis of separation sequences 


process engineer was going to find 
gas generation process for a large 
high-purity liquid CO, product 
ence by CHIPS, a cryogenic ait 
selected, and additional informatio 


1as been well inv estigated and several 


ive been proposed. They are summarized in 


suct 


lhe present work of developing a prototype 


} 


ence numbers for engineering practices las a strong connection with the heuristic 
were obtained. This practical human expertise and knowledge used in 


ire 
i 


and the result of inference cou are the heuristic rules which have been 


2. By the experience gained by this the literature. These rules have been 
t modified and encoded in the form of production rules. 
the first step to the application ol 


I expert systen production rule and its related heuristic rule are 


said that catalogue selection type domain 


on systems 
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p 


Rule identifier f 
;  IF-PART 
(GOAL *STATE SM LECTION ) : GOAL 


(P TAKE-LIGITER-COMPONENT-FIRST . 
» where 


entity is a 


(STREAM * IDENT 7M SOECTION eNEXT-RULE 
*FEED :NCP(# 1) :F :F% :F-ORDER 
eSET >NSUT SET °C- IDENT 
*PROPERTY <:VAPOR-P :ALPHIA ) 
(RULE-INFO *MIN-FS :MIN-F% eMIN-ALPIIA :MIN-AL ) 


$SET-TO ( $VAILUE(i :SET) :SET) 
:NCP 

$SUM (1 :T0 :FX) 

$SUH (1 370 :F¥) 

SVALUE( :TO sAIPIA) 

$GEN-IDENT | :CUILD-2 = $GEN-IDEN 


:D 3 
USED 
:CHILD-1 


SVAPOR-P) $TAKE(I 
NOT 

I *NEXT-RULE ANY 

:NCP-TO $TAKE(:TO+l :NCP sf 

$TAKE(:TO+] :NCP :SET) 

$TAKE(:TO+1 :NCP :C-ID 

$TAKE(:TO+l] :NCP : VAPOR 


) attribute name , 

LISP function caliing with or without a 
variable symbol] for a datum or data a 
logical or numerical expressior 


shown in Figure 4. The production rule consists of two appropriate 
special symbols (P and ), and several clauses which quencing 
are in the form of lists with parentheses. At present, have been 
there are 28 production rules, half of which are related rules, and ¢ 


to heuristic knowledge of the domain. The other rules ranked rule 
] 
Ai 


imitations al 


output, context control, job initiation. The total control name in 


are related to several utility functions such as input, 


sequences of the contexts which can be considered to be 
subtasks in the system are implemented by introducing 
GOAL clauses for all production rules as well as rules 
encoded in OPSS. The name of the contexts are INI- 
TIAL, INHIBIT, STATE, SELECTION, DESIGN, and 
SUMMARY. The three contexts (STATE, SELEC- 
TION, DESIGN) are used in finding appropriate splits 
for given streams, and are iteratively utilized until there 
remains no stream to be split 

A typical example of separating a light hydrocarbon 
feed with five components (A, B, C, D, E), as shown in 
Figure 5, is selected from recent literature’. One may 
find the following heuristic rules which can be fired for 
the first splitting. The rules have been stored in the 
knowledge base in the following order 


*Take-lighter-component-first rule for (A/B C D E) 
cut 

*Favor-50%-50%-split rule for (A B C/D EB) cut 
*Remove-the-more-plentiful-component-first rule for 


(A BC D/E) cut 


To select one of the rules, it is necessary to account for 
the effects of relative volatilities and flow rates on an 
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The symbol :MIN-AL means the minimum allowable 
relative volatility for a cut point. The symbol 
-DOMINANT-F% means the minimum allowable flow 
rate to be considered as a plentiful component to be 
separated. The symbol :ABOUT-50% means the allow- 
able range in the percentage to be used in Favor-50%- 
50%-split rules 

The result of inference and selected rules are shown in 
Figure 5, and the values of the limitations used are 
summarized in the description of the figure. The result 
was the same as one of the results obtained by the 
ordered heuristic method and the KQ-heuristic evo- 
lutionary method”. For the first split, Favor-50%-50%- 
split rule was used 
position than 


If this rule was located in lower 
Remove-the-more-plentiful-component- 
first rule, that rule was also seiected for the first split. 


From these results the value of the limitations is consid- 
ered to be dominant in avoiding conflicts among the 
production rules. 


4.4 Application 4: 
Syathesis of control systems 

A prototype expert system named synthesis of control 
systems in distillation systems has been developed to aid 
process engineers in designing distillation systems. The 
present work has a strong connection with heuristic 
methods. The human expertise and knowledge used in 
the example are not only heuristic rules written in the 
previous texts, but also the facts written in text books for 
chemical engineering and control system engineering. 
This knowledge has been modified and encoded in the 
form of forward production rules in CHIPS. There exist 
95 production rules in the knowledge base. Half of them 
are related to heuristic knowledge of the domain. The 
rest of the rules are related to several utility functions 
such as input, output, context control, job initialization 
and symbolic manipulations 

For illustrative purposes, some of the rules related to 
finding control loops in the bottom section of a dis- 
tillation system are shown in Figure 6. The first rule in 
the figure has the role of finding a control loop whose 
controlled and manipulated variables are the bottom 
flow rate B 

A problem under consideration is to synthesize a set 
of control loops in a debutanizer in a refinery as 
summarized in Table 5. The feed to the debutanizer is a 
depropanized gasoline which comes from a depropanizer 
bottom. Its products are stored in storage tanks, re- 
spectively. By the analysis of the degrees of freedom, it 
is found that five primary control loops can be used. The 
manipulated variables are the flow rates of cooling 
medium C, distillate D, reflux R, heating medium H, and 
vapor distillate DV with discontinuous flow. The con- 


of light paraffins 


Propane 
i- Butane 
n-Butane 
i-Pentane 


n-Pentane 


Table 5. Example. Debutanizer in a refinery 
Entity Basic Item 


EQUIP Feed 
Feed from 
Distillate 
Distillate to 
Off Gas 
Off Gas to 
Bottom 
Bottom to 
Bottom Flow Rate 
Cooling Medium 
Heating Medium 


Specification 
Depropanized Gasoline 
Depropanizer Bottom 
Butane 

Storage Tank 
Sometimes 

Flare Stack 

Gasoline 

Storage Tank 
Medium (not small) 
Water 

Heating Oil 


Manipulate Var C2 & & Bae 


Control Var 
Basic P, LD, LB 
Specified R, TS 


trolled variables are the system pressure P, the flow rate 
of reflux R, the bottom temperature TS, and the liquid 
levels of top LD and bottom LB. 

As the result of inference by CHIPS, a set of control 
loops for the debutanizer was synthesized. They are 
shown in Figures 7 and 8. Figure 7 is an intermediate 


Figure 6. Example of production rules 


Chem Eng Res Des, Vol. 64, September 1986 





SOME EXPERT SYSTEM EXPERIMENTS IN PROCESS ENGINEERING 


CONTROL VARIABLE 


PRIMARY LOOPS 


Figure 7. An intermediate solution 


solution for pairing between the controlled and manipu- 
lated variables. The result shows eight candidates of 
control loops infered after the control context “FIND 
LOOPS”. Consequently, two of the eight candidates are 
to be deleted. Controlled variables P, TS and LB, 
manipulated variables C, H and B are not one-to-one 
correspondence, and controlled variables P and TS in 
the primary control loops have two control loops, 
respectively. By applying a synthesis strategy saying “A 
controlled variable which has only one available control 
loop should be selected’’, the following two control loops 
are discarded: 

Control loop: P H 

Control loop: TS B 


Figure 8 is the schematic diagram for the final result. The 
five control loops were synthesized. P is normally con- 
trolled by C and sometimes by DV indicated as a 
secondary loop. 














Fired rules 
Non fired rules 
CPU time (secs 





Figure 8. Result of inference 
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5. DISCUSSION 

The present research on the prototype expert systems 
has given us useful knowledge on the applications to 
process engineering and the requirements for realizing 
commercially useful expert systems. In building expert 
systems for process engineering, the following points 
should be carefully taken into consideratior 

Data abstraction from raw data in some domain to 


natural 
language is a key factor. In the example of the expert 


heuristic expression in symbolic forms of 


system for distillation system sequencing, the raw data 
are stream vectol ivolve YI nt flow 
rates of feeds tween the 
components. The heuristic expressior e been writ- 


ten in natural language. To overcome difference 


between two expressions, several thre 
have been used 


There is 
production rules 


[he problem ts 
among production rules which can 
time. Several meth« for solvins 

presented in the lit 
method called t tion-ordered n 


used 


relatively nart 
tems. Analysis 
systems and selecti 
and processes are 
Most pre blems could | 


selection 


It is required that 
gineering should have 
gineering prog! 


been utilized 


It is important to have a good g 
interface so > 


system witho 


process enginee 
good skill or know 
operate expert systems 


ne 
Ine 


able inference en 


eo 
flow diagrams wit 


represent process 
is common practice | 
control requll 
process flow diagram 
process enginee 


flow diagrams 


6. CONCLUSION 

Through the experience of developing 
pert systems in some domains of process en 
authors have learned many lessons i 
mercially useful expert systems. It ca 
the development of expert systems with knowledg 
constructed from surface knowledge 1s 
difficult, provided that human expertise 
mains, knowledge engineers and an apy 
ligent machine are available. The development of e 
systems integrated with process design tools 


process simulators will require solving substantia 
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lems which cannot be experienced in developing simple 
systems. Solving these problems is left for future work. 
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BOOK 


Project Evaluation—a unified approach for the analysis of 
capital investments 
J. M. English 
Collier Macmillan, 
pp 394. £35.95 


1984 


The sub-title is a more accurate description of the book’s 
subject matter than its somewhat misleading main title, 
but this does not detract from its value. Many chemical 
engineers would benefit from a better (or even rudi- 
mentary) appreciation of the issues discussed. Indeed, it 
would be good if they became part of all engineers’ 
general education; it might even help improve the status 
of engineers 

An introductory chapter focused mainly on project 
investment is followed by others dealing with economics 
fundamentals, macro-economics, time-value concepts, 
Then 
come chapters on accounting, taxation and the provision 
of finance in a general way. All this feels like a long and 
rather tedious introduction to three key chapters which 
analyze the more difficult and interesting problems 
encountered in real-life situations, such as inflation, risk 


discounting techniques and their relationships 


and the effects of unexpected changes. Finally, a series 
of evaluations of a hypothetical major synthetic fuel 


REVIEW 


project is used to illustrate the analytical approach and 
the methods developed earlier. This example deals also 
with the issue of sensitivity in relation to various factors 
Several computer programs suitable for the methods 
used are included in an appendix 

Except for a novel generalized depreciation function, 
the material in the book seems to be well established, 
though approached in a way which ought to make the 
economics concepts more palatable to engineers. Never- 
theless, this book, especially its early chapters, is not very 
readable and seems to be more concerned with the 
evaluation of investment in general rather than capital 
projects with an engineering input. Another drawback is 
that the general investment scene, the financial and allied 
are all 
American so that they do not always coincide with their 
British counterparts. 

In conclusion, from the ‘engineers’ general educa- 
tion” point of view mentioned earlier, a study of this 
book is well worth the effort and slight irritation 
However, for the day to day requirements of project 
evaluation other more suitable texts are available, not 
least the IChemE’s own Guide to the Economic Evalu- 
ation of Projects 


terms used, the stock exchange practices, etc., 


J. M. Solbett 
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PARTICLE BREAKAGE AND MINERAL 
LIBERATION MODELLING 


By G. BELARDI*, G. BONIFAZI** and P. MASSACCI** 
*Istituto per Trattament j , \ i ’ Ran ; 


** Department of 


The development of a mathematical model for describing the liberation of a mineral from the gangue is discussed. Starting 
from the random model proposed by Wiegel and Li a new model has been developed which takes into account the complexity 
of the ores and of the treatment processes. This has been achieved by considering that the proabability of a grain breaking 
is linked to the grain-size class and to the nature of the specimen constituting the grains. Simulation procedures have been 
evolved which give results in good agreement with those obtained experimentally 


INTRODUCTION 
It is of great importance to define the characteristics 
ores to be processed and of materials produc ed by su 
processing in order to make quantitative evaluations « 
the results. Assuming that the most common ob 
mineral processing is to separate 
components—so as to _ concentrate 
mineral—it is essential to assess the degree of 
obtained or which can be obtained, by 
grinding 


Ll 


There are many difficulties in correct 
definition of the degree of liberation 
mental measurements, all related to the devel 
methods for measuring the various minerals and p. 
cessing the data 

These difficulties, of course, stem 
plexity” of the materials concerned, 
eralogical, morphological, textural 
characteristics typical of each ore 

The development of theoretical models is tht 


A> VL 


1 


welcome, since they enable calculation of the degree of 
liberation merely by analysing the characteristics of 
original ore, without any need for experimental 
(comminution and measurement of data 
products). 

Mathematical models for determining 
liberation may be considered a first step in rese 
aimed at achieving a much broader objective, namely 
global modelling of the entire treatment process sta 
solely from definition of feed characteristics 


DEGREE OF LIBERATION: DEFINITION 
AND EVALUATION 
The degree of liberation of a mineral is common 
understood as being the relationship of the volume (o1 


| 


weight) of the free grains of that mineral to the total 
volume (or weight) of the mineral present in the sample 
Hence this parameter may depend on 


mechanical characteristics of the ore 


textural characteristics of the ore (degree of impli 
cation between various minerals present) 
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rupture of particles, the probability being the same for 
all types of mineral grains in the original ore (two 
mineralogical species assuming binary composition). But 
the outcome of comminution actually depends on par- 
ticular aspects of the different mineral intergrowths and 
the type of induced stresses. 

An attempt to take account of such particular aspects 
was made by Steiner (1976), who considered liberation 
kinetics as a variation of the degree of intergrowth of 
the mineralogical species; thus, concepts such as curves 
of liberation characteristics, intergrowth, phase- 
coordination matrix and matrix of intergrowth classes 
were introduced. 

Another attempt to produce a model that takes ac- 
count of the non-uniform behaviour of mineral grains, 
in size reduction was made by Andrews & Mika (1975) 
for a batch mill; but the formula they evolved can be 
used only for very simple cases and is applicable only to 
a binary system. 


LIMITS AND APPLICABILITY OF THE 
RANDOM LIBERATION MODEL 


The random liberation model! (after Wiegel & Li) is 
based on the following assumptions 


only two minerals A and B, are present in the ore 
(initial aggregate) in volumes V, and V, 

all grains of both ore minerals are taken as being cubic 
and of the same size « 

the grains of the two minerals are randomly arranged 
comminution occurs by means of random fractures 
having a cubic structure, parallel to the grain lattice 


and the ore is broken down into cubic particles of 


size fp 

there are no spaces between the grains which are 
perfectly juxtaposed 

the ratio of the two minerals in the ore remains 
constant in all particle-size classes. 


These assumptions have been used to derive mathe- 
matical expressions allowing the calculation of the 
amount of liberated grains of each mineral produced by 
the comminution process as a function: 


of the ratio of mineral grain size in the intial aggregate 
a to that product p(k = «/f) 

of the volume of each component in the initial aggre- 
gate (n = V,/V,). 


Considering the above restrictions, the probability 
P, of obtaining liberated grains of species A can be 


calculated as follows: 


where 


with 


t largest integer containing 1/k and 
€ remaining fraction. 


Similarly, for species B, the probability P, is 


n+] 


P,= (1 


(2) 
n+ 1 


while for composite grains (consisting of both A and B), 
the probability P,, is given by the expression 

Pap — l (P, + Px) (3) 
The degree of liberation of species A can be inferred 
from 


(4) 


These expressions do not permit description of the true 
behaviour of complex ores, especially those having vari- 
ous grain sizes, and differences in mechanical behaviour 
of the various species. Further assumptions must thus be 
introduced. 


ASSUMPTIONS FOR A PARTIALLY RANDOM 
LIBERATION MODEL 


Wiegel & Li’s model has been supplemented by the 
following corrective assumptions: 


the ore (initial aggregate) is assumed to be a binary 
(two-phase) system even when many minerals are 
present (in this case Phase A and Phase B are each 
ascribed a specific weight calculated from the weight 
average of the specific weights of the various minerals 
grouped into the relevant phase); 

the comminution process entails reduction of the intial 
aggregate into particles, generally differing in size (f,), 
with a particle-size distribution consisting of various 
classes (1= 1,...n), to be evaluated experimentally; 
the weight (or volume) ratio of phases A and B in each 
particle-size class resulting from comminution is con- 
stant and equal to the value assumed. 


These assumptions have also been supplemented by 
alternative assumptions to improve the accuracy of 
Wiegel & Li’s model. 


Alternative One 

The initial aggregate is taken to consist of cubic grains 
all of the same size (x) namely the most numerically 
frequent size found through statistical 
polished and/or thin sections of the ore. 


analysis of 


Alternative Two 

The initial aggregate is taken to consist of cubic grains 
having the same size (~) assessed as that most frequently 
found, in terms of weight, by statistical analysis similar 
to that in Alternative One. 
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Alternative Three 

The initial aggregate is considered to consist of cubic 
grains, in general of different sizes («,), according to 
a classified weight frequency distribution (j= 1,...n) 
inferred experimentally from _ statistical 
polished and/or thin sections of the ore. 

The initial aggregate is thus considered to be an 
association of n reduced aggregates (identified by }) on a 
weight basis. 

Each reduced aggregate is taken to consist of cubic 
grains all of the same size (x,) as in the preceding point. 

The weight ratio of phases A and B for each reduced 
aggregate is the same as that assumed for the initial 
aggregate. 

The degree of liberation (DL) of Phase A can thus be 
evaluated by applying Wiegel & Li’s expressions to- 
gether with the corrective assumptions and, if need be, 
also the additional assumptions in Alternatives One and 
Two. However, none of these assumptions takes account 


analysis of 


of the fact that when grains of a phase containing 
different sizes are present in an ore, the larger ones 
contribute more to the degree of liberation of that phase. 
Wiegel & Li’s model therefore provides reliable results 
only for ores consisting of grains of the same size (as 
occurs for example with many Cr and Fe ores, but not 
with most complex ores, such as Pb and Zn sulphides 
and oxides). 

The additional assumption presented in Alternative 
Three helps take account, to a certain extent, of the 
textural complexity of most ores. For each reduced 
aggregate (}), is possible to define the 
average size of the particles f;, belonging to the i-th class 
resulting from comminution of (j) characterized by 
grains of the same size x. Hence for each reduced 
aggregate (}), the parameters P,;, Ps, Pap, and the 
corresponding V,;., Vg, are calculated, by Wiegel & Li’s 
expressions. 


therefore, it 


Therefore the degree of liberation of two phases (DL, 
and DL,;,) can be calculated for each particle-size class 
i, inferred from each reduced aggregate ()}) 

The degree of liberation (DL,; and DL,;) of each of the 
two phases, for each particle-size class, obtained from 
the initial aggregate by comminution can be inferred 
from the weighted average of the degrees of liberation 
(DL,;, and DL,;,) relating to the corresponding particle- 
size classes of the reduced aggregates, according to the 


Table | 


ORE | (Buggerru-Caitas) 

(ELEMENTS) Zn Pb Ca 
12.28 0.54 
ZnO PbO 
15.28 0.59 


( /o)} 
(GROUPS) CaO 
("%) 38.6] 
(MINERALS) Calcite Smithsonite 
(%) 68.92 23.55 
ORE 2 (San Giovanni) 
(ELEMENTS) Zn Pb Fe Ba 
(%) 545 2.60 3.15 0.14 
(GROUPS) ZnO PbO Fe,O, BaO 
(%) 6.79 2.80 4.5] 0.16 
(MINERALS) Calcite Goethite 
(%) 40.37 5.01 
Sphalerite 


0.64 8.10 
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Chemical and mineralogical characteristics 


27.60 


Barite + Whitherite 


Smithsonite 


formulae 


-( ¥ Dla ¥as)/| 


DL, 


DLy =( ¥ Dlg Va;)/( ¥ 
where V,, and V,, are the weighted frequencies of the 
Phase A and Phase B grains of size « in the initial 
aggregate 

Liberation functions can be evaluated for any complex 
ore, such functions can be represented by a vector DL, 
(where M varies from A to Z) for each mineral species 
present, by assuming the aggregate to be a binary system 
where there is a phase M which consists of a single 
species and another the other consisting of a single 
species and which consists of all the other species from 
A to Z except M. For species M the liberation vector is 


DLy 
DLy 


DLy 


obtained from the liberation matrix 


DL DI M Dh us 


DLy, DL, 


DLy, DLy 


by applying the formula 


DL, =| 


—~ 


Y DLs Voi )/( XM 


of the studied 


Mg 

0.16 0.9] 0.06] 
MgO Fe,O Si0,A1,0 
0.27 1.30 2330.30 
Dolomite 


0 $45 


Cerussite 
0.83 


Si Ca Mg 
3.61 23.16 
Si0 


7-74 


4.40 
MgO 


7.29 


CaO 
32.4] 
Cerussite 
0.24 0.40 2.90 
Hemimorphite Quartz 


1.5] 33 
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The calculation procedure is illustrated schematically in 
Figure 1. 


APPLICATION OF THE PARTIALLY RANDOM 
LIBERATION MODEL TO COMPLEX ORES 
Wiegel & Li’s and 
incorporating the alternatives 
have been applied to two complex Pb—Zn 


The various liberation models 
those obtained by 
indicated 


oxidized ores containing many closely intergrown grains 


2c 


(see Table 1) and the ensuring results have been com- 
pared with those obtained experimentally 

The mineralogical species present were identified and 
defined by subjecting each particle to densimetric and 
diffractometric analyses and to optical 
and microprobe examinations 

In both ores the investigations showed a high degree 
of intergrowth. I 


microscope 


n particular, with reference to the useful 
species 


in Ore | (Buggerru Caitas), mainly Smithsonitic, 


Figure 2. Textural characteristics of the Smithsonite ore (Buggerru-Caitas). (a) B.E.I. Image: |. Sphalerite (ZnS); 2. Smithson! 
(CaCO, ). (b) B.E.I. Image: 1. Sphalerite (ZnS); 2. Smithsonite (ZnCO, }; 3. Calcite (CaCO, ). (c) B.E.I. Image: 1. Sphalerite 
(ZnCO,); 3. Calcite (CaCO, ). (d) X.R.M. Image (Zn element-ka, radiation) 
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Figure 


Textural characteristics of the lead and zinc oxidized ore (San Giovanni). 3.1 ote the presence of Smithsonite in the form of fine 
disseminations with a dolomitic matrix (a) B.E.I. Image (b) X.R.M. Image (Zn element-ka, radiation) 


Note the presence of Cerussite (lighter 


grey) in the form of veinings having different orientation and distributions within a Dolomit grain (a) B.E.I. Image 


Smithsonite is present in the form of irregular clusters, 
often in idiomorphic aggregates with the sphalerite 
which is sometimes present. Smithsonite fills cavities 
and fractures too; 

in Ore 2 (San Giovanni) Cerussite-Smithsonite associ- 
ation, Smithsonite is present in a form similar to that 
of Ore |, Cerussite is also present with a fluidal texture 
and as cavity in-filling. 


Figures 2 and 3, detected with the microprobe, illustrate 
these textural characteristics. 

It is seen very clearly that the texture of an ore cannot 
be simply considered as an aggregate consisting of a 
number of regular grains with a continuous, random 


distribution according to the hypotheses adopted in 
Wiegel & Li’s model. It would thus appear necessary 
to verify the additional assumptions which have been 
studied. 

The results obtained by applying the relevant models 
are presented in Figures 4, 5 and 6 with reference to the 
liberation function; the experimental results are also 
given for comparison. The experimental results were 
obtained by crushing and grinding the ore and then 
evaluating the degree of liberation of the valuable spe- 
cies, by measuring the particle-size distribution obtained 
and then followed by inspection under the optical micro- 
scope to ascertain the composition of the particles of 
each size class. 
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Figure 4. Ore | (Buggerru-< 
for the various grain-size \v 
I—values obtained by usir 
(Wiegel & Li’s model). Curvy 
tions of Alternative Two 

assumptions of Alternative Thre 


To obtain these measurements the comminution prod- 
ucts of the ores examined were stained in such a way as 
to ensure differential coloring of the various mineral 
species present, Belardi & Bonifazi (1985). Figures 7 and 
8 illustrate the appearance of the images used for the 
evaluation. 

The liberation function as per the 


pel 


models was evalu- 
ated by statistical study of thin sections of ore assuming 


that the comminution process produces the same particle 
size distribution as mentioned 
The liberation b Alternative 3 
assumptions proves more reliable than that i 
particle-sizes are assumed to have a 

(Alternative 2), as does Wiegel and Li’s 
e oposed model permits reasonably 

The pro >d model p 
Ictic of e degree of liberation of 
diction of the deg f lib 


abdove 


model ased on 
which the 
constant value 
reliable pre- 
the various grain- 
size classes. The main differences between experimental 
values and model in the intermediate 
classes. This fact depends more on the texture of the ore 


results occu! 


considered than on the characteristics of the model. since 


the grains of the intermediate classes are characterized 
by disseminated minerals so their abundance is difficult 


to estimate, at least at the dimensional scale of the 


n 
) 


h 
¢ 


Degree of Liberation (%) 


Figure 5. Ore 2 (San Giovanni): degree of liberation 
the grain-size I 
l—values obtained by using the assumptions of Alternative One 
(Wiegel & Li’s model). Curve 2 
tions of Alternative Two. Curve 3—values 
assumptions of Alternative Three. Curve 4 


1f Smithsonite for 


various values obtained from commuinution 


Curve 
values obtained by using the assump- 
obtained by using the 


experimental values 
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7.3 


Figure 7. A mainly Smithsonitic ore before (Figure 7.1) and after staining (Figure 7.3). The cont 
structure vis-a-vis the other mineralogical species present or grains whose optical characteristics 
be seen (Figure 7.2): (a) Quartz. (b) Smithsonite. (c) Sphalerite. Particle-size class (—0.250 + 0 
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Figure 8. Lead and zinc mixed oxide ore before (Figure 8.1) and after staining (Figure 8.3). The contours of the grain having a particularly complex 
structure as compared with the mineralogical species present can be easily seen (Figure 8.2): (a) Quartz. (b) Smithsonite. (c) Sphalerite. (d) Iron 


oxides. Particle-size class (—0.250 + 0.125) mm 
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The performance of the model can be deemed satis- 
factory, especially considering the type of ore (extremely 
complex structure and texture) taken as reference for 
comparison of the results provided by the model and 
those derived from experimental measurements of lines. 


GLOSSARY 


PARTICLE—Individual mineral present in an ore 

GRAIN—Body resulting from breakage of an ore. It can consist of 
aggregates of different minerals 

ORE STRUCTURE~—Relation between shape and size of the various 
individual minerals (particles) present in an ore 

TEXTURI 
minerals (particles) in an ore 

GRADI 
group or mineral present in an ore 

GRAIN-SIZE DiSTRIBUTION—-Distribution of size of grains into 
which an ore is divided as a result of breakage 

DEGREE OF LIBERATION~— Ratio of volume (or weight) of a given 
liberated species and the total volume (or weight) of that species 
present in the domain considered 

LIBERATION FUNCTION—A vector DL,, expressing the degree of 
liberation of a single species (M ) with respect to all the others in each 


of the grain-size classes into which the ore is divided 


Distribution and orientation of the various individual 


Concentration (expressed as percent weight) of an element 


NOMENCLATURE 


degree of liberation of species A (Wiegel & Li’s liberation 
model) 

degree of liberation of species M (partially random liberation 
model) 

ratio of mineral grain size in the initial aggregate « to that in 
the product f 


ratio of the volume of each component in the initial aggregate 


probability to obtain liberated grains of species A after com 
minution 

probability to obtain liberated grains of species B after com- 
minution 

probability to obtain composite grains (consisting of both A 
and B) after comminution 


percent by volume of the component A in the initial aggregate 
percent by volume of the component B in the initial aggregate 
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dimension of a cubic grain in the iit 
dimension of cubic particles after c inution of the initial 


aggregate (um) 
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UNSTEADY SHEAR FLOW OF VISCO-ELASTIC 
THIXOTROPIC FLUIDS 
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The constitutive relation of visco-elastic thixotropic fluids with integral memory’ is simplified, so that a differential rheological 
model (in terms of the strain tensor) is obtained. The study of the simple shear flow in a slender plane channel shows that 
the model is capable of explaining such rheological effects as non-linearity of effective viscosity, Weissenberg effect and stress 
relaxation. Comparison with experimental data for melted polymers, resinous or paraffinaceous oils is discussed. 


1. INTRODUCTION 


Many materials (melted or diluted polymers, resinous or 
paraffinaceous oils, etc.) contain some hypermolecular 
formations—random arrays of large polymeric struc- 
tures, micelles of asphalts and crystals of 
paraffiniums—causing visco-elastic properties of the ma- 
terial. Accounting for these properties is complicated by 
thixotropic phenomena, i.e. by the destruction of the 
visco-elastic structure under shear stress and its recon- 
stitution with time. In’, one of the authors of the present 
paper suggests a constitutive relation for the description 
of such media, based on the following assumptions 


£ 


resins, 


visco-elastic properties of the material are determined 
by Maxwell’s visco-elastic elements~ existing in each 
particle of the medium. 

these elements are considered as elastic ones with time 
shear moduli. 

deformation is a non-linear (quadratic) function of the 
gradient of the displacement 

under the action of shear deformation, Maxwell’s 
elements break down into ‘splinters’ or fragments with 
probability depending on shear velocity and re- 
combine from ‘splinters’ at a uniform rate. 

in the same manner ‘splinters’ of the visco-elastic 
structure are able to break down into distinct mole- 
cules and to recombine from them 

the destruction-recombination characteristic time for 
Maxwell’s elements is much smaller than the one for 
splinters 


This model, as it was shown in’, describes quite well 
different rheological effects. However, the model is com- 
plex because it includes consideration of the field of 
displacements of the moving medium. This paper de- 
scribes one technique by which the constitutive relation 
of visco-elastic thixotropic fluids with integral memory 
is simplified, so that a ditferential rheological model (in 
terms of the strain tensor) is obtained. 


2. THEORETICAL DEVELOPMENT 


The constitutive relation for a fixed particle of the 
medium can be written as follows: 


T°(t) = 2n, E(t) + 2n,,(0)k(o, t)E*(0, t) 


E(s)k(s, thE 


on) 
+ 2B, 
“—e 


. 


(st) ds (1) 


Here: ¢=time of shear deformation of the particle, 
E(s, t) = Almansi-Euler strain tensor for interval (s, 1) of 
the shear deformation time; E(1) = deformation velocity 
tensor; 7(t)= Cauchy stress tensor; the superscript d 
signifies that the deviator of the corresponding tensor is 
considered; 


(2) 
=the kernel of 


2 = Maxwell’s 


cosity, ,,(t) = 


relaxation of shear modul; 
relaxation time; 4, = Newtonian vis- 
Maxwell’s viscosity; €(¢) = function of 
Maxwell’s viscosity generation. The two latter functions 
y,.(t) and €(t) are determined from 


(3) 


supplied with initial conditions n,,(0)+¢(0) <n, 
where y,,, is the maximum value of the Maxwell’s 


viscosity for the considered material; ¢(t) = shear rate. 


\] 
}2 


: | 
(divV ) > (4) 


TT, 
ae 

where ¢, are components of tensor E in an orthogonal 
coordinate system, V=velocity field, «,(€), B, = 
coefficient of destruction and recombination of the 
visco-elastic structure, «,(€),f,=same coefficients for 
splinters. Finally, 


. 


y(t) = | a[é(z)jdz (i= 1,2) (5) 


. 


For polymers and oils, 4 is essential only in shock 
processes lasting fractions of a second, and we assume 
A =0. 

If x, (€) is assumed to increase rapidly, the memory of 
the material rapidly shortens with increase of ¢. Prac- 
tically important values of € may be assumed to be 
sufficiently large to enable all the history of shear 
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deformation of a particle to be neglected, which means 
that all the values of the tensor E(s, 1) for 0 <s <t are 
ignored except in the vicinity of t(s =f). 

Developing E(s, t) in a Taylor series with respect to s 
at the point s = ¢ leads to: 


E(s,t)= E(t, t)+ E(t)(t —s)++4E(t) 
x (7 $s) + 


, i CE(s, t) 
E(t, t)=0; E(t) = 


cs 

Po 0° E(s, t) 
E(t)= 

cs 

Then consider only the first three terms of equation 
(6). The third term has to be considered as neglecting it 
leads to the total loss of the non-linear dependence of 
Strains on displacement gradient, and the Weissenberg 
effect (normal stress asymmetry) would not be reached 

Substitution of equation (6) for E(s,t) transforms 
equation (1) to the constitutive relation 


T(t) = 2nfé(t), JE%(t) + Cle(t), HES(1) 


where 


Fis) ds 


C = 9,,(0 )le + p E(s) ds (10) 


Although the model (8) is integral with respect to the 
scalar ¢(f) it is differential for the tensor E(s, f) itself 

To apply equation (8) not only the tensor E has to be 
known in terms of the velocity field, which is normal in 
viscous fluid dynamics, but the tensor E£, formally 
defined by equation (7) must be known as well. For this 
purpose consider the motion of a particle of the fluid 
subjected to shear deformation in time interval / using 
a Cartesian coordinate system. The coordinates form a 
vector column xX; u(x, s, ¢) is the displacement vector of 
the particle located in X¥ at time ¢ for the time interval 
(s, t); V(s, t) is the velocity vector of the particle; a(<, 1) 
its acceleraticn, Introduce the displacement gradient 
tensor H=0u/CxX. By definition the Almansi-Eulet 
tensor: 


E(x,s,t)=3;(H +H H’H) (11) 


where the prime denotes transposition. For s -+¢ obtain 


H —>O hence: 
OE 1 os CH 


cs Cs 


OH 


os” ( 5? 
It is easy to show that: 
oH OV(%,t) OH 


( OX OA 
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(14) 


Therefore, the determination of these tensors using 
differentiation of the velocity field V(%,1) does not 


create any problem 


3. EXAMPLE APPLICATION 
Using Cartesian coordinates x, y,z consider the mo- 
tion of a fluid described by the rheological equation (8) 


1 1 
between two parallel planes separated by a dista 


The plane } / is fixed, while the pla 1e 
moving at the instant 0 with velocity 
direction of x-axis fluid is assumed 
pressible and there are no external 
turbances propagate instantaneously in 
fluid, all particles start 


f \) 


deforming at the same 


moment 
Thus ¢ can be identified with the time of shear 
being 
j 


AU 1S 


deformation, mentioned above. The 
plied to the flows in 
sufficiently 
momentum equation m 
dition, the velocity 
component } 


and t 


; meter ies 
VISCUOTIICUCTS 4 . CUTISIA 


small 


being equated to ze! 
and momentum equations 


The only n 


iS NOW e@asy 


The stress distril 


equation (3) as 


where p = p(t) is 

normal stresses) 

Note without proof that similar results 
between 
configurations, which is essential for the 
The exact formula 
shear stresses measured by a viscometer is given by 
equation (18) 


flows concentric cylinders 
theory of 
rotational viscometers to calculate 


The normal stress measured by a cone 
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plate viscometer is: 
(21) 


Consider a case of sudden motion of the lower plane 
with constant speed V(t) = V, at t > 0, Le. € = const. at 
t >0. The solution of equation system (3) allowing for 


t~ A,(€) = 1/\a,(€) + B,| € 4,(€) = 1/\a,(€) + B| can be 


obtained by setting x, = 8, = 0 in equation (3) (i.e. the 
destruction-recombination process at the “splinters- 


molecules” level is neglected). This solution is 
@(V) w (QO) 


1+v,(é) 


v, (€)d(Q) w(Q) 
1+yv,(€) 
where 
v.(€) = a(€)/B., (i= 1, 2): 
0(0)= n,,(0) + ¢(Q): 
Ww (0) = n,(O)v, (€) — E(0) (23) 


if t ~ A,(€), the destruction-recombination process for 
Maxwell’s elements is considered to be a steady one with 
E = v,(é)n,,. The solution of equation (3) for this condi- 
tion can be combined with equation (22), the relation so 
obtained being valid for both ¢ ~ A, and t ~ / 


(24) 


Now equations (9) and (10) take the form [writing 1 
instead of v,(€)] 


w(Q) 


1+ 


@(Q) @(U)+v,w(Q) 


4. COMPARISON WITH EXPERIMENTAL DATA 


4.1. Steady situation 


First examine the steady situation taking place at 
{—+ +0, Le. practically at t > 1,(é€). The shear stress is 
determined using (18) and (25) as 


n.. 


t = 2n(€)-€, ' 
1+ v,(€) + v, (€)v,(é) 


nled=n, + 
Use will be made of the results of acad. V. Kargin and 
his collaborators** for the function n(é) for melts of 
linear polymers. Analysis of these results shows, that the 


Newtonian viscosity and thixotropy of the second order 


do not have a significant influence for such media. This 
is entirely consistent with equation (27), if it is assumed 
that 


v.(€)=0, v,(€)=0.4D"""+D 
(28) 


It appears that t, = 1.32-10° Pa for all the considered 
linear polymers and is independent of temperature and 
the nature of the polymer 

The aqueous solutions of some polymers, as well as 
oils containing high proportions of asphaltenes and 
resins have analogous properties. But in these cases, the 
quantity t, depends essentially on the nature of the 
material. Experimental functions t(¢é) and o(é€) for a 
high-resin (88% of resins) oil of Central Asia° are shown 
in Figure |. Investigation of the line t(¢é) at 20°C using 
the model (27) and (28) 
Nmo = 125.9 Pa.s, t, = 1416 Pa. The corresponding the- 
oretical line is dotted. At 30°C and 40 C non-Newtonian 
properties of the media are essentially relaxed and the 
lines t(€) are straight. It is necessary to set vy, = 0. The 
parameter t, is indeterminable, and the values of 
5.65 Pa.s, 


leads to values. of 


effective viscosity are correspondingly 7 
n= 1.87 Pa.s 

The steady normal stress is obtained with equations 
(21), (26) 


T D 


* 
1+2.9D 


(29) 
2.4 p 4) “ 


2.5 D 

It is possible to bring equation (29) into agreement with 
experimental data for the oil of Figure | at 20°C by 
setting f, = 25.6s 


relaxation times / 


It means that the first thixotropic 
for resinous oils is negligibly small 
At 30°C and 40°C the following asymptotic expression 
of the function (29) for small D may be used 
BD hse 


(30) 


Figure i. Shear and normal stress with respect to deformation velocity 
for a resinous oil 
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This function provides a good description of the non- 
linear behaviour of experimental graphs for o(¢) if the 
numerical factor of ¢'** is properly selected. 

For some thixotropic gels (paraffinaceous oils, boring 
solutions) the function t(¢) has a different character; as 
is shown in’, the parameters 1 


, ¥) may be assumed to be 
linear functions of ¢ 


This leads to the straight line law 


(31) 


of the Bingham plastics. The constants t 


and yn, are 
related to v,(€), v,(€) by 


Such media are characterised by relatively large times 
4,(€). The relation v,(é) > 1 is valid for small values of 
€ (rapid increase of the destruction of the visco-elastic 
structure with increase in ¢). For a(€) we 
G =T5/6f8\ Nmo- AS Mm. for the materials being considered 
is sufficiently large, the normal stress is practically 
insignificant in the experiments 


obtain 


4.2. The time dependence of t 
Consider the case of t ~ /,(€). Using (18) and (25) we 
have 


[p(0) + w(O)e |> 

{€) } 
Assume the material being considered satisfies the condi- 
tion (28), its relaxation time /,(é€) is negligible (small 
fractions of a second), and t appears constant in time 
By virtue of equation (22) the sume n,,(7)+ €(1) 1s 
constant as well. Thus t does not change, when the 
experiment is repeated with the same ¢, and does not 
depend on the time interval of ‘rest’ of the material 

between experiments 

For paraffinaceous oils, the experimental term in 
equation (33) is essential, the order of magnitude of /, (€) 
being tens of seconds. The stress decreases exponentially 
from 2¢[n, + 7,,(0)] + &(0)/(1 + vy, (€)). This iast 
value does not change, when experiments are repeated 
without “rest” of the material (until the total time of 
experiment is much smaller than /,(€), otherwise thix- 
otropy of the second degree comes into effect). The 
initial value of the stress decreases with every repetition 


to 2 ( 


of the experiment, because n,,(t) decreases exponentially 


» 
—_ = 
500 


Figure 2. Effect of repeated loading on the time dependence of shear 
stress. (a) Paraffinaceous oil: |-first loading, 
3—third loading. (b) Resinous oil: | 
without “rest”, 3—thi 


second loading, 
first loading, 2—second loading 


oading after 40h of rest 
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during the time /,(¢). These facts are confirmed by 
experience, as is shown in Figure 2,°. The progressive 
increase of t at small ¢ is explained by the virtual 
impressibility of ensuring that the increase in the defor- 
mation velocity from zero to a steady value of ¢ is a step 
change. Since the drive shaft of a viscometer is set 
in motion by dynamometer, the 
dependence of measured stress is a 


equation 


means oO! a time 


solution of the 


dt(t) 


a i { 34) 
dit 


where a is a constant, inversely proportional to the 


stiffness of the dynamometer, ¢, 1s the asymptotic value 


of the deformation velocity 
(18) for small ¢ 


Solving equation (34) with 


é(t) 


~ | / 
Zain, + n.,(Q) 


u 


The last 
describe the 


formula and the function 


asymptotic behavior of t(f +0 and 


ly. The difference in the graphs t(r) for 


{— © respectively 
paraffinaceous 


+ 


tonian) 1s so explained. In principle, both forms must be 
realisable. 


OUS (peaks) and resinous ones (mono 


depending 


‘ 
Finally, consider 


1” 
equations (18) and (2 


A steep reduct 


the first degree, is 


to tnixotropy Oo] 
replaced by it decrease de 
pending on the destruction-recombination process for 
splinters of the structure. For paraffinaceous oils, A, may 


last an hour or more in order of magnitude 


5. CONCLUSION 


rhe constitutive rel provides a satisfactory 


description of observed rheological 


> »_y s] Ti rt, 1+ ? ‘ ] 
effects of visco-elasticity and thixotropy for a large class 


of materials 


REFERENCES 


] len \ecler 


Vinogrado 
Kargin, V. A 
V. 154, N 
Mukuk, K. B 


stems. (Pub 


Correspondence 
Thorley, Thermo-} 
versity, Northampt 
A.M. Stair 
USSR 


This manuscrit 


} 


publication 





DYNAMICS OF PULSED PLATE EXTRACTION 
COLUMNS 


Part I: Dispersed Phase Hold-Up 
in the Absence of Mass Transfer 


By W. BATEY, S. J. LONIE 


(GRADUATE), P. J. THOMPSON and 


J. D. THORNTON (FELLOW) 


Deve opment 


Establishment. Thurs 


Methods of correlating holdup measurements in pulsed plate columns are reviewed and the use of the droplet characteristic 
velocity concept is demonstrated using published holdup data determined in the absence of mass transfer. The measurements 
are well correlated with the phase flowrates and pulse velocity using the equation: 


\ 
J 
\ 


This is capable ef modeiling holdup characteristics within the accuracy of currently avaiiable data. 


The form of the dependence of the characteristic velocity, | 


, upon pulse velocity would appear to be governed by the physical 


properties of the system and possibly also by the material of construction of the sieve plates. If this is subsequently confirmed, 


the implications will be significant in terms of column design. 


1. INTRODUCTION 


The interfacial area available for mass transfer in a 
counter-current extraction tower depends upon the vol- 
ume fraction or holdup of the dispersed phase as well as 
the mean droplet size. It is therefore important at the 
design stage to be able to predict both these quantities 
for any given system, column geometry and 
operating conditions. From an operational point of view 
a knowledge of the dispersed phase holdup is also 
essential for inventory purposes 

To date insufficient attention has been paid to the 
fundamental analysis of holdup in pulsed plate columns 
with the result that many of the available correlations 
are of an empirical character. Before examining these it 
is useful to distinguish between the two principal modes 
cf pulsed column operation. Since the sieve plates are 
usually designed to permit the passage of the dispersed 
phase only during one half of the pulse cycle, it follows 
that at low frequencies the droplets will tend to coalesce 
between successive pulses and the behaviour of the 
coiumn will approximate to so-called mixer-settler type 
operation. Conversely at higher frequencies, the extent 
of droplet coalescence between successive pulses will be 
much less and the column flow pattern will approximate 
to that of a continuous counter-current dispersion. The 
dynamic behaviour is very different in the two cases; in 
the mixer-settler regime, the dispersed phase holdup will 
depend upon the swept volume of the pulse whilst under 
continuous dispersion conditions, the holdup will be 
governed by the mean relative velocity of the dispersed 
and continuous phases. The transition from one regime 
to the other ts continuous and progressive as the pulse 
energy increases 


Any analysis of column behaviour must bear these 
facts in mind and any procedure for representing holdup 
data in the mixer-settler regime would not necessarily be 
expected to be relevant under continuous dispersion 
conditions. Unfortunately no clear-cut method exists at 
the present time whereby the transition from one regime 
to the other can be readily identified. In general, how- 
ever, pulsing conditions below | Hz tend to correspond 
to mixer-settler operation whilst transition to the second 
regime tends to occur at pulse frequencies in the range 
l-1.5 Hz 


becomes less than the hole size in the plates and the flow 


At higher frequencies, the mean dropiet size 


pattern approaches a continuous dispersion model 


2. CORRELATION OF HOLDUP 
2.1 Semi-Empirical Relationships 

Most of the published work relating to experimental 
measurements of holdup tends to be relatively imprecise 
and, for this reason, it is not easy to distinguish between 
the merits of the various correlating procedures that 
have been proposed. Furthermore no systematic study 
exists in the case of pulsed plate columns which would 
enable the effects of changes in column geometry, pulse 
characteristics and system physical properties to be 
related quantitatively to corresponding changes in 
holdup. There is thus no generalised treatment of holdup 
available at the present time and the papers that follow 
relate primarily to the influence of specific operational 

variables using a variety of extraction systems 
The effect of pulse frequency on column holdup has 
been examined by Schmel and Babb~ for both the 
mixer-settler and continuous dispersion situations. The 
holdup of the dispersed phase was found to pass through 
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a minimum with increasing frequency; this was identified 
with a change in the mode of operation of the column 
from mixer-settler to continuous-dispersion operation 

The work is of interest because these authors showed 
that the transition frequency. f,, corresponding to the 
minimum in the holdup curve could be represented by 
an expression of the form 


f, = 258.7 ny Ap — 0.667 In. A — 2.249 (1) 


where the numerical constants were functions of the 
plate geometry and the material of construction. Fur- 
thermore, it was found that the holdup increased with 
the dispersed phase flowrate but that it was relatively 
insensitive to changes in the continuous phase flowrate. 
The existence of a minimum in the holdup curve is to be 
expected on physical grounds and it is therefore sur- 
prising that Karpecheva et al’- observed no such transi- 
tion frequency using a nitric acid~TBP/OK system in a 
200 mm diameter column 

The problem of axial! variations in holdup has been 
examined by Bell’ using a shutter-plate technique for 
isolating sections of column. Whilst it was found that 
there were negligible axial variations under mixer-settlet 
conditions, this was not the case at higher frequencies 
corresponding to continuous dispersion operation. In 
the latter case, axial variations in holdup could be 
significant for short columns consisting of twenty or less 


stages. Bell associated this effect with the appreciable 
column height required to establish a stable droplet size 
distribution. This certainly appears to be a likely expla- 
nation particularly in view of the large end-effects 
ciated with droplet size equilibration in 1 

packed columns”. By contrast, work by Rouyer et a 
whilst confirming the existence of an end effect indicated 
that axial variations in holdup could occur in columns 
up to 4m in length. Such effects, which are dependent 
upon the rate of approach to a steady state droplet size 
distribution, appear 
dispersed phase entry nozzle°. This is 


to the design of the 


to be sensitive 
to be expected 
since the observed droplet size distribution at any point 
in the column is the resuliant of a dynamic balance 
between the of droplet breakdown and re 


coalescence. On this basis, it might be anticipated that 


rates 


end effects could be minimised by designing the dis- 
persed phase entry nozzle in such a way as to produce 
initial droplets close to the known equilibrium droplet 
size. This aspect of column design has not received any 
serious consideration in the literature and is a factor to 
be borne in mind in the future 

In most of the published investigations, empirical o1 
at best semi-empirical relationships have been proposed 
for correlating holdup measurements. Such procedures 
must be regarded as being specific to the system and 
range of variables studied; they do not lend themselves 
to extrapolative techniques and frequently do not indi 
cate the correct limiting values of holdup 

One of the more fundamental approaches is that of 
Crico’ who equated the relative velocity of the phases to 
the Stokes velocity. Unfortunately this treatment is only 
applicable to low holdups since no attempt was made to 
correct for hindered droplet motion; furthermore the 
assumption that the droplet motion is governed by 
Stokes Law is only valid for very small droplets in 
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(c) Decreasing plate spacing. 

(d) Decreasing plate voidage and hole size. 

(e) Increasing continuous phase viscosity. 

(f) Decreasing interfacial tension and 
difference. 


density 


All these effects can be explained quantitatively using 
the concept of a droplet characteristic velocity, ie the 


mean velocity of the dispersed phase relative to that of 


the continuous phase. This is a useful starting point 
because it immediately establishes a link between dis- 
persed phase holdup and the mean droplet size. Factors 
influencing the latter can thus be related to correspond- 
ing changes in holdup via their influence on the droplet 
characteristic velocity. 

The basis of this model was proposed some years ago 
by Pratt and his co-workers in connection with packed 
columns’ and was subsequently extended by Thornton in 
his flood-point treatment of spray, rotary annular“ 
rotary disc'* and pulsed plate columns*. Certain 
refinements may however be introduced into the argu- 
ment particularly in the light of new and extended 
measurements of holdup; these relate principally to the 
way in which the characteristic velocity might be ex- 
pected to vary with pulse energy and plate geometry. 
These together with the 


influence of un- 
distributed solutes will be discussed in a later paper. 

Consider a pulsed plate column operating in the 
continuous dispersion mode. Let the dispersed and 
continuous phase volumetric flowrates be denoted by L, 
and L.m respectively. If the column cross-sectional 
area is equal to W m’, then the dispersed and continuous 
phase superficial velocities, based upon the empty col- 
umn, will be defined by: 


factors, 


At very low dispersed phase flowrates, the fractional 
holdup, X, will tend to zero and there will be no 
interactions between adjacent droplets. Under such con- 
ditions, the real velocity of the dispersed phase relative 
to the column will be given by: 


L , 
W(1-—E)X — -)\X \¢) 


The term € in the denominator of equation (2) is the 
average fraction of the column cross-sectional area 
occupied by the column internals (ie sieve trays and 
supports) so that the product W(1 — €) represents the 
cross-sectional area of the column available for fluid 
flow. 


Similarly the real velocity of the continuous phase 
relative to the column will be defined by: 


L V 


ey ae el e (3) 
WOA-E\I-X) C-Eéd-YX) 
and by definition the sum of these two terms must be 
equal to the mean velocity of the dispersed phase relative 
to that of the continuous phase, ie to the droplet 


characteristic velocity, V thus: 
Vs V 
(1—€)X (l-€)1-YX) 


The formal definition of the characteristic velocity is 
the mean relative velocity of the two phases when V, = 0 
and V,—0. By this device, any effects of phase flowrates 
upon V, are eliminated as are any interactions between 
adjacent droplets which are known to occur in finite 
populations. Equation (4) thus expresses the relationship 
between the phase flowrates and the holdup under the 
special conditions of virtually a single droplet in an 
infinite continuum. The problem now is to modify this 
equation in such a way that it will represent the behav- 
iour of a finite population of droplets. This involves the 
addition of a correction term on the right hand side of 
equation (4) to correct the relative velocity of the two 
phases for conditions of finite holdup. The form that 
such a correction should take is still open to conjecture 
Extensive work with packed’, spray and mechanical 
columns**'*”> would support a correction factor of the 
form (1 — X), the basis for this being the assumption 
that the buoyancy force acting upon the droplets is 
proportional to the difference between the densities of 
the mixed phases in the column and the dispersed phase 
itself, ie to (p,,— py). This supposition derives from 
earlier work by Steinour~ who studied the rates of 
hindered settling of solid suspensions. If the motion of 
the droplets is assumed to be well approximated by 
Stokes law, the buoyancy force becomes proportional to 
(p. — pg) (1 — X) with the result that the relative velocity 
of the two phases is given by V,(1 —X) where the 
numerical value of V, is obtained from Stokes law. 

On this basis, equation (4) may be rewritten for a 
population of droplets thus: 

J J 
(l1—€)X €)(1—X) 


(4) 


(5) 


The chief criticism of this procedure is the assumption 
that the droplet motion is represented by Stokes law. 
This is certainly not the case for Reynolds numbers in 
excess of two when more complex expressions are known 
to apply. 

An alternative form of correction factor has been 
proposed by Misek"® which takes the form of the product 
of the term (1 — X) and an exponential function contain- 
ing a coefficient of coalescence. The latter must be 
determined experimentally and is dependent upon the 
physical properties of the system. Yet again Harmathy“ 
has considered the problem in the context of the 
throughput of spray columns and has proposed rela- 
tively complex expressions involving the droplet envi- 
ronment defined as (1 — X)/X. 

The problem, then, at the present time is one of 
deciding upon the most appropriate form of correction 
factor. This may be restated as simply selecting the 
simplest form of factor compatible with the accuracy of 
current holdup measurements. In this context, the 
(1 — X) form of correction used in equation (5) is one of 
the simplest and has the merit that the relative velocity 
of a population of droplets, defined as being equal to 
V (1 — X), decreases progressively as X increases. If the 
(1 — X) term is regarded solely as an empirical factor 
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Figure 1A. Data from Table IA plotted in accordance with Figure 
equation (6) equatio 


(1- €)Vp = 235 x0? ms'7 
fA)= 163 x0%ms" | 
Sten! Stn bot 


164 





és 


Figure 2A. Data from Table IB plotted in accordance with Figure 2B. Data 
equation (6) equation (6) 
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designed to take into account the way in which the 
relative velocity of the two phases decreases with in- 
creasing holdup, then it is only necessary to establish 
how closely equation (5) is capable of describing real 
holdup situations 

This aspect of the problem will now be examined. 


3.0 CORRELATION OF HOLDUP 
MEASUREMENTS 

An extensive set of holdup measurements has recently 
deen reported by Vassallo*™ for the system 30% TBP/OK 
dispersed in 2 M aqueous nitric acid. The column was a 
conventional 72 mm id pulsed plate unit fitted with 63 
Stainless steel plates located at 50.7 mm intervals; each 
plate was drilled with 3.175 mm diameter holes and the 
overall free-area of each plate was 22.75% 

[hese data are tabulated in Tables IA, IB and IC and 
correspond to pulse amplitudes of 15 x 10°°, 5 x 10 
and 10x 10°-°m respectively. In each table, holdup 
measurements are reported for a range of pulse fre- 
quencies and phase flowrates. In all instances, holdup 
was measured by isolating the column when it had 
reached steady state and allowing the dispersed phase 
to settle out. The volume of coalesced phase was then 
measured and the fractional hoidup calculated in the 
usual manner 


Data from Table IC accordance with 


plotted in 





h -2 -1 
(1-8) Vo = 2.0810 %ms 
(fA) = 213 = 10-2ms 


&P 





x 


Figure 3B Data from Table I€ 
equation (6) 


plotted in accordance witl 


The validity of equation (5) may now be investigated 
by plotting Vassallo’s data in accordance with this 
expression. Before doing so however, it is convenient to 
multiply equation (5) throughout by X (1 
to extend the range of the plots so that 


&) in order 


X) (6) 
| 


The data in Tables IA-C were therefore plotted on 
arithmetic coordinates in the form: 


versus X (1 — X) 


| x'<| 


If equation (6) is valid, straight lines passing through 


the origin of slope (1 — €)V,, should be obtained pro- 
vided that V, is constant over the range of holdup 
concerned. The plots are shown in Figures |—3 and this 
in fact is the case. Values of (1 — €)V, are tabulated in 
Table III together with the corresponding values of the 
pulse velocity. 

Further confirmation of equation (6) may be obtained 
from the holdup measurements of Batey et al’ which are 
tabulated in Table II. These determinations were again 


a Ie) 


made using a 72 mm id column fitted with stainless steel 
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plates located at 50 mm intervals; each plate was drilled 
with 3.175mm holes but in this instance the plate 


free-area was 25° 


25% and the system used was 20° 
TBP/OK dispersed in 3 M aqueous nitric acid. The data, 
plotted in accordance with equation (6), are shown in 
Figure 4; once again linear plots are obtained which pass 
through the origin. The associated values of (1 — €)I 
together with the corresponding values of the pulse 


velocity are shown in Table IV 


4. DISCUSSION 


Figures | to 4 show that the holdup data for both 
systems are well correlated by equation (6) within the 


accuracy of the measurements. This confirms the use of 


the term (1 — X) for correcting the relative velocity of 
the two phases as the holdup increases. Ideally it would 
be desirable to have more precise holdup measurements 
so that the correction factor could be refined. It is 
estimated however, that most of the published holdup 
measurements are no better than +6%, the uncertainty 
arising from random fluctuations in the column 
flowrates and the interface location. Nevertheless, the 
present holdup equation gives a good representation of 
the way in which holdup varies with flowrates and is 
certainly satisfactory for design purposes. The fact that 
the curves in Figures 1-4 are linear indicates that V 

and hence the mean droplet size, is substantially inde- 
pendent of holdup. Thus within the accuracy of the 
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measurements, any droplet coalescence acco 
increasing values of holdup is small 

The slopes of the lines in Figures 1-4 are equal to 
(] C WV where ¢( xl) represents the fraction of the 
column cross-sectional area occupied by the column 
internals. This is usually a small fraction so that 
(1—¢€)—1 and is a constant for any given column 
geometry. Values of € were readily determined by mea- 
suring the column volume by drainage with and without 
the sieve plates and their associated supports. The value 


of (1 
sponding value for the column employed by Batey was 


€) for Vassallo’s column was 0.96: the corre- 


C 


0.93. The values of the droplet characteristic velocity 


V., may therefore be computed quite simply by dividing 


the slopes of the shown in 
appropriate value « 

The values of | 
III and IV and co 


to the continuou 


Figures | the 


the column. It m 
this has been 
moving in infinite n 
to make any 
droplets), nevert! 
checks in its mot 
magnitude of 
dependent upor 
and so the 
holdup measur 
value associate 
tower. These 1 
characteristic 
dealt with in 

The use 
parameter is we 
grounds that it is 


the case 


pation in 
might therefore be 
Tables II] and IV 
on the pulse vel 
demonstrated by 


functions are wel 


Data from 


The constant 11 
properties of the 
material of con 
important and 
much as wetting 
determining the 

The difference in th 
coefficient is significant 
assumed as a working 
break down during the 
recoalesce during 
dependence on 
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about either by increased wett 
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dispersed phase or by an increased rate of interdroplet 


coalescence due to changes in the physical properties of 

the system. If further work subsequently confirms a link 

between the magnitude of the (fA) function and the 

characteristics of the system, this would 

explain the different dependencies of holdup upon (fA ) 

which other workers have tried to reconcile but with 
little success 

In the presence of mass transfer, the curves shown in 

1-4 will still pass through the origins but will no 

to coalescence. The slopes of the holdup 

plots will then increase progressively with holdup and 


the curves will be concave uppermost. The analysis of 


holdup under these conditions will be dealt with in a 
subsequent paper. 


5. CONCLUSIONS 

(a) Dispersed phase holdup measurements in pulsed 
plate columns correlate well with phase flowrates using 
equation (6). The term (1 — X) should be regarded as an 
empirical correction to the relative velocities of the two 
phases at finite holdup. 

(b) The droplet characteristic velocity, V,, is substan- 
tially independent of holdup indicating that, within the 
accuracy of the experimental measurements, any change 
in the mean droplet size with holdup is small. 

(c) The dependency of V’, upon the pulse velocity (fA ) 
is different in the case of the two extraction systems 
reported. This is an important finding and may be 
related to the wetting and/or interdroplet coalescence 
properties of the system. Either way the phenomenon 
requires further study. 
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SHORTER COMMUNICATION 


ENDOTHERMIC SOLUTIONS AND THEIR 
APPLICATION IN ABSORPTION HEAT PUMPS 


By A. J. MORRISSEY and J. P. O7DONNELL (FELLOW) 


Department of Chemical Engineering, University College Dublin, Ireland 


From a theoretical point of view, it can be shown that the use of an endothermic solution (in which heat is absorbed when 
the refrigerant is dissolved in the absorbent) in an absorption type heat pump should increase the coefficient of performance. 
However, one of the basic requirements for a successful refrigerant/absorbent combination is that it should exhibit a large 
negative deviation from Raoult’s law. While these two properties are not necessarily incompatible, for electrolyte solutions, 
it can be shown from a thermodynamic point of view, that endothermic solutions usually have very small deviations: a solution 
exhibiting a positive heat of solution will have a relatively small heat of hydration; hence ions in solution are less hydrated, 
with a greater tendency to escape from solution, thereby increasing the vapour pressure. It is concluded that the likelihood 
of finding a successful endothermic combination for use in an absorption heat pump or chiller is small. 


INTRODUCTION 


This paper sets out to develop an original approach to 
an area of thermodynamics that has not previously been 
published in the literature. It also has a practical appli- 
cation, which was the initial impetus for the study 

The writers of this paper were originally involved in 
investigating the suggestion that the use of an endo- 
thermic solution (in which heat is absorbed when the 
refrigerant is dissolved in the absorbent) should lead to 
an increase in the value of the coefficient of performance 
of an absorption type heat pump’. It became obvious 
that although an endothermic solution satisfied the 
basic 


combination 


requirements of an _ absorbent/refrigerant 
*, it did not provide effective cooling, and 
efforts were made to explain the reasons for this. An 
explanation was found to lie in the thermodynamics of 
the system, and the remainder of the paper develops this 
analysis 


ENDOTHERMIC SOLUTIONS & NEGATIVE 
DEVIATIONS FROM RAOULT’S LAW 
Regular Solutions 
One of the basic requirements of an absorbent 
refrigerant combination is that it should exhibit a nega- 
tive deviation from Raoult’s law (this is to reduce the 


absorbent circulation rate per unit mass of refrigerant, 


the sensible heat requirements and the required size of 


equipment). The question of the compatibility of endo- 
thermic solution behaviour with negative deviation from 
Raoult’s law for solutions in general, is prompted by the 
conclusion that for regular solutions, negative deviation 


from Raoult’s law is accompanied by negative heat of 
positive heat of 


solution and positive deviation by 
solution’. The regular solution model is widely applica- 
ble to non-electrolyte solutions, mainly organic mix- 


tures, or aqueous solutions of organics. For electrolyte 


solutions, however. conditions are different: because of 


ionic dissociation, long-range Coulombic forces become 
more important than the short-range van der Waals 
forces which apply to non-electrolyte solutions. Solution 
behaviour is, therefore quite different. 


Electrolyte Solutions 


The process of dissolving a salt in a solvent can be 
described by the equation 


For a salt to be soluble, it must have a negative value 
of AG. Therefore, aithough endothermic reactions are 
obviously unfavourable, they are made possible by 
favourable entropy changes. The process of solution of 
a salt in water can be considered as 


Solution = Lattice breakdown + Hydration 


1H = AH + AH 


Because the actual value of the heat of solution is small 
in comparison to the quantities of which it is the 
difference, a very accurate value cannot be expected 
when evaluating it in this way. 4H 
and typical values are 789.02 kJmol ' for Lithium Bro- 
mide and 672.8kJmol~' for Potassium Bromide. The 
second step involves hydration of these ions. Ions in 
solution are surrounded by a considerable number of 
more or less firmly attached solvent molecules which 
form a protective sheath around the ion. The enthalpy 
of hydration is always negative. Philips and Williams” 
give values for the heats of hydration, some of whtch are 
listed in Tabie 1. 


is always positive 


Overall, therefore, what determines whether the heat 
of solution is endothermic or exothermic is the difference 
between the values of the lattice energy and the heat of 
hydration. Consider the following two examples: 


LiBr 
AH,,, = 789.02 kJmol 
AH,,,. (Li*) = — 499.5 kJmol 
AH,,,, (Br~) = — 351.27 kJmol 
AH,,,, = — 61.75 kJmol 


1H,,, = 672.8 kJmol 
1H... (K*) 305.6 kJmol 
1H,,., (Bro) 351.27 kJmol 

1H, 5.93 kJmol 
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Table 1. Sample data for various ions 


} Pauling Effective Hydration 


m* equiv Radi A Radi A Energy kJmol 


7. ¢ 1 > > > - 
4.5 j 4 S305 56 


50.11 4 390 


| 
38.09 6 499 36 


76.8 ? 3 306.8 
78.1 3 3419 


76.35 1.8] 3 3847 


Compare with the observed values of AH for 
LiBr = — 48.84 and KBr = 19.88 kJmol '. Other factors 
important in this context are 


1. Ion charge and size which determine the sign of 
the entropy of solution 4S 
the solubility of the salt 
Ion mobility and limiting conductance which 
indicate the degree of hydration of the ions 


and thus influence 


The effective hydrated ion radius which is related 
to the heat of hydration 


From the foregoing, it appears that electrolyte 
solutions in general exhibit a negative deviation from 
Raoult’s law. Strong hydration means that the attraction 
between unlike molecules in solution is greater than the 
attraction between like molecules. Hence the tendency 
for water molecules to leave the solution is reduced by 
the presence of the ions. with a subsequent decrease in 
solvent vapour pressure from the ideal value 


P<P'X 


Hence negative deviations from Raoult’s law are always 
found in solutions of electrolytes 


QUALITATIVE RELATIONSHIP 
BETWEEN VAPOUR PRESSURE 
AND HEATS OF SOLUTION 
OF ELECTROLYTES 

Figure | shows the relationship between the lowering 
of vapour pressure of various electrolytes and the heat 
of solution at infinite dilution. The vapour pressures are 

at 100°C and at a concentration of 5 molal.”* 
Although the data appear scattered, for a constant 
cation or for a constant anion the vapour pressure is seen 
to increase approximately linearly with heat of solution 


0 -46) -% 


The trend for constant anion solutions can be explained 
by examining the effective ionic radii in aqueous solution 
and the limiting ionic mobilities, yu, as given by Lange 
Table | 
conductances, /, but yw =k/ wn 


The values given in 


ire the limiting tonic 
(F = Faraday’s constant). In this case 

of the solution are dominated by 

crease in effective ionic radius and 

mobility Li* to K* show 

hydration decreases from Li to K 


ions are less tightly bound in solutior 


from 


tendency lo escape thereby increasi1 
sure. The heat of solution becomes 
cause the contribution from the heat 
creases from Li* to K 

in effective ionic radii < limiting 
cations, those of the anions are approximately constant 
Hence the difference in properties is not as marked for 
constant anion solutions. Also the equivalel values Ol 
K* are similar to those of the halides, with the result that 
the variation 


Although the enthalpy 


among 


decreases from I” to 
increases), the vapour 
expectations. However, 
lattice energy is greater 
hydration energies (eg 105.06 k 
pared to (AAH,..) 

halides), the overal 


solution 


LIMITATIONS OF ENDOTHERMIC( 
SOLUTIONS 


If a solution is to work successfull 
type chiller or heat pump, the magnit 
deviations from 
Figures 2 and 3, it can be seen that 
by the exothermic LiBr/water cor 
much larger than those exhibited 
K Br/water combination. The reason 
to the points discussed above. In ane 
the energy of hydration 1s larger than tl 
which implies that the ions are strongly 
the water molecules are tightly bound t 


large negative deviations trom Raoult 


AP kN/n? }-40 


Figure | 
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On the other hand, in an endothermic solution the 


degree of hydration is less than the energy required to 
break down the crystal lattice and the only factor 


favouring the process is an increase in entropy. Hence 
the water molecules are not so tightly bound in solution 
and only small negative deviations from Raouit’s law are 
observed. The effects of small negative deviations in a 
heat pump are: limited temperature range between evap- 
orator and generator; large absorbent circulation rate 
and danger of crystallization of the salt in the system. 
Refrigeranis other than water have been suggested’, eg 
methanol, ammonia, ethanol and monoethylamine. 
However the low dielectric constants of these solvents 
compared with that of water, cause only weak electrolyte 
solutions to be formed with ionic compounds, and for 
these solutions positive heat of solution is accompanied 
by positive deviation and vice versa. Thus while the 
addition of a third component to the solution may lower 
the vapour pressure, the chance of it forming an endo- 
thermic solution are small, because of small values of the 
heats of solution in relation to the heats of hydration. 


EXPERIMENTAL RESULTS 
Experimental studies on an endothermic solution 
(KCNS/H,O) in an absorption heat pump confirmed the 
theoretical conclusions outlined above. For a maximum 
generator temperature of 50°C, the corresponding min- 
imum evaporator temperature was 20°C. This evapo- 


rator temperature is clearly too high for any useful 
chilling process. Studies on the same apparatus using an 
exothermic solution (LiBr/H,O) gave generator and 
evaporator temperatures of 83°C and 5°C respectively; 
these values represent a much more useful range of 
operating conditions for a heat pump or chiller. 


CONCLUSIONS 

The theoretical advantages of an endothermic 
solution’’'’, in an absorption heat pump are offset by the 
small negative deviations from Raoult’s Law observed in 
such a solution and by other consequent factors which 
diminish performance. It is concluded that the proba- 
bility of finding a successful refrigerant/absorbent com- 
bination exhibiting a positive heat of solution is small. 


SYMBOLS USED 
change in Gibb’s Free Energy kJmol 
change in enthalpy kJmol 
change in entropy kJmol 
absolute temperature K 
heat of solution kJmol 
lattice energy kJmol 
heat of hydration kJmoi 
entropy of solution kJmol 
partial pressure of solvent in solution kNm 
vapour pressure of the pure solvent kNm 
mass fraction of the solute in solution kg/kg 
limiting ionic mobilities m’*s~'V 
limiting ionic conductances Q~'m*equiv 
Faraday’s constant (9.648456X10* C mol~') 
a constant equal to } 
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The current awareness of the need for environmental 
protection can be traced back to the publication in 1962 
of the influential book Silent Spring by Rachel Carson 
in America. Although Silent Spring was primarily con- 
cerned with the environmental impact of the unrestricted 
use of chlorinated hydrocarbon pesticides, it focused 
attention on the more general issues of environmental 
pollution, and was followed by an exponential growth 
of papers and books on the subject, most notably in 
the UK by Kenneth Mellanby’s book Pesticides and 
Pollution which, despite the title, addressed other en- 
vironmentally contentious matters such as radiation, 
air pollution and waste effluent discharges, as well as the 
major problem of chlorinated hydrocarbon pesticides 
This rapid increase in both scientific and public interest 
resulted in political action with the establishment in the 
UK of a Royal Commission on Environmental Pollution 
in December, 1969. The Institution itself submitted a 
Report to the Royal Commission in April last year 
following extensive consultation with members and 
companies in the chemical industry 

It would be a mistake, however, to think that concern 
over pollution is a modern phenomenon. A Royal 
Commission on Water was established in 1866 and in its 
report of 1869 it identified pollution from industrial 
discharges and sewage as being a cause for concern in the 
provision of reliable drinking water and the consequent 
health of the population. Nevertheless, it would not be 
a mistake to think that society does relatively little to 
deal with such problems when they are recognised. Little 
happens until they become political issues. (There was, 
for example, a certain “greening” of the policies of the 
West German government in response to the threat 
posed by the Green Party, and more recently a slight 
“greening” has been apparent in the policies of the 
present British government in response to the twin 
pressures of popular concern over the environment and 
an approaching general election). 

Until relatively recently the “Environment” was not 
recognised as being an area of interest to the chemical 
engineer, except peripherally in so far as the wastes from 
process plants sometimes required treatment. It is clear, 
however, that the techniques and technology of chemical! 
engineering are particularly germane to the problems of 
environmental protection. In this issue we have three 
special papers of direct relevance and, in the general 
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section, there are at least three papers which deal with 
aspects of chemical engineering which are relevant to 
problems arising in the design and operatior 
treatment process systems 

A short paper by Bell and Allum (Upgrading treat 
ment for effluent re-use) is useful in the over-view it 
presents of the wide range of process options available 
to process engineers in solving the problems 
treatment and re-use. Biological sludges produced by 
sewage treatment plants are not the sort o! process 
feedstock which would be immediately recognised as 
presenting particular problems. However, the com 
position of such sludges is complex, their rheology ts 
unpredictable from first principles and they exist in large 
quantities costing the UK water-rate payer some £230m 
per year and proportionately more in the rest of the E¢ 
and in the USA—and they are routinely disc! 


the environment. The paper by Hamer and 
I 


arged into 
wiefelhofer 
describes a new technique which offers solutions t 
existing problems and the chance of 
treatment processes. A method of enh 
rates in biological wastewater treatment sy 
increase the concentration of biomass in t 
the past decade many workers have investigated 
possibility with only limited success so far 
usually involves growing the biomass on an inert 
medium, for example in a packed bed or a fluidised bed 
reactor. The third special paper by Forster 
co-workers describes a system in which a fluidisec 
has been modified by tapering and in which some useful 
data for those engineers involved in developing suct 
systems has been obtained 

The number of special papers has been kept low in 
order to allow more general papers to be published in 
this issue. Nevertheless, the papers by Hoek et al. (Small 
scale and large scale liquid maldistribution 
columns), Jeelani and Hartland (Prediction of dispersion 
height in liquid—liquid gravity settlers from batch settling 
data) and Pritchard and Simpson (Design of an oxygen 
concentrator using the rapid pressure-swing adsorption 


in packed 


principle) are all of potential interest to engineers in 
volved in the design of 
process systems 


“environmental protection 
Many such processes involve either 
packed beds or solvent extraction methods, and 

low-cost provision of oxygen for biological processes (as 


well as for neonatal patients) is a perennial problem 
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Verious methods were considered for upgrading an effluent from an existing treatment plant serving a military camp in the 
Middle East to a standard suitable for unrestricted irrigation. On the basis of the study the ozone/activated carbon filtration 
process was selected. The process was compact; easily prefabricated and automated; did not require regular supply of chemicals 


and was cost competitive. 


INTRODUCTION 
The study examined methods for upgrading sewage 
effluent from a treatment plant serving a military camp 
in an Arabian Peninsula State to a quality that would be 
acceptable for “unrestricted” irrigation use without risk 
to public health. 

Draft legislation under consideration at the time of the 
Study set out standards that, in terms of irrigation 
methods, only apply to buried drip feed systems and 
then only where there would not be public exposure. No 
standards exist for unrestricted applications, i.e. irri- 
gation by flood, hose, spray or sprinkler. Any such 
method would require the special consent of the control- 
ling authority. In order to satisfy the authority that 
there would be no risk to public health it was considered 
that the upgrading treatment processes would have to 
produce an effluent of a microbiological 
approaching that of drinking water 

A number of treatment options were reviewed in terms 


quality 


of process reliability, operational factors, ease of integra- 
tion with the treatment plant already under construc- 
tion, as well as capital and operating costs. The options 
considered and described in the study included high-lime 
or alum coagulation and clarification, reverse-osmosis, 
maturation pond treatment with dissolved-air flotation 
to remove algae, and ozonation followed by granular 
activated carbon filtration. Consideration was also given 
to slow-sand filtration, ozonation, and replacement of 
the sand in the existing sand filter with activated carbon, 
and super chlorination/dechlorination 


EXISTING TREATMENT PLANT 
WATER DEMANDS 
At present time the camp is served by an extended- 
aeration activated sludge plant treating average flows of 
about 2100 m°/d to a 30:20 (SS:BOD) standard. To 
accommodate expansion within the camp and serve new 
developments that will discharge effluent into a common 
sewerage system a new treatment plant has been con- 
structed to operate in parallel with the existing plant 
The existing plant will be refurbished 
The new plant, a Pasveer ditch, will increase the total 
treatment capacity to 5250 m/°/d. After flow balancing, 
the combined effluent from both plants will be filtered 
using conventiona! rapid-gravity sand filters and disin- 
fected by chlorination. 


AND 


Irrigation water demand within the camp at present is 
satisfied partly by the use of potable quality 
some limited and controlled use of effluent from 


Surplus effluent 


existing wastewater treatment plant f 


discharged to a nearby dry water course (wadi) 
Estimates showed t 
achieved then 60% of the ultimate efluent fl 


used for irrigation by 


iat if the desired qualit 


unrestricted mean 


camp and it was expected the demand would 1 


REGULATIONS CONTROLLING THE 
AND DISPOSAL OF EFFLUENT 
At the time of the study a final draft of 1 
wastewater re- 


RE-USE 


use and discharge was under consider 


ation by a government body cencerned with environ 
mental protection and conservation 
regulations it was the intention 


discharge of effluent would be consid 


il 


degrees of priority. In summary these were 


Buried drip-feed system for the 


mental trees and shrubs in areas w 


not be public exposure 
Controlled groundwater recharge in 
should not be public exposure 


r 


Controlled re-use for industrial p1 
closed circuit system 

By controlled discharge to appri 
open land, wadis or water courses 
Irrigation by flooding, hose pipe 
system would only be permitted by 


the executive authority 


The new plants were designed to 
regulation standards for disposal of effluent 
drip-feed irrigation or controlled discharge to wadi. For 
this form disposal the required effluent quality was to a 
10:10:1 (SS:BOD:NH,) standard with a free chlorine 
residual 

There are, 
within the camp where irrigation by drip-feed 


however. substantial residential areas 
Systems 


are not viable by virtue of the type of planting, e.g 
where spray irrigé 


PTass 


ion would be more appropriate. Of 


il 
course, irrigation by spray or hose pipe increases the 


chances of effluent coming into contact with the public 
either through direct consumption or ingestion of aero 
sols by personnel ignorant or unaware of the health 
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Table |. Outline process description 


High Lime Treatment 
PH control using 10% lime slurry to pH 11-12 
Flocculation-retention 20 min, “G’ value 30-100 
Sedimentation—upward flow velocity 2 m/h 
pH control using sulphuric acid to pH 7-7.5 
Sand filtration—existing units, filtration rate 5m 
average chlorine dose rate—S mg/1 
Sludge from sedimentation stage to drying beds 


Chlorination 


Provision for polyelectrolyte dosing to act as flocculation and filter aid 


Ozone-Activated Carbon Treatment 
Sand filtration—existing units, filtration rate 5m/h 
Ozonation—retention 10 min, 3 stage process, dose rate 11 mg/l 
Granular activated carbon filtration, filtration rate 6m/h, EBCT 
17.5 min 
Chlorination—average chlorine dose rate 3 mg/] 
Provision to dose alum (or ferric salt), polyelectrolyte and sodium 


carbonate 


Maturation Pond/Flotation Treatment 
Maturation ponds—two stage ponds, retention 7 days 
Flash mixing alum (or ferric salt), polyelectrolyte and sodium carbon- 
ate (for pH control) 
retention 20 min, “G’ value 30-100 s 


Dissolved-air flotation 


Flocculation 

surface loading 4.5 m’°/m-.h 
g units, filtration 5 m/h 

average Cl, dose rate 5 mg/1 

Sludge from flotation thickener to drying beds 


Sand filtration—existing 


Chlorination 


Provision to dose polyelectroiyte to act as filter aid 


hazards involved. It was for these reasons that the re-use 
of effluent by this means would require special consent. 

Although, in the sense of security, the camp is a 
controlled area, irrigation would be largely in an area of 
residential domestic accommodation. In which case it 
was thought most unlikely that the degree of treatment 
provided by the conventional process would be accept- 
able to the environmental authorities. 

The study was initiated under principal terms of 
reference as follows: 


Identify target standards for irrigation water quality 
taking note of proposed irrigation methods and the 
location of areas to be irrigated. 

Review available processes for further treatment to 
achieve the required standards. 

Review existing treatment system to ensure efficient 
integration of the upgrading processes and plant. 


EFFLUENT QUALITY 

To permit the unrestricted use of treated effluent it was 
proposed that the effluent should conform to a micro- 
biological standard approaching that of drinking water. 
it had been suggested in WHO Scientific Group Report 
No 639 (1979) referring to the use of spray irrigation 
near populated areas that this quality is achieved when 
0 (zero) E Coli per 100 ml is obtained and no virus is 
detectable in 10 litres of sample. It was considered that 
in order to achieve this standard reliably an additional 
stage of treatment following the filtration stage would be 
needed. 

Preliminary discussions suggested that the proposed 
standards would satisfy the authorities subject to an 
efficient level of operation and maintenance being pro- 
vided. The limits of other determinands included in the 
draft regulations are given in Appendix 1. 


Reverse-Osmosis Treatment 
Flash mixing ferric salt, sodium carbonate, polyelectrolyte and PAC 
Flocculation/Adsorption—retention 20 min ‘G’ value 30—100s 
Sedimentation—upward flow velocity 1.5 m/h 
Sand filtration—existing units, filtration rate 5 m/h 
Break-point chlorination 
Dechlorination using sodium bisulphite 
Scale control using sodium hexametaphosphate 
pH control using sulphuric acid 
Microfiltration—Cartridge filters, | micron filters 
Reverse osmosis—spiral wound acetate membranes 





De-gas—air strip 

Blending tank—blend with bypass flow 

Chlorination—average dose rate 2 mg/l] Cl 

pH control using sodium carbonate 

Provision for polyelectrolyte dosing to act as filter aid 
Alum Treatment 

Fiash mixing alum, polyelectrolyte and lime (for pH control) 

Flocculation retention—20 min, *G’ value 50-100 s 

Sedimentation—upward flow velocity i.5 m/h 

Sand filtration—existing units, filtration rate 5 m/h 

Break-point chlorination 


Sludge from sedimentation stage to thickening tank and then to drying 
beds 


Provision to dose polyelectrolyte to act as filter aid 


REVIEW OF TREATMENT PROCESSES 

The Client had specified from the outset of the project 
that the additional plant and processes needed to up- 
grade the effluent quality should not interfere with, or 
disrupt, the operation of the existing treatment plant. 
For this reason the processes considered were essentially 
an additional or quarternary stage of treatment which 
could achieve the high degree of solids removal and low 
turbidity to permit effective disinfection. 

The processes selected for review in terms of their key 
elements or units were as follows: 


High-lime treatment. 

Alum treatment. 

Maturation pond-flotation treatment. 
Ozone-activated carbon. 
Reverse-osmosis. 


A brief description of these processes is given in Table 

and schematic diagrams are shown in Figure I. 

Whilst ali five processes reviewed were capable of 
achieving the desired effluent quality, none, however was 
without some disadvantage. The advantages and disad- 
vantages for each process are summarised in Table 2. 

Before proceeding further it is worth noting that 
several other treatment processes were considered, but 
for the reasons outlined below were not considered 
further. 


Slow-Sand Filters: 
Effluent from the activated sludge process after rapid- 
gravity filtration could be treated by siow-sand filters. 
This process was rejected for the following reasons: 


Slow-sand filters are costly and require a large land 
area. 
In hot climates algal growth on the slow-sand filters 
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Table Summary of 


AND ALLUM 


advantages and disadvantages 


High-Lime Treatment 


pH inactivates most pat! viruses/ bacteria 


cess. Not seriously impaired through loss of nitrification or 
oxidation 


most toxic metals 


carbonaceous and colour producing components 


thout odou rodent or 


nuisance 


Alum 


and tesied water treatment process 


f re 1W<se 
en uses 


Disadvantages 
1 Chemical Gemands 


h sludge yields. Disposal of *s can be difficult 


\ 
Cold lime softening process; leaves littl 


e residual buffering capacity 
Descaling (lime deposits) in sedimentation tanks and pipelines is a 
hard, labour intensive job 


j 


Phosphates precipitated as hydroxyapatite, reduces fertiliser value of 


effluent 


Treatment 


High 
Large volumes 
Sluds readily dewaterable fficult to dispose of sludge cont 


ing high aluminium 


chemical demands 


moisture cont duced 


> not 
ievels 
Adds unwanted ions (sulphate) t increases potential corrosivity 


of water 


incomplete 


Break-point chlorit fication 
chlorine demands 
Dechlorination 


harming plants 


Reverse-Osmosis Treatment 


Maturation Pond 


{dvaniages 


n process not dependent chemicals. Few Viruses 


te 


ige period O! seven Gay 


ai demands than conventiona! cClarincation processes 


flow and effluent 


a/BOD reduction in ponds 


arlations in quality 


t 


‘ h 
with 


oxygen 


ites pH, some toxic metals precipitated 


ind dissoived 


Only 50 oO 


stream 
Despite the many 


require very careful operation 
good water recoverie 
cannot be considered 


Flotation Treatment 


ponds 


Algae can release soluble 
or aiuminium Sait 
These con piexes Can create deposi 


distribution systems 


Ozone-Activated Carbon Treatment 


{dvaniage 


bactericide, also effective against cysts/larvae 


efficiency unaffected by ammonia 


content 
colloidal ana finely divided solids 
lises some carcinogenic/mutagenic Compounds 


zone produces pathogenic by-products 


Mn oxidised and precipitated 


1’ high Mwt compounds to lower Mwt bio 


es effluent with cxygen 
ds carbon life 


Cdl I 


aids bi degr adation process 


hemicals needed and solids (sludge) yields low 


— , , : 
compact, easily ‘packaged’, additional modules can be 


ncreased flows 


removes residual] organics, thereby reducing risk 
aftergrowth’ in distribution system 


Large 
maintain 
Process power demands are high, power 
For ozone to be effective turbidity 
COD 5 mg 

Replacement carbon costs 


CVCiIS 


are high: carbon usage on 
insufficient to justify thermal 
Bacterial growth on carbon 


High oxygen Gemands 


regeneration facilities 


makes it essential to chlorinate effluent 


n carbon bed lead to 


may > neede to 


may deoxygenation; 


reaeration ensure a stable water in distribution 
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limits run times and makes cleaning the filters very Annual and recurrent costs—chemicals, power, main 
labour intensive tenance, manpower 

Pre-chlorination has been used with some success in 
controiling algal growth but in many ways defeats the 
object of the slow-sand filtration process 


The processes were designed for co! 
phases, but to simplify comparison 
reported for the ultimate Stage plant to I 
Apart from the process based on reverse-osmosis 
Ozonation and Replacement of the Sand in the other processes would provide in excess of 5,000 m 
Existing Rapid-Gravity Filters effluent for re-use. The reverse-osmosis process 
with Activated Carbon: produce only about half this amount 
This process was rejected for the following reasons Costs are based on QI 1985 prices at 
and are summarised for ready compari 
Considerable modifications to the existing plant were The study 
required high-lime, alum 
Presence of solids reduces the efficiency of ozone processes (a 
disinfection broadly similar. Annual running 
Existing rapid gravity filters were relatively shallow ozone processes were essentiall 
and hence rather unsuited for activated carbon lime process was significantly m« (pensive to operate 
adsorption lhe non-competitiveness of the maturation pond pro 
Presence of solids would reduce the carbon life and cess was mainly due to the high cos 
adsorption capacity ponds on the rocky ground. With 
ground conditions the 1 si 
Super Chlorination-Dechlorination: eos ad capone Zn 
After rapid-gravity filtration using a filter-aid to im allowance is made for 
prove solids capture, the effluent would be super chlori- more expensive to operate 
nated using either gaseous chlorine plus an alkali o1 


sodium hypochlorite (generated on-site) plus an acid for DISCUSSION 


pH control. Excess chlorine would be removed using 
either sulphur dioxide or sodium bisulphite. The process 
was considered unsuitable for the following reasons 


On the basis of the costing study 
choose betweet 
activated carbon 
With loss of nitrifiction in the activated sludge process alum process 
chlorine doses up to, or even exceeding, 300 mg/| chemicals and produced large 
would be required for quite extended periods. The disposal. In cont the ozone-acti 
large chlorine dosing facilities needed were not consid- was compact, easily automated 
ered particularly safe no indeed very practical on a sludge and could be installed w 
small treatment plant the existing plant operation. On 
The capital costs for on-site generation of hypo- been considerable operational 
chlorite were high and the addition of as much as ozone-activated carbon process 
1500 mg/l TDS at times of peak chlorine demand been a simple matter 
would render the effluent almost unfit for re-use Only fairly recently, and then alm 


‘ 


purposes has the synergistic effect of combining 
vated carbon been recognised. This 
prising as it had been fairly widely 
COST COMPARISON FOR SELECTED breaks down complex molecules 
PROCESSES readily biodegradable compour 
bacterial growth after ozonatior 
Cost estimates were prepared for the five reviewed water on spl , 
aler $ iy systems 
processes. These estimates included the following 


{ The ozone-activated carbo1 
elements 


oped in Mulheim, West German 
Capital costs—civil construction, mechanical and water from the lower part of 
electrical plant (M&E) was Calculated that the oxygen 


Table 3 Capita and operating costs 


Pr OCeSS 


High lime 

Alum treatment 
Reverse-Osmosis 
Maturation-flotation 
O7one-activated 


Carbon 
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600 g oxygen/m’ carbon/day and it was this oxygen 
demand associated with biological activity which in- 
creased the capacity of the carbon filters. The lower 
layers of the carbon bed were still satisfactory after two 
years’ operation. 

Since the development of the Mutheim process consid- 
erable attention has been focussed on the use of ozone 
for flocculation and biological activation of carbon in 
water and wastewater treatment. 

In 1978 Miller and Rice* reviewed the use of ozone- 
activated carbon and subsequently Gillies’ referred to 
the process as ozone enhanced biologically activated 
carbon (OEBAC). 

Gillies stated that OEBAC had been studied and was 
operating for water treatment, wastewater treatment, 
and as part of a physico-chemical treatment scheme with 
no biological treatment. Also OEBAC results from a 
Swiss study for tertiary polishing of biologically treated 
wastewater showed that effluent quality after 50 weeks 
was still comparable to the reported from new carbon. 

Gillies listed the potential advantages of OEBAC as 


follows 


More effective removal of biodegradable and non- 
biodegradable organics than by GAC or ozone alone 
organic loading compared with GAC 
significantly 


Increases 


Extends time between necessary carbon regeneration 
(periods of | month have been extended to more than 
3 years) 

Applicable to both water and wastewater treatment 
Significantly reduces capital, operating and main- 
tenance cost of GAC systems. 


Prevents anaerobic conditions and resulting problems. 
Ammonia removal (biological nitrification possible). 


McGreary and Snaeyinlk* in a review of the results 
obtained by Eberhardt et al.” on a pilot plant at Bremen, 


West Germany reported that during the third year of 


operation without regeneration or replacement of car- 


bon, removals of KMnO,-COD were still in the order of 


25 or 30%, apparently entirely by biological activity. 

In a later study (1984) Neukrug et al.° reported that 
carbon usage could be reduced by over 50% using 
pre-ozonation. The estimated total first year cost of the 
ozone-activated carbon system was more economical for 
TOC control than carbon alone 

Even more recently (1985) one the authors visited a 
pilot plant in China treating highly polluted river water 
by the ozone-activated carbon process. After one years 
operation without regeneration or replacement of the 
GAC the removals of KMnO,-COD had remained 
virtually unchanged. 

Whatever the precise mechanisms involved in the 
synergistic relationship it is quite clear that carbon can 
remove a substantial proportion of the biodegradable 
compounds released by ozonation and thereby protect 
the distribution system against excesive bacterial growth. 
Owing to the biological action it is difficult, if not 
impossible, to predict the life of the carbon, but for this 
study it was assumed that after high-level ozonation 
(10 mg/l) carbon life would be extended to at least 6 
months and could well extend to 2 or 3 years. 

Concern has been expressed that bacterial flora grow- 


ing on the carbon will be discharged in excessive num- 
bers or release endotoxins. Research studies have dem- 
onstrated that a relationship exists between the level of 
bacteria on the carbon particle and the level of bacteria 
in the effluent from GAC adsorbers’. Frequent back- 
washing can to a certain extent control the accumulation 
of bacterial solids and thereby minimise bacterial counts 
in the treated water. 

Examination of the carbon using electron microscopy 
has revealed that the heaviest bacterial concentrations 
are in the macropore areas. Most predominant were 
genus Pseudomonas and Bacillus which have no known 
pathogenic significance to man. _ Furthermore, 
Constantine® has reported that in more than 10 years 
experience in European water treatment plants that 
employ the ozone-GAC process, no problems have been 
reported with sudden breakthrough of either bacterial 
cells, bacterial enzymes or derivatives 

Whilst the authors are not aware of any studies carried 
out on bacterial regrowth and release from the treatment 
of ozonated sewage effluent on carbon, there appears to 
be sufficient evidence from other research to suggest that 
regrowth of pathogenic micro-organisms should not be 
a problem. However, even though coliform counts may 
not increase after the carbon stage, total bacterial counts 
will increase. Post-chlorination will be needed to reduce 
these counts and to protect against recontamination in 
the distribution system. 


CONCLUSIONS AND 
RECOMMENDATIONS 


Draft legislation effectively prohibited the unrestricted 
re-use of treated sewage effluent without the special 
permission of the controlling authority 

To satisfy the authorities that public health would not 
be at risk it was necessary that sewage effluent should be 
treated to a high microbiological quality approaching 
that of drinking water. 

Such water would be acceptable for irrigation use and 
other non-consumptive uses by flood, hose, spray and 
sprinkler even in areas of residential and domestic 
accommodation 

All the processes considered could achieve the high 
degree of solids removal required to permit the effective 
disinfection that the target effluent quality demanded. 

On the basis of the costing study and operational 
factors the process based on the use of ozone and 
activated carbon was preferred for the 
principal reasons 


following 


effluent quality could be achieved at capital and 
annual operating costs equal to or less than other 
methods; 

its operational efficiency is less vulnerable to the loss 
of nitrification in the sewage treatment process: 

it does not require the supply and handling of large 
quantities of hazardous chemicals; 

it is relatively compact in terms of land use and can 
be readily accommodated within the available land 
area; 

the quaternary stage plant can be installed and com- 
missioned with little modification to or interruption of 
operation of the present plant. 
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If it could be accepted that the demand for water for REFERENCES 
unrestricted applications did exist and could be further Sonheimer. H. et al.. 1978. JAWWA. 78 (7 
developed then it was concluded that there was 2. Miller, G. W. and Rice, R. G., 1978 
justification in using high quality reclaimed wastewater (2), 81-83 
in order to conserve existing resources, and avoid pur- ; aan ‘a : 

. - ; Cusreary 
chasing potable quality water from the public supply 437444 
system at greater cost. 5. Eberhardt, M 

The study showed that unrestricted irrigation use 116: 245 

would demand at least up to 60% of the available high 6. Neukrug, H. M. et al., 1984, JAWWA 
. Cairo, P. R. et 1979, JAWWA 79 

quality effluent. Aditi 29 AWWA 
- : x onstantine & | 7 

The study recommended that consideration be given 
to the construction of a quaternary treatment stage 
based on the use of ozone and activated carbon 


ADDRESSES 
filtration. a 0 


Correspondence on this paper should be 
Allum, Ashact Ltd, 11 Wycombe Road, Pre 
Bucks HP16 ONG 
APPENDIX 


(see next page) 


Chem Eng Res Des, Vol. 64, November 1986 





BELL AND ALLUM 


APPENDIX | 
EFFLUENT STANDARDS FOR RE-USE AND DISCHARGE OF 
WASTEWATER 


All units as mg/l unless otherwise stated 


Limit not greater than 
Monthly average 
Parameter Maximum over any 4 weeks 


Physical 
Total dissolved solids 1500 1000 
Total suspended solids 15 10 
Turbidity (NTU) 5 2 


Chemical 
Aluminium 
Ammoniacal Nitrogen (as N) 
Arsenic 
Barium 
Beryllium 
Biochemical Oxygen Demand (5 day) 
Boron 
Cadmium 
Chemical Oxygen Demand 
Chloride 
Chlorine, Free Residual (after 
60 mins contact time) ie 5 (min) 
Chromium 5. | (min) 
Cobalt 2 i 
Copper x 2 
Cyanide ).05 
Dissolved Oxygen (min) .O (min) 
Fluoride 
Iron 
Lead 
Lithium 
Magnesium 
Manganese 
Mercury 
Molybdenum 
Nickel 
Oil and Grease 
pH (pH units) 
Phenols 
Phosphorus (total as P) 
Selenium 
Sodium 
Sulphate 
Sulphide 
Organic Nitrogen (Kjeldahl) 
Total Nitrogen 
Total Organic Carbon 
Vanadium 
Zinc 


Bac teriologic al 
Total Coliforms (MPN/100 ml) 23 2.2 
Viable Pathogenic Ova and Cysts None-detectable None-detectable 
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AEROBIC THERMOPHILIC HYGIENISATION—A 
SUPPLEMENT TO ANAEROBIC MESOPHILIC 
WASTE SLUDGE DIGESTION 


G. HAMER (FELLOW)* and H. P. ZWIEFELHOFER** 


* Institute of Aquatic Sciences, Swiss Federal Institute of Tech g irich, § 
** 0) 7.B. Umwelttechnik Buch 1G, Bucl 


rhe concept of incorporating an aerobic thermophilic treatment step, as a means of effective hygienisation, for the treatment 
of waste sewage sludge is discussed. The complexity of waste sludge as a feedstock for treatment processes is examined and 
a discussion of the process stoichiometry for the aerobic biodegradation of microbial solids, i.e., waste secondary sludge, is 
provided. Technical-scale processes for aerobic thermophilic sludge treatment are discussed. Test results obtained during the 
stable operation of a UTB Aerotherm system operating with a conventional anaerobic mesophilic digestion system are reported 


INTRODUCTION either pre- or post-treatment processes operat 
conjunction with conventional installed, anaerobic, 1 
Increasingly stringent environmental legislation in most sophilic, waste sludge digestion processes, tl 
West European countries has resulted in increased ca- treatment effectiveness with respect to the 
pacity for municipal sewage and industrial wastewater cussed 
treatment by combinations of mechanical, biological In Switzerland an ordinance, issued in revi 
and physico-chemical process technology. The major the Federal Government in 1981,° requires ti 
by-product of both mechanical and aerobic biological that is to be spread on agricultural land to 
treatment processes is waste sludge, a putrefactive, of Enterobacteriaceae, essentially pathoger 
aqueous suspension of biodegradable, partially bio- bacteria, of less than 100 per gramme 
degradable and esseniially non-biodegradable solids and sludge and no virulent worm e 


ive a counl 


Inagicalor 


gos. Orizil 


similarly degradable dissolved and sorbed matter. Waste envisaged that such objectives could be most effecti' 
sludge presents a serious disposal problem, particularly achieved by one of several sludge 

in regions remote from the sea, where frequently the schemes, but, in practice, all schemes, with the 

policy for ultimate disposal involves spreading treated of pre-pasteurization, failed as supplementary 
sludge on agricultural land so as to cause minimum steps, and attention became focused on the hyg 


nuisance. Conventional waste sludge treatment tech- potential of autothermal, aerobic, thermoph 

nology involves mesophilic, anerobic digestion, but such treatment for waste sludge. The 

technology is no longer considered entirely satisfactory gienisation potentials of aerobic composting processes 
for the removal of either pathogenic organisms or toxic used for solid wastes was widely recognised, but the 
chemicals from sludge. Further, the physical character- realisation that suspended carbonaceous solids 
istics that affect the dewatering of conventionally treated tion and/or solubilisation could be 
sludges are frequently such as to result in high de- effectively under aerobic as under ani 


watering process costs, a feature of increasing economic was latent. In addition, the heat produ 


concern aerobic biodegradation is markedly 


Thermophilic, anaerobic sludge digestion processes complete anaerobic biodegradation of 


j 


self-heating and hy 


have been proposed as cost effective alternatives to naceous matter, because in the former 


conventional, mesophilic, anaerobic processes, but release is in the form of heat, whilst tn th 

plants constructed for the latter technology, and com- is in the form of methane. For either mesophilic ar 
prising pre-stressed concrete reactors, cannot easily be digestion processes operating in cold climates fi 
converted for thermophilic process operation. Most thermophilic anaerobic digestion processes operatit 
compounds that are biodegradable under aerobic condi- under virtually any climatic conditions, a signi 

tions are also biodegradable under anaerobic conditions, of the methane produced must be 
usually at markedly different rates, but some important heating 

pollutants commonly found in waste sewage sludges, The question of energy efficiency dor 

including hydrocarbons and some synthetic organic cussions of treatment process economics, and hence 
compounds, particularly detergent residues,’ are recalci- process acceptability. Clearly, aerobic processes prod 
trant to anaerobic biodegradation. In view of both this only low-grade heat, that must be deployed for either 
and of the question of recently installed mesophilic, process heating or, if not required, wasted. O 
anaerobic digestion capacity in many treatment plants, hand, anaerobic processes, in producins 

the most realistic approach for more effective waste with carbon dioxide in the approximate r 

sludge treatment would seem to be the introduction of provide a fuel gas of greater general utility, but 


| ; 
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ULL 
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small parcels of gas, frequently produced at times of 


non-peak energy demand and of inappropriate quality 
for injection into gas distribution networks, command 
only relatively low prices in industrialised countries, 
rather than the premium prices, so often used in eco- 
nomic evaluations of anaerobic digestion processes. In 


spite of this, methane production remains emotionally 


} 1 


combinations of aerobic and anaerobic technologies, 
rather than processes that seek complete sludge treat- 
ment under aerobic conditions alone 


SLUDGE TREATMENT PROCESS FEEDSTOCKS 

Waste sludge produced from primary mechanical and 
secondary biological sewage and wastewater treatment 
is a highly complex and variable process 
Its main fractions are 


pri cesses 


feedstock 


) Non-biodegradable solids: 
ii) Biodegradable solids of microbial origin; 
) Biodegradable solids of non-microbial origin: 
v) Soluble biodegradable compounds; 
v) Soluble non-biodegradable compounds: 
vi) Immiscible biodegradable compounds; 
) Immiscible non-biodegradable compounds; 
) Sorbed biodegradable compounds: 
) Sorbed non-biodegradable compounds. 


Clearly, both the mode and the kinetics of bio- 
of the biodegradable fractions 
varies, and obviously, this must be taken into account 


several 


when developing realistic process descriptions. 
Non-biodegradable matter, irrespective of its physical 
state is not, by definition, biodegradable. However, such 
matter can be modified during digestion processes as a 
result of mechanical effects. physico-chemical effects 
such as the pH of the aqueous phase and, probably, most 
importantly, as a result of either complete and partial 
biodegradation of sorbed compounds, such that the 
properties of non-biodegradable solids are 
uficantly modified and the resultant behaviour of the 
residual solids suspension, after treatment, is markedly 


different and may facilitate dewatering 


Surface 


oT 
4) 


S] 


Biodegradable, microbial solids include pathogenic 
microbes present in the original sewage or wastewater, 
and non-pathogenic microbes, both similarly present 
and produced, in large quantities, during secondary 
biotreatment processes. In spite of the fact that the 
destruction of pathogenic microbes, i.e., hygienisation is 
a primary objective of sewage, wastewater and sludge 
treatment processes, the elucidation of mechanisms in- 


volved in microbial cell destruction have received only 


cursory study. However, two mechanisms by which 
microbial cells lyse, autolysis, a process involving the 
actions of endo-enzymes of the cell undergoing lysis, and 
exo-enzyme lysis, brought about by enzymes excreted by 

microbes present in the process environment, have 
been identified. Even so, the question whether death 
either precedes or is coincident with cell lysis remains a 
matter for conjecture. Recent evidence” suggests that the 
latter is probably the case in those environments where 
the cells do not become “fixed” as they probably do 


attractive, and therefore, has encouraged the concept of 


when subjected to temperatures greater than 100°C in 
sterilisation processes. 

A wide and variable range of biodegradable solids of 
non-microbial origin are encountered in waste sludge. 
Amongst these, cellulose, in its various forms, predom- 
inates. Relative to other solid substrates, the microbial 
degradation of cellulose has been widely studied, but in 
spite of the effort expended, hypotheses, rather than 
clear elucidation of the mechanisms and kinetics of the 
process still predominate. 

The most plausible hypothesis for microbial growth 
on and degradation of cellulose is the shrinking-site 
model”, which is based on the apparent mode of attack 
on cellulose by a thermophilic Thermomonospora sp. The 
essential logic of the model is that cellulose is first 
converted into cellobiose by the synergistic action of an 
endo-gluconase/exo-cellobiosylhydrolase enzyme com- 
plex, which is inhibited by cellobiose. The cellobiose is 
then converted into glucose by a cellobiase, which is 
inhibited by glucose. The glucose is then utilised for 
growth by the microbial cells in accordance with Monod 
kinetics and the enzymes required for the previous steps 
are produced as growth associated products, although 
glucose is considered to be a repressor of both the 
endo-/exo-enzyme complex and the cellobiase. Further, 
the model assumes, that attack on crystalline cellulose 
occurs at projections, edges and dislocations (active 
sites), that the cellulose particles are essentially spherical 
and that for the enzymic degradation to proceed, it is 
necessary for the enzymes to adsorb, in accordance with 
a Langmuir adsorption isotherm relationship, at the 
active sites. The assumption of spherical shape leads to 
a cellulose degradation rate that is related to concen- 
tration to the 4/3 power. Close substrate-microbe con- 
tact is also a feature that might be difficult to sustain in 
vigorously mixed bioreactors. Such a model indicates 
that the complete degradation of cellulose is likely to be 
an inordinately long process such that in any 
continuous-flow process discharge there will always be 
some non-degraded cellulose when realistic residence 
times are employed. However, it should also be noted 
that cellulose is a natural, non-noxious compound and 
when treated siudge is spread on agricultural land, any 
present will without 
significant adverse effects 


cellulose decay slowly and 
The microbiai degradation of soluble carbonaceous 
compounds, the concentration of which will be relatively 
low in waste sludges, can be realistically described by 
Monod type kinetics, modified if necessary, to take 
account of either substrate or product inhibition 
Water immiscible carbonaceous compounds were 
widely feedstocks for commercial fer- 
mentation processes prior to 1973°. Several hypotheses, 
primarily concerned with the role of microbially pro- 
duced emulsifying agents, for microbial hydrocarbon 
degradation, have been postulated, but essentially such 
hypotheses apply to cultures of microbial mono-species. 
In multispecies process environments any emulsifying 
agents produced might be rapidly degraded by com- 
ponents of the wide spectrum of micro-flora present. 
Before proceeding, it is important to comment briefly on 
why biodegradable hydrocarbons are found in waste 
sludge, when one might assume that they should have 


studied as 
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been degraded during secondary biotreatment. In spite peratures within the thermophilic growth range should 
of the fact that discharge into sewers is not an acceptable not be extrapolated below 50°C, because Hedén and 
means of oil disposal, the practice is, none the less, Wyckoff” have shown that E. coli exhibit 

widespread in many countries. Any oil present in either from reversible to irreversible heat damage 

sewage or wastewater can be present as dispersed drop- 

lets, films or sorbed onto particulate matter, depending ' 

on characteristics governing phase distribution. During BIO-OXIDATION PROCESS STOICHIOMETRY 


sewage and/or wastewater treatment oil will be removed The stoichiometry of bio-oxidation pr 
either by skimming or, if sorbed onto solids, by sedimen- overriding importance, particularly wher 
tation. Both sedimented solids and skimmed material duction for autothermal process heating 
from primary sludge treatment comprise a major operating criterion. When biodegradabk 
fraction of the total waste sludge produced strate) is aerobically degraded by microbes 
Just as with particulate substrates, hydrocarbons ence of all other nutrients essential 

present to those microbes that are able to degrade them, growth of the microbes, a fraction of the 
the problem of multi-phase substrate transfer. Although matter is converted into carbon dioxide 
microbes grow at hydrocarbon/water interfaces, they | generated is used by the microbes pe 
do not grow strictly submerged in hydrocarbons, and dation to fix a further fraction of tl 


i il 


for immiscible hydrocarbon biodegradation, the main to form additional microbial bioma 


question concerning substrate uptake is whether the both the nature of the original sul 


.< 


microbes obtain their substrate directly from the availability, biodegradable and/or 
hydrocarbon/water interface or from trace concen- products can also be produced tog 
trations of hydrocarbon dissolved in the aqueous phase, sponding product 
a question that still remains unresolved carbon into microl 
The final biodegradable fraction, i.e., sorbed bio- requirements for 
degradable compounds, represents a physical situation requirement for 
that has yet to be examined either from the point of view Mixed culture system 
of hypothesis development or experimentally, in spite of every respect, than 
the importance of sorbed substrates in virtually all microbial species, but 
natural and technical process environments former systems are clearly both more 
efficient. Both aerobic 


crobes function effecti' 


SLUDGE HYGIENISATION 


ments and In suc 
Sludge hygie requires the death, destruc 
Siudge hygienisation requires the death, destruction o1 availability fr 


POU UCT 


CT¢ 


permanent deactivation of both the pathogenic or- with predominantly mi 


ganisms, and those organisms that are considered to be ide production, whilst oxygen lit 
indicative of faecai contamination present in the sludge frequently result in signi 
Because the survival of a single viable microbe can, at formation 

least theoretically, result in reinfection, microbial death Microbial growt! 

rate data are expressed in terms of microbial numbers energy-excess : 

rather than in terms of dry weight. Most data concerning carbons and alcohol 

microbial death are based on plate-count techniques carbohydrates 

and, at best, are indicators of viability rather than latent perfect substrate is one tl 

activity. The death (loss of viability) of vegetative mi- most obvious example of tl 

crobes, at any given temperature, is usually described by microbes are 

a first order rate expression. The specific death rate energy substrate 

constants in such expressions are species and strain effective sludge treatment 

dependent and are also functions of both temperature The microbial 

and prior treatment conditions. Few data exist concern- the weight of dry biomass produced |! 

ing the death of mesophilic microbes, i.e., those microbes carbon energy substrate. Analogous de 

with temperature optima for their growth in the range both the production of microbial bion 
15—40°C, at temperatures within the optimum range for nutrients and for the production of 
thermophilic growth, 1.e., 50-70°C. However, thermal extracellular products. Yield coefficients depet 
death data for Escherichia coli, the well known faecal cess operating conditions, and 
contamination indicator bacterium, is an exception and stants. Optimisation 

Aiba et al.” have shown that, for E. coli, the effect of allows either maximisation or 
temperature on the specific death rate constant is de- coefficients as required, particularly in 1 
scribed by the Arrhenius equation, i.e., a linear re- potentially inhibitory carbon energy su 
lationship exists between the logarithm of the rate bic processes involving facultative anaerot 
constant and the reciprocal of the absolute temperature, microbes’. Most yield coefficient data 
such that the specific death rate constant increases some the growth of microbial monoculture 
150 fold between 54°C and 62°C. More recent data for pure carbonaceous compounds under 
E. coli” suggest that this might be an underestimate signed to maximise the biomass 
Specific death rate data for mesophilic bacteria at tem- contrast, sludge treatment processes 
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of complex mixed microbial cultures on ill-defined mix- 
tures of carbonaceous compounds, as discussed pre- 
viously, under process conditions designed to minimise 
the biomass yield coefficient. For realistic process design, 
it is essential to be able to predict biomass, carbon 
dioxide, soluble product and heat production, on the one 
hand, and oxygen requirements, on the other. The basis 
for this is the establishment of appropriate equations 
that described the overall biodegradation process. 
Empirical formulae have been determined for micro- 
bial biomass produced by various microbes under vari- 
Ous process conditions. For aerobic bacteria grown at 
high growth rates the typical formula on an ash and 
moisture free basis, is CH, .O,.4;N,>,°. The ash content 
of this dry biomass is approximately 6.4%. Obviously 
primary and secondary waste sludges will have different 
empirical formulae and the composition of mixed waste 
sludge will obviously depend both on the relative 
amounts and the :ndividual composition of the individ- 
ual waste sludges. Activated sludge (secondary sludge) is 
reported to have the empirical formula CH, ,O),N,- 
on an ash and moisture free basis. By using these 
empirical formulae an equation describing the aerobic 
biodegradation of waste activated 


nroposed, an 


OA 


Sludge can be 


+ a(O,)—+b(CH, ,.O,4,N 
c(CO,) + d(H,O) 


+ e(NH,) + /(C,H,,, COOH) 


where the numerical values of the variables a, b, c, d, « 
and f depend on the yield coefficient for biomass pro- 
duction from sludge and on whether the carbon not 
incorporated into biomass is completely oxidised to 
carbon dioxide or only partially oxidised to form, in 
addition, low molecular weight carboxylic acids. 

For the complete oxidation of carbon energy sub- 
strates to form microbial biomass and carbon dioxide, 
Linton and Stephenson’ have established a correlation 
between the maximum attainable microbial biomass 
yield cofficient and the heat of combustion of the carbon 
energy substrate. Using this correlation, the maximum 
biomass yield coefficient for microbial growth on waste 
activated sludge is 0.67, and for digestion process oper- 
ation where biomass yield coefficient minimisation 1s 
sought, can be expected to be as low as 50% of the 
predicted maximum value. If no soluble product (car- 
boxylic acid) formation occurs the value of f in the 
equation will be zero and for any feasible values of the 
microbial biomass yield coefficient, the values of a, A, c, 
d and e can be calculated 


PROPOSED PROCESS TECHNOLOGIES 

A major objective of all biological fluid phase waste 
treatment processes is minimisation of the microbial 
biomass yield coefficient. For aerobic processes this 
automatically results in maximisation of heat pro- 
duction. For low concentration waste streams, heat 
production during aerobic biotreatment is relatively 
insignificant and the structure of typical wastewater 
treatment plants, i.e., shallow open aerated basins, opti- 
mises heat losses to the surroundings and equilibration 


of the process temperature with that of the surroundings. 
For the aerobic biotreatment of concentrated fluid waste 
streams such constraints on the process operating tem- 
perature need not apply provided the treatment process 
in undertaken in either high or medium aspect ratio, 
insulated, enclosed bioreactors under operating condi- 
tions where the dispersed air (oxygen) flow to the 
bioreactor is minimised and the potential for auto- 
thermal process heating, and hence, both process rate 
and hygienisation, enhanced. 

Aerobic processes for waste sewage sludge treatment 
have been researched and developed in the USA, Can- 
ada, South Africa and several European countries. Aero- 
bic waste sludge treatment was first proposed in the late 
1950s”. Essentially four distinct processing concepts 
exist: 


(1) Mesophilic (15-35 C) aerobic digestion; 
(ii) Autothermic (40—50°C) aerobic digestion; 
(111) Thermophilic (SO—-70°C) aerobic digestion; 
(iv) Thermophilic (S0—-70°C) aerobic hygienisation 
mesophilic (30-40 C) anaerobic digestion. 


Mesophilic aerobic digestion processes for complete 
sludge treatment are essentially extensions of con- 
ventional activated sludge type treatment technology for 
high concentration waste streams and the operating 
temperatures employed in such processes are unlikely to 
result in any thermal hygienisation effects with respect to 
either pathogenic organisms of pathogen indicator bac- 
teria. From the point of view of process effectiveness 
they are unlikely to be markedly superior to optimised, 
high rate mesophilic anaerobic digestion processes other 
than for the destruction of hydrocarbons and certain 
hydrocarbon derivatives that are anaerobically recalci- 
trant, but aerobically biodegradable. 

Autothermic aerobic digestion processes are proposed 


either as complete treatment systems or as a second stage 


where mesophilic aerobic digestion is used as the first 
stage in two-stage operation. However, such processes 
do not function in the true thermophilic process tem- 
perature range; process microbes effective in the range 
40-50°C exhibit thermotolerant rather than thermo- 
philic characteristics. As far as pathogenic organisms are 
concerned, process operating temperatures between 40 
and 45°C cannot be expected to result in markedly 
enhanced destruction levels, whilst between 45 and 50°C, 
predominantly reversible damage of pathogens, with 
possibilities of subsequent recovery and resultant rein- 
fection, can be predicted. 

Thermophilic operation requires process microbes that 
are genuine thermophiles, i.e., microbes with growth 
optima in the range 50-70°C. The diversity of such 
microbes present in waste sewage sludge subjected to 
thermophilic aerobic treatment has been investigated by 
Grueninger et al.’’. However, as far as aerobic thermo- 
philic sludge treatment processes are concerned, cal- 
doactive microbes, i.e., microbes with temperature op- 
tima for growth above 70°C, should be avoided because 
of their fastidiousness. For sludge treatment thermo- 
philic processes to be attractive, with respect to energy 
input, they must be operated in an autothermic mode 
and provided with heat exchange between the processed 
sludge and the feed sludge. Such processes have been 
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discussed by POpel and Ohnmacht’’, Kambhu and 
Andrews”', Smith et al.”, Jewell et al.** and Wolinski and 
Bruce™*. All processes operate at temperatures above 
55°C and below 70°C, with one exception~’ where the 
operating temperature range used was 45-65 °C. Simul- 
taneous hygienisation and stabilisation are the objectives 
of aerobic thermophilic sludge treatment processes. 
However, the residence time required for these two 
distinct processes in a continuous flow process plant will 
be markedly different. Effective hygienisation can be 
predicted to be achieved within hours, whilst sta- 
bilization of biodegradable sludge solids requires process 
residence times of several days. This discrepancy was 
recognized by Zwiefelhofer*> who described a full-scale 
operating process combining aerobic thermophilic hy- 
gienisation with subsequent anaerobic mesophilic di- 
gestion (stabilisation) and by Keller and Berninger”®, 
who described pilot plant-scale investigations employing 
essentially the same concept. 

Combined thermophilic aerobic hygienisation 
mesophilic anaerobic stabilisation processes offer very 
considerable potential for effective and economic waste 
sewage sludge treatment. In view of the fact that very 
considerable installed mesophilic anaerobic digestion 
process capacity, that produces non-hygienised sludge, 
exists, it is appropriate to think in terms of installing a 
relatively short residence time thermophilic aerobic 
hygienisation/pre-treatment processing stage to operate 
in conjunction so that the combined process produces an 
effectively hygienised sludge for ultimate disposal. One 
such pre-treatment process that has been installed at 
several sewage works in Switzerland and Austria is the 
UTB Aerotherm system. Several such processes have 
been in successful, essentially stable operation for several 
years and process data for a system installed at the 
community sewage treatment plant at Unterterzen/SG, 
Switzerland are reported below. 






































UTB AEROTHERM SYSTEM 


The UTB Aerotherm system is a genuine thermophilic 
aerobic autothermal pretreatment process. A schematic 
diagram of the process is given in Figure |. The essen- 
tials of the process, as installed at Unterterzen/SG, are 
a two compartment raw sluge heating tank where heat 
it transferred from the hot aerobically hygienised sludge 
to the cold raw sludge, operated in an intermittent mode, 
such that each batch of raw sludge is retained for a fixed 
time interval of 0.5 h in the tank and then transferred as 
a batch to the aerobic bioreactor, where thermophilic 
treatment occurs. The residence time of the sludge in the 
bioreactor can be varied between 0.75 and 2.5 d. At short 
residence times additional heat is sometimes required 
The hygienised, but still unstabilised sludge is intermit- 
tently removed from the bioreactor and passes to the raw 
sludge heating tank where it is held for 0.5h so that 
temperature equilibration occurs between the two sludge 
streams, but direct contact between streams is avoided 


The feed of cold raw sludge is obtained from a pre- 


thickener and macerated or sieved prior to pre-heating 
After post-hygienisation cooling the sludge passes to a 
mesophilic anaerobic digestor of a conventional design 
and with a residence time of between 12 and 20d, where 
digestion occurs. The stabilised sludge then passes to a 
Sludge storage tank, often the original second stage of 
the conventional anaerobic digestion process, where 
sludge thickening occurs prior to collection for ultimate 
disposal. The aerobic bioreactor is agitated and aerated 
by pumping the sludge undergoing treatment through an 
external venturi type injector. The aeration capacity oi 
the injector is such that oxygen limited conditions occur 
in the bioreactor. Because of possible foam formation, 
a mechanical foam breaker is fitted on the gas outlet of 
the bioreactor. Under the selected operating conditions, 
the insulated aerobic bioreactor can be maintained at 





























Figure 1. Layout of an UTB Aerobic-Thermophilic/Anaerobic-Mesophilic Sludge Treatment Plant (1-Pre-thickening 
Sludge Pump, 4-Warm Sludge Pump, 5-Sludge Pre-heating Tank, 6-Aerobic Reactor, 7-Hot Sludge Pump, 8-Reactor Circula 


10-Foam Breaker, |1-Anaerobic Digestor, 12-Sludge Storage Tank) 
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operating temperatures >60°C. As far as effective hy- 
gienisation is concerned, the semi-batch operating mode 
of the sludge pre-heating/post-cooling tank eliminates 
the possibility of pathogen containing sludge bypassing 
effective hygienisation as could occur if sludge pre- 
heating was operated in a short residence time continous 
flow system 

The Unterterzen/SG sewage works receives a waste- 
water equivalent of 2500 inhabitants and produces ca. 
5m’d~' waste sludge containing 4-5% dry solids. For 
sludge treatment, the works was originally provided with 
a conventional mesophilic digestion facility, which be- 
cause of prevailing climatic conditions, frequently oper- 
ated in either the lower mesophilic or even the upper 
psychrophilic temperature ranges and produced a sludge 
for disposal that was, according to the quality standards 
prescribed by Swiss law, neither effectively stabilised nor 
hygienised. In order to satisfy legal requirements, the 


sludge treatment facility was modified by integrating 
into the existing facility an UTB Aerotherm system for 
raw sludge conditioning and hygienisation. Parallel with 
this, a rationalised energy programme was introduced 
and the modified system was commissioned in autumn 
1983 and effective process operation has been main- 
tained for over two years. Effective operation is defined as: 


(i) The production of safe, legally satisfactory, 
hygienised sludge by the UTB-Aerotherm sys- 
tem with heat requirements being met by heat 
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produced from exothermic biooxidation reac- 
tions: 

(ii) The heat requirements for the mesophilic anaer- 
obic digestor are met by heat production by the 
UTB Aerotherm system; 

(iii) The resultant treated sludge from the overall 
process is aesthetically unobjectionable, 1.e., 
practically odourless and stable; 

(iv) A treated sludge dry solids content of 
achieved by gravity thickening. 

(v) A treated sludge that is entirely acceptable to 
farmers. 


vy 0 is 


To 


were 


evaluate process performance, laboratory tests 
undertaken on samples from the plant during a 
three week period in June and July, 1984, and the results 
are reported. In these tests, chemical, physical and 
bacteriological parameters were assessed for sludge 
samples from the prethickener, the aerobic bioreactor 
outlet, the anaerobic digestor outlet and from both the 
supernatant liquid and thickened solid zones in the 
sludge storage tank. Additionally, 
were taken from both 


outlet gas samples 
the aerobic bioreactor and the 
anaerobic digestor for gas analysis. The sludge/liquid 
samples were analysed with respect to their pH, total 
suspended solids (TSS), volatile suspended solids (VSS), 
dissolved organic carbon (DOC), the carbon: nitrogen 
ratio of the TSS (C:N), volatile carboxylic acids and 
Enterobacteriaceae count. The temperature of each sam- 


Table |. Results of Analyses of the Pre-thickener Samples and Operating Data (TSS-total suspended solids, VSS-volatile 


suspended solids, DOC-dissolved organic carbon, Ac-acetic acid, Pr-propionic acid, i-But-iso-butyric acid 


~ 


, n-But 


normal butyric acid, 2-Mebut-2-methyl butyric acid, i-Val-iso-valeric acid, n-Val-normal valeric acid) 


TSS DOC 
if g | gl % mg | 


Temp 


945 
900 
960 
1065 
1035 
1005 
1040 
1245 


Dah AHA W 


50 
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1110 
YOU 

ND 
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lalyses of the 


DOC 
mg | 

2220 
1830 
1980 
1920 
1920 
1960 
1920 
2220 
2085 
2640 
2310 
2535 


ND 


45.6 
477 


9 


1080 


y 


Ac 


9 7 ? C 41.9 
S90 


Carboxylic Acids mg 


i-But n-But 2-Mebut 1-Val 


44.6 
40.0 45.8 
42.2 50.4 
$9.9 


13 
50.3 


48.9 


| Ss 


1007 
1106 
1094 

749 
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916 


R 


3 


590 5.2 80.7 
9 


Ac 


59.5 
204.8 
209.2 


294.4 


38 


\Q 
4 


Aerotherm Samples and Operating Data (abbreviations as in Table 


Carboxylic Acids mg! 


i-But n-But 2-Mebut i-Val 


8.0 309.9 


0 


21 2 


&9 3.5 


599 


1] 


10 
1] 


28.5 
42 
65.4 
ND 
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Table 3 


Results of Analyses of the Anaerobic Digestor and Operating Dat 


1 (abbreviat 


in Table 1) 


Date Temp 


TSS 
1984 C | 


g | 


14.6 38.0 
3274 
40.8 


$1.5 


24.5 


7 
a 


awww w 
DA a] 4 


> 
>. 


www 
Dun 


» 
A 


ple was measured at the time of sampling. Sludge/liquid 


samples were taken through valves, with the exception of 


those from the prethickener and the storage tank where 
a scoop and a sediment sampler were used, respectively 
During the test period 4-Sm’d~' of raw sludge were 
subjected to treatment and the average residence time in 
the aerobic bioreactor was 55h. The resuits obtained are 
given in Tables | 


DISCUSSION 


The discussion of the results for the individual process 
units will be handled separately. However, it should first 
be clearly understood that direct comparisons between 
the results for samples from different process units 


Table 4. Results of Analyses of the Sludge Storage Tank Settled Solids 
and Operating Data (abbreviations as in Table 1) 

Date Temp TSS VSS VSS 

1984 » gl f % 


DOC 
mg | 


Ac 
mg | 
14.6 
18.6 
19.6 
20.6 
22.6 


25.6 


141.4 
ND 
ND 
ND 
ND 
ND 

165.1 

145.0 

144.8 

174.2 

177.8 

169.5 


156.3 


40.8 
ND 
ND 
ND 
ND 
ND 
43.7 
39.8 
38.8 
39.8 
39.5 


ND 
ND 
ND 
ND 
<10 
10 
10 
10 
10 
10 
10 
10 
ND 


Nm khwWN & 


Zervervrvre- 
— - & >—>- 
GIunsuauwsds 


35.1 


39.4 


Table 6. Carbon and Nitrogen Analyses of Dry Solids fron 


Sludge Pre-Thickener 


% = % N 


30.86 3 
30.93 
23.97 
26.61 67 
23.26 1.91 
29.63 3.03 
26.87 3.13 
24.78 2.92 25.60 
25.44 2.96 24.27 
30.16 4.06 21.27 


26 
3.61 
89 


28.83 
31.09 
30.25 
26.46 
25.69 
Ziote 


22.36 
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65.4 
64.3 


ND 
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64.1 


sludge 


should be avoided because of variability in 
characteristics and the relatively extended residence 
times employed, particularly in the anaerobic digestor 
and the treated sludge storage tank 

For samples from the prethickener, the TSS values 
were variable as would have been expected. The VSS was 
relatively constant at ca. 50-60% of TSS. The DOC was 
Significant at ca. | gl’ and the carboxylic acid content 
suggested that anaerobiosis was occurring in 
thickener. The ratios of 
particularly 
constant 


raw 


the 


various carboxylic 


pre 
the acids, 


acetate: propionate, remained essentially 


In the aerobic bioreactor outlet sample, the TSS were 
/ 
variable, but VSS:TSS remained 


relatively constant 


eacn 


Anaerobic Digestor 
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Table 7. Enterobacteraceae Counts in 
Samples from the Aerotherm and the 
Sludge Storage Tank 

Number of 
Enterobacteraceae in sludge 
Aerotherm Storage Tank 
(triplicates) 
60/0/0 
0/0/0 
180/160/120 
40/0/0 
20/0/0 
40/60/40 
1) Mossels enrichment medium 


2) Violet Red Glucose Agar 


TSS and VSS hardly varied from the values for raw 
sludge, suggesting that any expected increase due to 
evaporation of water at ca. 70°C was counteracted by 
solids hydrolysis, which was clearly indicated by a 
doubling of DOC. Interestingly, the spectrum of carbox- 
ylic acids present changed, with branched chain acids 
becoming more prominent. The Enterobacteriaceae 
count was zero throughout, clearly demonstrating 
effective hygienisation. The C:N varied little from the 
C:N in the raw sludge insufficient gas samples were 
analysed, but oxygen conversion seemed, for two 
samples, to be very high and for a completely mixed 
bioreactor would suggest oxygen limitation. The traces 
of methane in the outlet gas can be explained as being 
stripped from the feed in which prior anaerobiosis 
occurred. Worm eggs were not tested for during this 
investigation, but a retention time of 55h at >60°C 
should result in complete deactivation. 

As would have been expected, a significant reduction 
in VSS and DOC occurred as a result of mesophilic 
anaerobic digestion and only low 
trations of i 


residual concen- 
volatile carboxylic acids were detected. 
Therefore, the operation of this process step was entirely 
Satisfactory 


For the treated sludge storage tank, a serious problem 
concerning representative sampling, occurred. However, 
this was solved by using a sediment sampler. Once 
effective sampling was established, a mean TSS concen- 


tration of 160 g1-° was found for the thickened treated 
sludge, clearly implying effective operation. Constant 
DOC and percentage VSS indicate virtually no biologi- 
cal activity in the storage tank. The almost complete 
elimination of volatile carboxylic acids resulted in an 
essentially odourless treated sludge. The Entero- 
bacteriaceae count remained below the legally permis- 
sible level for all but one sample. The relatively wide 
variation in the counts results from the inhomogeneous 
nature and high solids content of the sludge. The 
probable source of Enterobacteriaceae contamination in 
the storage tank was from non-hygienised sludge present 
in the tank at the time of process start-up in the previous 
autumn. The low TSS content of the supernatent liquid 
further emphasized the good settling properties of the 
treated sludge. 


Comparison between C:N and TSS concentrations 
showed that the anaerobic digestion step reduced the 
suspended organic carbon content of the sludge by only 
30% and clearly indicated the significance of the re- 
sidual, non-biodegradable, carbonaceous components in 
waste sewage sludges. 
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AN AEROBIC FLUIDISED BED REACTOR 
FOR WASTEWATER TREATMENT 
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P. BOYES (GrapuatTe), B. A. HAY and J. A. BUTT 


*Department of Civil Engineering, University of Birmingham 


A combined oxygenator/biological! fluidised bed unit was used to treat settled sewage and a simulated dairy waste. The tapered 
bed design proved to be an efficient and stable method for the treatment of soluble organic waste water. It has shown possibilities 
for use as a high rate process giving a large biomass hold-up and removing more than 95% of the COD when loaded at 
2.9 kg COD m-*d~'. Evidence, based on microscopic examination, is presented on the relationship between film thickness and 
film density and it is suggested that the tapered bed design could be operated to control film thickness so that it remained 


at a compact stage. 


INTRODUCTION 


The biological treatment of soluble organic wastewaters, 


of either domestic or industrial origin, requires intimate 
contacting of the reactive components (substrate, bio- 


mass and oxygen). One way of increasing the rate of 


reaction (and thus reducing the size of plant) is to 
increase the concentration of the biomass. In con- 
ventional homogeneous reactors, such as the activaied 
sludge process, the facility for increasing the biomass 
concentration is limited by oxygen transfer consid- 
erations and by the fact that at higher concentrations 
(above perhaps 6g1 ') the biomass cannot readily be 
separated from the liquid phase (the treated effluent) by 
simple gravity settlement. Fluidised bed reactors offer a 
solution to these problems, since the biomass is fixed as 
a film attached to the support medium the size of which 
provides a high surface area per unit volume and results 
in a high biomass concentration. 

The use of this type of reactor has been examined by 
a number of workers (see Cooper and Atkinson’ and 
Table 1). In general, the design of the various reactors 
has been very similar; a suppori medium (e.g. sand or 
anthracite) is expanded/fluidised within a tower struc- 
ture by the upward flow of process liquors. A distribu- 
tion system, often specific to a particular process, is used 
at the bottom of the tower to ensure that there is even 
expansion of the bed. The major diiferences lie in the 
way in which biomass is removed from the reactor and 
the way in which the oxygen necessary for the aerobic 
degradation of the carbonaceous pollutants is added to 
the process. Both aerobic (based on air) and oxygenic 
(based on pure oxygen) systems have been used. How- 
ever, the former appears to have a somewhat limited 


scope, particularly if the full potential of this type of 


reactor with its facility for supporting a high biomass 
concentration (and a correspondingly high oxygen up- 
take requirement) is to be realised. In oxygenic systems, 
the oxygenator is usually a separate unit designed to 
transfer oxygen to the influent without permitting the 
carry-over of gas bubbles to the fluidised bed. An 
alternative approach is to use a gas transfer unit® located 
within the fluidised bed. The basic principles of this 
approach have been discussed previously’. This paper 
examines the operational aspects of the process during 


the treatment of domestic sewage and a simulated dairy 
waste water 


METHODOLOGY 
Reactor design 

The combined system of the biological fluidised bed 
and oxygenator as used initially is shown in Figure | 
‘he biological fluidised bed was constructed of 

The biological fluidised bed 1 
230 mm I.D. x 457mm and one 
[.D. x 305 mm), with an entry point in the base and an 


3 glass 
sections (two 
overflow in the top section. The distribution system 
consisted of five layers of different sized gravel (fron 
5mm to 38mm) and occupied and bottom 200 mm of 
the column. Sieved sand (0.4 mm average diameter) was 
used as the support material for growth of the biomass 
and was placed on top of the distribution system. The 
oxygenator was constructed of a 
(Sl1mm I.D 1220 mm) with an orifice plate (orifice 
diameter 5mm) fixed over the inlet at the top. The 


single glass tube 


settling tank was used to trap any sand in the overflow 
from the fluidised bed thus preventing the sand entering 
the pumps. The holding tank which received the over 
flow from the primary settling tank ensured that the 
system did not run dry or flood. Two exit streams from 
near the base of the tank were used a 
“mono” pumps feeding the bed itself 

ator. Both 


unr 
sd | 


pumps were fitted witli 


through the system. The oxygen was 


~ 


cylinders with the flow (25 ml min‘) 


by a calibrated rotameter. The gas was mi 
of the flow streams from the holding t 


ing the oxygenator. The feed used tn th 


This was obtained daily 
sewer which runs along the perimeter of the 


settled sewage 


campus. The sewage was pumped into the hok 
between the two exits leading to the react 

ensure that there was no short-circulating to 

effluent. The design of the reactor was altered for the 
second phase of the study 
were deemed necessary from the experience obtained in 
the initial work with settled sewage, are 


y 


Figure 2 and included 


These modifications, which 


shown in 
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Author 


Butts et al.’ 


Sutton et al 


Holladay et al.* 


Hoyland 


and Robinson” 


Ox = oxygenic 
A = Aerated 


(1) A tapered bed design, which was achieved by taper- 


Table l 


Medium- 
Reactor type 


Particle 
Size (mm) 


sand-Ox 0.6-0.8 


sand-Ox 0.48 
anthracite 

coal 

particles-A 

sand-Ox 
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Reported performance data for expanded bed systems 


Upflow 
velocity 
(mh~') 


35-48 


26-3 


Influent 
type 
sucrose 
methanol 
carbohydrate 


phenol 
glucose 
mixture 
settled 
sewage 


ing the oxygenator column’. This had two advan- 
tages; (a) it varied the cross-sectional area of the 
annulus up the bed, resulting in varying liquid veloc- 
ities which led to greater stability of the bed since it 
was less susceptible to sudden surges in flow; and (b) 
it both increased the volume within the oxygenator 
and decreased the fluid exit velocity thereby giving a 
greater number of small bubbles in the gas transfer 
unit without any carry-over’. The tapered bed design 


Influent 
conc 
(mg 1 


Effluent 
conc 
(mg1~') 


Biomass 
conc 
(mg1~') 


Removal 


(%) 


Temp 
) & 
200-300 
COD 
3456 
BOD 
750 21 99 
TOC 


12-19 120-220 40 


22-24 94 


150-176 
BOD 


(4) During the start-up phase, the clogging and chan- 


nelling within the distributor combined with the 
buoyancy of the oxygenator caused by bubble froth 
collapse. This resulted in a shifting of the oxygenator 
column off centre within the bed. This further pro- 
moted channelling in the bed itself. Three adjustable 
screws in brass sheaths were, therefore, bonded to the 
external surface of the oxygenator column at its base 
so that it could be centred in the bed and fixed in 
place. 


operating at a liquid flow-rate of 111 min~' gave a 
maximum velocity of 33mh~™' at the base of the 
annulus and a minimum of 17.5 mh “' at the top of 
the bed. 
A reduction in the fluctuations in the oxygen flow 
rate was achieved by moving the mixing point for the 
oxygen and liquid flows closer to the oxygenator 
using a T-piece connection immediately above the 
orifice plate at the top of the oxygenator column. 
(3) The effectiveness of distribution at the base of the 
bed was improved by lowering the oxygenator col- 
umn into the gravel distributor. 


(5) Stopping the pump supplying liquid flow through the 
distributor base, once the fluidised bed had accumu- 
lated sufficient biomass 

(6) A small centrifugal pump was added to mix the feed 
tank contents and maintain solids in suspension. 

The feed stock (COD = 830 mg1~') for this modified 


reactor, was made from agricultural-grade milk powder 
(1.0 g=0.95 g COD). 
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Figure 2. Configuration of the modified reactor (Insert 


oxygenator 
dimensions, cm) 


Figure |. Original configuration of the reactor 
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Analytical methods 

Dissolved oxygen measurement were made with an 
electrode system (Beckman, Model 777). COD and 
volatile solids determinations were made by Standard 
Methods’. Microscopic examinations were made 
on both stained and unstained samples of the sand 
(Olympus. Model Vanox). 

The biofilm was stained with a solution of Oral-B’ 
(dental disclosing tablets) and its thickness measured by 
a pre-calibrated graticule. 


RESULTS 

For the preliminary investigation of the ‘in-situ’ 
aerator using domestic sewage, the reactor was loaded at 
2.6-3.6kg BOD m -*d“' (based on the void volume of 
the bed). This produced a hydraulic retention time of 22 
hours. The removal efficiencies achieved were 70-90%. 
The efficiency was related to the volume occupied by the 
solid phase (i.e. sand/biomass), which was determined by 
measuring the actual height of the fluidised bed (and 
hence its volume) and the fractional volume occupied by 
the sand and biomass combined (by taking a sample of 
known volume from the bed, allowing it to settle and 
measuring the volume occupied by the solid phase). 
Thus, in Figure 3, the regression analysis can only be 
applied over the immediate experimental range. With no 
biomass present, a positive solid phase volume would 
exist (ie the clean sand) but there would be no BOD 
removal. This part of the relationships (ie biofilm thick- 
nesses of (0 to 40 um) was not examined. 

On the basis of the excess dissolved oxygen present in 
the effluent liquors (12-14 mg1~'), the reactor was oper- 
ating at only a fraction of its actual capacity. Even so, 
the sand/biomass was prone to disruption by hydraulic 
surges. It was considered that better control could be 
exercised over the reactor if it were operated as a tapered 
bed. The reactor was, therefore, modified before consid- 
ering the effect of increased loading rates. The modified 
reactor was started by using a feed-stock of settled 


\ 


EFFICIENCY 


REMOVAL 





i 


2 3 4 





SOLID 
Figure 3. Oxygen demand removal in relation to the volume of the 


solid phase (sand + biogas). @ = Fluid velocity 39.5 mh~'. §§ = Fluid 
velocity 33.2mh~'. W = Fluid velocity 28.4mh 
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Figure 4. Removal of 
(Influent COD = 830 m 


waste) by the modified reactor 


sewage and activated sludge (20:1) for the initial two 
weeks. During the third week of operation a mixture of 
settled sewage and the synthetic milk effluent (1:1) was 
used. By this time, visible biofilm was beginning to 
develop and therefore, from the fourth week, the syn- 
thetic milk waste was used undiluted as the feed-stock, 
the loading rate being maintained at a constant value of 
2.9kgCOD m~’d~’. As can be seen from Figure 4, the 
effluent produced by the reactor had reached a more or 
less consistently low level after ten days of operation 
with the milk waste feed-stock. The detailed examination 
of the biofilm was, therefore, made from day fourteen 
An examination of the microfauna of the expanded 
bed showed that, in addition to the attached bacteria, the 
main species present were nematode worms, stalked 
ciliates (mainly Epistylis spp.) and rotifers (Philodina 
spp.). It was noted that whilst thin films (40-50 um) 
stained well, thick films (> 100 um) stained poorly (if at 
all) and were very granular in nature. The general trend 
was for the biofilm to increase in thickness up through 
the bed (Figure 5) and, at any point in the bed, to 
increase with time (Figure 6). The 
(Table 2) were calculated from 


S 


biofilms densities 


10 (g ml 


2.652z D 
where 


= Volatile solids concentration (mg | 
Concentration of sand (g1~') 
Diameter of coated sand (um) 
= Diameter of clean sand (425 ym) 
Number of sand particles per litre 
= Specific film volume (I1~°) 


in this are shown in 
Figure 7 in relation to the measured film thicknesses 

The dissolved oxygen measurement made on the 
liquors entering the oxygenator and at the top of the bed, 
together with a knowledge of the amount of gaseous 


The densities calculated way 
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Figure 5. Variation in biofilm thickness in > bed. (a) 14 days 
(b) 16 days. (c) 23 days. (d) 30 days 


oxygen supplied, means that a mass balance can be made 
across the system and oxygen utilisation rates calculated. 
The results indicate that there is very little variation in 
this parameter with time; 0.37g oxygen g ~ volatile 
solids d~' on day 30. These values are very similar to 
those reported previously by Sehic'' for an air-aerated 
bed. Sehic related the specific oxygen uptake rate 
(SOUR) to the substrate (COD) removal rate (SRR) to 








Figure 6. Variation in biofilm thickness with time. (a) Top. (b) 20cm 
(c) 30cm. (d) Bottom 


Table 2. Bed-average value for the fluidised particles 


Time S Film thickness p 
(days) (mgl~') (um) (g ml~") 


i4 6000 42 
16 5900 49 


23 6700 68 
30 7200 89 


0.0609 
0.0470 
0.0341 
0.0343 


give; 
SOUR = 0.21 (SRR) + 0.31 (4) 


In this study, the mean substrate removal rate was 
0.447 g COD removed g/' volatile solids d~'. Based on 
the Sehic relationship therefore, the oxygen uptake rate 
ought to be 0.40 g oxygen g ‘ volatile solids d~'. Al- 
though this similarity is a validation of both sets of data, 
the resulis from the current study suggest that, towards 
the end of the test period, a significant proportion of the 
biofilm is likely to be respiring endogenously, in other 
words, there is substrate limitation. 

At this stage, it is not known which substrate is 
causing this limitation or whether it is due to slow 
diffusion of oxygen into the thicker biofilms. This latter 
situation could result in anaerobic conditions being 
established at some point within these films. However, it 
is considered that, with effluent dissolved oxygen con- 
centrations of 12-14 mgl1', there would be a sufficiently 


large “driving-force” to prevent this happening. 


DISCUSSION 
Several points can be deduced from the results ob- 
tained from the work done with the modified reactor and 
the milk waste. The first relates to the effect that tapering 
the bed had on the behaviour of the solids and the film. 
Because of the velocity gradient up the bed, the bed was 
more stable and less prone to loss of solids in the 











FILM THICKNESS (ym 


Figure 7. Relationship between biofilm thickness and film density 
(a) Data from Shieh et al’ (sewage). (b) 1/p = 43.02 — 1081.54 I/A 
r- =().93. (c) Data from Shieh et ai’ (carbohydrate waste) 
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Table 3. Comparison of the relationship between 
film thickness (L; ym) and the total solids con- 
centration (x; gl~') in an expanded bed 

Author Regression relationship R 


Sehic I 
This study L 


7240 x 0.79 
1956 x ~°™ 0.26 


effluent. The secondary effect was that there was an 
increased biomass hold-up. The thickness of the biofilm 
at any point in the bed has been related to the total solids 
density at that point. This relationship was derived from 
a study of an air-aerated bed treating domestic sewage 
(the aerator being an external unit)''. An examination of 
the current data (Table 3) shows that, based on re- 
gression analysis (nm = 24), the relationship giving the 
best fit is of the same type as that reported by Sehic”’ 
(i.e. geometric) although the degree of correlation is 
significantly worse. Nevertheless, a point of similarity 
exists. 

Sehic also calculated values for the biofilm densities 
in his reactor and reported that there was a discon- 
tinuous correlation between film thickness and density; 
the critical thickness being 40 ym. Below this value, the 
dry weight density was 0.035 g ml~' whilst above it, films 
had a density of 0.075 gml Although the present 
study reports film densities with values very similar to 
those discussed by Sehic'', by Atkinson et al.'? and by 
Shieh et al.,'° no discontinuity was found. In fact the 
results (Figure 7) show that there was a smooth tran- 
sition in film densities as the film thickness varied. An 
examination of previous work'®'’ shows that, although 
film densities do in general decrease as the film thickness 
increases, the nature of the relationship appears to 
depend on the type of waste being treated and the 
loading rate being applied. This can also be seen in 
Figure 7 which compares the data reported by Shieh et 
al.,'° with those derived in this current study. This shows 
the differences between two different substrates (domes- 
tic sewage and a high-strength carbohydrate waste) at 
relatively similar loading rates (~25kg BOD m *d°'). 
These data then need to be compared to those generated 
in this study where the loading rate was significantly 
lower (2.9kgCODm-*d~'). Similar differences have 
been noted by Hoehn and Ray”. 

The reason for the decrease in density as the film 
thickness increases can be related to the microscopic 
observations (poor staining and granulation) and the 
suggestions made by Hoehn and Ray” that as the 
thickness increases so substrate diffusion becomes lim- 
iting and the more inner regions of the film enter an 
endogenous respiration phase. The applicability of this 
latter suggestion can be assessed by examining the rate 
of biofilm growth over specific time periods. Since there 
was only a minimal (effluent solids <15 mg1~') loss of 
biomass reactor, the results of such an examination 
(Tabie 4) show that certainly after 23 days there would 
appear to be significant growth limitation. This confirms 
the suggestion made earlier on the basis of the oxygen 
utilisation rates. However, there could be a significant 
difference between the system discussed by Hoehn and 
Ray and that existing in the bed currently under dis- 
cussion, that is, the type of limitation which exists. In the 
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Table 4. Biofilm characteristics 


Time Periox 


(gg ‘COD removed d 


specific film volume 

removed per day 
From data in Table 2 a1 
"Using density values given 
Assuming a constant COD remova 


former it was assumed to be associated with oxygen 
diffusion into the film. In the present work, the dissolved 
oxygen concentration at the top of the bed had an 
average value of 7.4mgl~-°. On the basis of the work 
reported by Hoehn and Ray, this ought to provide an 
adequate supply of oxygen to a film which was on 
average less than 100 um in thickness. On the other 
hand, the data in Table 4 suggest that, in the latter half 
of the test, carbon limitation of growth may well be 
occurring. If this is the case, then it can be said that, 
whatever the type of limitation, the 
the film is very similar. An examination of photo- 
micrographs of the film at the two extremes (Figures 8 
and 9) shows a very similar picture to that postulated by 
Hoehn and Ray. Thus, at 60 um, the film is compact 
and, from the nature of the staining, contains a signifi 
cant polysaccharide matrix. The 30-day film, on the 
other hand, is very porous and, based on 


actual effect on 


the staining 
characteristics, seems to contain little polysaccharide 
material. 

There is little difference in the ability of these two 
types of film to remove COD (See Figure 4) and since 
the decreased density of the thicker film can lead to 
problems in controlling the bed height"”, it is suggested 
that the expanded/fluidised bed tapered design used in 
this study could well be operated so that the film 
thickness was controlled (by media removal) so that it 
remained at the compact stage 


As 


Figure 8. Photomicrograph of the stained 
showing a compact, non-granular biofiln 
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Figure 9. Photomicrograph of the stained sand/biomass (at 30 days) 
showing a thick granular bicfilm 


There is no doubt that during this study the bed was 
under-loaded (in terms of its ultimate potential). Never- 
theless, it has shown that an in-situ aerator of the type 
investigated can achieve performances, in terms of COD 
removal and biofilm generation (and characteristics), 
which are comparable to the data reported previously 
for both aerobic and oxygenic bed (Table 1). 


CONCLUSIONS 
1. The use of a tapered bed design for a combined 
oxygenator fluidised bed system has proved to be an 
efficient and stable method for the treatment of soluble 


organic waste water. 
, 


2. Using the unit both with settled sewage and a 
simulated dairy waste as the feed-stock gave between 70 
and 95% reduction in oxygen demand of the feed. Over 
the range investigated, the removal efficiency was shown 
to be a linear function of the solid phase volume in the 


t has been demonstrated that a relationship exists 
en the film thickness and film density. 


4. From an examination of photomicrographs of the 
stained biofilm it is suggested that films become porous 
and less dense as they continue to grow in the unit. 

5. It is also suggested that the tapered bed design could 
well be operated to control film thickness by media 
removal at a specified height so that the film is main- 
tained at the compact stage. 
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Liquid flow distribution in packed columns has been studied on the scale of the packing elements. Ring and saddle type of 
random packing and several types of Sulzer structured packing were used. 

With random packings, a semi stable flow distribution develops rapidly in the main body of the packed bed; this is called 
‘natural flow’ or ‘small scale maldistribution’. It is characterised by severe channelling, or rivulet formation, of the liquid. When 
measured on the scale of the packing elements, the square of the relative standard deviation of the flow distribution is about 
0.5. Channelling is randomly distributed over the cross-section of the bed with, on an average, one main ‘liquid channel’ per 
30-40 packing particles. The potentially detrimental effect of this maldistribution on the separation performance of a packed 
bed is largely compensated by radial mixing. Expressed in terms of a ‘mixing height’, the liquid streams are fully remixed 


after a packed height equivalent to about 16 packing particles. 


For structured packings the flow distribution is much more even than for random packings; the square of the relative standard 
deviation approximates to a value of 0.2. The channelling in these packings is not severe and the rate of radial mixing is large 
For random packings, in contrast to the natural flow in the main body of the packing, the equilibration between the column 
wall zone and the inain body of the packing is slow. The resulting maldistribution can, in large columns, hardly be compensated 
by radial mixing. It was found that, due to their very large rate of radial spreading, the equilibrium wall flow develops rapidly 


for structured packings. 


For both random and structured packings the flow patterns can be realistically simulated by relatively simple probability 
calculations. The large scale maldistribution can be accurately described by a radial diffusion model with a wall-flow ‘sink’ 


1. INTRODUCTION 


Packed columns show some distinct advantages over 
tray columns for use in distillation and absorption 
stripping processes, in particular because of their rela- 
tively low pressure drop and low hold-up. However, 
there has always been hesitation to apply packed col- 
umns on a large scale since some of their performance 
characteristics cannot be predicted reliably; this calis for 


inclusion of large safety factors in practical designs. It 
follows from a review paper by Bolles and Fair’ that 
only the capacity (flooding limit) can be predicted with 


reasonable accuracy. Experimental data scatter and 
therefore performance prediction is poorest for the 
pressure gradient and the mass transfer efficiency 

Several factors have been assumed to be responsible 
for the scatter in packed column performance. Poor 
reproducibility in the dumping of random packings has 
been mentioned as the cause of the scatter in pressure 
gradient data. The unreliability in the prediction of the 
mass transfer efficiency is generally ascribed to the 
impossibility of controlling the flow in a packed bed, in 
particular with respect to the liquid. Even with a very 
even initial distribution at the top of the bed, the liquid 
would form preferred flow paths (channels) during its 
downflow and it would also tend to accumulate partially 
at the wall of the column. Furthermore, with large 
diameter columns it would be difficult to ascertain an 
even initial liquid distribution. This maldistribution of 
the liquid within the packed bed results in local 
vapour/liquid ratios that deviate considerably from the 
overall (external) ratio. In the case of a separation 
process such as distillation these deviations result in local 
concentration pinches which decrease the overall mass 
transfer efficiency of the packed column. 


The limiting effect of Idistribution on 


liquid 
efficiency has been recognized for a long time and 
theoretical and experimental studies have been made 

to estimate its severity. In general it can be stated that 
maldistribution becomes relatively more detrimental if 
the number of transfer units (or the equivalent number 
of theoretical trays) in the column becomes larger. It has 
therefore been industrial practice to redistribute the 
liquid at length intervals of the packed column equiv 
alent with about ten to twenty theoretical trays. The 
maldistribution—efficiency models however suffer from 
a lack of information on the actual flow behaviour of the 
liquid within a packed bed. Liquid distribution mea 
surements were made a long time ago, e.g. by Baker, 
Chilton and Vernon in 1935 
also more recent data*® were obtained by collecting the 
liquid flowing from the bed using a specially designed 
bottom packing support plate, which was divided into a 
limited number of liquid ‘catching’ sections. Although 
these catching sections were much larger than the pack 


These measurements’ and 


ing particles, severe non-uniformities in the flow rates 
from these sections were observed. Smaller catching cells 
of about 4cm 
they observed severe channelling or rivulet formation 
with ring packings of 10 mm size. Charpentier 
identify rivulets, films and drops by conductivity mea- 
surements within a packed bed. About a maximum of 
30% of the liquid would flow in rivulets 


were used by Le Goff and Lespinase’; 


tried to 


Rivulet for 
mation and channelling was also a subject of the study 
by Porter, Barnett and Templeman’; they employed a 
square column with a bottom support plate having 
elongated catching cells of 10 mm wide and 0.59 m long 
By a ‘goodness of fit’ test on observed liquid spreading 


~ 


rivulet size of V0.2 t 


results they calculated an average 


0.6cm’s '. In a study of the spreading of a liquid jet in 
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beds with packings of varying wettability, Bemer’’ used 
@ support plate with 16mm-*16mm catching cells. He 
observed heavy liquid channelling down to a scale equal 
to the size of the packing particles. 

The above investigations do not give direct informa- 


tion on the distribution of the flow rates on the scale of 


the packing units and/or on the spatial pattern of the 
maldistribution. Also, the significance of the radial 
mixing of the liquid, relative to the severity of the 
channelling has, as yet, not been identified. This aspect 
of the flow in a packed column is very important since, 
with sufficient radial mixing, the effect of the channelling 
on the mass transfer efficiency of the bed would disap- 
pear; it would make the use of liquid re-distributors 
superfluous 

To find answers to some of the problems mentioned 
above, liquid flow distribution measurements were 
made” using a bottom support plate enabling the deter- 
mination of local flow rates on the scale of the packing 
units. The random packings employed were glass 
Raschig rings, stainless steel Pall rings, ceramic and 
polypropylene Intalox saddles. Measurements were also 
made with stacked or structured packings, i.e. Sulzer 
plastic BX and stainless steel Mellapak 250-Y and 
500-Y. For reasons of simplicity the experiments were 
made without gas flow; since neither liquid hold-up nor 
liquid mixing coefficients are influenced by the gas flow 
below the so-called loading point’ it can be assumed 
that in analogy the single phase distributions are also not 
influenced by gas flow below the loading limit. Another 
limitation in the work was that, due to safety reasons, 
only water could be used as irrigation liquid. However, 
in a similar smaller scale study, Bemer’’ had already 
shown that wettability of the packing surface did not 
influence liquid distribution patterns. 

The flow distribution measurements are reported in 
this paper: the effect of the flow phenomena on the mass 
transfer efficiency will be treated in a later paper. 


2. EXPERIMENTAL 
The principle of 
sketched in Figure |. 


the experimental installation is 
A perspex column of 0.5m di- 


ameter and various bed lengths up to 2 m was employed. 
It was provided with a liquid distributor and a bottom 
packing support plate. The distributor had 68 nozzles of 
3.0 mm diameter or about 350 nozzles per m°. It was also 
provided with a single central feed pipe to study liquid 


spreading. The distance between the peripheral nozzles 
of the distributor and the column wall was 20-25 mm. 
The peripheral area of the packing therefore was not 
irrigated; this allowed the study of the rate at which 
liquid migrates into the wall zone 

The bottom support plate consisted of 657 square 
(16*16 mm) liquid catching cells and 24 cells touching 
the wall. This design is similar to that of the bottom plate 
used by Bemer’’ in his study of the spreading of single 
liquid jet within a packed bed. Figure 2 gives a photo- 
graph of the bottom support plate. The liquid rates from 
the 657 non-wall area catching cells were determined 


+ The flow patterns in this paper were obtained as computer 
print-out; they therefore have a slightly elliptical shape. The actual 
patterns are circular of course 


with a special sampling device that could measure 177 
cells simultaneously. In order to measure all the 657 cells 
the location of the sampling device had to be changed 
nine times. A sampling period for 177 cells took about 
20 seconds; a total measuring cycle for all cells about 5 
minutes. 

The liquid flow rates were measured by taking the time 
interval to fill a 21 mm diameter tube over a length of 
approximately 610mm; the liquid levels in the tubes 
were identified by measuring the electric capacity. In 
total 177 tubes were installed, connected by flexible 
tubing with the 177 cells of the movable sampling device. 
Figure 3 shows a photograph of the measuring tube 
assembly. A detailed description of the measuring tubes 
and the electric circuitry is given elsewhere’ 


3. TREATMENT OF THE DATA 

Liquid distribution measurements were taken for the 
different packing types mentioned in the introduction 
and for different bed heights. The superficial liquid rates 
used were 5, 10 and 1S mms ‘", representative of dis- 
tillation at vacuum to moderate pressures. It was found 
that the distributions were very stable with time; even 
after one day, leaving the column standing dry for one 
night, the distribution profiles had not changed. When 
a given type of packing was redumped the new distribu- 
tion differed in detail from the original one. However 
parameters of the distribution, which we introduce fur- 
ther on, do not change more than they did in time- 
stability experiments 

Two-dimensional data tables of the liquid flow rates 
do not give a very informative impression of the spatial 
quality of the distribution. An improvement is obtained 
when the local flow rates are represented by different 
degrees of shade. In the flow patterns given in this paper, 
white areas represent rates smaller than 0.67 *g, crosses 
denote rates between 0.67*g and i.5*g and black areas 
represent rates larger than |1.5*g. As an example Figure 
4+ gives the flow pattern for 15 mm Pall rings, bed height 


Single Liquid Jet 





—_ Distributor 


68 Nozzles 





Distance between 4 
Woll and Outer 


Nozzles 20-25 mm Column Diameter 0. 5m 


la 











Square Liquid- Catching Cells 16x16 mm 
657 Cells in Main Area 
24 Cells in Wall Zone 


Figure |. Sketch of equipment used for the study of liquid distribution 
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Figure 2. Photograph of bottom support plate 
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Figure 3. Photograph of measuring tube assembly 


0.6 m, average liquid velocity 10 mms '. This figure also 
shows a histogram of the distribution. The flow rates are 


plotted along the horizontal axis and the number of 


collecting cells within a given flow rate interval along the 
vertical axis. The cells that run at the average rate are 
indicated by the black line in the histogram. The liquid 
rate distributions were further characterized by a mal- 
distribution factor Myf: 


with n = 657 
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Figure 4. Example of flow pattern and histogra 
height 0.6 m; liquid velocity 10 mm Myf 0.59 
areas: q < 0.67*q; crosses 0.67* 9 <q < i.5*g; blac 
Black bar in the histogram: average liquid rate 

For a large number of flows, Mf equals the square of 
the relative standard deviation of the flows, o 

The flow pattern in Figure 4 represents the distridu- 
tion on the scale of the packing particles, since the size 
of the 15 mm Pall rings is approximately the same as the 
size of the catching cells. Areas of high flow can easily 
be identified; they apparently represent locations of 
preferred downflow or liquid channels. A definition of 
their size and number is a matter of arbitrary choice. In 
this paper, a channel is defined as a location where the 
liquid rate is larger than 1.5*g, occurring over an area 
equivalent to two or more packing particles. In the 
example of Figure 4 the number of channels, N., thus 
defined equals twenty, the ‘channel density’ is 100 m 

The flows from the 657 catching cells can be integrated 
to obtain the flow distribution over larger cross-sectional 
areas. As mentioned above the directly determined flow 
pattern is, as such, representative for the flow on the 
particle scale for packings with a size of about 16mm 
For larger packings to obtain the flow rates on the 
packing particle scale, the flows from adjacent celis have 
to be added. In this study it is assumed that the flows 
from square blocks of 4 cells represent the flow on the 
packing unit’s scale for the 30 mm Raschig rings and the 
50 mm Pall rings (because of the holes in the side of Pall 
rings their liquid distribution properties were found to 
be about the same as that of Raschig rings of about half 
their size). 
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Figure 5. Pattern used for ‘radial’ integrations of the flows. Rings 2 


3, 4 etc. were used for the determination of the liquid spreading 


coefficient; rings I-V for establishing the flow into the wall zone. Areas 
1 17.51 I] 17.89%, II] 27.10%, IV 21.47%, V 16.03% 


Radial integration of the flows from the catching cells 
is useful for the study of the overall migration of the 
liquid towards the wall. The integration pattern used for 
this purpose is shown in Figure 5. The concentric rings 
I-V are employed to study the flow towards the non- 
irrigated wall zone; the single cell rings in the middle of 
Figure 5 are used to study of the spreading of a single 
jet of liquid, entering along the axis of the packed bed. 


4. FLOW FROM A SINGLE LIQUID JET; THE 
LIQUID SPREADING COEFFICIENT 
a. Spreading with Random Packings 

Figure 6 shows an example of the flow patterns 

obtained for 15 mm Pall rings with different bed heights 

in the column. It is seen that the initial jet spreads 

irregularly and that the heaviest flows disappear gradu- 

ally. The flow pattern scatters around the axis of the feed 

nozzle, indicating the onset of liquid channelling. It is 

clear that on the scale of the particles the spreading can 

hardly be represented by diffusion. However, when the 

flows are integrated radially along the “circles” 1-1, 2-2 

etc. (Figure 5) a more regular pattern of spreading is 

obtained which allows the use of the diffusion model: 

1 Gu 

: (2) 

ror 

in which D, is the coefficient of liquid spreading, ex- 

pressed in units of length. From equation (2) it can be 
derived’ that: 


r*-= —4D_zIn(1 —x) (3) 


in which x denotes the fraction of the injected liquid 


flowing at the depth, z, within a circle with radius, r, 
around the axis of the feed nozzle. The radial integration 


Table |. Radial spreading coefficients 


Size Flow rate D. value 
Packing type mm ml s~' m 


Effect of the flow rate 
Pall rings 15 0.0013 
0.0013 


0.0013 


Effect of particle size 

Raschig rings 10 ; 0.0016 
20 22: 0.0027 
30 225 0.0037 

Pall rings 15 225 0.0013 
50 225 0.0026 

Intalox cer 25 225 0.0029 

Intalox plast 25 225 0.0025 

Effect of irrigation of the total bed 


Pall rings 15 1000 + 112 
15 1000 + 225 


0.0016 
0.0017 


of the flow patterns provide the area mr~ as a linear 
function of the bed depth, z, with x as the parameter. As 
reported earlier'*, equation (3) appears to hold when the 
true bed depth, z,, is increased by a small fictitious 
height, z;: 


(4) 


The fictitious bed depth is caused by the initia! 
spreading of the liquid jet when impinging on the top 
layer of the packing units; the same effect was also noted 
by others'*. The measured spreading coefficients and 
fictitious bed heights are collected in Table 1. 

The spreading coefficient appears to be strongly de- 
pendent on the packing type and size; the liquid rate has 
no influence. The effect of total irrigation of the bed has 
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Figure 6. Spreading of a single jet for 15mm Pall rings; jet rate 
112 ml/s 
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Figure 7. Spreading coefficient D, as function of the packing size d 


also been investigated for 15 mm Pall rings. These results 
are less accurate than the spreading data for the dry bed 
because the data has to be obtained by subtraction of 
two measurements. Therefore the increase of the spread- 
ing coefficient by about 25% is probably not of 
significance. 

The splashing heights, z,, behave rather erratically. 
They are higher for the cylindrical Raschig rings, lower 
for the more open types of packing as Pall rings and the 
Intalox saddles. 

The measurements confirm earlier findings'’ that the 
spreading coefficient is approximately proportional to 
the packing size; for Raschig rings and Intalox saddles 
it is found (Figure 7): 


D, = 0.12 d, (Sa) 
Or expressed as a radial flow ‘Peclet number’: 
Pe,, =d,/D, =8 (Sb) 


Equation (5) also approximately holds for Pall rings 
when half the nominal diameter is substituted for d, 
Apparently the openings in the side of these rings, and 
their liquid deflecting vanes within, cause a smaller 
degree of liquid spreading. 

It is of interest to compare liquid spreading with the 
spreading of a tracer compound injected along the axis 
of a fully irrigated packed bed. The latter is usually 
expressed in terms of a radial coefficient of diffusion, D,, 
according to the following equation: 


oc 10c 
— = y= +- 
ot ror 


\ 
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With ¢ = z/u the equation becomes 


This indicates that the liquid spreading coefficient D 
is analogous to D,/u. Radial diffusivity is usually cor 


related in terms of a radial Peclet number 
Pe.=iud./D, (8) 


For trickle flow in ring type packings Pe, is about 8 
almost independent of the flow rate’. Strikingly this 
value is the same as found for the “radial flow Peclet”’ 
(equation (5b)). Thus it can be concluded that the radial 
spreading of a tracer compound is caused by spreading 
of the liquid flows only; turbulent mixing in the liquid 
streams, that would cause extra spreading of a tracer, is 
apparently negligible 


b. Spreading in Structured Packings 
The spreading in structured packings was studied 
using Sulzer Plastic BX and Sulzer Mellapak 500-Y 
These packings have been described elsehwere'’. In 
principle they parallel corrugated sheets 
(Figure 8); the sheets are installed vertically with the 
corrugations inclined relative to the axis of the column 


consist ol 


For adjacent sheets the angle of inclination is reversed 
A layer of vertical sheets has a height of 165 or 210 mm; 
adjacent layers are rotated by an angle of 90°. Plastic BX 
is a gauze packing made of polypropylene and poly 
acrylonitrile threads. The height of a layer is 165 mm, the 
hydraulic diameter of the channels formed by the cor- 
rugations is 7.5mm and the angle of inclination of the 
corrugations with the column axis is 30°. The packing ts 
self-wetting due to the capillary action of the gauze 
material. Mellapak consists of corrugated metal sheets 
For the type 500-Y the hydraulic diameter of the chan 
nels is 8 mm, the layer height is 210 mm and the inclina- 
tion of the corrugations relative to the column axis is 
45°. 

Most of the liquid from a single jet will enter between 
two adjacent sheets. Therefore its spreading occurs 


mainly between these sheets. The maximum horizontal 


Figure 8. Sketch of the principle of construct 
packings 
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Figure 9. Spreading of a single jet by one layer of Plastic BX and 
Mellapak 500-Y along the parallel sheets onto which the jet is flowing; 


jet rate 225 mi/s 


diversion from the injection point equals the displace- 
ment caused by the sloped corrugations. i.e. 115 mm for 
Plastic BX and 210 mm for Mellapak. This is illustrated 
by the spreading diagram in Figure 9, obtained at a 
liquid rate of 225 mls~' for both packings. In the case 
of Mellapak two centres of gravity of the flow develop 
at a distance of about 0.33m with only little flow in 
between. With the BX packing a more even distribution 
is found which probably has to be attributed to increased 
liquid exchange between adjacent gauze sheets. 

Due to the rotation of subsequent packing layers the 
centres of gravity of a higher layer are, in principle, cut 
in two halves in the next lower layer. This is most clearly 
illustrated by the Mellapak experiments (Figure 10). 


One layer, 
two main flows 


After two layers, the next splitting of the flow causes two 
flows to combine again, causing only six instead of eight 
flows to develop. 


c. The Mechanism of the Liquid Distribution 

The description in the previous paragraph of the 
flow—splitting and recombination for Mellapak is a 
useful starting point to understand the development of 
flow patterns in both structured and random packings. 
For Mellapak to obtain a smoother spatial distribution, 
the splitting mechanism should be repeated several 
times. This can easily be done by calculation assuming 
that in every layer the entering flows are split in two 
halves and that the resulting flows are diverted in a 
horizontal direction at 90° with the previous layer. The 
principle of this calculation is, together with the flow 
pattern thus obtained for 12 layers of packing, shown in 
Figure 11. As can be seen, the pattern becomes regular 
and there is no indication of the development of chan- 
nelling. If the diffusion equation (3) is applied to this 
pattern it is found that 


D 0.22 a-/b (9) 

The constant in this equation was found to be approx- 
imately the same for 8 to 12 layers of packing. For 
Mellapak in which a single split occurs over 0.33 m (see 


Figure 9, a= 165mm and b= 210mm), it follows that 


D, = 0.03 m. This is equivalent with the spreading caused 


Two layers, 
four main flows 


Three layers, 
six main flows 


Figure 10. Spreading of a single jet by three layers of Mellapak 500-Y; jet rate 225 ml/s 
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Figure 11. Calculated flow pattern for the spreading of a single jet ir 


12 layers of a Mellapak type packing 


by Raschig rings of about 0.25 m diameter and is in the 
same order of magnitude as found for the radial gas 
diffusivity 

For random packings it can be assumed that the liquid 
flowing from one particle is also split; probably in more 
than two streams which are all of different size. More- 
over the horizontal divergence of the flows will be 
randomly distributed. A first step to introduce the 
phenomenon of randomness is to assume that the flow 
from the particles is split in two equal halves as is the 
case with Mellapak, but that the horizontal divergence 
of the split is by chance either parallel or perpendicular 
to the direction of the previous split. The distribution 
pattern now obtained for 12 layers of packing is given 
in Figure 12. This pattern clearly shows channelling of 
the liquid; it is in fact very similar to the experimental 
pattern. Applying the diffusion equation (3) again 
approximately the same relation as given by equation (9) 
is found. Therefore we can apply this equation to find 
the distance of spreading by a single particle on basis of 
the experimentally measured spreading coefficient. For 
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example for 25 mm Raschig rings D, = 0.0029 m; depend- 
ing on its spatial orientation 0.025 <b <0.035m. We 
then find that 0.0095 <a <0.011 m. This implies that 
the angle between the directions of a single split is about 
70°, from a physical point of view a reasonable value 

The above analysis shows that with the Sulzer pack 
ings a very uniform ultimate flow distribution can be 
expected, whereas with the random packings the flow 
pattern will remain irregular with pre 
nelling 


ynounced chan 


5. THE FLOW PATTERN WITH RANDOM 


PACKINGS 


a. The Experimental Flow Patterns 
In the study of maldistribution patt 
t 


distributor with 68 nozzles, the effects of packing type 


tigated. The 


and size, bed height and flow rate were | 
effect of packing size on the flow pat as directly 


measured for glass Raschig rings, 1s illustrated in Figure 
13. It appears that the distribution pattern becomes less 
even with the larger rings. However, the 

cover more than one catching cell 

the distribution pattern on ring scale the 

have to be integrated. For the 30mm rings this could 
be done by adding the flows of square assem 


les OI four 


The maldistribution factor then dec1 i to 0.3 


iv! Uv < LU 


cells 


and the number of channels to 6 or 30n inalogy 
the maldistribution factor for 
scale will also be smaller than t 
whereas for the 10 mm 
considerably higher 
therefore the Mf on 
constant 
The measured channel 
Figure 13. They appear to 
However the size of the catching cells also 
characteristic. For th 
that on 


particle scale 


30 m The catching cells of 
flow from on an average two 10mm 1 


these rings all black areas i 































































































Figure 12. Calculated flo 
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counted as channels according to its definition in para- 
graph 3. This gives a total number of about 350 
channels per m-. Assuming that a particle occupies an 
area of d= in the column cross-section the number of 
particles per channel is about 30. For the 30 mm rings 
this number is about 35. Thus this characteristic seems 
to be rather independent of the particle size too 

At the lowest flow rate of Smms the mal- 
distribution factor is always relatively high; at the higher 
flow rates a tendency for a more constant value for M/ 
can be noted. This was found for all random packings 
Figure 14 shows the flow patterns at various liquid rates 
for 15 mm Pall rings; the size of these rings comply with 
the size of the catching cells; the diagrams therefore 
represent the flow patterns on ring scale. 

The effect of bed height on the maldistribution pat- 
terns is very interesting. Figure 15 shows the flow pattern 


c 


for 50mm Pall rings (measured data integrated over 


square blocks of four catching cells) for bed heights of 


50mm. 400mm. 1000 mm and 1800 mm 
ring occupies a 
50 mm 


Since every 
cross-sectional area of about 
50 mm there were about 80 rings in the full 
cross-section of the experimental column. Thus the 
distributor, having 68 nozzles, irrigated on an average 
every particie in the top layer of the bed. It is therefore 
surprising that with only one layer of packing a severe 
maldistribution already develops. This maldistribution 
intensifies with increasing bed height but neither the 
maldistribution factor nor the channel density appears 
to change much for heights above 400 mm. Apparently 
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the distribution becomes stable within about 10 layers of 
packing; we call this pattern of small scale mal- 
distribution the natural flow of a randomly packed bed. 
Figure 16 gives the influence of the bed height on the 
maldistribution factor on ring scale for a number of 
packings. On an average Mf seems to be of the order of 
0.5. 

Flow patterns obtained with packings made of 
different materials but similar in form and size are shown 
in Figure 17. Even though the wetting properties of the 
materials are very different, the maldistribution patterns 
are very much the same. This confirms the earlier 
findings by Bemer’ that the wettability of the packing 
surface does not influence the liquid spreading properties 
of packings. 

The experiments lead to the conclusion that the stable 
small scale maldistribution or ‘natural flow’ is reached in 
relatively low bed depths. The spreading of the flow rates 
can be adequately expressed in terms of the mal- 
distribution factor, Mf, and the spatial distribution can 
be given by the number of channels. In the range of 
15 mm to 50 mm packings Mf is in the order of 0.5; the 
number of particles per channel is about 30 to 40. Both 
characteristics appear to be almost independent of the 
particle size. 


b. The Simulation of the Flow Pattern in 
Random Packings 


In paragraph 4c a model is described in which the 
packing particles split the liquid streams in two halves 
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Figure low patterns for three sizes of glass Raschig rings 
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15 mm stainless steel 


Pall rings 


packed height 8.6 m 
U,; = 10 mm/s 


seerercocedeeocaciecceairer 



























































Figure 14. Effect of the liquid rate on the flow pattern; 15mm Pall rings 


with a horizontal divergence, determined randomly, 
either parallel or perpendicular to the previous split. This 


model resulted in realistic flow patterns for the case of 


a single liquid jet. So it is of interest to apply the same 
calculational technique for fully irrigated packings. A 
choice has now also to be made concerning the behav- 
iour of the flows that are directed against the wall of the 
column. The most simple assumption is that these flows 
are fully reflected, i.e. that they return to the particle 
immediately below the particle that caused the split. 
Using these assumptions, calculations were made for a 
column with 156 particles in the cross-section, with every 
particle being irrigated by the same quantity of liquid; 
this is similar to the experiments with the 50 mm Pall 
rings (Figure 15). 

The patterns obtained for one layer and eight layers 


of packing are shown in Figure 18. The similarity of 


these patterns and the experimental ones in Figure 15 is 
striking. The development of the maldistribution factor 
and the number of channels with the number of layers 
is compared with the experimental data in Figure 19. 
The simple model appears to predict the experimental 
flow characteristics rather satisfactorily; the ‘natural 
flow” is reached in about 8 layers of packings. 

Recently a similar but slightly more complicated 
calculational procedure was described by Albright"; it 
confirms that the natural flow is reached in 8 to 10 
packing layers when the initial distribution is homo- 
geneous. 
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c. The Mixing Height 

The large variation of the local liquid flow rates within 
the packed bed will cause a corresponding variation in 
the vapour/liquid ratios. This would have a detrimental 
effect on the separating power of packed beds unless 
radial concentration gradients are rapidly smoothed out 
by radial diffusion or by mixing. Because of the random 
character of the flows, a simple ‘diffusion plus mass 
transfer’ model cannot be applied to estimate the effect 
of the small scale maldistribution. Therefore we prefer to 
introduce a ‘radial mixing height’. In this model (Figure 
20) it is assumed that no mixing occurs between the 
liquid streams in the zones with the length, z,,. The radial 
mixing is represented by alternating mixing stages in 
which all liquid streams are mixed ideally and instanta- 
neously. 

The value of the mixing length, z,,, may be deduced 
from the analogy between axial and radial spreading or 
dispersion. Axial dispersion can be expected to be of the 
same nature as the radial spreading; the differently sized 
channels will have a different liquid residence times. This 
residence time is coupled through the liquid hold-up to 
the liquid flow rate as 


t~=h/q 


It is known” that the liquid hold-up is a function of 
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Figure 15. Effect of bed height on the flow pattern; 50 mm Pall rings, average liquid velocity 15 mm/s 


the liquid flow rate according to: 


h=q° (9b) 


Therefore: 
i{=x¢ (9c) 


Using this relation, the residence time distribution can 
be calculated from the liquid flow distribution. This was 
done for the averaged case, where Mf equals 0.5. The 
flow distribution curve that was used and the resulting 
residence time distribution curve are presented in Figure 
21. It was found that the relative standard deviation, o;;, 
of the residence times equals 0.08. This variance is 
coupled to the axial Peclet number through: 


(10a) 








Figure 16. Maldistribution factor as function of the bed height for 
different packings and at different liquid rates 
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Figure 18. Calculated flow pattern for one anc 
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Figure 19. Experimental and calculated maldistribution factor and 
f channels, plotted as function of the number of layers of 


number of 
random packing; column size 500 mm 
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Figure 20. Model define the ‘mixing height’, z, 











Figure 21. Flow distribution curve and liquid residence time distribution curve on the scale of the particles. Averaged for 1S mm and 50 mm Pall 


rings and 30mm Raschig rings 
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Figure 22. Mixing height as function of the particle size 


The use of the axial diffusivity, D,, in the definition of 


this Peclet number is allowed when the analogy between 
the mechanisms of axial and radial spreading holds, i.e 
when the radial and axial displacements of liquid ele- 
ments are the only causes of the dispersions determined 
in tracer experiments (the method by which the radial 
and axial diffusivities are usually obtained). For the case 
of radial dispersion this was established in paragraph 4b 

If we take the mixing length, z,,, equal to the length, 
z, in equation (10a) we obtain: 


ei d, = 2/(a;; Pe,) (11) 


The value of the mixing length, z,,, can now be 


calculated using known values of the axial Peclet num- 
bers for packed columns. For ring type packings it has 


been found’ that 0.5 < Pe, < 2.0, depending on the 
flow rate. With the latter being expressed in terms of a 
Reynolds number (Re = ud, p/n): 


Pe, = 0.19 Re°* (12) 
Therefcre: 
Zm/d, = 10.5 (a2, Re®**) (13) 


Figure 22 gives the mixing height for o, = 0.08 for 


ring sizes of 15 mm to 50 mm. It follows from the figure 
that the mixing height is approximately constant at 
z. = 16d... 


6. THE FLOW PATTERN WITH STRUCTURED 
PACKINGS 
a. The Experimental Flow Patterns 

The Sulzer packings, Plastic BX, Mellapak 250-Y and 
500-Y, used in this study show a structure of alternating 
parallel channels. The size of these channels is such that 
for the Plastic BX and the Mellapak 500-Y there are 
about 2000 channels in the cross-section of the experi- 
mental column; for the 250-Y the number of channels is 
about 520. The liquid catching cell arrangement of the 
bottom support plate with 657 square cells therefore 
gives the distribution on ‘channel scale’ only for the 
Mellapak 250-Y. For the other packings the flows, 
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averaged over four channels, are combined and flow 
variations on the channel scale are smoothed somewhat 

The large number cf channels also implies that the 
distributor, with 68 pour points, only irrigates a small 
fraction of the available channels. Therefore a number 
of layers will be needed to establish the natural flow of 
the packing. This is confirmed by the experiments as 
illustrated in Figure 23 for Mellapak 250-Y. After only 
one layer Mf is still relatively high; however with a few 
more layers the maldistribution factor becomes lower 
than that of the random packings. In some of the 
patterns in Figure 23 accumulation of the liquid in the 
wall zone can be noted. This may have been caused by 
the rather strong curvature of the wall of the test 
column, which makes it difficult to recapture the liquid 
that has reached the wall. In a larger column this wall 
zone will become relatively less important and its M/ 
will be correspondingly lower. The M/s without wall 
zone flow (M/’) are also given in Figure 23; a somewhat 
steeper decrease of the maldistribution factor with the 
number of layers is noted there. Even though the M/’s 
are definitely smaller than those of random packings, the 
number of channels is about the same (in the order of 
20) as for random packings of comparable size (e.g 
15mm Pall rings) 

As with random packings, the Mf about doubles its 
value at the lowest flow rate of Smms 

The influence of the material of construction could be 
checked by comparing Plastic BX and Mellapak 500-‘ 
As mentioned in the beginning of this paragraph the 
catching celis combine the flows from on an average four 
channels, which causes some smoothing of the patterns 
Figure 24 shows that BX packing gives a much more 
uniform pattern than Mellapak. It is of interest to note 
that the maldistribution factor of Mellapak 500-Y is 
about the same as is found for four layers of 250-¥ 
However, this is not a fair comparison because of the 
‘integration effect’ of the 16 mm catching cells in case of 
the 500-Y packing. Therefore, on ‘channel scale’, the M/ 
of this packing is higher than for the 250-Y for the same 
number of layers; this is caused by the fact that with 
500-Y only about a quarter of the channels in com 
parison with 250-Y, is irrigated 


b. The Simulation of the Flow Pattern in 
Structured Packings 

The liquid splitting model used to calculate the flow 
patterns of random packings can in principle also be 
applied for Mellapak type packings, provided the hori 
zontal divergence of the splits is kept parallel in one layer 
of the packing. In adjacent layers the divergence of the 
splits has to be rotated 90°. In Paragraph 4-c a 50/50 
split was assumed in the simulation of the spreading of 
a single jet. Using the same assumption for the calcu 
lation of the flow patterns with a multi-nozzle distributor 
very regular and uniform patterns result without the 
scatter observed in the experimental flow patterns in 
Figure 23 and 24. Apparently some randomness is also 
present in the liquid distribution of Mellapak type 
packings. A more realistic simulation is obtained by 
using the full information of the single jet tests in Figure 
9; it shows that the liquid is split into somewhat unequal 
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Figure 23. Flow patterns for 


portions, i.e. about 60% to the left, 30% to the right and 
10% going down approximately vertically. Randomness 
can be introduced by assuming the 60/30 split can be as 
in Figure 9 or reversed, i.e. 30% to the left and 60% to 
the right. With this mechanism the flow pattern was 
calculated for 156 channels of which 50% is irrigated by 
the distributor. Liquid reaching the wall was again 


assumed to be fully reflected. 

The calculated flow pattern for four layers of Mel- 
lapak type packing is given in Figure 25; it shows a 
distinct similarity with the measured patterns. Figure 26 
shows that the same trend of a decrease in the mal- 
distribution factor with the number of layers, as is found 
experimentally, is present here. This continuing 
flattening of the patterns—in contrast with the obser- 
vations with random packings—is caused by the part of 
the liquid which flows down directly in the splitting 
mechanism. This quantity is much more pronounced for 
the Plastic BX packing than for Mellapak (Figure 9), 
which explains the very uniform flow patterns observed 
with the BX packing (Figure 24) 


7. LARGE SCALE MALDISTRIBUTION 


a. Wall Zone Maidistributions with Random Packings— 
Experimental 

There are no indications that the random and chan- 
nelling flow in the main body of a packed bed would 
deteriorate into a large scale maldistribution of the 
liquid in columns of extended length. Large scale mal- 
distribution can only result from inadequate initial dis- 
tribution or from ‘structural deviations’ within the 
packed bed. The wall zone represents such a structural 
deviation. Even with a very homogeneous initial distri- 
bution, the liquid is generally not distributed too close 
to the column wall in order to avoid spraying against the 
wall. Consequently the wall zone is under-irrigated and 


eonnnnne 


it will take time or bed depth to reach a uniform 
distribution over the full cross-section of the column. 
Also, when the liquid reaches the wall it will usually not 
be fully reflected. Thus, a wall flow will develop and it 
will take bed depth to reach the equilibrium distribution 
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Figure 24. Comparison of the flow patterns for metal Mellapak 500-Y 
and plastic BX packing; liquid velocity 10 mm/s 
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Figure 25. Calculated flow pattern for four layers of Mellapak type 


packing 


beiween the flow along the wall and the flow in the 
packed bed. 

In the description of the experimental set-up (para- 
graph 2) it is mentioned that the liquid distributor did 
not irrigate a 20 to 25 mm wide zone aiong the column 
wall. The flow along and close to the column wall could 
be determined by collecting the liquid from the outer 
catching cells—-zone V in Figure 5. These cells constitute 
about 16% of the total column cross-section. Figure 27 
shows the development of the liquid flow in this ‘wall 
zone’ for 15 mm and 50 mm Pall rings. With the 15 mm 
rings the loading of the wall zone is still only about 70% 








Figure 26. Experimental and calculated maldistribution factor as 
function of the number of layers of Mellapak type packing 


Chem Eng Res Des, Vol. 64, November 1986 


of the average loading at a depth of | metre, whereas 
with the 50 mm rings a marked wall flow has developed 
after the same bed depth 

The rate of migration of liquid from the central zone 
into the wall zone can be found by radial integration of 
the flow patterns as described in paragraph 3. The 
concentric zones I-V (Figure 5) were used for this 
integration. The result is for 15 mm and 50 mm Pall rings 
given in Figure 28. The tiquid flow rate is expressed as 
relative to the average superficial flow rate. It is plotted 
against the square of the radius of the ‘ring’ divided by 
the radius of the column, i.e. the relative area. The 
results for the different packed depths are plotted below 
each other with a shifting scale for the relative liquid 
loading. Thus the development of the radial distribution 
profiles with the depth in the packing can be seen 

Figure 28 shows that the migration towards the wall 
is very slow with the 15 mm rings; in contrast a relatively 
uniform flow is reached with the 50 mm rings at a bed 
depth of 0.2m to 0.4m. However, the development of 
the equilibrium flow distribution between the wall zone 
and the main body of the bed also takes a large bed 
depth. It is of interest to note that even with a bed depth 
of 1.8m the radial flow distribution in the bed is still 
far from apparently the accumulation of 
liquid along the column wall initially proceeds at the 
expense of the zones immediately adjacent to the wall 
zone 


uniform: 


Integration of the flow patterns for higher liquid flow 
rates and for Raschig rings and Intalox saddles resulted 


in profiles similar to the profiles given in Figure 28 


b. Prediction of the Wall Zone Maldistribution 


In paragraph 4 of this paper (on the spreading of a 
single jet) it was shown that the radial migration of 
liquid in trickle flow can be adequately described by a 


diffusional theory. Therefore it can be assumed that this 
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Figure 27. Experin 
the wall zone 
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50 mm Pall rings 


Figure 28 


theory can also be used to describe the radial flow of 
liquid into the wall zone. Diffusion models that can be 
used for this purpose have been described in the litera- 
ture, in particular to simulate the development of the 
liquid flow along the column wall*'**. The basic equation 
is again equation (2) which was solved numerically by 
digital computer. For this solution boundary conditions 
are required at the column centre and the column wall. 
The condition at the centre is simple; no liquid gradient 
exists at the axis. The boundary condition at the wall is 
illustrated in Figure 29. For calculations, using this 
model theory, constants were taken from studies by 
Stanek and Kolar’, Dutkai and Ruckenstein”! and 
Porter and Templeman”. Important in this respect is the 


+The 19% non-irrigated zone is equivalent with an average 
5 


distance of 25 mm between the peripheral distributor nozzles and the 
column wall 


Experimental radial flow profiles for 15mm and 50 mm Pall 





15 mm Pall rings 


rings; liquid velocity 5 mm/s 


equilibrium wall flow, which was estimated from the 
Same sources On an average as: 


Wiea _ | 0.18) 
Ww. \ fl 


ot Pp 


(Raschig rings) (14a) 


W, 


1,eq 


(14b) 
W.. 


(1 + 0.36 =| 


p/ 


(Pall rings) 


The radial profiles resulting from the model calcu- 
lations for 15 and 50mm Pall rings, both for ideal 
homogeneous distribution and for a non-irrigated wall 
zone of 19% (the experimental condition +) are given in 
Figure 30. With an ideal initial distribution the build-up 
of wall flow starts immediately. This increase proceeds 
rather quickly, but it takes a deep bed to obtain a 
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Non -Liquid-Covered Wall Zone 


Migration of Liquid into 
Non-Liquid-Covered Wall Zone 
Basis is Radial Spreading 
Coefficient Dr 


Flow of Liquid from 
Packing to the Wall, Proportional 


to the Liquid Flow in the 
Packing Near the Woll 


from the Wall into the 
fi Packing, Proportional to 
the Flow Rate Along the Woll 


/ Flow-Back of Liquid 





Main Body Woll 


Figure 29. Wall zone flow model 


15 mm Pall rings 


perfect initial 
distribution 


experimental initial 
distribution (81 %) 


uniform distribution over the total cross-section. With 
the non-irrigated wall zone the results are very different 
It now takes a long time for the build-up of the wall flow 
to start, about 2 m for the 15 mm rings and | m for the 
SO mm rings The profiles in the latter two cases show 
great similarity with the experimental profiles in Figure 
28. A more convenient comparison is given in Figure 31 
where the experimental and corresponding calculated 
profiles are plotted on top of each other 

It is concluded from the above that the existing models 
in literature can realistically predict the flow into the wall 
zone and the development of wall flow 


c. Structured Packings 

Even though the structure of the Sulzer packings is 
non-radial, the flow patterns were nevertheless also 
integrated over the zones I—V in Figure 5. The effect of 
the number of layers on the radial profiles is given in 
Figure 32. A very rapid flattening of the profiles is noted 
this must be due to the relatively large r 


radial liquid 
spreading coefficient of this type of packing. The 


perfect initial 
distribution 


Figure 30. Calculated radial flow profiles for 15 mm and 50 mm Pall rings for perfect initial distribution and the experimenta 


(over 81% of the column cross-section) 
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Figure 31. Comparison of the calculated and experimental radial flow 
profiles for 1S mm and 50mm Pall rings; liquid velocity 5 mm/s 


Figure 


influence of the liquid rate is for Mellapak shown in 
Figure 33. For the higher flow rates the profiles become 
very flat. Integration of the Plastic BX patterns resulted 
in almost straight horizontal line profiles, i.e. still 
smoother than found for the metal Mellapak. This is in 
agreement with the more even flow pattern found for the 
BX packing (see Figure 24). 

Both on a small and large scale the Sulzer structured 
packings apparently exhibit a much more uniform flow 
distribution than the random packings. 


8. CONCLUSIONS 
The study has shown that with random packings the 
liquid flows is severely maldistributed within the main 
body of the packed bed; this so-called ‘natural flow’ or 
‘small scale maldistribution’ can be characterized by the 


Bed depth, m 


Figure 32. Radial flow profiles for one to 
250-Y; liquid velocity 10 mm/s 


10 mm/s 


The effect of the liquid velocity on the radial flow profile for four layers of Mellapak 500-\ 


standard deviation of the spread of the flow rates and the 
number of ‘liquid channels’. However, the potentially 
harmful effect of this maldistribution on the separation 
performance of the packed bed can be expected to be at 
least partially compensated by radial mixing. In con- 
nection with radial mixing, the concept of ‘mixing 
height’ is introduced. 

A ‘large scale maldistribution’ easily develops along 
the wall of a packed bed, either as the result of 
insufficient irrigation of the wall zone or by the devel- 
opment of wall flow. It can be expected that in large 
columns radial mixing cannot easily compensate this 
type of maldistribution. 

With the Sulzer type structured packings, the flow 
patterns of the liquid are much more even than with 
random packings and the flow equilibrium between the 
column’s main body and the wall zone is rapidly estab- 


lished. 
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SMALL SCALE AND LARGE SCALE 
NOTATION 


Horizontal displacement 

Vertical displacement 

Concentration 

Size of packing particle 

Axial diffusivity 

Diameter of packed bed 

Radial diffusivity 

Radial liquid spreading coefficient 
Fourier number 

Liquid hold-up 

Maldistribution factor 

Number of flows 

Number of liquid channels 

Axial Peclet number 

Radial Peclet number 

Peclet number for radial flow of liquid 
Local and average liquid rate 

Liquid rate in collecting cell i 

radius 

Average radius of a ‘liquid channel’ 
Reynolds number of liquid flow 
Liquid residence time 

Average liquid residence time 

Linear liquid velocity 

Average liquid velocity 

Equilibrium wall flow 

Total liquid flow rate 

Volume fraction of liquid 

Bed depth or bed height 

True bed depth 

Fictitious bed depth 

Mixing height 

Liquid viscosity 

Liquid density 

Square relative standard deviation of the 
flow rates 

Square relative standard deviation of liquid 
residence times 

Square relative standard deviation of spread in 


concentrations 
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PREDICTION OF DISPERSION HEIGHT 
IN LIQUID-LIQUID GRAVITY SETTLERS 
FROM BATCH SETTLING DATA 


By S. A. K. JEELANI and S. HARTLAND (FELLOW) 


t of Chemical Engineering and Industrial Chemistry, 


Swiss Federal Institute of Technology, Ziirich, Switzerland 


The design of industrial liquid-liquid continuous gravity settlers necessitates expensive pilot-plant data. In order to minimize 
the cost, many investigators have explored the possibility of using data obtained from small-scale batch settling tests. So far 
only limited success has been obtained due to differences in the drop behaviour in the batch and cuntinuous processes. The 
total height in both batch and continuous dispersions is the sum of the heights of the sedimentation and dense-packed zones. 
Theoretical models for each of the zones are presented which apply to both batch unsteady-state and continuous steady-state 
dispersions. The rate of sedimentation depends on the drop size and hold-up which is influenced by the degree of binary 
coalescence, while the rate of coalescence of drops with their bulk homophase depends on the drop size at the coalescing 
interface and the thickness of the dense-packed zone. Experiments have been performed in a liquid-liquid continuous gravity 
settler te find the variation in the dispersion height with the dispersed phase throughput for different phase flow ratios and 
mixer agitator speeds. For each of these continuous steady-state settler runs, batch unsteady-state coalescence and 
sedimentation experiments have also been conducted on dispersions produced in both flow and batch mixers. The model 
parameters obtained from these experimental batch unsteady-state coalescence and sedimentation data are utilized to predict 
the variation in the heights of the steady-state dense-packed and sedimentation zones, and hence the total dispersion height, 
with the dispersed phase throughput. Good agreement is obtained and the models are further verified with experimental data 


available in the literature. 


INTRODUCTION 


The idea of designing industrial liquid-liquid continuous 
Steady-state vertical gravity settlers using experimental 
data obtained from small scale batch unsteady-state 
settlers has been considered by many investigators’ °, as 
expensive pilot plant work is minimized. Among these 
the relationship between the batch separation time corre- 
sponding to a fixed batch dispersion height and the 
nominal settler capacity per unit area for a given steady- 
State dispersion height suggested by Barnea and 
Mizrahi’ was further pursued by Golob and Modic’. 
Such relationships require prior knowledge of the vari- 
ation in steady-state dispersion height with throughput. 
Moreover, the constants involved need to be determined 
for each liquid-liquid system necessitating extensive pilot 
plant experiments. Godfrey et al.* interpreted graph- 
ically the relationship between the batch and continuous 
settling experiments. 

In the present paper theoretical models are formulated 
to express the heights of the dense-packed and sedimen- 
tation zones on the basis of interfacial (drop- 
homophase) coalescence and drop sedimentation allow- 


ing for interdrop (binary) coalescence. The rate of 


interfacial coalescence depends on the height of the 
dense-packed zone and drop size at the coalescing 
interface. These effects are considered separately in the 
models which apply to both batch and continuous 
settiers. The parameters obtained from batch experi- 
ments can be used to predict the variation in the heights 
of the dense-packed and sedimentation zones in the 
continuous settler with the dispersed phase throughput. 

An experimental programme has been carried out on 
a liquid-liquid continuous vertical gravity settler to find 
the variation in dispersion height with throughput for 


different phase ratios and mixer agitator speeds. For 
each of these continuous steady-state runs, batch 
unsteady-state coalescence and sedimentation experi- 
ments have also been conducted. The parameters deter- 
mined from these batch unsteady-state experimental 
data are successfully utilized to predict the variation in 
dispersion height and compared with the experimental 
variation with throughput. In addition, published data 
are also used to test the proposed models 

When a liquid-liquid dispersion enters a vertical grav- 
ity settler the height of the dispersion band increases 
with time until a steady state is reached. The steady-state 
dispersion height, H increases with the dispersion flow 
rate per unit area Q/A. This may be expressed by the 
reciprocal relationship 


(1) 


where k, and k, are constants derived by Stonner® from 
an analogy with a two-stage successive chemical reac- 
tion. Vieler et al.” verified this equation with experi- 
mental data obtained from box-type mixer settlers. 

The variation in steady-state dispersion height H with 
the volume rate of flow of dispersion per unit area Q/A 
may also be represented by the power law: 


H = K(Q/A) (2) 


in which K and w are constants, which was first implic- 
itly proposed and verified experimentally by Ryon et al’. 
Based on experimental data using the water/kerosene 
system with water as the dispersed phase, Gondo and 
Kusunoki* obtained empirically a similar form of equa- 
tion. Barnea and Mizrahi’ theoretically derived equation 
(2) and confirmed its validity experimentally. 


© Institution of Chemical Engineers 





PREDICTION OF DISPERSION HEIGHT 
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Figure 1. Schematic variation in heights x and y of sedimenting and 


coalescing interfaces relative to final undisturbed interface for batch 
dispersion 


The total throughput Q may be replaced by the 
dispersed phase throughput Q,, since Q = Q,/«, 


ce, W here 
¢- is the hold-up fraction of the dispersed phase in the 
feed to the settler 

Under steady-state conditions the drops entering the 
dispersion first sediment, growing in size by binary 
coalescence before collecting in a dense-packed layer 
adjacent to the coalescing interface when the sedimen- 
tation rate is faster than the coalescence rate of drops 
with their homophase. Thus the sum of the sedimen- 
tation and dense-packed heights, H, and H, respectively, 
is the total dispersion height H. 

If the feed is stopped the dispersion in the settler 
decays with time, as shown in Figure 1, this being due 
to the simultaneous occurrence of sedimentation and 
coalescence processes. A batch dispersion can also either 
be formed independently in a mixing vessel or sampled 
from the process stream. Drops sediment in a decaying 
batch dispersion while growing in size due to binary 
coalescence before entering the dense-packed zone and 
finally coalesce with their bulk homophase at the co- 
alescing interface. The thickness of the dense-packed 
zone initially increases when the sedimentation rate is 
faster than the coalescence rate and finally decreases 
when sedimentation is complete so coalescence predom- 
inates. The total batch dispersion height / at any time f 
is the sum of the heights A, and h, of the sedimentation 
and dense-packed zones, so that 


(3) 


It is also equal to the sum of the distances x and y of 


the sedimenting and coalescing interfaces measured from 
the final undisturbed interface, so 


h = (4) 


Since the boundary between the dense-packed and 
sedimentation zones is often difficult to locate (as in the 
present experimental investigation), it is not usually 
possible to measure /h, and h, which must therefore be 
determined from the measured values of x and y. The 
heights x, y and fA invariably decrease with time, as 
shown in Figure 1. 


Chem Eng Res Des, Vol. 64, November 1986 


IN L/L GRAVITY SETTLERS 


A volume balance on the dispersed 
th =ch 


where ¢, and ¢, are the instantaneous spatial average 


t 
dispersed phase hold-up fractions of 


the sedimentation 
and dense-pac ked zones respectively and € is the instan 
taneous spacial average dispersed phase nold-up fraction 
of the entire batch dispersion. If x, and are the 


initial positions of the sedimenting and coal 


ing Ironts 
(Figure 1) relative to the final undisturbed interface, then 
the volume of coalesced disperse phase is proportional 
to vy) while the volume of clear continuous phase 
IS proportional to (1 x). The volumes of the dispersed 
and continuous phases in the dispersion are proportional 
to y and x and the dispersed phase hold 


y/h. Equation (5) thus becomes 


From equ: 


pressed as 


h 


which becomes 


initial hold-up 


h 


The dispersed phase hold-up in the dense-packed zone 


may increase with time as the drops deform and the film 
between them drain away, but is assumed 

constant in the present analysis. Its val 

than that 
(~0.75) 


corresponding to 


Equation (8) can be used to calc 
thickness of the dense packed layer will 
dispersion and hence its effect on the 
at the coalescing interface 

The volume rate of coalescence of 
area at the coalescing interface, which 
the voiume rate of appearance of cleat 
per unit area at the coalescing interface 

dy/dr and this is also equal to % 
the dispersed phase 

The volume rate of appearanc 
phase per unit area is given by 
droplet sedimentation velocity 


fixed plane, so the volume rate of sedin 
cross-sectional area [ 
the liquid-liquid system 
to the volume flow rate he displaced 
phase which flows countercurrently with a velocity 
€.(—dx/dr)/(1 — €,). The velocity of the drops relative to 
the continuous phase, V, is the sun t 
velocities so is equal to ( 
since dx /dt is the 
continuous phase per u 
ting drops, the relative velocity 
written directly as (—dx/dr)/(I 

The general principles of coalescence and 
tation have been discussed by Hartland’, Bar 
Mizrahi’ and Kumar et al.’ but are reiterated 
a precursor to 


t ' the 


the dev elopmen ol 


models used for tl 


1e prediction of disper 
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THEORETICAL 

Binary Coalescence 
The increase in drop diameter @ with time ¢ in both 
batch unsteady-state and continuous steady-state dis- 
persions due to interdrop coalescence can be written’: 


(9) 


where @« is the drop diameter at the reference time 
tx = 6t,«/n, when the binary coalescence time is tT,« 
which represents the growth in experimental drop size 
reported by Barnea and Mizrahi’’. The presence of 
different hydrodynamic conditions in the sedimentation 
and dense-packed zones leads to different rates of 
growth in drop diameter by binary coalescence in these 
zones. Equation (9) can be rewritten for the sedimen- 
tation zone as 


(10) 


where f,« = 6t,«/s is the reference time for drops of 
diameter ¢@,« with binary coalescence time t,*. Similarly 
for the dense-packed zone: 


(11) 


where f,« = 6t,«/p is the reference time for drops of 
diameter @,« with binary coalescence time t,* and f 
includes the residence time in the sedimentation zone {,. 

Equations (10) and (11) are general in nature and can 
be used for both hatch unsteady-state and continuous 
steady-state dispersions. For a batch unsteady-state dis- 
persion, equations (10) and (11) respectively give the 
increase in drop diameter @¢ in the sedimentation and 
dense-packed zones wiih elapsed time ¢. For a con- 
tinuous steady-state dispersion equation (10) relates the 
increase in drop diameter @ with the drop residence time 
t in the sedimentation zone, while equation (11) gives the 
increase in drop diameter @ in the dense-packed zone 
with the total drop residence time f¢ in the dispersion. 


Interfacial Coalescence 

As explained earlier, during sedimentation the drops 
grow in size due to binary coalescence and enter the 
dense-packed zone which forms adjacent to the co- 
alescing interface when the sedimentation rate is faster 
than the coalescence rate of the drops with their homo- 
phase. If ¢, is the dispersed phase hold-up fraction at the 
coalescing interface there are per unit cross-sectional 
area 4 ¢,y,/n@? drops of mean diameter @,, if y, is a shape 
factor which allows for their non-sphericity, which is less 
than unity when the drop is flattened, as is the usual case. 
If t, is the average time for each drop to coalesce with 
its homophase, then 4¢,),/7@-t, will be the number of 
drops coalescing in unit time, and since the mean drop 
volume is m@;/6 the volume rate of coalescence per unit 
area V; is given by: 


(12) 


Due to drop deformation the value of ¢, may approach 
unity but this will not significantly affect the value of €, 


as it only applies to the monolayer of drops adjacent to 
the coalescing interface. In any case, in the subsequent 
analysis the value of ¢; is lumped together with other 
parameters and the resultant constant determined from 
batch experiments. 

For a continuous steady-state settler V; is equal to the 
volumetric flow rate of the dispersed phase per unit 
cross-sectional area Q,/A. If € is the mean spacial 
hold-up in a batch dispersion of height h the volume rate 
of coalescence per unit area at the coalescing interface is 
equal to the rate of decrease in the dispersed phase 
volume, —d(¢h)/dz. 

It is clear from equation (12) that the volume rate of 
coalescence is determined by @,/t,, as y, and «¢ are 
virtually constant. The drop diameter at the interface @ 
depends on the extent of interdrop coalescence in the 
sedimentation and dense-packed zones and 1, depends 
on @, in addition to the gravitational forces pressing on 
the draining film beneath a drop at the coalescing 
interface. The gravitational force depends on the thick- 
ness of the dense-packed layer y, so that t, can be 
expressed as: 


?; "fe * . 
v= se(#) [e() a9 
Q\x 


Np* 


where T;« 1s the coalescence time when the drop diameter 
is d\« and the dense-packed height +. The experimental 
single drop coalescence time on a flat interface was 
reported to be proportional to @} by 
Davies et al’* 

Combining 


Ox = O:x giv es: 


V, a 
as Fe 


Pp 


Lawson and 


equations (11), (12) and (13) with 


where 
Vig = 2y6.0,%/3T:% 


The form of function f(y,/y,«) must reflect the fact that 
an increase in thickness of the dense-packed layer leads 
to an increase in the coalescence rate at the coalescing 
interface. Equation (14) applies to both batch unsteady- 
State and continuous steady-state dispersions. For a 
batch dispersion, V,= —dy/dt, n,=h, and 1¢ is the 
elapsed time, while V; = Q,/A; y, = H, and 1 is the total 
drop residence time for a continuous settler. 

Two important limiting cases of equation (14) are 
considered when the volume rate of interfacial co- 
alescence is 


(1) independent of the drop size, so (1 — i)/p = 0 and 


(14a) 


(ii) indepndent of dense-packed height, so f(y,/n,*) = ! 
and 


Vi/ Vix = f(n,/n,*) 


Vi/ Vin = (t/t) (14b) 


These two limiting cases are discussed in more detail 


below. 


Height of Sedimentation Zone 


The settling velocity of drops in a multidrop dis- 
persion V, depends on the mean drop diameter @ and the 
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dispersed phase hold-up fraction ¢, in the sedimentation 
zone, and can be expressed as: 


J K.o‘(1 €.) (15) 


where K, depends on the physica! properties of the 
liquid-liquid system. Kumar et al."’ showed that r 
and ;=1 for laminar flow and r=1/2 and j;=1 
for turbulent flow. In the intermediate flow regime 
2>r>1/2 and 1>/> 1/2, changing only slowly as 
Reynolds’ number increases. In a_ batch 
unsteady-state settler the sedimentation velocity of the 
drops relative to the continuous phase V, is equal to 
(—dx/dr)/(1 —€,), so if €, is assumed to be constant and 
¢ increases with time, as indicated by equation (10), the 
above equation can be rewritten as: 


PV / mM, 


dx 
kt (16) 
di 
where 
k.= K.d'«(1 A 


In the sedimentation zone of a continuous settler the 


(s/6t.*)"* 


continuous phase is only displaced by the flow of 


dispersed phase during start-up. When the steady-state 
is reached there can, by definition, be no further dis- 
placement. The relative velocity in the sedimentation 
zone of a continuous settler 1s thus equivalent to — dx /dr 
in a batch settler 

Since x x 


when ¢ = 0, equation (16), when inte- 


grated becomes 
(17) 
In logarithmic form this gives a straight line: 


h 
)+(1+r/s)In(t) (18) 


Lj. rp/¢ J 


In (x In 


from which r/s and k, can be found from the slope 
(1 +r/s) and intercept In (k,/(1 + r/s)) when In (x x) 
is plotted versus In (rt) up to the inflection point of the 
batch sedimentation front (or from a least squares fit) 

For a continuous steady-state settler in which the 
dispersion is introduced close to the boundary between 
the sedimentation and dense-packed zones, the dispersed 
phase will be carried with the continuous phase to the 
free surface of the sedimentation zone and the drops will 
sediment countercurrently to the continuous phase, so 
the relative velocity V, is given by: 


(19) 


where 
0/0, = (1 


€p)/€p- 


In the sedimentation zone of a continuous settler the 
drop residence time 1s 


t =¢€,H.A/Q,; (20) 
so using equations (19) and (2C) the steady-state equiv- 
alent of equation (16) becomes: 
fl +Z(O/Q, Dy 04) 
—t kO-&) § \4z, 


H (21) 
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The value of ¢, is usually greater than the hold-up in 
the dispersion feed ¢,. Inspection of this equation shows 
that H. increases as ¢, decreases, so inserting the feed 
hold-up ¢; leads to conservative values of the height of 
the sedimentation zone. Thus values of r/s and k, found 
from the experimental batch sedimentation front up to 
the inflection point, using the slope and intercept of 
equation (18) can be used in equation (21) to predict the 
variation in height of the sedimentation zone H, with the 
volume rate of flow of the dispersed phase per unit area 
Q,/A for a steady-state settler 


Height of Dense-Packed Zone 
(1) When the volume rate of interfacial coalescence 1s 
independent of the drop size and 
f(n,/n,*) = ,/N>*, equation (14a) reduces to 


further, 1 


V. = V.2(n./n,«) 


Since, for a batch unsteady-state settler, | 


yn, =h, and n,« = h,« equation (22) becomes 


dy/dt V .«(h./hox) 


Furthermore, if sedimentation is almost cor 
interfacial coalescence commences as 1s 
present experiments (Figures 6, 7 and 8) and in t 
Kumar’ (Figure 9), then for f > f,,., 2 


so equation (23) becomes 


observed in the 
hose yf 


>Q and h,= 


dy/dt 
where c, = V.«/h.*, which may readily be 
give 
y=C\é lor 
and ¢ 


from the experimental batch exponential decay of the 
coalescence front data after the inflecti 


where <¢ are constants and can be determined 
yn point 

The value of c, may be corrected for the approxi- 
mation that h, ~ y, 
x +0, so h 


using equation (7) with ¢ €é» and 


h, = k, | 


where 
k. (| En )/ Cole é.-) 


As explained earlier, —dy/dt and h 


of coalescence of the dispersed phase per unit area and 


volume rate 


the height of the dense-packed zone, their steady-state 
equivalents being Q,/A and H, respectively, so that for 
the continuous settler equation (27) becomes 
O 
H, =k, | — } 
4 
where H, is the height of the dense-packed zone and 
Q,/A is the dispersed phase throughput per unit area of 
the continuous steady-state settler. k,, determined from 
batch coalescence experiments from equations (25) and 
(27), can be used in equation (28) to predict the variation 
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in height of the dense-packed zone with Q,/A for the 
continuous steady-state settler, when the interfacial co- 
alescence is a linear function of dense-packed height and 
hence the batch coalescence front is exponential in shape 
after the inflection point. 


Total Dispersion Height 


The total height of the dispersion in the steady-state 
settler H is the sum of H, and H,, the value of H, being 
given by equation (21) and when the interfacial co- 
alescence is independent of drop size. 

(ii) As explained earlier, the other limiting case is when 
the interfacial coalescence rate depends on drop size 
alone and is given by equation (14b). The equation with 
V,= —dy/dr for an unsteady-state batch settler thus 
becomes 


(29) 


where k 


tion that vy =} 


= V.»/t"s."° Integrating with the initial condi- 


when ¢ = 0 gives: 
~ 


yj=-— 
(i+(1 


l 
1)/p) 
for t<t 


or, in logarithmic form: 


In (4 y)=In 
1+(1—i)/p 


+(1+(1 —i)/p)In(t) (31) 


Thus the siope and intercept of a plot of In(y)—y) 
versus In (ft) up to the inflection point yields the values 
of (1 —i)/p and k,. 

Since in a batch dispersion —dy/dt and ¢ represent the 
volume rate of coalescence per unit area and residence 
time of the dispersed phase respectively, their steady- 
state equivalents are Q,/A and H¢€-A/Q,, so equation 
(29) can be rewritten for a continuous settler with 
average hold-up ¢- as 


H =(- ) : (Q,/A)'*? (32) 


é 


In this equation the dispersion is considered as a single 
region, no distinction being made between the sedimen- 
tation and close-packed zones. 

Should the dispersion be formed under calm condi- 
tions (as in the disengaging section of a liquid/liquid 
extraction column) the height of the sedimentation zone 
is usually small. The dispersion height H and hold-up €, 
can then be replaced by the dense-packed height H, and 
hold-up €, in equation (32). Inspection of this equation 
(and also the value of k, in equation (28)) shows that H, 
increases as €, decreases. Inserting the value of €, corre- 
sponding to close-packed spheres (~0.75) thus yields 
conservative values of the height of the dense-packed 
zone. 


EXPERIMENTAL 
Continuous Steady-State Settler 


A single stage mechanically agitated mixer-settler was 
operated in closed loop as shown in Figure 2 to in- 


Figure 2. Experimental arrangement 


vestigate the continuous settler characteristics with re- 
spect to the volumetric flow rates, phase ratio and 
impeller speed of the mixer. The mixer consisted of a 
(QVF) glass column of 20cm in diameter and 30cm 
height with a dispersion exit port of 1.5 cm in diameter 
located at 20cm above the column base and | cm thick 
stainless steel end plates. The top end plate had four 
equally spaced vertical wall baffles, each of 2cm width, 
welded to it while the bottom end plate had two 1.5cm 
diameter holes drilled to serve as the light and heavy 
phase inlets. A six-bladed flat blade turbine 6.7 cm in 
diameter, attached to a stainless steel shaft, was located 
at 10cm above the bottom of the mixer. A 0.12 kW drive 
motor provided a continuously variable speed of 0 to 
24 revolutions/s. 

The continuous and dispersed phases were fed to 
the mixer through needle valve controlled, calibrated 
rotameters by two centrifugal pumps (QVF Type GPB 
3/30A). The continuous steady-state settler was a 10cm 
diameter and 50cm high glass (QVF) column with a 
dispersion inlet port located at 15cm above the base of 
the settler. The dispersion from the mixer overflowed by 
gravity into the settler from which the separated phases 
also overflowed into their respective storage tanks 


Liquid/Liquid System 
Demineralized (DM) water and 50% by volume of 
n-Heptane in paraffin oil were respectively the con- 
tinuous and dispersed phases. The physical properties of 
the mutually saturated phases at 20.5 C are 
Density of water = 997.7 Kg/m° 
Density of organic phase 779.3 Kg/m 
Viscosity of water = ().98 mPa-s 
= 2.18 mPa-s 
= 50.5 mN/m 


Viscosity of organic phase 
Interfacial tension 
A Paar (Type DMA 46) densitymeter and Ubbelhode 
viscometer were used to measure densities and viscosities 
respectively while the interfacial tension was measured 
by the drop volume method. 


Procedure 


Steady-State Experiments: 
The cleaning procedure of the experimental loop 
involved the following sequence of operations: Initial 
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Table |. Parameters determined from batch unsteady-state coalescence and sedi tatior 
corresponding to continuous steady-state runs SR 5 to SR 10 (full line i gure 3) 
@) oF A 2 ..2 €, 0.333. § 10.4 


experiment 


Continuous Flow Batch 
steady-state Q,/A H mixer mixer 


cm/s cm decay decay 


0.053 48 46.6 60.4 
0.065 7 
0.083 
0.096 
0.110 


0.124 ‘ ( 0.048¢ 


Table 2. Parameters determined from batch unsteady-state coalescence 
corresponding to continuous steady-state runs SR li to SR 16 (fu 
V/Q2 ya Z 0.75. 7 Z 0333.58 


Continuous Flow Batch 
steady-state C mixer! 


run 1 1 decay 


SR 11 0.053 
SR 12 0.065 
SR 13 0.083 
SR 0.096 
SR 0.1 

SR 0.1 


10 
>A 
4 


hot water rinsing, 24 hours’ soaking in a commercially Q.) on the rotameter, the temperature set at 20 + 0.2°¢ 


“ 


available cleaning agent (RBS 50), flushing with tap by adjusting the continuous and dispersed phase thermo 


, wil 
water and finally washing with DM water at least six stats. The dispersion band height n the continuous 
times, draining the water each time. steady-state settler in 


iC] I 
1 


The storage tanks were then charged with the re- Steady-state. Then the dispersion band thickness was 
& g , t 
spective liquids, the thermostatic heating and pumps measured at steady-state every 10 minutes until three 


Lil 


switched on. The flow rates of dispersed (organic) and successive readings of the dispersion heights were within 
continuous (DM water) phases were set at desired 1%. This formed a typical experiment 1e time 


creased with time unt 


the 


values. Then the agitator motor was switched on and the settler took to attain the steady-state varied between 30 


as i 


speed of the impeller was set at the required value. The to 60 minutes. There were six such experime 


each 


speed was found to give complete mixing visually for all agitator speed and flow ratio, which constituted the 


vl 


Uli LuULCU 

the flow rates. This was subsequently confirmed when experimental steady-state settler characteristics H versus 
the hold-up fraction of the dispersed phase measured Q,/A curve. Two more characteristic curves were ob 
after stopping the agitator motor was equal to the tained by conducting iments a speed 
hold-up fraction of the dispersed phase in the feed, «¢, and phase flow ratio. Eacl t] ables 1, 2 and 3 list 
In this way it could be ensured that complete mixing the experimental values of the steady-state dispersion 
occurred at the chosen impeller speed. To ensure mutual height H measured at six values of the \ 
saturation of both phases, the liquids were circulated for flow of the dispersed phase per unit area ¢ 
at least 24 hours before measurements were made. different conditions of impeller speed, S and phase 
For a fixed agitator speed and a phase flow ratio, a Q./Q,. The full line in each of the Figure 
low dispersed phase flow rate, Q, is set (which also fixes the power law (equation (2) in 


Table 3. Parameters determined from batch unsteady-state coalescence 
corresponding to continuous steady-state runs SR 17 to SR 22 (fu 
O00 l. Z 0.875 
/./ © 


Continuous Flow Batch 
steady-state Q,/A a mixer mixer 


cm/s decay decay 


0.053 106.3 101 0.0288 

0.065 107.4 112 0.0090 0.0097? . 
0.083 15.5 129.5 115 0.009? 0.0096 1 O98 
0.096 18.5 116.7 109 0.0190 0.0093 O RSS 
0.110 23 99.4 9? 0.0137 0.0094 0.963 
0.124 26.0 75.6 77 0.0236 0.0091 0) 768 


Chem Eng Res Des, Vol. 64, November 1986 


C ERD. 64/6—D 





JEELANI and HARTLAND 


Figure 3. Comparison between predicted and experimental variation of 
H with Q,/A. Full line is the least square fitted curve for the six 
experimental steady-state runs SR 5 to SR 10 (Table |). Open and solid 
circles represent the predicted variation of H (and H,) with Q,/A from 
flow and batch mixer decay experiments (Figure 6 and Table 1) 
respectively, corresponding to the steady-state run SR 10 


generated using the constants K and w@ from a least 
squares fit of the six pairs of experimental values of H 
and Q,/A listed in Tables 1, 2 and 3 with average 


_ 


deviations in H of 7.1, 7.7 and 4.7% respectively. 

The possibility exists that some coalescence may take 
place in the dispersion leaving the mixer before it enters 
the steady-state settler. However, the average Reynolds 
number based on the continuous phase physical proper- 


ties is greater than 1500 and the transfer line is short 
enough to be considered as an entry length. In addition, 
considerable intrinsic turbulence is present in the dis- 
persion leaving the mixer. 


Qg/A, cm/s 

Figure 4. Comparison between predicted and experimental variation of 
H with Q,/A. Full line is the least square fitted curve for the six 
experimental steady-state runs SR 11 to SR 16 (Table 2). Open and 
solid circles represent the predicted variation of H (and H,) with Q,/A 
from flow and batch mixer decay experiments (Figure 7 and Table 2) 
respectively, corresponding to the steady-state run SR 12 


aoe 
Qg/A, cmA 


Figure 5. Comparison between predicted and experimental variation of 
H with Q,/A. Full line is the least square-fitted curve for the six 
experimental steady-state runs SR 17 to SR 22 (Table 3). Open and 
solid circles represent the predicted variation of H (and H,) with Q,/A 
from flow and batch mixer decay experiments (Figure 8 and Table 3) 
respectively, corresponding to the steady-state run SR 19 


Batch Experiments: 

The mixing tank described above itself served as a 
batch unsteady-state settler and the procedure for a 
single seitling experiment is described below. 

When the mixer and continuous steady-state settler 
were running under steady-state conditions at fixed 
agitator speed, phase fiow ratio and dispersed phase 
throughput, the valves on the mixer inlet and outlet 
streams were simultaneously closed and agitator 
stopped. The positions of the sedimenting and coalescing 
interfaces were recorded as a function of time until the 
dispersion separated into two clear phases. These types 
of batch settling experiments are referred to for con- 
venience as flow mixer decay experiments. At this stage 
the agitator was restarted to run at the same speed for 
about 30 minutes (found to be more than sufficient time 
for equilibrium to be reached as confirmed by pre- 
liminary experiments). Then the agitator was stopped 
and the positions of the sedimenting and coalescing 
interfaces were recorded as a function of time till two 
clear phases were formed. This is what is called a batch 
mixer decay experiment. Both flow and batch mixer 
decay experiments were carried out for each of the six 
Steady-state runs of every settler characteristic curve. 


RESULTS AND DISCUSSION 
Analysis of the Present Experimental Results 

Figures 6, 7 and 8 show typical flow and batch mixer 
decay experiments corresponding to steady-state runs 
SR 10, SR 12 and SR 19 respectively. It is interesting to 
note from these figures that the droplet sedimentation is 
so fast that it is virtually complete before substantial 
coalescence commences and the sedimentation front has 
an inflection point. The position of the coalescing inter- 
face with reference to the final undisturbed interface ) 
decays exponentially with time after the inflection point, 
suggesting that the interfacial coalescence is independent 
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Figure 6. Variation of the positions of coalescing and sedimenting 
interfaces with time. Open and solid circles respectively represent flow 
and batch mixer unsteady-state decay data corresponding to the 
steady-state run SR 10 (Table 1) 


of the drop size and is a linear function of the dense- 
packed height. Equations {25) and (27) can therefore be 
applied to the present batch coalescence data after the 
inflection point to evaluate k, and hence equation (28) 
to predict the variation in H, with Q,/A for the con- 
tinuous steady-state settler 

The prediction of the variation in height of the 
sedimentation zone H, with Q,/A for the continuous 
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Figure Variation of the positions of coalescing and sedimenting 
interfaces with time. Open and solid circles respectively represent the 
flow and batch mixer unsteady-state decay data corresponding to the 


steady-state run SR 12 (Table 2) 
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Figure 8. Variation of the positions of 
interfaces with time. Open and solid circk 
flow and batch mixer unsteady-state decay data 


Steady-state run SR ) (Table 3 


settler is made with equation (21) with the parameters 4 
and r/s determined from equation (18), using the present 
experimental batch sedimentation 
inflection point 


front up to the 


Comparison between Predicted and Measured Steady- 
State Dispersion Heights from Preseat Investigation 
The average deviations between the measured values 

of y and those predicted by equation (25) after the 

inflection point for the present experimental batch co- 
alescence fronts shown in Figures 6, 7 and 8 (5.1, 7.0 and 

12.6% respectively) confirm that after the inflection 

point the decay of the coalescence front is exponential 

and hence that the rate of interfacial coalescence is a 

linear function of the dense-packed height 

for all the data listed in Tables 1, 2 and 3 
Figures 3, 4 and 5 show typical comparisons of the 

predicted variation of H with Q,/A (open and solid 

circles) with that of the experimental variation (full line, 
see steady-state experiments) for different steady-state 
settler characteristic curves. The open and closed circles 
refer to the predicted variation of H with Q,/A from flow 
and batch mixer decay data. The predicted variation in 

H, with Q,/A is also shown (open and solid circles joined 

by dashed lines). Evidently, the variation in H with Q4/A 

predicted from both the flow and batch mixer decay data 
is in good agreement with the experimental variation 

However, the predicted variation obtained from the flow 

mixer decay is closer to the experimentally measured 

variation than that obtained from the batch mixer decay 

Tables 1, 2 and 3 list the values of k,, k, and r/s 
computed by least square fits from both flow and batch 
mixer decay experiments corresponding to different 
steady-state settler runs. Any set of these parameters can 

be used to predict the variation in H with Q,/A 


[his is true 
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Fig 9. Variati 


interfaces with time obtained from the flow mixer unsteady state decay 


1 of the positions of coalescing and sedimenting 


experiments corresponding to the continuous steady-state run 3134 of 


Kumar'- (Run 4 in Figure i0) 


Application of the Models to other Published Data 


Data of Kumar" 

Typical experimental variation in H with Q,/A re- 
ported by Kumar” is shown in Figure 10 (the five open 
circles correspond to the steady-state runs | to 5) for 
60% toluene in paraffin oil dispersed in DM water used 
on the same experimental loop (Figure 2) as in the 
present investigation. The reported experimental condi- 
tions are as follows 


impeller speed 


V./Q 


= 10.3 s 
—1.5 


= (0.4 


The flow mixer decay data corresponding to the 
steady-state run 4 which is shown in Figure 9 resembles 
the decay curves already shown in Figures 6, 7 and 8. 
The average deviation between the measured values of y 
and those predicted by equation (25) after the inflection 
point for the data shown in Figure 9 is only 3.3%. This 
implies that the rate of interfacial coalescence is indepen- 
dent of the drop size and is a linear function of the 
dense-packed height, similar to the present experimental 
data. Hence the theoretical analysis applied to the 
present experimental investigation is also valid for the 
data of Kumar’*. The parameters computed by least 
square fits from the coalescence and sedimentation 
fronts of flow mixer decay data (Figure 9) of Kumar are 
as follows: 


k, = 198s 

k. = 0.0486 cm/s 

r/s =0.200 
Figure 10 shows the variation in H with Q,/A (full line) 
predicted using the above parameters with ¢, =0.5 and 


Figure 10. Comparison between predicted and experimental variation 
of H with Q,/A. Open circles represent the experimental steady-state 
settler runs i to 5. Full lines represent the predicted variation of H (and 
H,) with Q,/A from flow mixer decay experiment (Figure 9) corre- 
sponding to steady-state run 4. Data of Kumar’ (Runs 3131 to 3135) 
€, = 0.75 compared with the experimental variation in H 
with Q,/A (open circles). Again, the agreement between 
the predicted and experimental variation in H with Q,/A 
is very good. The predicted variation in H, with Q,/A is 
also shown in Figure 10. 


Data of Godfrey et al.*: 
Figures 11 and 12 show 
In (x, — x) versus In (t} and In (4 


respectively plots of 
v) versus In (f) up to 


ee a ee ee ee ee 
is 4 4) 42 a3 Ge 4s Ge 47 Ge ds S05) S253 60 

in (t) 
x) with In (rt) for the position of the 
sedimenting interface up to the inflection point. Open circles and 
squares respectively represent flow mixer decay data of Godfrey et al.* 
for the systems Kerosene/Water and copper 
solution/ LIX64N 


Figure \1. Variation of In (x 


dilute acidic 
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Figure 12. Variation of In (4 ) with In (7) for the position of the coalescing interface up to the i 


the same systems as given in Figure || 


Table 4. Parameters determined from experimental batch unsteady 


sedimentation dé 


ita of Godfrey et al.* corresponding to their ¢ 


settler runs shown in Figures 13 and 14 (open circles and square 


System cm/s 


Kerosene/Water 0.0287 
Dilute acidic copper 
solution/LIX64N 0.0530 


the inflection point for the flow mixer decay data of 
Godfrey et al.” for the systems kerosene dispersed in 
water (open circles) and dilute acidic copper solution 
dispersed in LIX64N (open squares). The values of the 
parameters A, and r/s (found from the intercepts and 
slopes of the straight lines in Figure 11) and &k, and 
(1 —i)/p (found from the intercepts and slopes of the 
straight lines in Figure 12) are listed in Table 4 for both 
systems. 

Since from Table 4, r/s can be seen to be approxi- 
mately zero it is evident from equation (16) that the rate 
of droplet sedimentation is independent of the residence 
time ¢ and is equal to k,. However, the value of k, for 
both systems is much greater than the range of Q,/A for 


oor oor oon one 0020 0.022 
QgA . cm/s 
Figure 13. Comparison between predicted and experimental variation 
in H with Q,/A for Kerosene/Water system. Full line represents the 
predicted variation of H with Q,/A from flow mixer decay data (Table 
4) while the open circles represent the experimental variation 
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the continuous steady-state settler (Figure 


implying that the rate of sedimentatior 


higher, so that H, can be neglected. The finite 


(1—i)/p for both systems (Table 4) 
interfacial coalescence is a function of o 
Hence equation (32) with ¢ C,, Cal 
the variation in H = H, with Q,/A fror 
and (1 —i)/p determined from batch 
(Table 4) 

A comparison between the predicted 
experimental (circles and squares) 
Q,/A for different values of €, 1 


0026 


Figure 14. Comparison between predicted 

in H with Q,/A for dilute acidic copper so 

line represents the predicted variation H witl 
decay data (Table 4) while the open squares rept 


vaniation 


14) 


is much 


values ol 
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14. The agreement 1S very good for the kerosene/water index in sedimentation equations 
system when ¢, lies between 0.5 and 0.75, and for the speed of the impeller 
dilute acidic copper solution LIX64N system when @ ee eee er ee ene ee 
ne between 0.75 and 1 : time in continuous steady-state settler 
- ‘ volume rate of coalescence at the coalescing interface per 
unit area 


velocity of drops in sedimeniation zone relative to the 


CONCLUSIONS continuous phase 
1. The height of both batch (unsteady-state) and enna et penning and comheding tateriien. 1 
7 : spectively from final undisturbed interface in a batch 
continuous (steady-state) dispersions is the sum of the nsteady-state dispersion 
heights of the sedimentation and dense-packed zones 
Binary coalescence occurs in both zones and finally the shape factor 
drops coalesce with their homophase at the coalescing hold-up fraction of dispersed phase at the coalescing 
“ot ae : ‘i interface 
interlace average dispersed phase hold-up fraction in the dispersion 
Binary coalescence is a function of drop size and average dispersed phase hold-up fraction in continuous 


hold-up whereas interfacial coalescence depends on the steady-state settler 

thickness of the dense-packed layer and drop size at the hold-up fraction of dispersed phase in feed to continuous 
| - — Steady-state settler 

coalescing interface : 


Theoretical models applicable to both batch and inthe aia heats 
jus dispersions are presented allowing for both height of dense-packed zone of 
\ interfacial coalescence. Two limiting cases atch or continuous settler 

been distinguished in which the interfacial co- 
nce is only a function of the dense-packed height 
(and independent of the drop size) or alternatively only 
a function of the interfacial drop size (and independent 
»f the dense-packed height). In both cases the variation 
in dense-packed height, H, with steady-state throughput 


of the dispersed phase, Q,/A can be predicted using the 


tint 
continu¢ 


coalescence tun 


parameters determined from the coalescing interface in 
a batch dispersion 

4. Models are also presented for droplet sedimentation 
with simultaneous binary coalescence in both batch and 
continuous dispersions. The steady-state variation in H 
with Q,/A can thus be predicted using the parameters 
determined fr the sedimenting interface in a batch 


dispersion 
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OPTIMUM FEED POLICIES FOR ISOTHERMAL 
FIXED BED REACTORS WITH DEACTIVATING 
CATALYSTS UNDER CYCLIC OPERATION 


By J. M. ARANDES and J. BILBAO 
ly j j j 


4ada 


The optimum feed policies for fixed bed reactors with deactivating catalysts under reaction-regeneration cycles have been 
studied. It has been assumed that the kinetics of the main reaction and kinetics of deactivation are of the Langmuir-Hinshelwood 
type. 

In reaction systems where the only reactant is the coke precursor, the deactivation is attenuated by feeding an inert. When 
there are two reactants, the deactivation decreases by adequately changing the molar ratio of both of them in feed and 
distributing the coke precursor along the reactor. 

The effects of space time and dead time between two cycles on the optimum operating conditions are analyzed 


INTRODUCTION 


When deactivation has its origin in the deposition of 
coke proceeding from the degradation of reactants 
and/or products on the catalyst, kinetic equations of 
deactivation are inferred in which there are 
concentration for each component of the reaction, pre 
cursors of the coke. It is well known that in these 
circumstances, there is a profile of coke in _ the 
reactor”, decreasing along the bed when the deacti 
vation takes place in parallel, and increasing when it is 
in series with the main reaction 

Bibliographic studies have been made on the oper 
ating procedures when the reactor is subjected to deacti- 


vation of the catalyst, such as the sequences of increasing 


temperature with time to keep the conversion at the METHOD OF DESIGN AND SIMULATION 
reactor outlet constant , the succession of reaction 

regeneration cycles in a battery of reactors , or the 

combination of the previous procedures'~. In these stud- 

ies, empirical equations have been proposed for the : 
reaction systems considering deactivation as indepen- sponding 
dent of the concentration of reactant and/or products ee 
However, frequently’*'*"°"®'""* deactivation equations 

of the Langmuir-Hinshelwood type are handled consid 

ering the steps of coke formation as steps of the global 

mechanism of reaction’. Those equations have the 

general form: 


da 
=wW(T, Py. P,ja 


al 


been SI udied 


k Ke P%, 
(14+ K*P,+2°KP.+K,P,) 


a (1) pendent o 

reactor, or rege! 

for fitting and clear 

Design of reactors for reaction systems with deacti- 

vation equations of the type of equation (1), is complex equations 
and an analytical solution to optimize the system is not hand. in the 
possible. This may be one of the reasons why the design tions of dea 
problems of these systems have not been much analyzed consider the 
previously~******>. In this work, the design of fixed bed pressure of rea 
reactors subject to the catalyst decay has been studied relation witl 


In these cases 
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In this work, the regeneration has been considered to 
take place in the reactor itself. To optimize the system 
it will be necessary to determine, besides the reaction 
time, the regeneration time or the activity at the begin- 
ning of the cycle, which will have to be recovered during 
the regeneration stage. To relate both times, it is neces- 
sary to handle the kinetic expressions: 


kinetic equation at zero time: 
(—r,), =f (X,, T) 
kinetic equation of deactivation: 
da/dt = f(a, T, Py) 
relationship between activity and coke content: 
C. =f (a) 
kinetic equation of regeneration 
t_=f(C,, T,, Po.) 


The steps to follow in the calculation procedure of the 
production are: 


1. Settled the space time and reaction temperature 
(kinetic constants), the activity variation with time is 
calculated by integrating equation (5) and subsequent 
substitution in the equation of the material balance for 

plug flow 
dy, ' 
—=(-r (8) 

d(W/F, ) 


Integrating equation (8), the expression of conversion 
at the reactor outlet with time is obtained. 
* 


2. The mean value of the conversion at the reactor 
outlet, at reaction time f, will be: 


X,°dt 
(9) 


3. When the deactivation equation depends on the 
concentration of reactants and/or products, the catalyst 
activity will be different along the reactor. So that, at any 
time in the reaction, the mean activity of bed is com- 
puted with the equation: 


PWIF s 


a:d(W/F, ) 
a=- — (10) 
W/F, 
4. The average content of coke on the catalyst, at any 
time, is computed from equation (6). 
5. Knowing the initial and final coke content in the 
bed, at a cycle, the regeneration time is calculated by 
means of equation (7). 
6. Substituting the above computed terms in equation 
(2), the production is obtained. 


CASE A. ONE REACTANT. 
OPTIMIZATION OF CONCENTRATION 
OF AN INERT 
The reaction in gaseous phase A = R, carried out in 
an isothermal fixed bed reactor of ideal flow, has been 
studied. The joint feeding of the reactant A and the inert, 


I, has been considered as a medium to diminish the 
deactivation. 
The kinetic equations for the reaction system are: 
kinetic equation at zero time: 
k(P, — Px/K) 
“— “. 
1+ K,P,+ KypPp+K;,P, 
= 1.11; 


1.45 mol/g cat. hat; 


k,K*P% . 
= exp . - —dt (12) 
J 1+K,P,+ KEP.,+ KpPp+ KP, 


k,= 0.080 min‘ at’; Kf = 12.11 at 


Relationship activity-coke content: an expression ob- 
tained in an experimental work~’ has been employed: 


C. = 6. 3.13(1 — a)] (13) 


In equation (13), the term C,. corresponds to the 
carbonaceous material, which remains layered on the 
catalyst after it is heated at the regeneration temperature 
under N, flow. The objective of this treatment is to 
remove the lighter components of coke, since fast burn- 
ing would make the regeneration uncontrollable”. 

kinetic equation of regeneration. This expression has 
been calculated by solving by single-point orthogonal 
collocation, the conservation equations for the coke and 
oxgyen in the combustion of the coke deposited on a 
catalyst of silica—alumina. The regeneration is carried 
out in a differential reactor with P, =0.21 at. It has 
been checked that this equation fits the experimental 
data for a wide range of temperature and particle size”, 
so that it can be employed in the regeneration of many 
porous catalysts. 


1—X 
Wi(1+0) 


In 


G) (14) 


W , = 0.233; 


We W,=0.10; B,.= 10.5; - & =8.82: 
§8=0.119-t 


Values of the equilibrium adsorption constant of inert 
between 0 and 4 at., values of space time between | and 
7g cat. h/mol and values of dead time between 2 and 
20 min have been considered. The total pressure is | at 
in all cases. 

In Figure 1, the computed data of conversion vs. time 
have been plotted for different values of the partial 
pressure of inert in feed. These data correspond to an 
initial activity of catalyst of 0.95 and space time of 
5 g cat. h/mol. 

As the inert partial pressure increases, it is observed 
that the initial conversion becomes smaller but the 
deactivation diminishes, in such a manner that the plots 
of X,-1 intercept themselves in the studied range of time. 


Chem Eng Res Des, Vol. 64, November 1986 





OPTIMUM FEED POLICIES FOR ISOTHERMAL FIXED BED REACTORS 


In Figure 2 is shown the effect on the production of 
the inert concentration in feed, when it is operated in 
reaction-regeneration cycles. Data correspond to K, = 0 
W/F, =5g cat. h/mol and 1, = 20 min 

The optimum values (that maximize the production) 
of the operating variables: initial activity, reaction time 
and partial pressure of inert in feed, have been computed 
by means of a modified “simplex” method 

Che effect of K, on the operating optimum conditions 


is observed in Figure 3. where all the data are 


f 


20 min and each plot corresponds to different ' 
Ol space time 

Figure shows how the maximum production 
decreases as KA, increases, having a tendency to an 
asymptotic value which corresponds to feed without 
inerts. As K, increases, the initial activity and _ the 


operation time decrease, Figures 3(b) and 3(c), re 








Ky 


Optimum operating conditions versus adsorption equl 


br 
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The calculated kinetic equations 
kinetic equation at zero time ( 


are 
290°C) 


k (P,P, — PrP;/K) 


(1+K,P, + KpPp, 


k =2.66mol/g cat. hat: K 
K. =0.07/6 at: KK, =O.00/4 al 


(12) 


K, Pp + KsPs) 


10.08: K., 0.46 at 
K. 0.0404 at 


kinetic equation of deactivation (290 C) 


( k K* P< 
exp | 


+ K.P.) 


0.755 min~' at~ *: K* =0.193 


(] \ +(K, ths rs 


al 


al 


Relationship activity-coke content: Regenerating by 


combustion at 5/0 C, equation 


kinetic equation of regeneratio 
(11) is valid 


; The distribution of reactant B 1 
ines correspond to the optimum operation 
and the dashed lines to the optimum ; o ag ' 
‘ heated, so then every stream Is a 
ithout inerts in the feed. As it is observed in 


4 
the 
i 


the production increases when inerts are fed 
he studied values of space time, the increase being 
significant the higher the dead time and/or the 


e optimum partial pressure of inert in feed increases 


space time, tending to a maximum value, Figure 


\s it has been shown in other works the initial 


y decreases and the operation time becomes higher 
space time. Feeding inerts, the initial activity de- 

more slowly and the operation time raises more 
Also, as dead time increases, initial activity, 
time and partial pressure of inert are higher at 


ilue Of space time 


CASE B. TWO REACTANTS. 
OPTIMUM DISTRIBUTION OF FEED 
OF REACTANT B, PRECURSOR 
OF COKE, IN VARIOUS INLETS 
ALONG THE REACTOR 


he system base of study is the esterification of acetic 
id n-butanol in gaseous phase: 
OOH + C,H,OH=CH,—-COO— C,H, + H,O 
(B) (R) (S) 


at zero time and SiO,—Al,O, catalyst deacti- 
this reaction have been studied in earlier 
from experiments carried out in differential 
integral reactors in an isothermal fixed bed reactor 


t 


papers 


Chem Eng Res Des, Vol 


reactor has been studied. The distributed 
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n: At 570 C equation 
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reactor. B,. B B 
fed at the first inlet 
time 1s hardly 


B,. B,, B, an 


Various Doll 
applied to tem] 


founded on th 





obtained 
the kinetic expres 


Examining 

















than the corresponding point in the reactor. The scheme 
of this reactor is shown in Figure 5 


~ 


[he range of space time was |1~—20g cat. h/mol and 


dead time between 2—20 min. Total pressure was always 


lat. The results obtained for the optimization of the 
operation conditions have been plotted in Figure 6 
Confronting the maximum productions, Figure 6(a) 
with the ones obtained when only B is fed at reactor 
inlet-’ (dashed lines), now higher values of production 
are reached. The longer the space time and/or the dead 
time, the greater the difference between both prod 
uctions. Thus, the production increases 13% at 
W/F, = 20g cat. h/moi and t, = 20 min. The reaction 
time increases with space time faster than when there this work, 
was only one inlet and the initial activity falls more directly, o1 
slowly. The A/B ratio is clearly lower, Figure 6(b) production 
The optimum distribution of reactant B in the five A. or when bot! 
inlets depends on the space time and dead time, as shown B 
in Figure 7, where the computed values of the fractions lo use the 
(in moles) of the total flow of B which are fed in every precise kinetic equat 
inlet have been plotied versus space time for various time and the k 


—. 2 


values of dead time. partial pressure of reactant 
It can be observed how, as the space time increases, In an economica 
the proportion of reactant B that must be fed along the include costs of 
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separation and recirculation of reactants and REFERENCES 
ts, cases B.1 < B.2. in the objective function |. Froment ind Bischoff K. B.. 1961. Chem Ene Sci. 16: 189 
1 that, in this work, the 2. Froment ind Bischoff K. B., 1962, Chem Eng Sci, | 
3 rit j and rament 1¢ 5 ] ne 
F, . is fixed, so that as the partial pressure a ind Froment G. F., 1982, Chem Eng S$ 
{1 Gonzalez-Vela J. R., 1982, Proce 
1 Levenspie 1968. Chem Eng Sci. 231 
S 2] 0S9 
rease in pressure drop, with venspiel O. and Sadana 1978. Chem Eng S 


m 


1ust be considered 


increased or the A/B ratio in feed are at 

t gases in the reactor 1s oe i. ae 
393 
pumping costs ruinaswamy nd ttre 1979, Ind Eng Chem Process 
; ; s Det 
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DESIGN OF AN OXYGEN CONCENTRATOR 
USING THE RAPID PRESSURE-SWING 
ADSORPTION PRINCIPLE 


By C. L. PRITCHARD (MEMBER) and G. K. SIMPSON 


Departmer (hen ui vir ring l) 


Air separation using the principle of rapid pressure-swing adsorption (pressure swing parametric pumping) was investigated 
The effects of bed lengths, particle size, cycle times and air supply pressure on the degree of enrichment were investigated 


Results were utilised in the design of an oxygen concentrator suitable for use in neonatal oxygen therapy 


OXYGEN THERAPY 

The provision of medical oxygen—whether at high 
concentrations for administration in cases of acute respi- 
ratory distress, or at low (c 30%) concentration for 
neonatal use (incubators)—is normally effected by using 
compressed gas cylinders charged from a large-scale ait 
separation plant. In recent years it has become possible 
to alleviate chronic respiratory ailments such as bronchi- 
tis and emphysema by domiciliary oxygen therapy’ using 
concentrators based on pressure-swing adsorption 
These concentrators provide a flow of up to 61 min “' of 
85-95% O,, sterilised and humidified, for inhalation via 
a cannula (nasal prong) 

Flenley~’ has compared the costs of domiciliary oxy 
gen supply from three available methods: these costs, 
reduced to an annual basis, are summarised in Table | 

With 1600 patients undergoing domiciliary oxygen 
therapy under the NHS, (cylinder supply-based in the 
majority of cases), this represents a cost of around 
£8.2 m p.a. 

The drawbacks of cylinder supply have been particu 
larly acute in rural hospitals in developing countries, 
exemplified by that in Maua, Kenya visited by one of us 
(CLP) in 1982. Here the reliance on an expensive 
centralised supply is exacerbated by poor transport 
infrastructure and irregularities of delivery. Clearly, it is 
highly desirable to separate oxygen at the point of use, 
if this can be achieved reliably and economically; and 
this is borne out by the costings of Table |. The design 
constraints for an oxygen 
derived 


concentrator were thus 


Unit to produce || min 
theatre use. (High enrichment factor) 

or 21min‘ of 30-32% O, for incubator use. (Low 
enrichment factor) 

Power supply 


of 85% QO, for operating 


hospital generator used for about 4 


Table 1. Costs of domiciliary 
(annual basis; 1982 costs 


16 hr day 


Lp.a 
99% O, from cylinders S000 
99% O, from cryogenic tank 2000 
90% O, from Portable PSA plant 1000 
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THE RPSA PROCESS 


RPSA has been d rl 1in deta & K 


Like it 
on 
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isotherms coin 
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10-40°C.’ RPSA utilises 
zeolite particles, which ts 
depressurisat oO! 
‘head end’ Figure | 

A standard RPSA cycle tl 
times for a practicle RPSA cycle 


> 


ses 


(a) Pressur 
Opening 

at the ‘he 

I eed (1s) 


With constant 


down through 


C) Institution of Chemical Engineer 





\ 


PRITCHARD 


itial adsorption of nitrogen as the local 
pressure rises. This has the effect of propagating a 
slow pressure wave down the column, the velocity 
of propagation being determined by the pressure 
gradient and the bed resistance 

Delay (0.5 s) 

The inlet valve is closed and adsorption continues 
in the ‘tail end’ of the bed as the pressure profile 
becomes more uniform 

Depressurisation (0.1 s) 

The exhaust valve is opened and the pressure at the 
head end falls rapidly, accompanied by desorption 
of gas from the adsorbent at the head end 
Exhaust (4s) 

As desorbed gas continues to escape through the 
exhaust valve, the pressure reduces progressively 
the column until there is reverse flow in the 
tail end of the bed. The exhaust gas is nitrogen-rich, 
owing to the preferential adsorption of nitrogen 
within the molecular sieve. Product is taken off 
continuously throughout the cycle from a surge 
tank at the tai! end of the bed 


aown 


Whilst no complete theoretical model of the RPSA 
process has yet been derived, the numerical method 
developed by Raghavan et al.° for pressure-swing ad- 
sorption (which negligible pressure drop 
through the adsorbent bed) prepares the ground for such 


assumes 


EXPERIMENTAL APPARATUS 
Experiments were conducted to determine the effect of 
bed length, particle size, air supply pressure and cycle 
the degree of enrichment 
[he apparatus comprised the head end with associated 
valves; a surge tank with product takeoff regulating 


t . , 
times On 


valve and flowmeter; and a series of interchangeable 
columns, 38mm in diameter and having different 
[he pressure transducer and product oxygen 
sensor were read by computer, which also controlled the 
valve timing 


lengths 


The feed stream was compressed and 
filtered air from the laboratory supply at a regulated 


AND SIMPSON 


pressure. The exhaust air was passed to a gas meter to 
enable a mass balance to be made. 

In these experiments a chromatographic grade of 5A 
Zeolite was used as adsorbent, in particle sizes 40-60 
mesh (354-250 4) and 60-80 mesh (250-177). The 
particle size 1s critical in maintaining pressure gradients 
through the bed and is smaller than that commonly used 
in PSA concentrators (16-40 mesh, 1000-354 wv). Experi- 
ments using a medical grade of these coarser particle 
sizes showed a drastic reduction in enrichment factor 
Table 6. 

Because of the rapidly changing pressure profile in the 
packed bed of zeolite, even well-packea beds tend to 
settle in use, and the head end must be adjustable to 
accommodate the slight reduction in the volume of 
packing during use. This adjustment was achieved by 
compression springs arranged to provide a uniform and 
progressive bed restraint. 

The product takeoff system must produce a near- 
uniform flow of enriched air from a supply pressure that 
varies cyclically between 0.14-0.22 bar gauge over a 
~5s period. A commercial ‘flostat’ was unable to 
handle this variation; although, in combination with a 
standard pressure reducing valve, most of the flow 
variation was damped out. 

Concentration measurements and the mass balance 
were used to check these readings. In these experiments 
the pressure transducer was used to trace head and 
tail-end pressures only. 

Experimental work was directed towards the two 
principal end-use requirements: for enriched air contain- 
ing >85% O, (high enrichment); and 30-40% O, (low 
enrichment). Preliminary experiments indicated that 
such concentrations could be obtained in packed beds of 
zeolite of length 0.61 m and 0.23m respectively: most 
experiments were therefore conducted in these standard- 
length beds. For each experiment the molecular sieve 
was freshly actuated by heating at 300°C for 4 hours 
followed by cooling in a dessicator. The results were 
characterised by 3 parameters 


(a) Enrichment factor e = moles O, separated per mole 
O, feed. 
(“%.Q,— 21) x product flowrate 


21 x feed flowrate 


Oxygen product flowrate 


“oO, x product flowrate 
f = m°s 
100 


Oxygen enrichment per unit compressive work 
‘Compressive efficiency’ 


(%O, — 21) x product flowrate 


. . = m 
100 x Compressive work of feed gas 


this characterises the power consumption of the 
process. 


Experiments determined the effect on these parameters 
of bed length, adsorbent particle size and feed/delay 
exhaust times. In runs at high enrichment, the inlet 
pressure and product take-off rate were also varied. 
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RESULTS an optimum product off-take rate which maxin 
In the following sections, cycle times are given as enrichment factor and compressive efficiency 
(a,b,c) where a, b and c are the times in seconds for 
feed, delay and exhaust respectively. The adsorbent is SA 
zeclite, chromatographic grade, 60-80 mesh. 1.3 Effect of Cycle time component 
The feed, delay and exhaust time 
varied to determine their effect on enri 
compressive efficiency 
1 High enrichment: bedlength 0.6 1m 
1.1 Effect of feed pressure (Table 2) factor or compressive efficiency: choice of 
Higher product oxygen concentrations may be ob- thus be determined by 
tained by the use of higher pressures, at the cost of lower quired. (Figure 2) 
compressive efficiencies. Co-incidentally this illustrates \ high-enrichment process may tl 


Changes in cycle time have little effe 


the higher energy efficiency achieved in low-pressure a flowrate of 0.25 1/min oxygen at 87 
processes such as RPSA, compared with the traditional 71.7%) 


If the required product is 30 
PSA process operating ai c. 4 bar 


flowrates obtainable by blending back 


nese cases 


stream with fresh air in each of t 
1.2 Effect of product take-off rate (Table 3) 


This could be manually set by the flowmeter needle An alternative method of producing t 
valve. At low take-off rates, a high proportion of of 30% 


and 1.87 1/min respectively 


oxygen would be to have 
product gas is used to backflush the column; at high column at low enrichment to give the t 


Liat 


take-off rates the backflush quantity is smaller and there Experiments carried out with the short 
is air slippage into the product 


it 


were thus directed towards obtaining 2 


ik 


At a given inlet pressure and cycle conditions, there is at approximately 30 
: ; PI : 


Oxygen 


Variable 


Feed time 


Exhaust time 
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2. Low enrichment: bed length 0.23 m 


2.1 Effect of cycle time components (Table 5) 

As in section 1.3, the delay and exhaust times were 
separately varied to determine their effect on enrichment 
factor and compressive efficiency. Again the adsorbent 
was 5A zeolite, chromatographic grade, 60-80 mesh 

Despite the much shorter column length, compressive 
efficiency is close to that achieved with the long column 
at high enrichment. There is a clear maximum in en- 
richment factor and compressive efficiency with the 
(1,3 2) cycle. 


2.2 Effect of Adsorbent particle size (Table 6) 
Adsorbent was prepared having different particle 
sizes. The tests recorded were carried out with a 60-80 
mesh fraction, and subsequent runs determined the effect 
of packing with particles of different mesh size 
Particle size affects the flow resistance of the packed 
zeolite bed, and hence the transmission of the 
adsorption/desorption pressure swing through the bed 


The coarser particle sizes produce a low pressure drop 


across the bed; hence the feed and exhaust cycles are 
accompanied by a high flow through the bed, and the 
enrichment factor and compressive efficiency are low 





3. Pressure Profiles 


Pressure transducers at bed inlet and outlet were read 


at 40ms intervals to determine pressure variations 


2.0] min 
Compressive 
efficiency 
10°°m J 


0.122 0.46 
0.119 


0.056 


0.046 
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throughout a cycle. The results are shown i 
which the following features are noted 


1. A sharp fall in pressure at the head end on closing 
the feed valve. This occurs because 
trapped in the interstices of the bed is still 
strongly adsorbed onto the molecular sieve 
indicates that the bed is far from saturation at 
end of the feed time, even though this cycle gi 


optimum enrichment factor 
P DESIGN SELECTION 


Single 230 mn 
6U—SU mesh 
thus obviating 
Air supply ft 


ind 240 VA¢ 
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CORRESPONDENCE 


From. 

D. Fajner, F. Magelli, 

M. Nocentini and G. Pasquali 
Istituto Impianti Chimici 
University of Bologna 

viale Risorgimento 2 

[-40136 Bologna, Italy 


In a recent paper’ we presented the results of an in- 
vestigation about the solids concentration profiles of 
mono-size, spherical particles in a four-stage Mixco 
column stirred with Rushton turbines. The results of a 
new analysis of both the experimental techniques and the 
whole data call for an additional comment. The symbols 
used in the following are the same adopted in the paper 
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(i) The solids used were tw Iracti s of glass beads 
is. Both were 
mean of the opening size 
ASTM 
ASTM 45 + 50 
Examination of the bead samples with an 


obtained by sieving of commercial 
simply characterized with the 
of the pair of sieves used, i.e. d, = 0.137 mm for 
100 + 120 and d,=0.327 mm for 
YT tical 
scope revealed that the 
ticles is d, = 0.30 mm (that is, 
size of the ASTM No 
tion of beads dimensions about the is very narrow 
This fact has a very 
values 
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(ii) In the final part of 

the settling velocity in the stirre 

with the computed values of 

in a still liquid) and their ratio was 

Unfortunately, the uv 

bigger particles in the more viscous liquid (3 data points) 
were miscalculated. With the pr 

u./u, iS equal to about unity. TI 

here. As a consequence 

pension behaviour in 
good with no exceptions. Specifically 
to u, in the Stokes regime (Re 
meaningfully lower 


te 1) \¢ 
Lerms ¢ 


than uw, in the 
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BOOK REVIEW 


Synthetic membrane processes: fundamentals and water 
applications 

G. Belfort (Ed) 
Academic Pres In 
pp. 546, £56.00 


1984 


The use of synthetic membrane processes has greatly 
increased in the last few years with activity spread from 
university research to large scale working plants. This 
book provides a summary of the latest theoretical devel- 
opments in membrane transport along with a review of 
the more commonly used membrane processes such as 
reverse osmosis, ultrafiltration and electrodialysis. The 
authors are a star studded cast of international repute 
each writing a chapter on his own specific field. These 
chapters provide a well balanced treatment covering 
not only theory but engineering and economic con- 
siderations. The result is a well prepared, easy to read, 
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informative text which is suitable 
novice alike 

Che main thrust of the text is on the 
processes in wale! and waste wate! 
some useful material is presented on 
the process and also the limitations of 
only techniques omitted are those of 
filtration and also m 
water purification technique is still in 

Although this volume is written from 


neinil iS 
emodrane distal 


of a chemical engineer it will be of interest 
spectrum of reader such as the process de\ 
ation scientist or student. The informatio 
State of the art (1984) and even althoug! 
will soon become outdated it still provides a g 
of its field. Membrane technology suffers ft 
good reference material, this book s! 


most useful addition to any library 
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